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PREFACE 

This Second Edition of the Handbook of Pelroleurn Rqfinins Processes is being 
published just as the petroleum industry is beginning a forecast period of sustained 
refinery growth. Much of this new capacity will come from the expansion of existing 
refineries, but many new refineries are also planned, especially in Asia, South 
America, and the Middle East. It is forecast that the fastest growing classes of prod- 
ucts aver the next 15 years will be kerosene, jet fuel, diesel, marine diesel, and #2 
heating oil, as well as naphtha, LPG, and gasoline. 

Environmental regulations, as implemented in the United States, Western Europe, 
Korea, Taiwan, and Japan, and spreading to other mrts of Asia. South America. and 
orh~r mdkct%, are lhlilng a profounl ef1e.l 0,. I ~ L .  tcrhnolog) dnJ ~ n 8 1  op:rrtl~n, .>f 
moJdrn p:cn lsum ref#!~<,r~.~. Spcclfic~ll) s#!#rr ihc i.lrqt F d ~ t l ~ n  oi ih#\ H?t#Jb~.lk, 
~ ~ J I I I , ~  ~l;t.d ha% ,rmp#,..?s.d I . r  okygen2ilr 11rodu;llon md IILI~I :n; minlper~ent w th -  
11. tile rel8~c1)  

Alrhou~h llle 11111Jhuoh h.jl berll prspirr.J h) just r l \  of ch: n l l j ~ r  l!;:n\<.r; ot 
p:.lr.>lrum reflnl18g Ir..hndludu. 11 15 a:tudl) d c.,mpe8d#t1!a uf glnlnl r<,fu~ini itch- 
n,loglc,. Thu*r. ilrrnt ?re UOP. Chrvrnn Rcrex;il md  I'rcht~olurs. L ~ x o n  R~:,,:~rch 
and kn81nccr~ng Cumpan) Foster Whuclcr l ' S A  Curporrt~on. f i  W. Kclingp, ~ M J  
ILonr. m u  Wchsrcr F,bginr.rrnnl: (:nrpornt#u~~. ilt,wc\er, nun) ..f the i r c h ~ ~ u 1 . g ~ ~ .  prc- 
,enled 1hr.r~ srrc  cn-dc\clop<'J s i lh  other t8.nlor pccn,l:unl reill.in& firm;. 1~8;luJlng 
Slohli 0 8 1  Co!n.vdll\, Dou (:hclhc;?l lnrutuc l . rdno8,  .iu P:lrnic. U!,u:~l: .\mnc, tlss , ~ ~~ ~, ~ ~ ~ ~ ~ ~ ~ . ,  ~~.. 
Research lnstitute of Petroleum Processing (RIPP) and Sinapec Intemational-both of 
the Peoples Republic of China; Hiils, AG and Koch Engineering Com~any,  1ne.-both 

". ~ -~~~~ ~~~~ 

benzene to produce cumene and linear aliylbenzene. 
Part 2, "Base Aromatics Production Processes," presents technologies to convert 
petroleum naphtha, LPG, and pyrolysis gasoline into the basic petrochemical inter- 
mediates: benzene, toluene, and nylene (BTX). Technologies to recover aromatics 
from hydrocarbon and aromatic mixtures and processes to convert alkylbenzenes to 
high-purity benzene, xylene, or naphthalene are also covered. 
Par, 3 .  'CL~LII)LIC Crdihmg.' C O \ C I S  fluid cr!?lyu. ;rs:klnp, ~ r . c h n ~ . . , ~ ~ e <  for 
cJ\'rrunp \ a i u u r n  "~ i r .  :ukcr ga, nlli. 111J >om: r r i ld~~, l  . i i ;  as uell :x\ i r o -  
I u a t r  1ub:exuziclr lu e:tr~lisc.  C. loC. olefin< ind 111.l.t ;vcle rill - . >  , -~ ~, ~~~ -~- .  
Part 4, "Catalytic Reforming," contains information on producing high-octane 
liquids rich in aromatics from naphtha. By-products include hydrogen, light gas, 
and LPG. 

xxi 
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Part 5 .  "Dehydrogenation," presents technology for the dehydrogenation of light 
and heavy paraffins to the conesponding monoolefins. 
Part 6, "Gasification and Hydrogen Production," covers production of hydrogen 
from natural gas by steam reforming, or partial anidation followed by shift conver- 
sion, and also hydrogen ~roduction via an initial gasification of bituminous, sub- 
bituminous. and lienitic coals. 
IPd,, 7, "lI>.d, I:r. , .L#,,;  ~p,c$e"L~ ,2;i.t10.. ?,,.~ to :o>\.'r, Jt.: ],e,,. 1:" 1. fv3:t><l" 
rrom ~ p h l h .  1 1  cycle g, 0 8 1  LCIJ :ril;er d~ \ t~ l i a l e% ~nc. LPG g c v  imc, d.cx:l. jrl 

tuel ind luhr#.?ltng 41 ; uhlir. rc~t.ov.nl: ,,.It i r .  n i t r ~ ; . : ~  or)$cs. \;.lr.tin: 
olefins. 
Part 8, "Hydrotreating." covers technologies for improving the quality of various 
oil fractions by removina sulfur, nitrogen, carbon residue, metals, and wax, while 

Process. 
Part 9, "Isomerization," presents technologies for converting light, straight-chain 
naphthas (C, to C, and benzene containing reformates to branched and higher 
octane products while saturating benzene. 
Part 10, "Separation Processes," presents technologies for recovery of catalysts 
from high-metal residua: olefins from mixtures of olefins and paraffins; normal 
paraffins from isoparaffinr, naphthenes, and aromatics; and reparation of vacuum 
residua into an uncontaminated, demetallized oil and highly viscous uitch. 

Part 11, "Sulfur Compound Extraction and Sweetening." contain8 technologies for 
the removal of sulfur from refinery streams and the production of sulfur products. 

Part 12, "Visbreaking and Coking." contains technologies for rejection of metals 
and coke, gasification of coke, and the recovery of lighter hydrocarbons from dis- 
tillation unit bottoms. 
Part 13, "Oxygenates Production Technologies," presents methods for production 
of refinery ethers for the oxygenate portion of the gasoline pool. 
Part 14, "Hydrogen Processing," is a comprehensive treatment on hydrogen use 
within the refinery covering fundamentals, design, axld process capabilities. 

Thc .wtlton . f lhc varl.,ur ;lmplrr: wcr.' atkeJ 14 iollm$ ch; Lu;l~,~ri l .~~)-prc*.~tt3-  
,#on , p . .~~f i~d~ l .$ l  p n e n  b:I~n mn.ofrr .i, l,n\*thlu roxnc .,f ih, reqt.ettcd inf,rlti?t.ol\ 
urr tuo~ J~.uale.lrd nc di,;lorrhlc b) lltc lx.nrdr, tor .'cndn . , I  tnc chpt t r , ,  

1. General process description, Including charge and product yield and purity, and a 
simplified flow diagram 

2. Process chemistry andrhemodynonrim. For each major process unit. 
3. Process perspective. Developers, location, and specification of all test and cam- 

mercial plants, and near-term and long-term plans. 
4. Derailedprocess description. Process-flow diagram with mars and energy balances 

for major process variations, and feeds and details on unique or key equipment. 
5. Product and by-product specficalions. Details analyses of all process products and 

by-products as a function of processing variations and feeds. 
6. Wastes and emissions. Process solid, liquid, and gas wastes and emissions as a 

function of processing variations and feeds. 

PREFACE miii 

7 .  Process economics. Installed capital cost by major section, total capital investment 
operating costs, annualized capital costs with the basis, and a price range for each 
product. 

The back matter contains a list of abbreviations and acronyms, and a glossary of 
terms, which are meant to be useful for the nonspecialist in understanding the content 
of the chapters. 

Rosrnr A. Merrns 
RAMTECH Limited 
Tamno, cniiforni0 
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INTRODUCTION 

Alkylation is an important process unit used in refineries to convert light alefins (e.g., 
propylene, butylene), produced i n  catalytic crackers and cokers, into a more highly 
valued gasoline component. Alkylate is one of the best gasoline blending components 
produced in the  refinery because of its high octane and low vapor pressure. T h i i c h a p -  
t e i  describes Exxon Research and  Engineering Company's  sulfuric acid catalyzed 
alkylation technology and the reasons why it is able to dependably produce high-qual- 
itv alkvlate at low cost. 

A I I ) I A I I J ~  ~ccl#t~. ld$) nlr heel, a. u n l  lor I. llrnr in ih: rel88ung illd.lvr). lll~ 
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lace 19311\ TOIS %u.Iu~.:  x i d  ,%lkyl:~lloll ic:hnol~&) hd* ht3l.th:d O J ~  IT-m th.).e 
h:plorll~>d. il n . # ~ o b c r  01 d~r. . ; t i~n,  I'hxcn Krre3r:t. ~ n d  F!#gu~<~r8ng Cotl.pan) 
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lhc : ~ . ~ i e  and ~ l l l u e ~ ~ ~  : : f r i ~ ~ r ~ h ~ ~ ~ ~  $)htem.,  
Tlu, .haprrr . ~ n . s n l n ~ l u r  dn a numllcr uf ,:merll ) U I ~ U T > C  4;1J d l k ) l a l i ~ ~ ~  I . I ~ I C I  
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I '1.4 ALKYLATION AND POLYMERIZATION 

ALKYLATION IS A KEY PROCESSING UNIT 

The alkylation process is an important unit that is used in refineries to upgrade light 
alefins and isobutane into a much more highly valued gasoline component. The light 
olefinr are produced mainly from catalytic crackers and also from eakers and vis- 
breakers. Alkylt~te is one of the best gasoline blending components produced in the 
refinery because of its high octane, which is typically about 96 research octane num- 
ber (RON), and low vapor pressure, which allows more lowervalue butane to be put 
into gasoline. The high profitability of upgrading the light olefins and isobutane in the 
refinery from liquefied petroleum gas (LPG) value to gasoline value explains why it is 
a very popular process alternative that is used at most locations that have catalytic 
crackers. 

CHEMISTRY OVERVIEW 

The primary alkylvtion reaction involves the reaction of isobutane with a light olefin, 
such as butylene, in the presence of a strong acid catalyst to form the high octane, 
trimethyl pentane isomer. 

Primary Alkylation Reaction 

C,H,, + C,H, H* 2.2.4 trimethylpentane + Heat 

Isobutane Buryleno Irooclme 

~l though  the reaction goes to completion, it does not approach equilibrium. If the C8 
isomers formed were to approach equilibrium distribution, the product octane would 
be about 20 octane numbers lower. This is because the lower-octane, less highly 
branched isomers, such as dimethyl heiane, would predominate. Although not shown 
here, similar reactions can be written far the reaction of isobutane with propylene or 
pentylene, which are other viable alkylation plant feeds that also form high-octane iso- 
mers, though not as high as for butylene feeds. If this primary reaction were the only 
reaction taking place, we would be able to produce alkylate with an octane approach- 
ing 100. 

Secondary Reactions Produce Wide Spectrum of Compounds 

Unfortunately, there are a number of secondary reactions that produce a wide spec- 
uum of compounds that tend to reduce the octane to about the 96 octane level. The 
examples below show how polymerization, hydrogen transfer, disproportionation, and 
cracking reactions tend to produce lower octane components. 

. Polymerization (e.g.. 2C,H6+ C,H,,l . Hydrogen transfer (e.g., 2C,H,, + C,H,, + C8H,, + CaH~a) 
Disproportionation (e.g., ZC,H,, + CH,H,, + C9HN) . Cracking (e.g., C,,HZ6+ C,H,4 + C5H,2) 
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Feed Impurities Form Acid-Soluble Compounds 

One other important aspect of alkylatian chemistry is the effect of feed impurities on 
the alkylation process. This is because makeup requirements far the acid which is used 
as reaction catalyst will depend to some extent an the amount of impurities that are 
present in the alkylation plant feed streams. Many of these impurities form acid-solu- 
ble compounds that increase acid makeup requirements, since they must be purged 
from the plant with spent acid. For example, mercaptan sulfur, which is a common 
feed impurity, will react with sulfuric acid to form a sulfonic acid and water, which 
are acid-soluble compounds (that is, RSH + 3H,SO, -t RSO,H + 3H,O + 3S0,). 
Also formed is some sulfur dioxide, which must be removed in the cauitic wash sec- 
tion as discussed later. Roughly 40 pounds of additional makeup acid are needed for 
each pound of mercaptan sulfur that enters the plant with the feed. Thus cwstic treat- 
ing facilities are always provided to remove sulfur from the alefin feed. 

Butadiene is another common impurity in alkylation plant feeds. The butadiene, 
which is typically at the 1000 to 2000 ppm level, tends to polymerize and form acid- 
soluble oils which will also increase acid makeup requirements. For every pound of 
butadiene in the feed, 10 ~ o u n d s  of additional makeuo acid will be reouired. If the 

could be considered 

PROCESS DESCRIPTION 

A simplified flow diagram for the Exron Research and Engineering stirred autorefrig- 
erated alkylation process is shown in Fig. 1.1.1. Olefin feed is first mixed with recy- 
cled isobutane from the deisohutanizer overhead and coaled before entering the reac- 
tor. Insoluble water that is condensed at the lower temperature is removed in.the 
coalescer. The isobutane-alefin mixture, along with recycle acid and refrigerant, is 
introduced to the reactor. Mixers provide intimate contact between the reactants and 
the acid catalyst. In the presence of sulfuric acid, the olefin and isobutanc react very 
quickly to farm alkylate and release reaction heat. In the autorefrigeration system, the 
reaction heat is removed by vaporizing some isobutane from the reaction mixture. The 
vapors leaving the reactor are muted to the refrigeration section where they are com- 
pressed, condensed, and sent to the economizer, which is an intermediate-pressure 
flash drum, before being returned back to the reactor. The intermediate-oressure flash 
reduces the power requirements of the refrigeration compressor by abokt 10 percent. 
Thus the reactor is held at an optimal temperature of about 40°F. 

Any propane introduced with the feed concentrates in the refrigeration section and 
must be removed from the alkylation plant. Therefore a small slipsueam of reftigerant 
is depropanized after being caustic- and water-washed to remove any SO.. The 

A -~~~ 
prnp.ine overhead is sent toitorage while the isobutane-rich bottoms a r l r e t d e d  to 
the process. Thus the depropanizer operation avoids building up propane in the alkyla- 
lion olant. 

Bn.k st chc rclctJr. lhc rcdclor pmduci 8r routed to tltr ,culr.r, sh:rc ihr ucld 1- 

;ellled rroln lllc 1h)droc.lrbota anJ ir rc.:y:I:J bjck IJ ,he reactor Ths ltytlr~rarbr. 
l l l r l ~ n  of ihr rcr;l.>r product uhlch co#lr?#ns alkylat:, ch;..,, ~rohulmc.  3rd  norlnal 
butane, is then caustic- and water-washed to remove any acidic components before 
being fed to Ule deisobutanieer. Makeup isobutane that is consumed by the alkylation 
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reaction is also typically added to the deisobutanizer. The overhead from the tower is ,,. i,ohucat~r-r~cl~ slrczlm that 81 rer):.cd b~ .k  1.1 th: r:~:ror, wlule tile ba:rcla, i r ~ u  
~ 1 . ~  ,nker, ~ 1 . 1 c h  .< n t d n  n<,rm21 huc~nc m d  dlk!l.ic~,, -rc r m e J  to the dehtm8.17er 
I .=,:r In  illr drbut;tnlrrr. b ~ l ~ n t  i r  r . o . ~ ~ e J  ~ \ . ~ r l l e : l J  uhll: rhe rlkvlrlr nottoma .* .. -~~ 

which meet vapor pressure specifications, are cooled and routed to aliylate storage: 
T ~ G S ~  towers can be designed to operate at a low enough pressure to allow the use of . . 
low-pressure steam. 

There is flexibility in how the flowsheet can be put together to meet the needs of 
the refiner. For example, a butane sidestream can be t&en from the deisobutanizer 
inrfprld of from a seoarate tower. thus reducine caoital cost. The main disadvantaee 

~~ ~~ " .  - 
that usuallv restricts'the use of t i s  ootion is that the C,+ content of the butanc will . . ~ ~ ~ ~  
usually be higher than the sales specifications allow. It is, however, quite acceptable 
to use it for gasoline blending. 

In the reactor, a small amount of the alefin feed polymerizes to form acid-soluble 
ails which tend to accumulate in the equilibrium recycle acid. As discussed earlier, 
feed impurities that also form acid-soluble compounds tend to magnify this effect. 
Therefore a spent acid purge must be taken from the unit to remove these oils from the 
rvstem while hieh-ouritv. fresh makeuo acid is added to reolace it in order to keen the -, " .  .. 
spent acid strength high enough to maintain catalytic activity. Providing for the regen- 
eration of the spent acid is a special challenge to a sulfuric acid plant. In the United 
States, the spent acid is usually regenerated by the supplier of the makeup acid. 
Hawever, other countries, such as Japan, have relatively small sulfuric acid production 
capacities. Therefore, some alkylation plant operators in these areas have installed 
their own acid regeneration facilities. These plants are relatively simple to operate but 
they add investment cost. The technology is available from a number of licensers. 

BALANCING PROCESS VARIABLES IS CRITICAL 
TO EFFICIENT DESIGN AND OPERATION - 

Proper specification of process variables is critical to optimize the design and opera- 
tion of an alkylation plant. Commercial and pilot plant experience provides an under- 
standing of the balances of the process variables and how they affect the economics of 
the process. This is important since application of this knowledge results in units that 
are capable of efficiently meeting refinery goals. The primary process variables dis- 
cussed below are reactor temperature, isobutane recycle rate, reactor space velocity, 
and spent acid strength. 

Low temperature increases octane and reduces acid requirements, which is the 
goal. Unfortunately, the low temperature also requires higher refrigeration investment 
and operating costs. Thus a balance must be struck between the benefits of low reactor 
temoerature and the cost of suoolvine the low temnerature. 

A n  increase in i s o b u t a n e ~ ~ e ~ y c ~  rate increa'ses the octane and lowers the acid 
requirements. However, the higher isobutane rate also increases the investment 
required for the deisobutanizer and increases the operating cost of the tower because 
of the higher steam requirement. The critical choice between the benefits of high 
isobutane recycle rate and investment must be balanced. 

Reactor space velocity is another very important process variable that has to be set 
during the design. Lowering space velocity increases actme and lowers acid require- 
ments. On the other hand, severe alkylation conditions such as high space velocity 
increase the formation of acid sulfates which are corrosive to downstream fractiona- 
tion facilities. The neutral butyl sulfate esters that are formed at high space velocity 
are not removed by caustic and tend to decompose at the higher temperatures encoun- 
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tered in the fractionation facilities. These decomposition products are sulfur dioxide. 
which is corrosive to the overhead system, and sulfuric acid, which goes down the 
tower and chars hydrocarbon when it hits the hot reboiler tubes, thus creating a foul- 
ing situation. The low space velocity in ER&E designs requires no special considera- 
tions to protect the downstream fractionation facilities other than the caustic and water 
washes which are provided in  all cases. For cases where high esters are a known prob- 
lem, it would be necessary to install an expensive acid wash step. Thus, the trouble- 
some esters from the reactor product would be extracted before they reach the frac- 
tionation facilities. 

Finally, spent acid strength impacts not so much on the design as on the operation 
of the alkylation unit. Increasing spent acid strength tends to increase octane, but also 
increases makeup acid requirements. While lowering spent acid strength tends to 
decrease makeuo acid reauirements. it increases the risk of acid runaway. This acid ~~ 

rnnawily condit;on occur;when the strength of the spent acid drops below the critical 
concentration where the acid is an effective alkylation catalyst. Thus target spent acid 
strength will be a balance between acid makeup requirements and octane, with an ade- 
quate margin of safety above the acid runaway point. 

REACTOR COOLING VIA AUTOREFRIGERATION IS 
MORE EFFICIENT THAN EFFLUENT 
REFRIGERATION 

As shown in Fig. 1.1.2, there are two systems that are used to remove the heat of reac- 
tion while maintaining the low reaction temperature needed for alkylation. As men- 
tioned before, ER&E uses the autorefrigeration concept of removing the heat of reac- 
tion from reactors. As in Fig. 1.1.2, olefin feed is introduced into a number of mixing 
compartments where just enough mining energy is provided to obtain good contacting 
of acid and hydrocarbon, which is needed to promote good reaction selectivity. The 
reaction is held at low pressure, about lO lblini gage, to keep the reaction temperature 
at about the 40°F level. Isobutane-rich hydrocarbon vapors boil from the reaction 
mass and are removed fmm the top of the reactor and sent to the refrigeration com- 
pressor. Thus, there is a 0" temperature difference between the reaction mass and the 
refrigerant in the direct autorefrigeration system. 

The indirect effluent refrigeration system is used by others for removing the heat of 
reaction. The system pressure is kept high to prevent vaporization of light hydrocar- 
bons in the reactor and settler. In this system, hydrocarbons from the settler are 
flashed across a control valve into a large number of heat transfer tubes contained 
within the reactor to provide cooling. The reaction emulsion is pumped across these 
cooled tubes to keep the reaction temperature down. The reaction emulsion then goes 
to the settler where acid is recycled and hydrocarbons are flashed through the heat- 
transfer tubes. The vapors are routed to the refrigeration system by way of a knockout 
drum. This approach requires that there be a finite temperature difference between the 
reaction emulsion and the refrigerant in  order to transfer heat across the tubes. 

Because a temperature difference is required for the indirect effluent refrigeration 
system, it requires a lower refrigeration temperature than the autorefrigeration system 
whkh. as noted. has a zero tem~erature difference between the reaction mars and the 
refricerant. The lower refrigerant temperature in the indirect effluent refrigeration sys- 
tcm rr..plrcs r lower relr#c,cra!.>n r>mpr:rmr .U:ILJ~ ~TI'),LII n'hlcll 1 8 .  urn resulu in 

h ~ h x  r c l r ~ g e r ~ l ~ d n  :umprl,,s~r mergy r:.p!rcn#e!#l m xuppl) the .im< rrfrigrrllivll 
d u ~ v  Andh~.r f~ccor thlr in:rrrsc\ chu :n.rp\ rcoulrmn~<nl still funlb;r for lltc 8ndlm;r 

2 -. . 
effluent refrigeration system is that mare mining power is needed in order to over- 
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OLEFlN FEED + 
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AUTO REFRIGERATION 

RECYCLE 
INDIRECT EFFLUENT REFRIGERATION 

FIGURE 1.1.2 Reactor caoling alttr~sziiii~ 

HYDROClRBON 
"MOR 

COMPRESSOR 

came the pressure drop across the heat-transfer tuber. In the autorefrigeration system, 
just enough energy is input to provide good contacting between the acid catalyst and 
the hydrocarbon, whereas in the effluent refrigeration system, additional mixing 
power has to be provided to overcome the pressure drop created by the high flow rate 
of reaction emulsion across the hcat-transfer tubes. The high flow rate is needed to 

. . 
. . produce a reasonable heat-uansfer coefficient. Thus, the total mining energy is higher 
.... for this system. Since the heat of mixing has to be removed from the reaction emul- 

f 

,#on 1 lu:cr refn~cruu-n duly i r  J I ~ J  rrqutred There lwu i:t;lurs mlkr the m o r e -  
f#!;cra#ou .y,ccm more e!!ic#er~f 1la,s tile i!#dlr::l cfflurnt relnpemt8ott ryscum. lhur. 

.. Ihr a8!lurcfr#perxiou rcrm i, Ik,r rrp:nwr and has loner upcrlc!ng c.xw 

t t 

- KODRUM 
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REACTION STAGING RESULTS IN HIGH AVERAGE 
ISOBUTANE CONCENTRATION IN REACTOR - - - -  - -. - . . - - 

As discussed earlier, vaporization of isobutane-rich refrigerant is suppressed in the 
effluent refrigeration scheme, while vaporization of refrigerant is allowed to proceed in 
the autorefrigerated reactor. One might conclude that a higher isobutane recycle rate is 
required for the autorefrigerated reactor system in order to attain the same isobutane 
concentration in the reactor. However, u higher isobutane recycle rate is not required in 
the stirred, autorefrigerated reactor because of the efficient multiple-stage configura- 
tion. Multiple stages are provided at law cost due to the natore of the reactor design. 
Figure 1.1.3 illustrates this point. This is a plot showing how the irobutane concentra- 
tion and the octane of new alkylate produced change as the reaction emulsion moves 
through the reactor. As mentioned before, all the refrigerant is returned to the first reac- 
tion stage, where only a small fraction of the olefin feed is injected. Since only a small 
corresponding fraction of the refrigerant is vaporized in that stage, the isabutane con- 
centration in that stage is much higher than the single-stage effluent refrigeration reac- 
tor scheme. Therefore, the octane of the alkylate product in that stage is very high. As 
we move from stage to stage, more refrigerant vaporizes as more olefin is injected and 
Ihe octane of the alkylate produced in that stage decreases. The average isobutane con- 

DEISOBUT&4IER 

REFRIGERANT 
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~~nt ra t ion  is essentially the same for both reactor types at the same isobutane recycle 
rate. Thus, the product octane will be essentially the same for the reactors as long as 
drhrr rcsctur r>nd#t#or#r rsch 31 SPXC \elo~ol) and le!m.p.r.tcure ir: the rrmc t lownrr ,  

dircu~,ed carlicr. the qpxe velo:#ry or lllc sllrrel, l . l t o r e i r ~ ~ ~ r a t ~ d  I ~ J C I . I T  I< I~I\VCT 
cllan (IP: ~ t r l u r n ~  r;in$drdtl,n ~CLCL<,I, rcrulcin(! in 3 h l ~ h ~ i  0:1811< 

ADVANTAGES OF THE ER&E REACTOR ARE 
NUMEROUS 

The ER&E stirred, autorefrigerated reactor design has many advantages. As discussed 
above, autorefrigeration is efficient. Also, the internals of the ER&E stirred, autore- 
f~igeration reactor are very simple. This results in low reactor cost and equipment that 
can be constructed in many shops under competitive bidding conditions. In addition, 
the E R E  reactor can be built very large to accommodate alkylate production of up to 
9000 barrels per day (BPD) in a single reactor. This gives ER&E designs a strong 
advantage in economy of scale over other technologies. 

The staged reactor design results in a high-octane product. The octane is high 
because the reactor design is conducive to maintaining a high isobutane coneenuatian 
in the reactor, a low space velocity, and low temperatore. The low temperature and 
low space velocity as well as the special feed injection system differentiates the 
ER&E reactor from reactors offered by others. The net result of applying these reactor 
design concepts in the stirred, autoreftigeration reactor eliminates corrosion and foul- 
ing problems experienced in the fractionation system while producing high-quality 
process performance. 

One further advantage of the stirred, autorefrigerated reactor design is its high reli- 
ability. For example. the low-pressure operation means low-maintenance mechanical 
s<119 c~#l he uqcd lor the lou-sped iwlxer,. This i r  in .. ncrdrt ulrh !hi other syjlc.,nr 
lhrr r:qulrr. i htghcr rcrct.jr pretsurc uh.ch n8aLer the ~nl:;bin~.~l % e ~ l i  much more 
;nci;.ll 31111 a sJurrc a i  c4n;l.m frr rrlisbi.in. Alro the yea19 8 1 8  113.: ER&E rc~cror arc ~ ~~~ 

in the vapor space instead of immersed in the acidic liquid phase as in the iffluent 
refrigeration reactor, making the consequences of a leaky seal much less severe. 
Finally, ER&E's autorefrigeration design contains multiple mixers, which translates to 
higher reliability. 

Figure 1.1.4 shows a 1991 alkylation plant using ER&E's stirred, autorefrigerated 
technology. The ER&E-designed reactor is the horizontal vessel in the foreground. 

The operation of older autorefrigeratian reactor designs offered by others in the past 
has been reported to be troublesome because of producing low-octane product and 
having the symptoms of high esters discussed pr~viously.Some peoplemistakenly 
associate these problems with the autorefrigeration method rather than the specific 
design features used. In fact, there are very significant improvements encompassed in 
the modern ER&E autoreftiwration reactor desien that contribute to its excellent oer- 
lornlrnce Same oi  lltc awrc ,ilnificmt Jlffertnces are sutant~rir4 in l ~ h l r .  I I I 

The r ~ m h l n ~ l l o n  or betre, ~rmcll~yJr~c:~rbun mirlng tt., llrovtdr i l l ;  ~8ccJcJ ,nu- 
nhltc cnnta;l of the h)dru;irbun *nth thc sad rar3l)il . prcnnixind <,Ittin and irobu- 
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FIGURE 1.11 Alkylrlion plant "sing ER&E dkylxtiii teshnoiogy. 

TABLE 1.1.1 Cornpadson of Modem ER&E-Deslgned Reactor to 
Older System 

oldci  Modem 
iodusm design ER&E design 

~~idmydroca ibon  mixing Submerged pumps Special mixen 
lrobufandolefin premixed No Yes 
oicfin feed inlectors Onen pine Special nozzles 
Acidhydrocarbon ratio <0.5 - ' 1 5  
Space velocity 0.3 0.1 
Pressure conmllers oer reactor Unto 10 2 

tane (to make the isobutanc readily available fa r  reaction), using special feed injectors 
(that distribute the  feed uniformly i n  the reactor), using a much higher s c i d h y d r o c z -  
bon ratio (to assure that  the  reaction emulsion is in the favorable acid continuous 
mode), and the low space velocity (to assure a low level of esters) results in  high- 
octane product without m y  of the problems associated with high ester content. 
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ECONOMICS OF EXXON SULFURIC AClD 
ALKYLATION TECHNOLOGY 

The  estimated costs of a 7.5 thousand barrel per  stream day ( B P S D )  Ennon stirred 
antorefrigerated akylvtion plant are listed below. 

Direct costs* 

- ~ 

.In million. of dollars, 
on US. ovlf coast. second 
quarter 1993. 

Estimated utility requirements and  chemical  consumption for the same plant  are 
shown inTable  1.1.2. 

EXTENSIVE COMMERCIAL EXPERIENCE 
ENHANCES TECHNOLOGY PACKAGE - - . -. 

Fxron h i .  . .>o,lJs~:~bl .  u a t ~ ~ ~ u e r : ~ s l  eqxrnrncc  w ~ h  thc \!irrrJ. a u ~ . r ~ ~ i r . ; ~ ~ r a w d  !e;h- 
n< l y y .  'Tl.cre ,re r o ~ p l > l ]  hb.(lllt~ brrrcl, pc.r dr) LBPD or iulsnlled c a p ~ c ~ ~ )  tmne 
I.cal.onr tu;#na th: rurrr.J, iucur~.rr8gr.ra~cd reactor le:l~nology "nd [he ~i~r. . ,  LI chc 
j ~ l i ~ n l r  \;r) frdm 2000 tu 30.010 HPI) I)errll% on n LK&k-Jr , ignrJ  ,dlf.~rl: acid 

TABLE 1.1.2 Estimated Utilities and Chemical 
Consumption, Exxon Stirred, Autorcfrigciation 
Alkylalion Process, 7.5 B P S D  

Utilities: 
Power, kW. 

Compres~or 2375 
Pumps 570 
Mixers 400 
Total 3345 

Cooling water,' gdimin (m3h) 10,900 (2276) 
Indusnirl water. MTD 70 
Steam,t klbh (MTh) 63 (28.6) 

Chemicals: 
Fresh acid,$ MTD 65 
NaDH(100%), MTID 0.34 

.20DF frmnEralurL "a*. 

tl0 lblin'gagc. 
198.0 r r  % minimum ruirunc arid. 
Nola: MTID - metric tons per day: MTih = metric tons 

per hour. 
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TABLE 1.1.3 ER&&Dcrigned Sulfuric Acid Allylation Units 

Nominal capacity 
Company Location of allylate, BPSD 

Exion unlr Unlted Starer 25 
Exxon unit Unled States 25 - 

Liceoscd unit United States 
Exion unit Asia 
EXXO. unit Asia 
Licensed unit Asia 
Exnon unit Europe 
EXXD" ""if Europe 
Licenscd unit United States 
Licensed unsr Asia 

alkylation units are listed in Table 1.1.3. The ER&E alkylation process utilizes effi- 
e i e d  autorefrigemtion while incorporating design details that result in low mainte- 
nance, low operating cost, and high service factor pmven by many years of successful 
operation. Continuing feedback from Exxon's operating plants is built into the design 
of new units, thus ensuring low-cost, trauble-free operation. 

CHAPTER 1.2 
THE DOW-KELLOGG 

- CUMENE PROCESS . - - -. -. - 

J. W. Wallace and H. E. Gimpel 
The M.W. Kellogg Company, USA 

INTRODUCTION 

In the Dow-Kellogg Cumene Process, eumene is produced via alkylation of benzene 
and propylene in the presence of Daw's unique, shape-selective 3DDM zeolite cata- 
lyst. The process is characterized by its law capital cart, superior product yield, high- 
purity product, corrosion-free environment, law operating cost, and ease of operation. 

The process has been demonsmated by an extensive program at Dow that led to the 
develo~ment of the 3DDM zeolite catalvst. This oroeram has orovided the oilot and . . "  
experimental work necessary far the de'lopment of the kinetic'model by ~ & g g  for 
alkylation and transalkylation. A commercial-size transalkylator using the catalyst has 
been in very successful operation for approximately 2 years at Dow's cumene plant in 
Temeuzen in the Netherlands. The facility utilizes feed from the existing solid phos- 
phoric acid (SPA) catalyst-based operatian. Conversion of the balance of the plant to 
the new process is planned. 

Kellogg has developed an efficient, heat-integrated, Low-capital-cost process flow- 
sheet for new grassroots plants and far  conversions of existing SPA-based plants. 
These plants, based on the Dow-Kellogg process, provide superior economics to the 

HISTORY OF CUMENE TECHNOLOGY 

Cumene (isopropyl benzene) is used now almost exclusively in the production of phe- 
nol by the oxidation with air to cumene hydroperoxide (CHP), followed by cleavage 
to phenol and acetone. This process was developed in the 1940s and i s  the principal 
commercial process for phenol production. An earlier use for cumene was as aviation 
gasoline because of its high octane value. 



Cumene always has been cammercially produced by the acid-catalyzed alkylation 
of benzene with propylene. Mast of the world's capacity is being produced by 
processes utilizing SPA catalysts. The relatively low yields and uarious operating dif- 
ficulties related to the SPA (acid on clay) catalyst led producers to seek improved 
types of catalysts. 
One alternative approach has boen the aluminum chloride-baed process applied 

over the k t  10 "ears to both new olants and revamoed SPA units. Prior to this, alu- -..r... .. , ~ ~ - ~  ~ ~ 

minum chloride catalyst had been used commercially for a number of years to produce 
ethylbenzene for styrene manufacturing. Although this process offers improved 
v i e l d 4 u e  to the Vansalkylation ability of the catalyst, high reactor productivity, and 
constant catalyst activity from continuous catalyst makeup-this process has not 
gained universal acceptance because of the special materials required to prevent corro- 
sion and concerns related to spent aluminum chloride disposal. 

Another more recent approach to improved catalysis for cumene production has 
heen the develooment of zeolite catalysts. such as Dow's 3DDM special modified ~ ~ ~ 

mordenite cata1;st. This catalyst offer; numerous advantages compared to the SPA 
and aluminum chloride catalysi. 

HISTORY OF THE DOW-KELLOGG CUMENE 
PROCESS 

Before combining thetr efforts, both Kellogg and Dow had a long history of involve- 
ment in the design and operation of eumene plants. 

Dow has operated the 340,000-metric ton per annum (MTA) cumene plant at 
Terneuzen for 20 yean. This plant originally employed the traditional SPA cumene 
process. In 1992. Dow added a transalkylator system that utilizes the 3DDM zeolite 
catslyst. Dow also has been operating several laboratory rigs and pilot plants for this 
new curnene technology at Terneuzen since 1991. Because of advantages offered by 
the Dow-Kellogg process, Dow plans to convert the remainder of the plant to the new 
oraeess in the near future. r~ 

Kellogg has engineered eight cumene plants, including six based on the SPA 
process and one based on the A1,Cl process. Kellogg has developed energy-saving 
deslpn, fur ;ua,enc pllnt., i n ; l u d ~ ~ g  dlrscr 1 1 r ~  inc~r.'hd~l;~. r ) s l e n n  herurcn cumcnr 
dnd pltuaol p l ~ n t ~  chjc hit\c bee81 used ill three ct.n.l.r#e,pt!cn~,l p l a t  Jcr!ysr. A 1~ ~f 
cumct8e p l m h  <ng~n<~cresl b) Krllo&g 1 %  ~n 1.tbli I 2 I 

TABLE 1.2.1 Curnene Plants Encinered by M. W. Kellloar -- 

Clicnt Location Date Capacity, MTA 

raiwan Pmsperity Chemical Co. Taiwan 1994-95 135.000~ 
Neohn Brazil Delayed 145,000* 
Aristech Chcmical Louisiana Delayed 450,000 
Georgia Gulf Texas 1992 500,000 
Shdl Chemical No. 2 Texas 1977 (19851 550,OOOt 
Monsanfo No. 2 Texa~ 1971 180,000 
Monsanto No. I Texas 1960 55.000 
Shell Chcmical No. 1 Texas 1959 35.000 

-Grassroots AICI, pioccfs. 
+O.gmdly designed for SPApmcssr andrcvamped to AlCI, 
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In 1993, Dow and Keliogg joined together to complete the development of the 
technology and offer it for license. 

PROCESS FEATURES 

Key features of the Dow-Kellogg Cumene Process are: 

. High yield. The very high selectivity of the catalyst and reaction system results in 
yield of greater than 99 percent to cumene. . High-quality cumene. The same high selectivity together with a very efficient 
recovery system results in high-quality eumene product, i e . ,  greater than 99.90 per- 
cent purity. . AII-carbon-steel consrruction. The zeolite catalyst is very stable, and no acid 
enters the plant: therefore, all equipment is fabricated from carbon steel (CS). . No environmenroily difficull efluenls. The zeolite catalyst is very sturdy and 
regenerable: thus, there is no catalyst disposal concern as in other commercial 
Drocesses. . Operability and maintainability. The Rxed-bed reactors and distillation train are 
simple and safe to aperate; with no corrosion and with simple equipment, the main- 
tenance costs are very low. 
Low capital cost. A simple yet efficient design, with low recycle rates and all-CS 
equipment,  results in a low-capital-cost unit;  an  the  U S .  Gulf Coast,  a 
550,000,000-lblyr (250,000-MTA) unit is estimated to cost approximately 
$17,000,000. 

PROCESS DESCRIPTION 

As shown in Pie. 1.2.1. benzene and oroovlene are first reacted in the alkvlator (11 in 
the presence oithe ~ D D M  zeolite c & l ~ s ~  to produce cumene. ~ompletereact i& of 
propylene occurs. Some di-isopropylbenzene (DIPB) and very little ui-isopropylben- 
zene (TIPB) and by-products also are formed. 

The amount of DIPB depends on the quantity of excess benzene and the reactor 
operating conditions. The quantity of TIPB formed by further alkylation of DIPB is 
verv small because of the sham seleetivitv of the catalvst. Alkvlation conditions are 
chosen usine the Kelloae ~ i $ l i c  Model ;o maximize broducion of cumene and to - -- 
avoid formation of impurities, such as n-propylbenzene. 

The reactor-section effluent, consisting of unreacted benzene, cumene, and DIPB, 
is fractionated in a series of four columns (3-6). Light components, including propane 
present in the propylene feed, are removed: unreacted benzene is recovered and recy- 
cled: pure cumene is separated as a product; and, finally, the DIPB is recovered in the 
distillation section and recycled to the transalkvlator (2) to form additional cumene 
with excess benzene. A small impurity purge is &en to fuel 

Cumene produced in the fractionation system is very high in purity (see Table 
1.2.2) with a bromine index less than 5. 
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WASTES AND EMISSIONS 

The process produces no liquid or vapor emissions with the exception of normal stack 
emissions from heaters (hot-oil system), boiler feedwater (BFW) blowdown from 
steam generators, and vacuum jet or vacuum pump vents. Spent catalyst is benign and 
requires no special disposal considerations other than normal landfill. 

CHAPTER 1.3 
UOP CATALYTIC 

CONDENSATION PROCESS 

Diana York, John C. Scheckler, and Daniel G. Tajbl 
UOP 

Des Plaines, Illinois 

INTRODUCTION 

Olefin-pro.l~c#ty U I ~ ~ L I  >UCL 31 I I L c . ~ ~ : ~ ~  crr;kerr. \ i rb r~ . ik rn ,  i l ud  .icrl)t#c cril;lr.ri 
(FCC,,. d n ~  cuke#$ cxi,, in mxny rrfineri:,. 'lhe,c un#lc, produce Iarg,. .luin~ltlc< of 
cllcr#n~c 18ql.cficd petrnleunl :>, (LP(i, This olcfin!c !.PO, uh1.n ~ $ ~ t c l l h  incluh' .. , 
propylene,~propan~, butylene; and butane, is too volatile to blend directly into trans- 
mrtafin" fnel- . .~~ 

' h e  olefin, in the LPG zwt bs . ~ m r n e d  lo  cichcr gr<nlm: Jr Jlrrlll3ce !r:m,pun- 
laon Relr v 1 2  the COP' C a t ~ l ) l # c  CunJ;nrrtion procrrr, rl.r> rcfc.nc.J LC, ~n the mr~Jur- 
rr)  as ihr. Cat-Poly pruuu,r. In this pro;c,is, prop)lcnu or hu1)lunc~ Jr hoth arc 
ol!pon#crtred I<  ) l e d  hlgl~er-mulcculur-ueeg11l ;c~rnpnurndr 1 hr process 1, vr.rrrs~le 
and .'m nc ureJ b) itrrlf or 11, r ~ m b i n ~ r ~ n n  urdl Ju\$nwcnto prxeqari lo p1.Ju.e 
lh~gl~-.l~3181) mn<p,ndli~n-fuel bleuJ~n: r t ~ c k s  T1.e typical 3ppbat~.m or the UOP 
(:llalglt; CunJ:ntal.on unlt lor rh: pradurtiun of ellher pol)mer @3rul1nr or diwllatc 
product #\d8,rulrrJ in ihticltapcer. 

HISTORY 

'The COP Cat11)~ac Con l r . n r s ~ ~ n  pr.xr,, i*ppcrrfd relatlr<l) clrl) ~n chs Jc\~clopn.r.nt 
uf ihc petroleunl-rcf~nlng i~l.lt!ilry. I he ~o!r>mcrcidl a p p l ~ c ~ t l o n  "I 11115 prucCIs IS  

clorcl\ tied to ihc earl,  eruwch i n  casolr,tl: dcrnand , u " ~ ~~ ~ 

In early refinery operations, simple distillation was used to produce gasoline, 
kerosene, and lamp fuels from crude ail. As automobiles bccame more abundant, the 
demand for gasoline increased. To produce more gasoline, thermal cracking using the 
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-~~~ , . - 
As gasoline demand began to grow, refiners searched for technology to maximize 

easoline production, One possible alternative was the oligomerizvtian of C, and C, 
olefins ihthe LPG from thermal cracking units. 

The chemisuy of olefin reaction was familiar to refiners. A well-known wet chemi- 
cal analysis for determining the olefin content of a gas sample involved the oligomer- 
ir~tinn of the easeous olefins. The olieomerization occurzed in a glass Orsat apparatus ~ 

using liquid ahd  catalyst. The next logical step was to use the ol&omerization mecha- 
nism to produce a high-octane gasoline blendstock. In designing a large-scale com- 
mercial polymerization process based on this principle, the problem was haw to use 
the acid catalyst in a carbon-steel vessel and avoid excessive acid corrosion. This 
problem was solved by Dr. Vladimir N. Ipatieff of UOP. 

The solution involved fixing phosphoric acid in a silica matrix. Specifically, 
Ipatieff discovered that a mixrure of phosphoric acid and kieselghur (a natural silica) 
solidified when heated. The resultant solid phosphoric acid catalyst could then be 
ground up, sized, and loaded into a reactor. Under proper conditions, a gasoline-range 
product was produced from the oligomerization or condensation reactions of the 
olefins without the corrosive problems of an aqueous acid. This important discovery 
led to the development of the UOP Catalytic Condensation process, which war applied 
commercially in a number of areas, particularly in processing gaseous olefins from 
thermal reforming units during the early 1930s. The emergence of the FCC process in 
the 1940s greatly expanded the application of the UOP Catalytic Condensation 
PIOCBSS. 

PROCESS CHEMISTRY 

Many refineries have cracking operations that produce a substantial amount of propy- 
lene and butylese. These olefins can be oligomerized in a UOP Catalytic 
Condensation unit to ~roduce gasoline- or distillate-range transportation fuels. The 
oligomerization reactions that occur depend on the relative concentrations of propy- 
lene and butylene in the feed. The primary reactions are 

ZC,H, + C,H,, AHay - 1535 Wkg C, 

C,H, + cp, + ca,, AH#" - 1303  kg C, 

ZC,H,+C,H,, AH, = 1151 klkgC, 
1 , )  , , 

where AH, is the average heat of reaction. 1 I: These reactor products are themselves olefinic and can undergo further reaction. 
' .  Some of the C,, C,, and C, olefins react with propylene and some with butylene to 

produce C, and C,, products. These reactions are 

C,H, + CP,,+C@,, 

C,H, + C,H,,+C,oH, 

C4H8 + +6H,Ha+ CtOH,, 

The resultant C, and C,, polymers are still olefinic and can react further to yield even 
1~~~hcr-ntolccdl6r-n~c.c.~hi pr~Ju;c, 

11) the UOP Cntrlyri; Cul#.lenrltt.>n prccr<x lht J e ~ r e e  of  rr.n;uo## ir c.mrrull~'J cu 
yir.1~1 pr~duccs of  the J;sired hollln~ rlnge kdr ga;,l.ne pruJurl13n. ~houl  95 percent 
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of the fresh C, and C, olefins is converted to C,+ product. Unconverted C, or C4 
olefins are generally recovered, and some of them are recycled to the reactor to con- 
l r r l l  rercuntl h.lllp.rnLurc an1 lncrcnsc n\<nll  proJ~;t yeld 

I ,r ~ ~ ~ r ~ l l i l l e  yrudu:ll~n, rime of lhc rreih C, ind (': o l e r ~ ~ r  ar,. .wn>crlrd in dl$- 
t ~ l l r c ~  b~ilzng rrllpe n 111s hrst parr chro~gl~  11.e rs:tcIJr. l )~ \ t~ l l a t r  p r ~ J u a l  ,n # %  

~rlcredird b) rr.;y~llng Ilphl-pn1)lrtsr /.trulln: i ,  the rerrtar. Wlth the rrc)clr uf p ~ l )  - 
mcr ~ ~ \ n l l n r .  75 pxrml  < r m.,rc of the feed C -C, olrfln. ran br run\rned ro 3 dlrul~ 
I . ,  . n , ,  ,,,., .-.- y. - - - -. . 

The UOP Catalytic Condensation process can also be used for the svnthesis of soe- 
cifie motor fuels. For example, normal butylene and isobutylene can be selectively 
reacted to yield a trimethylpentene-rich isooctene. With mild hydrotreating of the 
product, trimethylpentanes can be produced. This product has a clear research octane 
number of about 100 and is therefore considered an excellent aviation gasoline. 

PROCESS THERMODYNAMICS 

Oligomerization reactions are exothermic, as shown by the heats of reaction given 
previously. These heats af reaction represent the average heat of reaction for all possi- 
ble isomer combinations. The acNal heat of reaction depends on the specific oligomer 
isomer distribution and plant operating conditions. 

The heat released by the reaction must be removed to maintain reactor control. A 
lack of proper reactor temperature control can result in a loss of either catalyst activity 
or product yield. 

Units for olefin aligomeriaation have used either chamber-tvoe or tubular reactor . . 
de*#g!# Thc ,IsnJrrJ iharober lypc rc&ctt,r h ~ s  a ,crlr.r df qrparxc mul ) s t  hcds 
Icmp:ricurr rotttrul 15 ~::.,mpl~rhed b) rr.ycl~ng <,me at thc. .pent prop3t.c-b~tinc 

1 1 . 1 ~  a s  icr.1 dtlurnr 311.1 i.,lng SJmu *, 3 quc!#:h that ir inuodu;cd berwrcn the ?,tat) ,I 
llros Toe clt~mhcr-type renclar byrcem 1s llrs ciper#rluc, 10 lns1111 Ihln a lubulu-type 
rr.d;c.,r >y\lcm lbut ha\ r..m:whsl hlgher c31a1yrl anJ 11818t) ~ ' , ~ I I C ~ C ~ L I  O t~c  advdn- 
taee oi t1.r chamber-t)pr rys1r.m i r  thrl t r  or) rr,ily hr. sdapled tJ p<tmchb~nm:al 
upplfcul80nr. ,,;ha< rlk~lal#o!# of :.romrrir, 

Th: L'(J1' I u ~ L I I ~ - I ) ~ c  r ~ r : l . ) r  conlallll l l l ~  LIUIYSL 11) 1 i b ~ )  11191 d e  .i.~rcoul!d~d b) 
7 )ackrc of b~lllng water T1.1, bdiliny nalrr rcsluw, thr. hcac ge!trrrtcJ hy lllc reat - 
Ilun. ~ n d  rhe s tam pmJu:ed can br usuJ to prchcsl lhr iruJ.'l he lub~8l~r-typr r.~ccor 
dlru p r J \ i 1 ~ >  8 \o,tt:wllrl murr cllic8rnr tslnpcrdturc-m~llrul r) 3lcm hltd R I I O ~ V I  high- 
er T C ~ ~ I U T  ~lcrln ~nncentr.ttiun,. I hc rcsulr # \  1ouc.r a l i l )  rt a d  iul i l i t )  r ~ q u ~ r c ~ n e ~ ~ t , .  

PROCESS DESCRIPTION 

Gasoline Production 



FIGURE 1.3.1 UOP Catalytic Condensation process for motor fuel pr~du~tion 

Before entering the feed drum, the fresh feed is combined with recycled LPG. The 
LPG stream is recycled to not only increase overall product yields but also control 
olefin concentration in the reactor feed. 

From the feed drum, the combined feed is passed through heat exchange before 
being charged to the reactor. The heated combined feed enters a chamber-type reactor 
that contains a series of catalyst beds, as  discussed earlier. 

The reactor effluent passes through feed-effluent heat exchange and is then 
charged to a flash drum. The overhead from the flash drum is cooled and then 
recycled to the feed drum. The bottoms from the flash drum are sent to the product 
stabilizer. 

The product stabilizer separates the polymer gasoline fmm the LPG, which con- 
tains the inert feed propane and butane. The LPG stream also contains a small amount 
of blefiins. This LPG stream is either yielded as a product, recycled to the feed drum, 
or used as quench in the reactor section. The polymer gasoline is cooled and sent to 
product blending or storage. 

Yields and Product Properties. Two typical operations of the UOP Catalytic 
Condensation process far gasoline production are summarized in Table 1.3.1. In the 
first case, the charge to the unit is a C,-C, sveam from an FCC unit with a 59 liquid 
volume percent (LV %) olefin content. The products from the unit include 41.2 LV % 
LPG and 45.1 LV % C,+ polymer gasoline, Included in the product LPG are the inert 
feed components, propane and butane, which pass directly through the unit, and a 
small amount of ""reacted olefins. Overall yield from the UOP Catalytic 
Condensation unit is 86.3 LV % C,+ product. This volume loss is due solely to the 

TABLE 1.3.1 Product Yields for Gasoline Productian 

Grmsfnrli 

FCC C3-Ch LPG FCC C4 LPG 

Products LV % FF* wt % FF* LV % FF* wl% FF* 

CZCh LPG 41.2 41.3 37.4 35.9 
c5 +polymer gasoline 45.1 58.7 51.9 64.1 

Total 86.3 100.0 89.3 100.0 

Olefln feedstock 
Product quality c3 C,-C, c, 

Density: 
'APl 60.0 60.2 
Specific gravity 0.739 0.738 

RONC 9% a 5  .@:O 
MONC 82 83 
1R + MY2 88.8 91 .. . . , .", ... 
ASTM distillation, 'C (OF): 

10 LV s I00 (212) 100 (212) 
50 LV % 125 1257) 120 1248) 
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volume reduction associated with the oligomerizatian of olefins. The second ease 
describes a C6 olefin feedstock to the UOP Catalytic Condensation process. 

The properties of the C,+ polymer gasoline are given in Table 1.3.2. Polymer gaso- 
line is a high-quality gasoline blending component. The clear road octane [(R + M)lZ] 
is 89 for the C,-C, olefin case and 91 for the C, olefin case. In addition, when blended 
with aromatic stocks such ns those produced in the UOP Platforming* process or with 
FCC gasolines, the blending octane of polymer gasoline can be even higher. 

Polymer gasoline is olefinic and, if necessary, can be hydrotreated to reduce the 
olefin content. In general, hydrotreating is not done because it reduces the gasoline 
octane rating. An exception to this rule is when isooctane is the desired product. The 
UOP Catalytic Condensation process can be used to react normal butylene and 
isobutylene selectively ta produce a product that, when hydrotreated, is isooctane rich 
and has a research octane number, clear (RONC) of about 100. As a historical note, 
part of the high-octane aviation gasoline was produced during World War I1 using the 
UOP Catalytic Condensation process. 

Process Eeonornics. The UOP Catalytic Condensation process is relatively simple 
to operate and requires a minimum of labor. Its simplicity is reflected in the operating 
requirements summarized in Table 1.3.3. Utility requirements include only electric 
power, steam, and cooling water (air cooling can often he substituted for water cool- 
ing)  Also reflecting the simplicity of the process is the fact that only one operator is 
generally required. Overall, the cost for operating a UOP Catalytic Condensation unit 
ranges from $2.30 to $3.30 per barrel of C5+ polymer gasoline. This cost includes util- 
ities, labor, catalyst, chemicals, and an allowance for process royalty but does not 
include any direct or indirect capital-related costs. 

The total capital required far a plant erected in 1995 on the U.S. Gulf Coast varies 
from $60 to $85 per metric ton per year ($2500 to $3500 per barrel per day) of C,+ 
polymer ghsoline. This investment includes material and labor plus an allowance for 
design engineering and conshuction engineering costs. These costs cover the range of 
capacities and feed olefin concentrations typically encountered in most refineries. 

*Trsdcmark rndior rrrvics mark of UOP. 

TABLE 1.3.2 Product Qualities for Gasoline Production 
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TABLE 1.3.3 Operating Costs foi Gasoline 
Production 

Utilities 

~lectiic power: 
kWibblC$ + product 2-3 
kWiMT C. + product 20-28 

steam: 
Ibibbl C5 f product 200-300 
MTiMT C5 + product 0.7-1.1 

Cooling waters: 
galbbl C, + product 120-180 
m3MT C5 + pmduct 44.60 

Catalyst and chemicals cost 

Sibbl C5 +product 0.6&1.00 
SMT C> + product 5.00-8.20 

~ a b o i  and operaung cosr 

Warkforkfe I operator-helper 
~ ~ p i ~ a l  aperating cosr: 

5hbl C, + product 2.30-3.30 
$MT C5 + pmduct 19.50-28.10 

Investment* 

SiBPD C5 + pmducf 2500-3500 
SMTA C. + nmduct 60-85 

.Basis, bucery limits plant bulk on U.S. Gulf Coast 
in 1995. U.S. dollars. 

NOL: MT = metric cons: MTA - metric tons g r  
nnnum: BPD = barralr perday. 

Production of Distillate-Type Fuels  

One of the attractive features of the UOP Catalytic Condensation process is its ability 
to produce high-quality commercial jet fuel blending stock. Typically, after being 
hydrotreated to saturate the olefins, this fuel is characterized by a high smoke point of 
the order of 40 mm and a low freeze point, generally less than -70'C (-94°F). 

Although a. diesel fuel blending stock can be produced by catalytic condensation, 
its cetane properties are generally poor. The resulting product can have a cetane num- 
ber of about 28, which is low compared to mast diesel fuel specifications but can be 
sufficient for blending if enough higher-cetane blending stock is available. 

The process flaw diagram for the production of distillate fuel using the UOP 
Catalytic Condensation process is shown in Fig. 1.3.2. The process flow in this case 
allows for the recycle of gasoline-range polymer as well as LPG to the reactor. The 
olefinic polymer gasoline is further reacted to produce a distillate-rage product. 

As in gasoline production, minor feed pretreatment is required to remove feed con- 
taminants. Ta meet product specifications, feed sulfur components, particularly H,S, 
must be removed to prevent mercaptan formation through reaction with feed olefinr. 

About 95 percent of the feed olefins are reacted through the reactor. Only about 25 
percent of the feed olefins m converted to a distillate-range product in the first pass. 
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Net LPG 
Pdymer 
Gasoline 

DIstIllate 

C3-C4  
Oleflnlc 

Feed 

Heavy 
Polymer 

Flash Recycle Rerun 
Drums Column Column 

FIGURE 1.3.2 UOP Catalytic Condenration pmrerr for distillateproductian. 

Overall conversion to distillate can be increased to 75 percent or higher by recycling 
light polymer. 

d he &cycle calumn separates gasoline-range product from distillate-range poly- 
mer. The gasoline-range product comes off the recycle column overhead and is partly 
recycled to the reactor feed and partly yielded as gasoline. The bottoms from the recy- 
cle column is sent to s renln colllmn 

~ ~~ ~~ ~~~~ 

The rerun column separates the final distillate from the heavy-polymer stream. The 
heavy polymer represents a relatively high-molecular-weight and high-boiling-point 
by-product. The heavy polymer is separated from the distillate product so that the 
hydrotreating catalyst generally employed on this product is not fouled. Typically, Ule 
recovered heavy polymer is blended into fuel oil. 

Yields and Product Properties. A typical operation of  the UOP Catalytic 
Condensation process for distillate production is summarized i nTab le  1.3.4. The 
charge to the unit is a C,-C, LPG sueam from an FCC unit with a 59 LV % olefin 
content. The four products from the unit are LPG, polymer gasoline, distillate, and 

TABLE 1.3.4 Product Yields for Distilla* 
operation 

LY % FP' wl % PF* 

Feedstock: 
FCC C9-C, LPG 100.0 100.0 

Pmducls: 
C,-C, LPG 41.2 41.3 
Polymer gasoline 8.3 10.5 
Distillate 34.0 47.0 
Heavy polymer 0.8 1.2 

TOW 84.3 ionn 

'FF = iiesh f e d  
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heavy polymer. The yield of LPG is 41.2 LV % and includes the inert propane and 
butane from the feed. The LPG also includes a small amaunt of unreacted prapylene 
and butylene. The yield of polymer gasoline is 8.3 LV %.For maximum distillate pro- 
duction, the polymer gasoline is cut for as low an endpoint as possible. When com- 
pared with polymer gasoline from the gasoline mode of operation as discussed earlier, 
this polymer gasoline is somewhat lighter but is otherwise similar. For the distillate 
mode of operation, the distillate yield is 34 LV 5%. This yield can be varied somewhat 
depending an the amount of gasoline recycled to the reactor. The yield of heavy poly- 
mer is about 0.8 LV %. 

Overall liquid yield from the unit is 84.3 LV %. As in the gasoline made of opera- 
tion, a net volume loss occurs as a result of the oligomeriratian of olefins Also, the 
higher the degree of reactions, or the higher the molecular weight of the products, the 
greater the volume loss. 

The properties of the products are given in Table 1.3.5. Unlike polymer gasoline, 
which is typic&lly blended directly into the gasoline pool, the distillate product must 
be hydrotreated. The as-produced distillate is highly olefinic and has poor distillate 
properties. For example, the cetane index of the as-produced distillate is only 18. In 
contrast, olefin saturation by hydrotreating greatly improves the polymer distillate 
properties. As shown in Table 1.3.6, the cetane number improves by approximately 10 
with hydroueating. Even though a cetane number of 28 is low compared to most 
diesel fuel specifications, it is high enough to allow blending with other high-cetane- 
number stocks. 

Economics. For the production of distillate, the UOP Catalytic Condensation 
process has moderate operating costs and requires minimum labor, as shown in Table 
1.3.7. The utilities are based on maximum air cooling and include electric power, 
steam, and fired fuel. Table 1.3.1 also gives approximate catalyst and chemical costs. 
3he requirement of one operator for the plant reflects the simplicity of the process. 

The total operating costs for the unit range from ahout $6 to $7 per barrel of C5+ 
product. This cost includes utilities, labor, catalyst, chemicals, hydrogen for final 
product preparation, and an allowance for process royalty. However, it does not 
include any direct or indirect capital-related charges. 

The total erected investment cost, also given in Table 1.3.7, varies from about $97 
to $183 per metric tqn per year ($4000 to $7500 per barrel per day) of total C,+ prod- 
uct. This investment includes material and labor costs plus an allowance for design 

T ~ B L E  1.3.5 ProdunProperties for Distillate 
Operation 

Product quality Oa~oline Distillate 

Density: 
'APl 65.0 49.9 
Specific gravity 0.720 0.780 

kONC 
MONC 
RVP. lblmi 
replnr no ...~ 
ASTM distillation, -C (OF): 

tOLV% 99 (2101 175 (347) 
50LV% 135 (2751 182 (360) 
90 LV % 150 (3021 206 (403) 
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TABLE 1.3.6 Comparison of Hydrotreated and 
Unhydrotreafed Distillate Pmduct Pm~erries 

As-produced Hydrocreated 
dirtillate di$tiltate 

Density: 
'API 49.9 52.3 
Syrcific piavity 0.78 0 77 ~ . .  . 

Smoke point, m i  - 40 
Freeze ~oint,  C ('8 - 70 (158) 
Visco~ity. cS1 at 5o0c - 11 
cetane &. I8 28 
Bromine no. 108 i 
ASTM distillation. "C (OF). 

TABLE 1.3.1 Operatinp. Costs for Disrillatc Production . . 

Utilities, per bbl C5 + product 
Elccmc power. k~ 7-0 

Steam. Ib 
Fuel-fired, 106 Bfu 

Labor and operating cost 

Workforce 1 operator-helper - 
Typical operating cost. Ybbl C,+ product 6-7 

InVe~lmenI* 

$MTA $97-$183 
$/BPS0 C5 + product $4000-$7500 

'BuIs: bauery limit8 plant built on U.S. Gulf Coast, in 1995 US. dollan. 

Note: BPSD - bmrls p r s m a m  day. 

and construction engineering. It also reflects a range of capacities and feed olefin con- 
centration that is typical in the refining industry. 

COMMERCIAL EXPERIENCE 

The UOP Catalytic Condensation process was commercialized in 1935. Since that 
time, UOP has Licensed and designed mare than 200 units worldwide for the praduc- 
tion of transportation fuels. Most of the units were designed for the of 
polymer gasoline. 
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UOP HF ALKYLATION 

TECHNOLOGY 
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INTRODUCTION 

'Inr. l lOP '  HF Alkyldhnn pro:e,, for rntarr fud proJucllon. r:ail)t~cally ..,rt~Vid~cr 
1mgl.l dlcfinr shlch i r e  U , J L I I )  6n8rfllrcr uf pr~pylene anJ but)lrsci, wich aa,,haine lu 
orod~cc .l bi:mchcd-cnm udr-tfflnic fuel Tltc d l k , 1 3 ~ 1 ~ l  r~a;tlun ~ L C I  uljic I" ihe r~~ 

presence of hydrofluoric (HF) acid under conditions selected to maximize alkylate 
yield and quality. The alkylate product possesses excellent antiknock proecrties 
because of its considerable content of highly branched paraffins. Alkylate is a clean- 
burning, low-sulfur gasoline blending component that does not contain olefinic or aro- 
matic compounds. Alkylhte also has excellent lead response, which is important in 
locations where leaded gasoline is still produced. 

The HF Alkylation process was developed in the UOP laboratories during the late 
1930s and early 1940s. The process was initially used for the production of high- 
octane aviation fuels from butylenes and isobutane. In the mid-1950s. the develop- 
ment and consumer acceptance of more-sophisticated high-performance automotive 
eneines  laced a burden on the oevoleum refiner both to increase gasoline nroduction - .  - ~~~~~~~ r~ ~ ~ 

and to improve motor fuel quality. The advent of catalytic reforming techniques, such 
as the UOP Platforming* process, made an important tool for the ~roduction of hirh- 
quality gasolines available to refinen.   ow eve;, the motor fuel prdduced in such oGr- 

- . .. ,~~~~ " 
research and motor octanes), the production of pasoline comwnents with law sensitiv- 
ity was required. A natural conskquence of these requiremdnts was the expansion of 
alkylatioa operations. Refiners began to broaden the range of olefin feeds to both 
existing and new alkylatian unils to include propylene and occasionally amylenes as 
well as butylenes. By Ule early 1960s, the HF Alkylation process had virtually dis- 

'Tmdemark aniVor service mark of UOP. 

1.31 



1.32 ALKYLATION AND POLYMBRlZATION 

placed motor fuel polymerization units for new installations, and refiners had begun to 
gradually phase out the operation of existing polymerization plants. 

The importance of the HF Alkylation process in the refining situation of the 1990s 
has not diminished but has actually increased. The contribution of the alkylation 
process is critical in the production of quality motor fuels. The process provides refiners 
with a tool of unmatched economy and efficiency, one that will assist refiners in main- 
taining or strengthening their position in the production and marketing of gasolines. 

PROCESS CHEMISTRY 

General 

In the HF Alkylation process, HF acid is the catalyst that promotes the iroparaffin- 
olefin reaction. In this process, only isoparaffins with tertiary carbon atoms, such as 
isabutane or iropentane, react with the olefins. In practice, only isabutane is used 
because isopentane has a high octane number and a vapor pressure that allows it to be 
blended directly into finished gasolines. However, where environmental regulations 
have reduced the allowable vapor pressure of gasoline, isopentane is being removed 
from gasoline, and refiner interest in alkylating this material with light olefins, partic- 
ularly propylene, is growing. 

The actual reactions taking place in the alkylation reactor are many and are rela- 
tively complex. The equations in Fig. 1.4.1 illusuate the primary reaction products 
that may be expected for several pure olefins. 

In practice, the primary product from a single olefin constitutes only a percentage 
of the alkylate because of the variety of concurrent reactions that are possible in the 
alkylation environment. Compositions of pilot-plant products produced at conditions 
to maximize octane from pure-olefin feedstocks are shown in Table 1.4.1. 

Reaction Mechanism 

Alkylation is one of the classic examples of a reaction or reactions proceeding via the 
carbenium ion mechanism. These reactions include an initiation step and a propaga- 
tion step and may include an isomerization step. In addition, polymerization and 

1 cracking steps may also be involved. However, these side reactions are generally 
undesirable. Examples of these reactions are given in Fig. 1.4.2. 

Initiation. The initiation step (Fig. 1.4.20) generates the tertiary butyl cations that 
will subsequently carry on the alkylation reaction. 

-.. ..---.-..- .~~ -~~~ ~~, - 
new tertiary butyl cation to carry on the reaction chain. 

Isomerimtion. lsametization [Eq. (1.4.12). shown in Fig. 1.4.2~1 is very important 
in producing good octane quality from a feed that is high in 1-butene. The isomeriza- 
tion of l-butene is favored by thermodynamic equilibrium. Allowing l-bufene to iso- 
merize to 2-butene reduces the production of dimethylheranes (research octane num- 
ber of 55 to 76) and increases the production of trimethylpentanes. 

Equation (1.4.13) is an example of the many possible steps involved in Ule isomer- 
ization of the larger carbenium ions. 
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nl,-CH=CH* CH3-CH-CH3 f ~ - F H - C ~ - C H 2 . C H 3  (t.4.4) 

CHI MI 

AoPYlOne Is&,ono 43 -D~marDy I~ lano  

FIGURE 11.1 HF alkyialion primary reactions for manoolefinr. 

Other Reocfions. The polymetization reaction [Eq. (1.4.14). shown in Fig. 1.4.24 
results in the production af  heavier paraffins, which are undesirable because they 
reduce alkylate octane and increase alkylate endpoint. Minimization of this reaction is 
achieved by proper choice of reaction conditions. 

The larger polymer cations are susceptible to cracking disproportionation reactions 
E q .  (1.4.15)1, which form fragments of various molecular weights. These fragments 
can then undergo further alkylation. 

Hydrogen Tmnsfer. The hydrogen vansfer reaction is most pronounced with propy- 
lent feed. The reaction also proceeds via the carbenium ion mechanism. In the first 
reaction [Eq. (1.4.16)1, propylene is alkylated with isobutane to produce butylene and 
propane. The butylene is then alkylated with isobutylene [Eq. (1.4.17)] to form 
trimethylpentane. The overall reaction is given in Eq. (1.4.18). From the viewpoint of 
octane, this reaction can be desirable because trimethylpentane has substantially high- 
er octane than the dimethylpentane normally farmed from propylene. However, two 

i molecules of isobutane are required for each molecule of alkylate, and so this reaction 
may be undesirable from an economic viewpoint. 
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TABLE 1.4.1 Compositions of Alkylare from Pure-Oicfin Feodrtockr 

Olefin 

Component, ult % C& i-C,H8 CBC2 C4H8-1 

c5 isopenthne 1.0 0.5 0.3 1.0 

c i s :  
2,zP-rrimerhylpenrane 36.3 66.2 48.6 38.5 
2,2,3-timethylpentanc - - 1.9 0.9 
2.3.4-trimethylpentanc 7.5 12.8 22.2 19.1 
1.3.3-trimethylpcntaoe 4 7.1 12.9 9.7 
Dimethylhcxancr 3.2 3.4 6.9 22.1 

C9+ pmducts 3.7 5.3 4.1 5.7 

P @ @ 
C;C.C.C+HF--rC.C.C.C-C-C-C-C4C-C-C.C + C-C-C (I.".') 

b 

P i q  o 
C ~ C . C ~ H F - - ~ C . C . C . C - - + C . C . C ~ C - C - C - C  + C-C-C IL.A.S) 

@ C 

FIGURE 1.4.W HP alkylati~n reaction mcchhhiim-iiitiafififi fifififitiins. 

PROCESS DESCRIPTION 

The =lkylr~ion uf oirlii>i acrh i<oo.cane ir comlrler bc.aurr it 1, chdracwr87cJ h) .Im- 
ple aJJttwn 81 ucll h, by numrrou% r ~ d c  m4utton\ R m a r y  rc~rliun proJ~r l r  are l l l e  
,r inmm. n.r .~ff i t~.  contdnil.c arhull icom, !hi, arc inr rum or i,ahumnr. nnJ i1.e :ar- ." c--- ~~.. ~~~~ - 
 spandi ding olefin. However, secondary reactions such as hydrogen transfer, polymer- 
ization. isomenration, and destructive alkylytion also occur, resulting in the formation 
JI rcrul,d;ry prr iuas hut11 lieh!cr anJ hr.a\~:r r h ~ n  1111 ilnlllar~ pr<~dUctb. 

The fac!.lrs rhh prdmotc. Ulr. pllmar) and \eccnJap r<.?cuul# mechd#.tm.\ *iflet. Ir  
ddet thr. re,p;ln,e "rca;h to ;Illnue; i t ,  op:ra~illg L C  nJitoon, nr J!r8&1. ~ p 0 . m  S J ~  911 
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o C C  o 
C-c=C+C-7-C-C-PC-C-C 3 mmethyipeniane+C-c-C n.n.!o 

C C c a  C 

FrcunE 1.4.2b HF alkylation reaction mechanism-propagation reac- 
tions. 

CFF 
CCCCC 
s 

F F ic, 
CWGC - 2.3.3-Trimethylpmtane 

"C 
FIGURE 1.4.2E HF alkylalion ~eaclion mschanism-i~omerinafion. 

secondary reactions are undesirable; for example, they make possible the formation of 
isoactane from prapylene or amylenes. In an ideally designed and operated system, 
primary reactions should predominate, but not to the complete exclusion of secondary 
ones. For the HF Alkylation process, the optimum combinations of plant economy, 
product yield, and quality are achieved with the reaction system operating at cooling- 
water temperature and an excess of isoparaffin and with eontaminant-free feedstocks 
and vigorous, intimate acid-hydrocurbon contact. 

To minimize acid consumption and ensure good alkylate qualiry, the feeds to the 
alkylation unit should be dry and of law sulfur content. Normally, a simple desiccant- 
drying system is  included in the unit design package. Feed treating in a UOP Meron* 
unit for mercaptan sulfur removal can be an economic adjunct to the alkylation unit 
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F o 
C-c-C-c-C + C-c=c-c-C,z- (I.,.,* 

C C C,#' etc. 

FIGURE l.42d HP alkylation *action mechhhiiiithhh 

lor l h ~ i c  bpplmcrliun< I" uhl;lb rhr u 1 ~ i . n ~  lcrl ir dcmsd icom ;3I1l)rl. srlclirag .>r 
for 4 t h ~ '  ~ p r r ~ t i o n ,  ill uhi.18 fe:Jstnck, of rrgnlli:al~~ &uliur ;~nrcnc *re pru:c<sed 
S l t ~ t n l l i l c i  i l o w  r;hcmc,r f.>r n r \ o ~ c a l  C .  HF A l n \ l n l i ~ 1 1  tunlt ltld d CI -C,  HI. . - 
~lk i la t ion  unit are shown in Figs. 1 : i 3  and i.4.4. 

Treated and dried olefinic feed is charged along with recycle and m&eup isobu- 
tane (when applicable) to the reactor section of the plant. The combined feed enters 
the shell of a reelor-heat exchanger through several nozzles positioned to maintain 
an even temperature throughout the reactor. The heat of reaction is removed by hear 
exchange with a large volume of coolant flowing through the tubes having a low tem- 
perature rise. If cooling wstw is used, it is then available for further use elsewhere in 
the unit. The f luent  from the reactor enters the settler, and the settled acid is returned 

/I back to the reactor. 
i! The hydrocarbon phase, which contains dissolved acid, flows from the settler 

and is preheated and charged to the isostripper. Saturate field butane feed (when applie- 
I able) is also charged to the isostripper. Product alkylate is recovered from the bottom 

of the column. Any normal butane that may have entered the unit is withdrawn as a 
sidecut. Unreacted isobutane is also recovered as a sidecut and recycled to the reactor. 

The isosuipper overhead consists mainly of isobutane, propane, and HF acid. A 
drag stream of overhead material is charged to the HF stripper to strip the acid. The 
overhead from the HF stripper is refurned to the isashipper overhead aystem to recov- 
er acid and isobutane. A  ort ti on of the HF strimer bottoms is used as flushing mate"- . . 
a1 A net bottom stream is withdrawn, defluorinated, and charged to the gar-concern%- 
ti,,, (CCLIOII (Cj (; *pltllcr/ 10 pr-ient ., bulldup of pa,pmr in the HI' hlkylr l lon L O ~ I  

,\n i n v m $ l  Jcpropml7cr i, rcqulrrd in sn HI All) ldl lon unll prJ.'r.rrtny C;C, 
o l~r ins  and ma) he r;qu#rr.d u ~ ~ n  C, d c d n  fe;d;t~;Lr l i the  quanury olpropr~e  enter- 
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ing the unit is too high to be rejected economically as previously described. The 
isostripper overhead drag stream is charged to the internal depropanizer. Overhead 
from the internal deprapanizer is directed to the HF stripper to strip HF acid from the 
high-purity propane. A  arti ion of the internal depropanizer bottoms is used as flush- 
ing material, and the remainder is returned to the alkylation reactor. The HF  stripper 
overhead vapors are returned to the internal depropanizer overhead system. High-puri- 
ty propane is drawn off the bottom of the HF stripper, passes through a defluorination 
step, and is then sent to storage. 

A small slipstream of circulating HF acid is regenerated internally to maintain acid 
~ u r i t y  at the desired level. This technique significantly reduces overall chemical con- 
rumptian. An acid-regenerator column is also provided for start-ups after turnarounds 
or in the event of a unit upset or feed contamination. 

When the propane or normal butane from the HF unit is to be used as liquefied 
~etroleum gas (LPG), defluorination is recommended because of the possible break- 
down of combined fluorides during combustion and the resultant potential corrosion 
of burners. Defluorination is also required when the butane is to be directed to an iro- 
merization unit. After defluorination, the propane and butane products are treated with 
potassium hydroxide (KOH) to remove any free HF acid that might bre& through in 
the event of unit misoperation. 

The alkylation unit is built almost entirely of carbon steel although some Monel is 
used in several minor locations. Auxiliary neutralizing and scrubbing equipment is 
included in the plant design to ensure that all materials leaving the unit during both 
normal w d  emergency operation are acid-free. 

ENGINEERING DESIGN 

The reactor and distillation systems that UOP uses have evolved through many years 
of pilot-plant evaluation, engineering development, and commercial operation. The 
overall plant design has progressed through a number of variations, resulting i? the 
present concepts in alkyl&on technology. 

Reactor Section 

In the design of the reactor, the following factors require particular attention: 

. Removal of heat of reaction . Generation of acid surface: mixing and acid-to-hydrocarbon ratio . Acid composition . Introduction of olefin feed 

The proper control of these factors enhances the quality and yield of the awla t e  product. 
Selecting a particular reaction-system configuration requires careful consideration 

of the refiner's production objectives and economics. The UOP reaction system opti- 
mizes processing conditions by the introduction of olefin feed through special distrib- 
utors to provide the desired contact with the continoous-acid phase. Undesirable reac- 
tions are minimized by the continuous removal of the heat of reaction in the reaction 
zone itself. The removal of heat in the reaction zone is advantageous because peak 
reaction temperatures are reduced and effective use is made of the available cooling- 
water supply. 
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Acid-Regeneration Section 

- - .  - .  
when the feed has abnormally high levels of contaminants, such as sulfur and water. . . 
During normal operation, the acid regenerator is not in service. 

When the acid regenerator is in service, a drag stream off the acid-circulation line 
at the settler is charged to the acid regenerator, which is refluxed on the tap tray with 
isobutane. The source of heat to the bottom of the regenerator for a C,-C, HF 
Alkylation unit is superheated isobutane from the depropanizer sidecut vapors. Far a 
C+ HF Alkylation unit, the stripping medium to the acid regenerator is sidecut vapors 
from the HE stripper bottoms. The regenerated HF acid is combined with the overhead 
vapor from the isostripper and sent to the cooler. 

Neutralization Section 

UOP has designed the neutralization section to minimize the amount of waste, offen- 
sive material< and undesirable by-products. Releasing acid-containing vapors to the 
regular relief-gas system is impractical because of corrosion and odor problems. The 
system is composed of the relief-gas scrubber, KOH mix tank, circulating pumps, and 
a KOH regeneration tank. 

All acid vents and relief valves are piped to this relief section. Gases pass up 
throueh the scrubber and are contacted bv a circulatine KOH solution to neutralize the 
HF aFid. After the neutralization of the acid, the gases can be safely released into the 
refinery flare system. 

The KOH is regenerated on aperiodic basis in the KOH-regeneration tank by using 
lime to form calcium fluoride (CaF,) and KOH. The CaF? settles to the bottom of the 
tank and is directed to the neutralizing basin, where acidic wafer from acid sewers and 
small amounts of acid from the orocess drains arc treated. Lime is used to convert any 
fluorides into calcium fluoride before any waste effluent is released into the reflnery 
sewer system. 

Distillation Sys tem 

The distillation and recovery sections of HF Alkylation units haye also seen consider- 
able evolution. The modern isostripper recovers high-purity isobutane as a sidecut that 

~ ~ 

1% ~ecyclcJ to the rc~ctur. TI). rrcy;l< v ~ , c ~ ~ l l y  ac~d  frl.c. !hsrcb) nlln##n#nny undr- 
q~rilble ,lJ<, rca:u.>nr ~ 8 t h  rh: ol:fi!~ Iced proor i ,  entry inl., ~hr. rc.a:lor A .saII rrcu- 
f i ~ n u a .  srcucn 0th ~ s p  of the modern iro$lnpp:r pro\~dr., iur inore :ff~crr.nt pr.rpdt.l, 
rejection. 

Although a single high-pressure tower can perform the combined functions of 
isos~ipper and deprapanizer, UOP's current design incorporates two towers (isostrip- 
per and depropanizer) for the following reasons: 

Lich tower ma) b: oprr*leJ 3, 1% r~p~inwnl pr;>,ure Sp:;ifi;111) ~n the i,o\lnppcr 
[ I h -  L U < ~ - I U \ > C C  ~ C I L ~ ~ I  ~ ~ ~ c ~ c ~ ~ L s  t l , ~  rellcive \ ~ I a t i l ~ t l e %  h:la;cn 11rodu.l~ :tt#d 
rr.Ju;.., clle numbvr df !ray* r:duirel fur 2 gren  up;ranl,n is ddd~llnn lu lnbprovnng 
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' ,  

rate C,'s and C,'s. The two-tower design permits the use of side feeds to the 
isostripper column should it be necessary to charge makeup isobutane of low put'- 
ty. This design alsa permits the production of lower-vapor-pressure alkylate and a 
high-purity sidecut nC, for isomerizing or blending and the ability to make a clean 
split of side products. 
The two-tower design permits considerable expanded capacity at low incremental 
cost by the addition of feed preheat and side reboiling. 

~ ~ 

separation between cuts. . This system has considerably greater flexibility. It is ~as i ly  convertible to a buty- 
lene-only operation because the depropanizer may be used as a feed splitter m sepa- 

. ,\ikylr<c J.IIIIC t " i l C d : )  Ullh Jc.TL':I$II.? l C Z i l l U I I  l('lllpe<.tU<C h r , n i :  < J J ~ C ,  

nerthcr. clle unit m ~ y  b., n l ~ c r ~ t c J  at .n\\rr rc;r.clc ra!lo< fur .I glren pr. Juct 
n:rlnu. bec~d \ r  inr i~ob.~!dnr-r~.,.le rirtl.> 1% Kwd h\ Ihc nruJurt rr..alrc'mrul aud . . 
not bythe fractionation requirem;nts. The commensurate reduction idutilities low- 
ers operating costs. 

1 

-~~ ~ ~ 

reboiler system is suitable even for withdrawing a sidecut. Using a steam reboiler 
can be a considerable advantage when refinery utility balances so indicate, and it 
also represents considerable investment-cost savings. 

1 ,  
, ::! 

. . " . The two-tower system alsa requires less overhead condenser surface, which lowers 
the investment required for heat exchange. . Clean isobutane is available for flush, whereas only alkylate flush is available in the 
single-column operation. Thls clean-isobutane stream is also available to be taken 
to staraee and is a time-saver durinr start-uos and shutdowns. - 
Although fewer pieces of equipment are required with the single tower, the large 
number of trays and the high-pressure design necessitate the use of more tons of 
material and result in a somewhat higher overall cost than does the two-tower system. . The regenerator column contains no expensive overhead system, and the internal 
HF-regeneration techntque results m improved acid consumption. . Because a high temperature differentral can be taken on most cooling water, caol- 
ing-water requirements for the two-tower system are only about two-thirds those of 
the single-tower system. 

COMMERCIAL INFORMATION 

Typical commercial yields and product properties for charging various olefin feed- 
stocks to an W Alkylation unit are shown in Tables 1.4.2 and 1.4.3. Table 1.4.4 con- 
tains the detailed breakdown of the investment and production casts for a pumped, set- 
tled acid-alkylation unit based on a typical C, olefin feedstock. 

ENVIRONMENTAL CONSIDERATIONS 

The purpose of operating an HF Alkylation unit is to obtein a high-octane motor fuel 
blending component by reacting isobutsne with olefins in the presence of HF acid. In 
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TABLE 1.4.2 HF Alkylation Yields 

c,-ca 1.28 1.78 
Mired C, 1.15 1.77 

TABLE 1.4.3 HP Alkylatian Product Prope~tititi 

Propylene- 
Property butylene feed Burylcne feed 

Specific gravity 0.693 0.697 
Distillation temperature, 'C (DF): 

IBP 41 (105) 41 (105) 
10% 71 (160) 76(169) 
30% 93 12001 100 12121 

. . 
Octanes: 

RONC 93.3 95.5 
MONC 91.7 93.5 

No?,: IBP = initid boiling pohi: EF = endpoint: RONC = rerearch 
ocUnc numbsr. char; MONC = malor oclsne oumbri. drrr. 

TABLE 1.4.4 Investment and Production Cost Summary* 

operating cost $/scream day $MT ulkylate $hbl slkylste 

Labor 1,587 0.016 0.176 
Utilities 6,609 0.066 0.734 
Chemical consumption, laborarory 
allowance, maintenance, taxes 
and insurance 5,639 0.056 0.627 

Total direct operating costs 13,835 0.138 1.537 

8.. 
Invcsmenr, estimated erected cost (EEC), third quarter 1995 $25,600,000 

*Basis: 348,120 MTA (9000BPSD) C, + allylate 
Note: MT = marlc tons; MTA = metic vlnr per m u m ;  BPSD = b-ls prr slrsam day. 

the UOP HF Alkylation process, engineering and design standards have been devel- 
oped and improved over many years to obtain a process that operates efficiently and 
economically. This continual process development constitutes the major reason for the 
excellent product qualities, low acid-catalys<consumptian, and minimal waste produc- 
tion obtained by the UOP HF Alkylation pmcesr. 

As in every process, certain minor process inefficiencies, times of misaperation, 
and neriods of unit uosets occur. Durine these timer. certain undesirable materials can 
be dkchilrged from &e unit. These macrials can be pollutants if steps are not taken in 
the process-waste-management and product-treating areas to render these offensive 
materials harmless. 
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In a properly operated HF Alkylatian unit, the amount of wastes, offensive muteri- 
alr, or uid&irableby-products is minimal, and with proper care, these small quantities 
can be managed safely and adequately. The potentially offensive nature of the wastes 

in this process as well us the inherent hazards of HF acid has resulted in the 
development of waste-management and safety procedures that are unique to the UOP 
HF Alkvlation orocess. Tbe followine sections briefly describe these procedures and -~ - 
haw the wastes are safely handled to prevent environmental contamination. The refin- 
er must evaluate and comply with any pertinent waste-management regulations. An 
overall view of the waate-management concept is depicted in Fig. 1.4.5. 

Effluent Neutralization 

In {I.,, ~ l k ~ l , ~ c ~ , ~ n  u~ut 's  efilt~.nt-trd,,t~r#g \ y 4 ~ n b ,  an) n?t.fr.%l17cd IIF ~ : # d  mu4 d>el . -  
tu-ll) leilrc ihr. r)bcerl# dn dlkalt 3 1 ~ 1 . 1 1  flu lrlJ1. HLC.IIIC .>fitl  ; x~ rcn \~ I )  I O U  . O I L -  
Ihcltn ~n \$dtcr. CaF. .. thc d.vred end oruduct Tnr r f f l~cnt  , ~ t # n # , l l # > i '  III'.l.:.d iln 
~ ~ ' 
be t;eated with a lime ICaO-Ca(OH).I solution or slurry, ar it can be neutralized indi- 
rectly in a KOH system to produce t G  desired C ~ F ~  product. 

The KOH neutralization system currently used in a UOP-designed unit involves a 
two-stage process. As HF  acid is neutralized by aqueous KOH, soluble potassium 
fluoride (KF) is produced, and the KOH is gradually depleted. Periodically, some of 
the Ki-containing neutralizing solution is withdrawn to the KOH regenerator. In this 
vessel, KF reacts with a lime slurry to produce insoluble CaF, and thereby regenerates 
Ki to KOH. The regenerated KOH is then returned to the system, and the solid CUF, 
is routed to the neutralizing basin. 

Waste Disposal 

Effluent Gases. The HF Alkylation unit uses two separate gas vent lines to maintain 
the seoaratian of acidic eases from nonacidic eases until the acidic gases can be 
scrubded free of acid. - 

Acidic Hydrocarbon Goses. Acidic hydrocarbon gases originate from sections of 
the unit where HF acid is present. There gases may evolve during a unit upset, during 
a shutdown, or during a maintenance period in which these acidic gases are partially 
or totally removed from the process vessels or equipment. The gases from the acid 
vents and from the acid pressure-relief valves are piped to a separate closed relief sys- 
tem for the neutralization of the acid contained in the gas. The acid-free gases are then 
routed from this acid-scrubbing section to the refinery nonacid flare system, where 
they are disposed of properly by burning. 

The acidic gases are scrubbed in the acid neutralization and caustic regeneration 
rvrtem as shown Fie. 1.4.6. This svstem consists of the relief-eas scrubber. KOH-mix . , - ~ ~ ~ ~ ~  ~~ ~~~~ u - 
tank. liouid-knockout drum. neutralization drum, circulatine pumps, and a KOH- . . - .  . 
regeneration tank. 

Acidic gases, which were either vented or released, first flow to a liquid-knockout 
drum to remove any entrained liquid. The liquid from this drum is pumped to the neu- 
tralization drum. The acidic gases from the liquid-knockout drum then pars from the 
drum to the scrubbing section of the relief-gas scrubber, where countercurrent contact 
with a KOH solution removes the HF acid. After neutralization of the HF  acid, the 
nvn?r#d#c @,c< &re ~ . Ie .~ i ed  l n t ~  llle r r f tn~r)  fl.lrt, ,)(!em 

r h c  KO11 u,e,i tor in: .lc~Jlc-gn, n<utr~l873l~on I* rc;irct.lac,d I)) rhr ar.tlla~ion 
pump,. Tla KO11 r~ l~c to t a  19 pump;J lo inc t.>p of [he. icrullhcr ml L u ,  downnard 
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FIGURE 1.4.5 UOP HF awlation process waste management. 

lo :ontnul the r i s i o l  a i t d l c - g ~ \  rlrrl!n anJ [hen o\cmdar 2 I.qul1-*cil pal. lo rhc 
roervolr *e.~l.n oi !he r.rubbr.r In addltiun. 3 rllp,lr:alcl of rh: a r c u l d t i u ~  K O H  .'on- 
rrrv. rhc. :a:~d~c r a %  iu,t orlor rl, i r i  rucrv to chs rcruhhdr 'Cl,< :$r:ulrting K O H  ..... .... ...- ~~ -~~~ ,~ ~ 

removes HF through the fal lowing reaction: 

.Manlillaltn@ i h ~  ~ ~ ~ : t ~ l . ~ t l n g  ; ~ , I I :  pH znd clle corrc~c percent ,r  K O l l  2nd KI. 
rsqu,ce; n .~,I,.II, 10 rc&cncr~tc IIIL c r u j t ~ r .  Tnl< rr.gcn:r$uon of ih,. K O H  . o l u l i ~ n  is  
p c r f ~ r n > ~ J  or, a n~ltch bxtr  ,n 4 \c,,cI <cplrr~c ir,m t h ~ .  rc l i : f -c~.  i:rubb.,r. 11, Ih#% 
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regeneration tank, lime and the spent KOH solution are rhomughly mixed. The regen- 
erated caustic solution is pumped back to the scrubber. The CaF, and any ""reacted 
lime are permitted to settle out and are then directed to the neutralization pit. The 
regeneration of the spent KOH solution follows the Berthollet rule, by which the 
insolubility of CaF, in water permits the complete regeneration of the potassium 
hydroxide according to the following equation: 

2 KF + Cn(OH), -t 2 KOH + CUF, (1.4.20) 

Nonacidic Hydrocarbon Goses. Nonacidic gases originate from sections of the 
unit in which HF acid is not oresent. These nonvcidic eases from orocess vene and 
relief valves are discharged into the refinery nonacid flare system, ;here they are dis- 
posed of by burning. The material that is vented or released to the flare is mainly 
hydrocarbk in natuie. Possibly, small quantities of inen gmes are also included 

O b ~ o r ~ u r ,  l a  I,. < d,rd Odd,, ' T ~ L  , nl! >r?> 1r.m .~ l t~ : l#  !l>e\c p ~ccc~c~~~l l !  o h j e ~ -  
l . o ~ > ~ h l r .  lunlrs  .uolJ rllgltrYle I* I ~ C  UIIII'~ I I C L U ~ ~ I L . ~ L ~  b.l(ln\ '1.1 PIC\PIII ~ h :  41%- 

chhrrr. of i h r , ~  i ,J~uas ~ . . ~ ~ c *  cc, thr. s~8rroundtnrr tln ncurrdlrln: b.lr81.r orc t!cntl\ ~- " - .  
covered and equipped with a gas scrubber to remove any offensive odors. The gas 
scrubber uses either water or activated charcoal as the scrubbing agent. However, in 
the aforementioned neutralizing system, odors from the basin are essentially nonexis- 
tent because the main source of these odors (acid-regenerator bottoms) is handled in 
separate closed vessels. 

Liquid Wastes. The HF  Alkylation unit is equipped with two separate sewer systems 
to ensure the repreeation of the nonacid from the oossiblv acid-containine water - - - 
streams. 

Acidic Waters. Any potential HF-containing water streams (rainwater runoff in 

I [he a c ~ d  ~ r r a  1111 U U \ ~  PJ I~T , .  Ihe:,\y hyJrd:drbon~. 4111 porrtl>ly qpcnl nd~#tr,l.nnp 
~nrd l ;  drr d8recccJ chr.u&L lhc s.8d rr.u;r $y*lem lo ll8e incutrril~tng blsln\ ror ihc 
ncucrr l~~nton oian,  a;ldlc m l c r l a l  111 rhc hd.ms.  lrm: I< u . : J  (4 r J ( I I C < l  [h? ,C( .UI<~-  ~ ~ 

ing soluble fluorides to CapT 
The neutralizing basins consist of two separate chambers (Fig. 1.4.7). One chamber 

is filled while the other drains. In this parallel neutralizing-basin design, one basin has 
the inlet line open and the outlet line closed. As only a few surface drains are directed 
to the neutralizing basins, inlet flow normally is small, or nonexistent, except when 
acid equipment is being drained. The operator regularly checks the pH and, if necer- 
sary, mires the lime slurry in the bottom of the basin. 

After the first basin is full, the inlet line is closed, and the inlet to the second basin 
is opened: then lime is added to the second basin. The first basin is then mined and 

!; cheeked with pH paper after a period of agitation; if it is acidic, more lime is added 
from lime storage until the basin is again basic. A f t a  settling, the effluent from the 

//,, first basin is drained. 
Nonocidic Wafers. The nonacid sewers are directed to the refinery wastewater 

I disposal system or to the API separators. 
Liquid Process Wasfes (Hydrocarbon and Acid). Hydrocarbon and acid wastes 

originate from some minor undesirable process side reactions and from any feed cant- 
aminants that are introduced to the unit. Undesirable by-products formed in this man- 
ner are ultimately rejected from the alkylation unit in the acid-regeneration column as 
a battoms stream. 

The regeneratian-column bottoms stream consists mainly of two types of mixtures. 
One is an acid-water phase that is produced when water enters the unit with the feed 
streams. The other mixture is a small amount of polymeric material that is formed dur- 
ing certain undesirable process side reactions. Figure 1.4.8 represents the HF  acid- 
regeneration circuit. 
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\ k i d  Sewer from 
ReaetorSoct?~" 

FIGURE 1.4.7 Neumlizing basin 

CBM = Constant Boiling Mixture 
KOH = Potasslum Hydroitlde 

FIGURE 14.8 HP acid regensration circuit 
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The first step in the disposal of thkse materials is Wdirect the regenerator bottoms 
to the polymer surge drum, where the two mixtures separate. The acid and water min- 
ture form an azeatrope, or constant boiling mixture (CBM), which is directed to the 
neutralizing drum (Fig. 1.4.8) for neutralization of the HF acid. The acid in this CBM 
ultimately ends up as insoluble CaF2 (as described previously). The polymer that 
remains in the polymer surge drum is then transferred to the tar neutralizer, where the 
free HF acid is removed. The polymer can then be disposed of by burning. However, 
by the mid-1980s. technology and special operating techniques such as internal acid 
regeneration had virtually eliminated this liquid-waste amam. 

Solid Wastes 

i Neutrolizorion-Basin Solids. The neutralization-basin solids consist largely of 
CaF, and unreacted lime. As indicated previously, all HF-containing liquids that are 

1 directed to the neutralizing basins ultimately have any contained soluble fluorides 
I converted to insoluble CaF,. The disposal of this solid material is done on a batch 

~l basis. A vacuum truck is normally used to remove the fluoride-lime sludge from the 
pit. This sludge bus traditionally been disposed of in a landfill. 

Another potential route for sludge disposal is to direct it to a steel-manufacturing 
company, where the CaF, can be used as a neutral flux to lower the slag-melting tem- 

' ! perature and to improve slag fluidity. The CaF, may possibly be routed back ta an HF- 
acid manufacturer, as the basic step in the HF-manufacturing process is the reaction of 
sulfuric acid with fluorspar (CaF,) to produce hydrogen fluoride and calcium sulfate. 

Product-Treating Waste Solids. The product-treating waste solids originate when 
I 8  
I LPG products are defluorinated over activated alumina. Over time, the alumina loses 

1 the ability to defluorinate the LPG product streams. At this time, the alumina is con- 

11 \ sidered spent, and it is then replaced with fresh alumina. Spent alumina must be dis- 

k posed of in accordance with applicable regulations or sent to the alumina vendor for 
< ,  re"""e." . -- . - . , 

Afziccll~nr ,ur IVurr~.  Solcdi I'oro~r mrt:nnl ;uch d, siplug -lolllr,  unod pipe 
co\crlng<, and p > r h # # . ~ ~  ii,a! ir. ruipr;rrJ a! comini lnfo conni~cr ~ 8 t h  HI. i.'M rrc 
plrcrJ in rpccnnll) provided Jlryor?l can. f,,r rclt,avul 3nJ p:ri~dlcnil) burned 
Ihere wave5 m y  Lng,lmre durtnp normal urwt operdim or d~.r!!~p 1 m3lnlmdncr 
perlna. W.ud swglnp and othrr u w  ui uood in  ih: ir:a ,re kept  to i mln!slul.t. Mcldl 
<t,,gtng n ~ . "  he ncutrl1irc.J b:~ore Ileml~, nm21cJ fmm mr &id ir..:,. 

MITIGATING HF RELEASES-THE TEXACO-UOP 
ALKAD PROCESS 

Growing environmental and public safety concerns since the mid-1980s have height- 
ened awareness of hazards associated with many industrial chemicals, including HF 
acid. Refiners responded to there concerns with the installation of mitigation systems 
designed to minimize the consequences of accidental releaser. Teraco and UOP devel- 
oped the Alkad* technology' to assist in reducing the potential hazards of HF acid and 
to work in conjunction with other mitigation technology. 

HF Acid Concerns and Mitigation 

Although HF alkylylation was clearly the market leader in motor fuel alkylation by the 
mid-1980s. growing concerns about public safety and the environment caused HF pro- 
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ducers and users to reassess how HF acid was handled and how to respond to acciden- 
tal releases. In 1986, Amoco and the Lawrence Livermore National Laboratory con- 
ducted atmospheric HF release tests at the Department of Energy Liquefied Gaseous 
Fuels Facility in Nevada. These tests revealed that HF acid could form a cold, dense 
aerosol cloud that did not rapidly dissipate and remained denser than a i r  In 1988, 
another set of tests, the Hawk tests, was conducted to determine the effect of water 
sprays an an HF aerosol cloud. These tests indicated that a water-to-HF ratio of 4011 
by volume would reduce the airborne HF  acid by about 90 percent.> As a result of 
these investigations, many refiners have installed, or are planning to install, water- 
spray systems in their HF alkylation units to respond to accidental releases. 

Other mitigation technology installed by refiners includes acid-inventory reduc- 
tion. HF-detection svstems. isolation valves. and raoid acid transfer svstems. These 
mitigation systems &n be described as external, defknsive response systems because 
they depend on an external reaction (for example, spraying water) to a detected leak. 

Tenaco and UOP chose to develop a system that would respond prior to leak detec- 
tion. Such a system could be described as an internal, passive response system 
because it is immediately effective should a leak occur. In 1991, Tenaco and UOP 
began to work together to develop an additive system to reduce the risk associated 
with the HF alkylation process. The objective was to develop an additive that would 
immediately suppress the HF aerosol in the event of u leak but would not otherwise 
interfere with the normal performance of the HF  unit. 

Aerosol Reduction 

Texaco screened a large numbw of additive materials far aerosol-reduction capability 
in its R&D facilities in Port Arthur, Texas. The most-promising materials that signifi- 
cantly reduced aerosol and maintained adequate alkylation activity were tested in a 
lase-scale release chamber in Oklahoma." ~~ ~ ~~~~ ~ 

Release tests with additive demonstrated the potential reduction of airborne HF 
acid at various additive concentrations. This reduction was determined on the basis of 
the weight of material collected relative to the weight of material released. The 
aerosol reduction achieved is described in Pig. 1.4.9. As shown, reductions of airborne 
HF acid of up to 80 percent may be possible, depending on the additive concentration 
level at which a refiner is able to operate. Employing the Alkad technology in eon- 

-- 0 
0 2 4 6 8 

Additiveconcentration, mol-% 

FIGURE 1.4.9 Aerosol reduction resulll. 
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junction with water sprays may result in more thaw95 percent reduction of the air- 
borne HF  acid. 

Process Development 

Texaco and UOP conducted a trial with the mast-interesting additive material in the 
older of two alkvlation units at the Tenaco refinerv in El Dorado. Kansas. in 1992. 
During the tiial,.the alkylation unit operated well, i i t h  no change; as a result of the 
presence of additive in the acid. Following this successful trial, UOP designed facili- 
ties to recover the acid-additive complex from the acid regenerator bottoms stream 
and recycle this material back to the reactor section. The recovery system combines a 
stripping tower and gravity separators as shown in Fig. 1.4.10. 

After cooling, the regenerator battoms material flows to a separator, where a crude 
seoaration between oolvmer and the acid-additive comolex mav occur. Se~ara t ed  . . 
polymer is sent to neutralization, and Ule acid-additive complex enters a stripping col- 
umn, where acid and water are removed with superheated light hydrocarbon. Column 
overhead material is completely condensed and recycled to the reactor section or used 
for retlul; Rnuonlr inarer8,l mi ru,l:J ~ n d  *en! lo snnlltrr <elardl,>r, ull;rl. th., pol). 
mcr and s ~ # j - ~ d J # t ~ \ r  c ,mpleh Icp~rrrc  8nrtl dl<llo;l l~!cr. 'The pol)#ner ir rent 14 

n ~ u t r ~ l i , ~ t l o n ,  mJ chi r.iJ-;JJtci\r cnmplrr 15  rc:y:lr.d 1.2 chc rcicwr ic;tll>s 

Commercial Experience 

After construction of the modular additive-recovery section was completed, Texaco 
bcgm ~pc,rimng lltc ~ \ l k l J  i~c l ln~ lugu  in Scpcsn~br.~ 1994 Tur. tnlnlc.Ji;tr .ih*crvrti ,n 
e l e n  !he ;ldd#!#vc bas lnlroduced s i r  ,n tn:ren\e i n  pmdtlct ml.me 3rd 3 rcdurc,dn in 
~ I k v l ~ v  cndnl ~nc K r r ~ a r r h  OCIIIIL h ~ .  hcen 1.5 dr nhr .  nurnhcrl lhchcr chir" ihc " 
baseline operation (Fig. 1.4.11). A comparison of operations with and without additive 
is shown in Table 1.4.5, which bre&s dawn two akylate samples from equivalent 

Additive 
Strinnrr Rereivpr 

ic, Recycle 
Addillve 
Stripper 

Rerun Return to 
Reactor Section 

Acid-Additive 
Bottoms to Reactor Section 

Polymer 
to NeutralIration 

FlGURE 1.4.10 HF additive recovcry pmcers. 
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Days 

FIGURE 1.4.11 Aikylnte octane. 

TABLE 1.4.5 AlkylrleComporilion Cornparisan 

No additive With additive 

Alkylatc RONC (mersurcd) 90.8 92.2 
comoosition. LV 8: 

- 8  

C9+ 17.49 16.28 
Cnlculated C, + RONC 81.6 89.5 
Dimefhylbufsne/methylpe~tfff 1.7 2.5 
Dimethvl~entanelmethvlhei(i(i(e 51.0 77.1 

operating conditions. An analysis of the alkylate components has shown that the 
increased actane is partially due to a significantly higher octane in the C,+ material. 
Increased paraffin branching in the C, and lighter fraction is also a contributor to the 
actane boost. As shown in Fig. 1.4.12, initial data indicated that the alkylate 90 per- 
cent distillation point had decreased 14 to 19°C (25 to 35'n and the endpoint had 
dropped 17 to 22'C (30 to 40°F). As gasoline regulations change, this distillation 
improvement may allow refiners to blend in more material from other sources and $611 
meet regulatory requirements in their areas and effectively increase gasoline pool vol- 
ume. Texaco installed this additive-recovery system for approximately $7 million U.S. 

As of 1995, the Alkad technology is the only HF-acid modifier that has been used 
as a passive mitigation system. The Alkad process significantly reduces the hazards 
associated with an kcidental release of HF-acid and minimizes the refiner's funher 
investment in motor fuel alkylation technology. 
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CHAPTER 1.5 
LINEAR ALKYLBENZENE (LAB) 

MANUFACTURE 

Peter R. Pujado 
UOP 

Des Ploines, Illinois 

INTRODUCTION 

The detergent industry originated in the late 1940s with the advent of sodium alkyl- 
benzene sulfonates, which had detergency characteristics far superior to those of nat- 
ural soaps. Natural soaps are sodium salts of fatty acids obtained by the alkaline 
saponification of naturally occurring triglycerides from either vegetal or animal 
sources. The early alkylbenzene sulfonates (ABSs) were essentially sodium d6decyl- 
benzene sulfanates (DDBSs). also known as branched vlkvlbenzene sulfonatetes (BASsl ~ ~ . . 
obtained by the kiedel-Crafts alkylation of benzene with propylene tetramer, a mir- 
ture of branched C,, olefins. Dodecylbenzenes (DDBs) are then sulfonated with oleum 
or sulfur trioxide (SO,) and neutralized with sodium hydroxide or soda ash. 

Because of their lower cost and high effectiveness in a wide range of detergent for- 
mulationr, DDBS rapidly displaced natural soaps in household laundry and dishwash- 
ins  aoolications. However. althoueh excellent from a oerformance viewooint. BAS " .. 
exhibited slow rates of biadegradation in the environient and, in the 'rly 1960s. 
started to be replaced by linear alkylbenzene sulfonate (LAS or LABS). The linear 
alkyl chains found in LAS biodegrade at rates that are comparable to those observed 
in the biodegradation of natural soaps and other natural and semisynthetic detergent 
products. 

The use of DDBS has never been formally banned in the United States, but by the 
late 19608, its use had been largely phased out in the United States, Japan, and in seu- 
erd European countries. By the late 19708, the use of LAS had become more general- 
ized, and new facilities were added in developing countries around the wodd. In the 
mid-1990s. LAS accounts for virtually the entire worldwide production of alkylben- 
zene sulfanates. The demand for linear alkylbenzene (LAB) increased from about 1.0 
million metric tons per year (MTA) in 1980 tb about 1.7 million in 1990. The LAB 
production capacity, which exceeded 2.0 million MTA in 1992, is expected to grow to 
about 2.7 million by the year 2000. 
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TECHNOLOGY BACKGROUND 
. . 

Various routes were developed and used in the production of LAB. The first hurdle to 
be overcome was the recovery, typically fmm kerosene or gar oil fractions, of linear 
paraffins (n-paraffins) in the C,, to C,, range. Initial recovery attempts were based on 
the use of urea adducts. which were soon reolaced bv adsomtive seoaration and recov- ~~~ ~~~ ~~ . 
cry techniques, either in the vapor or the liquid phase. These techniques used a variety 
of adsorbents and desorbents. Adsorptive separation techniques based on the molecu- 
lar sieve action of 5-A zeolites have dominated this industry since the mid-1960s. 
Typical commercial process technologies for this separation include the UOP* 

i Malex' process in the liquid phase with a hydrocarbon desorbent thal makes use of 
UOP's Sorbex* simulated moving-bed technology; the UOP IsoSiv* process (farmer- 1 ly Union Carbide's), which operates in the vapor phase also with a hydrocarbon desor- 
bent; Ennon's Ensorb process, which is also in the vapor phase but has an ammonia 
desorbent; or a similar technology developed in the former German Democratic 
Republic (East Germany) and knawnas the GDR Parex process, which also operates 
in the vapor phase with ammonia desorbent. The GDR Paren process is 1101 to be con- 
fused with UOP's Parex* process for the selective recovery of high-purity p-rylene 
from aromatic streams using the Sorben simulated moving-bed technology. 

Once the linear paraffins have been recovered at sufficient purity, typically in 
excess of about 98 percent, they have to be alkylated with benzene to produce LAB. 
To date, attempts to alkylate n-paraffins with benzene directly have failed, thus neces- 
sitating the activation of the n-paraffins to a more-reactive intermediate before the 
alkylation with benzene can take place. 

The following routes for the production of LAB emerged during the 1960s: 

1nc.l . Chlorination of n-paraffins followed by dehydrochlarination and alkylation of the 
resulting olefins with benzene typically using hydrofluoric (HF) acid as catalyst. 
Shell's CDC process (for chlorinationldehydrochl~tion) is an example of such a 
process. l h i s  type of technology was still used commercially unril the mid-1980s 
by, among others, Hulr AG in Germany. - Alkylation of linear olefins with benzene also using an HF catalyst. The olefins are 
usually either linear alpha-olefins (LAOS) from wan cracking (now discontinued), 
alpha-olefins from ethylene oligomerization, or linear internal olefins (LIOs) from 
olefin disproportionation. Various companies, such as Albemarle (formerly Ethyl), 
Chevron (formerly Gulf), and Shell, offer technologies for the oligomerization of 

i ethylene to LAO; Shell also produces linear internal olefins by disproportionation 
! '  in their Shell Higher Olefins process (SHOP). - Dehydrogenation of linear paraffins to a fairly dilute mixture of LIO in unconverted 

n-paraffins, followed by the alkylation af the olefins with benzene also using HF 
acid catalyst but without the separation and concentration of the LIO. UOP'r 
Pacol* process for the catalytic dehydrogenation of n-paraffins and UOP's HF 
Detergent Alkylate* process far the alkylation of the LIO with benzene are prime 
examples of this approach. A similar approach is also practiced by Huntsman Corp. 
(formerly Mon~anto's).~.' 
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During the early days of LAB production, paraffin chlorination followed by alkylation 
over AICI, gained same prominence. However, since the late 19608, the dehydrogena- 
tion and HF alkylation route has been the most prominent because of its economic 
advantages and higher-quality product. Although LAO and LIO obtained from sources 
other than dehydrogenation can equally be used, n-paraffin dehydrogenation routes 
have usually prevailed because of the lower cost of the starring kerosene fractions. 
Table 1.5.1 shows an approximate 1992 distribution of world LAB production 
employing these technologies. The dehydrogenation followed by alkylation route 
accounts for 74 percent of world LAB production. The Detal* process, which replaces 
HF with a solid heterogenoua acid catalyst, was introduced in 1995. The various 
routes for the production of LAB are illustrated schematically on Fig. 1.5.1. 

COMMERCIAL EXPERIENCE 

The first commercial operations of UOP's dehydrogenation and alkylation technolo- 
gies were in Japan and Spain at the end of 1968. Almost all the uniu built since then 
throughout the world employ UOP technology. Over the years, UOP has continued 

.Trademah andlor rsrvicc mark of UOP. 

TABLE 1.5.1 1992 WorldLAB Production by 
Technology Route 

Techndogy route 

Praducfion 

Thousand MTA % 

Note: MTA = mcuis Cons P C  annum 

OleBns lrom 
Dehydmsenatlan of 

n-Parafllns 

Olefins from 
Deh drochlorlnation of 

ehloroparal~m 

ole fin^ fmm WaxCraeklna 

Chloroparalflns / 
Pure Olellns 

FIGURE 1.5.1 Routes to LAB. 
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research and development and has introduced numerouS improvements that resulted in 
improved economics of LAB manufacture as well as consistently improved product 
quality. More than 30 LAB units now operate around the world with this process tech- 
nology. 

The new Detal process was developed jointly by UOP and PETRESA, a wholly 
owned subsidiary of CBPSA in Spain. The process uses a fixed bed of acidic, noncar- 
rosive eatalvst to rmlace the liouid HF acid used in the present UOP HF Deterpent 
Alkylate process. ' 

- 
The catalyst of choice for LAB production has been HF acid since the first Pacol 

unit came on-stream in 1968. Its high efficiency, superior product, and ease of use rel- 
ative to the older AlCI, catalyst are the reasons for this success. However, in both the 
HF- and the AIC1,-catalyzed processes, the handling of corrosive catalysts has had 
imolications in terms of the increased caoital cast of the olant as well as in the disoos- 
a1 bf the small quantities of neutralizatibn products gederated in the process. ~ & c e ,  
the advantages of a heterogeneous catalyst in this application have long been recog- 
"i..@rl ... -"- 

Ar.>m41#r ulhylal~ou I N ? ~  hecn Jca~our!r~t<d o\r,r 11.11.) r : ~ J ~ .  i0lJ1. , U T I I  a( .lay 
mlneril,, rrol!lr.\. ~llrlal nx~J.,, "ttd ;~llfi.lcr Alcl,ough mu.) of rhcrc. selnl) ,la arc 
hiehl, a:rlvc. lh', are u t ~ ~ l l v  1;t;Ltr~e in  r~ler!!\ln or %llb~llt( Ill< k,.s 10 3 \UC;C%I- " ,  . . .~ " 
ful solid-bed alkylation process is the development of a catalyst that is active, relec- 
tive, and stable over prolonged periods of operation. Research at PETRESA and UOP 
resulted in the development of a solid catalyst for the alkylation of benzene with linear 
olefins to produce LAB. The resulting Detal process was proven at UOP's pilot plants 
and at PETRESA'r semiworks facility in Spain and is now in commercial operation at 
a new LAB plant near Montreal in Canada. The process produces a consistent-quality 
product that meets all detergent-grade LAB specifications. 

The simplified flow diagrams in Figs. 15.2 and 1.5.3 illusvate the main differ- 
ences between the HF Detergent Alkylate and Detal processes. Figure 1.5.4 shows an 
idlegrated LAB complex that incorporates Pacol, DeFine,' and detergent alkylatioo 
units. The flow scheme for the Pacol and DeFiine units remains unchanged for either 
an HF- or a solid-catalyzed, fined-bed alkylation unit. 
h the HF Detergent Alkylate process, olefin feed from the Pacol-DeFine units is 

combined with makeup and recycle benzene and is cooled prior to mixing with HF 
acid. The reaction section consists of a mixer reactor and an acid settler. A portion of 
the HF acid phase from the settler is sent to the HF acid regenerator, where heavy by- 
products are removed to maintain acid purity. The hydrocarbon phase from the acid 
settler proceeds to the fractionation section, where the remaining HF acid, excess ben- 
zene, ""reacted n-paraffins, heavy allylate, and LAB product are separated by means 
of sequential fractionation columns. The HF acid and benzene are recycled to the 
akylation reactor. The unreacted n-paraffins arc passed through an alumina treater to 
remove combined fluorides and ace-then recycleh back to the dehydrogenation unit. 
The flow diagram in Fig. 1.5.2 shows the BF-acid handling and neutralization section, 
which is required for the safe operation of the plant and is always included within bat- 
t e r ~  limits. This section reoresents a sienificant oortion of the inverlment cost of HE 
aliylation plants. 

In the Detal scheme (Fig. 1.5.3), olefin feed combined with m&eup and recycle 
benzene flows through a fixed-bed reactor, which contains the solid catalyst. The reac- 
tion occurs at mild conditions in the liquid phase. Reactor effluent flows directly to 
the fractionation section, which remains the same as for the HF-acid system except 
that the HF-acid striooer column and the alumina treater are eliminated. Also eliminat- . . 
ed is the entire HF reactor section, including the mixer reactor, acid settler, HF-acid 
regenerator, and associated piping. In addition, all the equipment and special metallur- 
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gy xquired for the safe handling of HF acid, neutralization of waste steams, and dis- 
posal of the neutralization products are not required. 

Because hydrocarbons such as paraffins, oletins, benzene, and alkylbenzenes are 
handled in the Detal process, only carbon steel construction is used. Thus, the Monel 
pans and special pump seals used in HF service are eliminated. 

Research on the Detal catalyst showed that dialefinr and some other impurities, 
mostly aromatics, coming from the Pawl  dehydrogenation unit have a rubrtantial 
impact on the stability of the Detal catalyst as well as on LAB quality. Thus, a DeFine 
process unit must be included to convert all dialefins to monaolefins. Additionally, 
UOP developed technology to remove aromatics from the alkylation feed. Normally, 
these aromatics alkylate with olefins and produce a heavy alkylate by-product in the 
dkylation unit. Thus, aromatics removal has two benefits: increased LAB yield per 
unit of olefins and improved stability of the Detal catalyst. Because the stability of the 
Detal catalyst is improved, the alkylate reaction temperature can be lowered. The 
result is %LAB product with higher linearity. 

As shown in Table 15.2, the benefits of the aromatics removal unit (ARU) are in 
lower raw material consumption and improved product quality. The consumption of n- 
paraffin feed per unit of LAB in weight ratio is reduced from about 0.80 in a HF-acid 
unit to about 0.78, and product LAB linearity increases from 93 to 95 percent. In a 
Detal alkylation unit, the specific "-paraffin consumption decreases from about 0.83 
to around 0.81, also with a similar increase in product linearity. 

PRODUCT QUALITY 
I 

Table 1 .53 compares LAB product properties for the two catalyst systems: HF and 
Detal. The quality of the two products is similar, but aromatics removal results in an 

TABLE 1.5.2 Benefits of Aromatics Removal in the Feed to a 
~ e t a l  ~lkylation unit 

Without ARU With ARU 

Yield, wt LAB per wt paraftin 1.20 1.23 
Linearity, % 92-93 9695 

Note: ARU = aromatics mmoval unit 

TABLE 1.5.3 Camoarison of HF and Detal LAB 

Typical Typical 
BF LAB Defal LAB 

Specitic gravlry 0.86 0.86 
Bromine index <I5 <I5 
Savbolt color 430 130 
water, ppm <too <I00 
Teualios, wf % <LO 4 . 5  
2-phenyl-alkanes, wt % 15-18 >25 
n-alkylbenzene, wf % 93 95 
KLelf color of 5% active 2WO 10-30 
LAS solution 
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LAB product with higher linearity. Both processes achieve low levels of tetralins in 
the LAB. However, the Detal process achieves a lower level (less than 0.5) of tetralins 
compared to the HFpracess. 

The Detal LAB product also produces a lighter colored sulfonate. As shown in 
Table 15.3, the Klett color of a 5 percent active solution of Detal-derived LAS is typi- 
cally lower than that of LAS obtained by using HF. 

The most significant difference between HF and Detal LAB is in the higher 2- 
phenyl-alkane content of the LAB obtained in the Detal process. This higher content 
of 2-phenyl-alkane improves the solubility of the sulfonated LAB. The difference is 
particularly important in liquid formulations, as illustrated in Fig. 1.55, which shows 
the cloud point of the LAS derived from both systems. Over the range of 13 to 25 per- 
cent active solution of sodium LAS, the Detal-derived product exhibits a lower cloud 
point and is much less sensitive to Concentration as compared with the HF-derived 
product. 

ECONOMICS 

A comparative economic analysis was prepared for the production of 80.000 MTA of 
LAB uring either the HF Detergent ~ i k y i a t e  or the Deivl process. The complex war 

. ~~ ,~.-, ...... ......r..... .. ... 
effective production capacity of 240 metric tans (MTI oer stream dav. 

The erected cost f& thecomplex based on fhe ~6 Detergent Alkylate process is 
estimated at $72 million. The same complex using the Detal process has an estimated 
erected cost of $67 million. All design, construction, and labor costs were estimated 
on an open-shop basis for a U.S. Gulf Coast location, and 30 percent off-site 
allowascer were assumed. 

The economic analysis is summarized in Table 1.5.4. The yields represent the-pro- 
duction of LAB with an average molecular weight of 240. These data were obtained in 
a pilot plant and, in the case of the complex involving the HF  route, in commercial 
LAB units. 

-10 1 I 
13 16.5 20 23.5 

Active Ingredient, % 

LlGURE 1.5.5 Solubility cornparisan af HF md Detsl LAS. 
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TABLE 7.5.4 Economic Comparison of HF Detergent Alylrte and Detal Processes in a LAB 
Complex' 

HF Aikylation, Delal, per 
per MT LAB MT LAB 

unit cost, 6 Quantity $ Quantity S 

Raw 

B) " --- 
Catalvafa and che ,~ ~ 

Utilities: 
Power, kwh 0.05 270 14 290 I4 
Steam, MT 7.1 0.02 - 0.02 - 
Cooling water, m' 0.01 87 1 7  - 
Fuel Bred. GI 2.32 15.6 36 18.6 43 

 aho or, maintenance. direct overhead. - - 33 - 28 
and ~upeivision 

~ ~ e r h e r d ,  insurance, property taxes - - 48 - 44 
Cash cost of production - - 548 - 563 

cash now, million 5 (LAB at 58001ton) 20.2 19.0 
 tima ma fed erected cost, million S 72 67 

simple years (on fixed investment) 3.6 3.6 

.Basis: P~oducdon cost for 80,000-MTALAB. 
,vote: MT = rona; MTA = meinc rons per rnnum. 

By-product credits include hydrogen at about 95 ma1 % purity, light ends, heavy 
alkylate, and HF regenerator bottoms. Utility requirements correspond to a typical 
modern design of the UOP LAB complex. The cost of effluent treatment and disposal 
has not beenincluded in this analysis. 

'rhp rornhined investment for the Pacal, . and the hot-oil for the two 
~ 

i3,r.s 1% r~,ell!lull) tllr r.~mr. 'llle ilxed plant itwe~tmrttl 1 r r  inc :llk)l~ci.n .ectun hns 
been rdtaed h) m n c  IS p.rccnt T l ~ e  ihr:tlcr .>f IIF a.td. artd hr.n.'. llhe rhrcn:c 
she :orreto. ILJ,, p, ncutr.1,~ tc~.,n ~ . I : I I I I I C .  ~ C I  i h ~  I C B ~ . ;  ~ i ) ( l e .  15 r~ ,~ l ec l e J  in a I %wcr 
operating cost. 

MARKETS 

The evolution in the demand for LAB differs in the various geographic areas. Since 
the early 1990s, there different growth rates have reflected not only the maturity of the 
most economically developed markets but also the trend toward a healthier economic 
future. Table 1.5.5 summarizer the consumption of LAB in various geographic areas 
for the years 1980, 1985, and 1990. The per capita consumption, in kilograms per 
year, was used to forecast the potential expected LAB demand worldwide. Figure 
1.5.6 reflects the situation in 1991 in these same geographic areas in terms of kilo- 
grams per capita per year. The data in the table and the figure highlight the cansump- 
tion vends in various markets of the world. From these data, scenarios can be estab- 
lished for various parts of the world. 
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TABLE 1.5.5 Historicri Demand far LAB by Geographic Areas 

LAB consumption, lO'MTA 

Western Europe 310 345 380 
Eastern Europc (including Russia) 105 125 180 
Africa 35 50 110 
Middle East 30 50 100 
Far Essr (including China) 190 220 305 
Southeast Asia (including India) 90 LO5 180 
North America 205 250 295 
Latin Amcrics 85 105 140 
Total 1050 I250 1690 

Nola: MTA = msfnc ton8 oer annum. 

ENVIRONMENTAL SAFETY 

Surfactants are present in the environment because they are commonly used in a vari- 
ety of household and industrial applications. The presence of a surfactant in the envi- 
ronment is the result of a combination of factors, such as consumption pattern; 
biodegradability potential, availability of treatment facilities; prevailing physicochem- 
ical conditions, for example, water hardness, temperahre, pH, and chemical reactions 
or interactions. 

Biodegradation is the primary process to reduce the coneeneation of a given prod- 
~ ~ 

LC! I" ihc rnv#ronla.e!ll la tact. 1115 UIC of p13duio Ihkcl iur faccan~~ ,$ rcg~la l rd  tn vm- 
uur .'ountnrr 2,  Icrlr in p ~ n  hdscd on hlodr~r~dal8on i u i o r m a u ~ n .  Such rcgul&ti~n hdr 
llceo (he 11. Eur.oc ,lnir ihr miJ-19bOl. 'Ihl. fsct lnd8carer llml the detereenl 
L O ~ U S V ~  took stem to brotect the cnvlronment well before such tootcs were a ellbal . . - 
concern. Before any real environmental assessment can be made. the first step is to 
conduct the appropriate evaluation of biodegradability and aquatic toxicity using labo- 
ratory-scale models. However, obtaining universal agreement on a definition and 
design of a biodegradation test that will adequately predict all possible real-world 
environments has been difficult. Laboratom testine of biodeeradabilitv is a comolex 
activity because of the difficulty of sampling and isolating environmental situations 
that are the result of many interactions, some of which may still be unlnown. 

After more than 25 years of methodology deve1opme.t. technology improvement. 
anJ prugru,, in mrlylt;rl li..hoiqurr. chu rrnaunt <.idall  il\a#l3blc 01, c\r.r) >;pet, of 
the beha, lor 3rld dlrlppcarlt.ce oi LAS 11. lhe cl.\,lrdnmcnl I, i o  conrluxlvr thrl a5 of 
miJ-l9V2. no oLllrr ?unlnanl recurdles o! I!, onrln,  could be cunsiJcrcd sr n f c  J, " .  
LAS.   hi's conclusion is based the results of different laboratory biodegradation 
tests, summarized in Table 1.5.6, that are used for regulatory purposes. There labora- 
tory tests are fully substantiated with real environmental information as a result of the 
development and validation of a specific analytical method to detect LAS in trace 
quantities.qhir method can be used to monitor LAS in the environment. 

Real-world monitoring, when available, should always prevail over laboratory 
studies, model predictions, ar any other theoretical method of assessment. Real envi- 
ronmental monitoring reflects all possible interactions, many of which cannot be 
reproduced in the laboratory. 
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TABLE 1.5.6 LAS Biodegndrbility Test Results in the Lsborarory 

OECD method Removal ofDOC, % 

Inherent biodegradation 302 A 90 to 97 
302 B >95 

Confirmatory test 303 A 95 to 99 (MBAS) 
Sewage treatment simulation 303 A 96 to 99 (DOC) 

Nut#: OECD =Organization of Economic Commercial Development; 
MBAS = melhylon~ blue active rubrtnncr: DOC = diisolved orgvlii cubon. 

Frequently, environmental safety is determined on the basis of product origin even 
though no analytical technique to monitor the products in different environmental situ- 
ations exists. However, a number of techniques do exist for monitoring LAS, and as a 
result. LAS has a oroven history of environmental safetv. Table 1.5.7 summarizes the 
most &levant LAS environmeGal data based on many &mitorings conducted in sev- 
eral countries over the last sin 

CONCLUSIONS 

LAB continues to be the most cost-effective detergent inlermediate, regardless of raw 
material source. The continuing growth in LAB is spurred by increasing consumption 
in countries outside the Organization of Economic Commercial Development 
(OECD). Worldwide LAB consumption is expected to increase by some 650,000 
MTA over the next 10 years. Increasing trade between various LAB-producing 
regions has led to more-uniform, high-quality requirements for the product in different 
parts of the world. 

Developments in LAB technology have addressed the important issues confr8nting 
the industry in the 1990s: improved yields and economics, product quality, and envi- 
mnrnent:~l and wfcty ior.r~drr,t#o,tr 

'I'nr. uli. df l i rgc volurnr\ of LAS Jrrlvcd irom IAR o\er 111: 11,~ 30 years hac 
rest~lreJ 11. s~tcn,i\c.  ~.n\~runm;urdl ,ludlc, of iha. . ~ r f a a a n t  hv induxr\ dnd con- 
sumer groups. No other surfactant type has undergone such intense scrutiny. This 

TABLE 1.5.7 LAS Enviranmenfal Safety Summary (Full-Scale Scwage 
Tiearmeni Water Monitoring) 

Activated sludge 
Lagoon8 

Types of plants Oxidation ditches 

Number of nlanw monitored >80 in 10countries 
Removal 
Specific biodegradation 
Half-life 

9 9 1  1% 
280% in 3-h residence time 
LtoZh 



scrutiny has resulted in the development of improved methods for LAS detection out- 
side of laboratory situations and model predictions. The use of these techniques in 
real-world monitoring in various countries during the last decade h a  only confirmed 
the long-term viability of LAS from the standpoint of environmental safety. 
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CHAPTER 1.6 
UOP Q-MAX PROCESS 

FOR CUMENE PRODUCTION 

Martin F. Bentham 
UOP 

Des Plnines, Illinois 

DISCUSSION 

The manufacture of cumene (isopropyl benzene) was started in the 1930s as a high- 
~.'ti l lr.  idmp. ncnl f ~ r  ~>,i.ct.n y.lr.lin;. O\,rr the )exr, rhc u,c of rumcnc in  av.al.,n 
p ' o l ~ ~ ~ :  1 1 s  J,.;re  IS^ pro;r.iil~el) t )  tile 1po.1~1 11131 II 1 1 . ~  J ~ > ~ p p e l r ; d  i lc~,g~ch~r .  9) 
chc ~ I , I - I ~ J ~ ~ ! < ,  v#r!~all, 111 c ~ m c n t  nrod~ce.1 u c ~ 1 . i ~  8de m $  : o ~ ~ s u ~ ~ . c J  LUL tht  !u.anufac. 
ture of phenoland nceione. A smaliamount is consumed in the production of alpha- 
methylstyrene (AMS) by catalytic dehydrogenation. However, most AMS is recovered 
as a mlnor by-product of the production of phenol and acetone from cumene. . 

of benzene with propylene in the presence af an aGdic catalvit. . 
Many differeht processes and~catalyst systems have been proposed for the alkyla- 

tion of benzene with propylene. Possible catalyst systems include boron fluoride, alu- 
minum chloride, phosphoric acid, and various silicoaluminates (zeolites). Most current 
manufacturine ooeratians use the UOP* Catalvtic Condensation orocess far cumene u .  . ~ ~~~ 

production. This process uses a solid phosphoric acid catalyst that is made by impreg- 
nating kieselguhr with vhosvhoric acid. 

 gent research has foctsed on developing a new process that produces a higher- 
quality cumene product at lower investment cost. This research effort has resulted in  
the development by UOP of the Q-Man* process, which is based on a new zeolite cat- 
alvst also develooed bv UOP. ~. , ~ 

The main features of the Q-Man process are shown in Fig. 16.1. The propylene 
feed can be an almost-vure volvmer-wade material or can contain sipnificant amounts . .  . 
of prqaue ,  d% O ~ , # C ~ I I ~  fot~nd 10 rel$ner)-crad? propylerm 1 1 ~ ~ ~ ~ : ~ e r ~ p r ~ J u : ; r ~  1prcf:r 
c h i c  th: pr.>pylsor iecd hr c % w n u ~ l l )  frer oicth)l'nc mJ 1hu~)lcoes uh8ch i r  prelcnt 
g#vc, M.: c. t l ~ c ~ r  . n u  c.:,p. ; c v s  2lky13t8011 proJu:c, nItl> oc,ni:nc *nJ m q  n<&dcnely 

.Trademark andlor IFP~~FE mark of UOP. 
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Recycle Benzene d c u m e n e  

affect plant investment or product quality. Benzene feed is typically from an entrac- 
tion unit, where nonaromutics and toluene have been separated to a low level. 

The Q-Max process has two reaction steps. The primary reaction, alkylation of  
benzene with prapylene to form cumene, takes place in the first step. This alkylation 
step occurs in a benzene-rich environment, and propylene conversion is essentially 
100 percent. Any propane ~ o m i n g  in with the propylene feed is unreacted and is 
removed from the alkylation reactor effluent by fractionation. 

In the alkylation step, same of the cumene produced is alkylated with propylene to 
diisopropylbenzene. T h e  Q-Man process incorporates a second reaction step 
(uunsalkylation) to react the diisopropylbenzene with benzene to form additional 
cumene. The transolkylation reactor effluent is conzbined with the depropanized alky- 
l h o n  reactor product and sent to the fractionation section, where recycle benzene, 
diisopropylbenzene for transalkylation, and a small amount o f  heavy aromatics are 
separated from the cumene product. 

YIELD STRUCTURE 

I! less than 5. 
Propane entering the unit with the propylene feed is ""reactive in the process and 

is separated in the fractionation section as a propane product. 

PROCESS ECONOMICS 

U.S. Gulf Coast location. 
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The utility requirements for each unit depend on the project environment for feed, 
product specifications, and utility availabili<y. Cumene inits are often integrated with 
phenol plants when energy use can be optimized by generating low-pressure steam in 
the cumene unit for utilization in the phenol plant. An example of utility consumption 
for such a new unit ~ ro i ec t  is shown below. (Utility consumotion is in runits oer mettic . . . . ~~ ~~~~~~ 

ton of cumene produced.) 

Electric power, kwh 20 
High-pressure steam consumption. MT 1.2 
Low-pmssurc steam production, MT 1.4 
Cooling water. m3 25 

COMMERCIAL EXPERIENCE 

As previously mentioned, the UOP Catalytic Condensation process unit has been used 
for most cumene units built around the world. More than 40 units have been desiened. - 
Capacities of operating units range from 20,000 to more than 600,000 MTA of 
cumene produced. Tatil  plant capacity of operating units is approximately 4.8 million 
MTA of cumene produced. The Q-Man process was introduced in 1992. The fint 
commercial Q-Max unit will s tanup in 1996. 
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CHAPTER 2.1 
AROMATICS COMPLEXES 

John J. Jeanneret 
UOP 

Des Plaines. Iilinois 

INTRODUCTION 

4 "  iror##al lc*  .unlplex ~r a curnb#nar~~,n uf yroccr< unitr tlut :?n he usdd lo cl,n\c,n 
pccrolcum napht1.a and p)rulyilr p r s ~ l ~ u e  ( p ) & ~ < .  ,"to [ la  hst: prtrucllem~c31 inter. 
mncdlalrr. benxnr. tulueuc. md r>lr.ues U I XI. Bcnrcne i .  a vrrsaulc petrurhesbxal 
building block used in the produdion of more than 250 different prod&ts. The most 
important benzene derivatives are ethylbenzene, curnene, and cyclohexane (Fig. 
2.1.1). The xylenes product, also known as mired xylenes, contains four different C, 
aromatic isomers: pan-xylene, orrho-xylene, meto-xylene, and ethylbenzene-Small 

r Ethylbenzene-+ Styrene 
Polystyrene 
SBR Elastomer 

Phenolic Resin 
Capmlaetam 
Bisphenol A 

Acetone Methyl Methactylate 
Methyl lsobutyl Ketone 

Benzene I 
23.5 MM MTA 

Other 

FIGURE 2.1.1 World benzens con%umptiofl, 1994. 
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amounts of mixed xylenes are used for solvent applications, but most xylenes are 
processed further within the complex to produce one or more of the individual iso- 
&en. The most impartant C, aromatic isbmer is porn-xylene, which is used almost 

~ ~~~~ . ~~~~ - .  
becoming increasingly important for the production of xylenes through toluene dirpro- 
portionation and transalkylation with C, aromatics. 

CONFIGURATIONS 

Aromatics complexes can have many different configurations. The simplest complex 
produces only benzene, toluene, and mixed nylenes (Fig. 2.1.3) and consists of the 
following major process units: 

Naphtha hydrotreering for the removal of sulfur and nitrogen contaminants 
Catalytic reforming for the production of aromatics from naphtha . Aromatics extraction for the extraction of BTX 

Most new aromatics complexes are designed to maximize the yield of benzene and 
para-nylene and sometimes onho-xylene. The configuration of a modern, integrated 

Terephthalic Acid Polyester Fiber 
+porn-~yiene 4 DlmethylTerephthalate+ PETResinr 

b o o n l r c - X f l e n e  L Phrhalic Anhydride 4 Alkyd Plartlcirers Resins 

Mixed Xylenes 

+PET Rerinr 

kSolvents 
FIGURE 2.1.2 World xylenss consumption. 1994. 

H* Light Endl 

I 
NHT 

I /  r Rafiinate 
Naphtha 

FIGURE 2.1.3 Slmpls aromaucs complex 
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FIGURE 2.11 lnagrntcd UOP aromatics complex. 

UOP* aromatics complex is shown in Fis. 2.1.4. This complex has been configured 
for maximum yield of benzene and para-nylene and includes the Following UOP 
process technologies: 

. CCR* Plotforming* for the production of aromatics from naphtha at high severity . Sulfolana* for the extraction of benzene and toluene 
Parex* for the recovery of para-xylene by continuous adsorptive separation 

lsomorX for the isomerization of xylenes and the conversion of ethylbenzene 

Taroray for the conversion of toluene and heavy aromatics to xylenes and be&ene 

The Tatoray process is used to produce additional xylenes and benzene by toluene 
disproportionation and transalkylation of toluene plus C., aromatics. The incorporation 
of a Tatorily unit into an aromatics complex can more than double the yield of pora- 
rylene from a given amount of naphtha feedstock. Thus, the Tatoray process is used 
when para-xylene is the p"ncipa1 product. If benzene is the principal product, a ther- 
mal hydrodealkylation (THDA) unit may be substituted for the Tatoray unit in  the 
flaw scheme. The THDA process is used to dealkylate toluene and hav ie r  aromatics 
to benzene only. A few aromatics complexes incorporate both the Tatoray and THDA 
processes to provide maximum flexibility for shifting the product slate between ben- 
zene and para-xylene. Detailed descriptions of each of these processes are in Chaps. 
2.7 and 2.3. - ~~ 

About half of the existing UOP aromatics complexes are configured for the pro- 
duction of both para-xylene and ortho-xylene. Figure 2.1.4 shows an anho-Xylene (o- 
x )  column for recover$ of ortho-nylene by fractionation. If onho-xylene production is 
not required, the o-X column is deleted from the configuration, and all the C, aromatic 
i s m e n  are recycled through the Isomar unit until they are recovered us para-xylene. 
In those comolenes that do oroduce ortho-xvlene. the ratio of ortho.xvlene to oaro- -~~ ~~ ~ ~ 

xylene production is usually in the range of 0.2 to 0.6 

.Tradem&andiorrsivice ma*of UOP. 
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The rnera-xyiene market is currently small but is growing rapidly. In  1995, UOP 
licensed the first M X  Sorbex* unit for the production o f  rnem-nyiene by  continuous 
adsorptive separation. Although similar in concept and operation & the parex process, 
the M X  Sorbon process selectively recovers the melo rather than the pora isomer from 
a swam of  mined xylenes. An M X  Sorbex unit can be used alone, or it can be incor- 
oarated into an aromatics comoier that also oroduces oara-xvlene and ortho-xvlene. . ~. r~ . ~, ~ ~~ ,~~~~ 

An aromatics complex may be configured in many diflerent ways, depending on 
the available feedstocks, the desired products, and the amount o f  investment capital 
available. This range o f  design configurations is illustrated in Fig. 2.15. Each set of  
bars in Fig. 2.1.5 represents a different configuration of  an aromatics complex pro- 
cessing the same full-range blend of  straight-run and hydrocracked naphtha. The con- 
figuration options include whether a Tatoray or THDA unit is included in the com- 
plex, whether C, aromatics are recycled for conversion to benzene or xylenes, and 
what type o f  Isamar catalyst is used. The xyiene-to-benzene ratio can also be manipu- 
lated by prefractionating the naphtha to remove benzene or C,+ aromatic precursors 
(see the section of  this chapter on feedstock considerations). Because o f  this wide 

DESCRIPTION OF THE PROCESS FLOW 

The ptincipal products from the aromatics complex illustrated in Fig. 2.1.4 are ben- 

- - .  
sulfur and nitrogen compounds and then sent to a CCR Platforming unit, where 
paraffins and naphthenes are converted to aromatics. This unit is the only one in the 

fTradsmark mdior senrice mark of UOP 

Maximum Maximum 
Benzene porn-Xylene 

B ~ S :  790KMTA (25 000 BPD) Blend a1 
Straight-Run and ~yhrocracked Naphtha 

FIGURE 2.1.5 Product state flexibiliV. 
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complex that actually creates aromatic rings. The other units in the complex separate 
the various aromatic components into individual products and convert undesired aro- 
matics into additional high-value products. The CCR Piatforming unit is designed to 
run at high severity, 104 to 106 research octane number, clear (RONC), to maximize 
the production of  aromatics. This high-severity operation also extinguishes virtually 
ail nonaromatic impurities in the C,+ fraction o f  the reformate, thus eliminating the 
need for extraction of  the C, and C, aromatics. The reformate product from the CCR 
Piatforming unit is sent to a debutvnizer column within the Platfarming unit to strip 
o f f  the lieht ends. - 

The reformate from the CCR Platforming unit is sent to a reformate splitter col- 
umn. The C ,  fraction from the overhead is sent to the Sulioiane unit for extraction 
o f  benzene and toluene. The C,+ fraction from the bottom o f  the reformate splitter is 
clay-treated and then sent directly to the xylene recovery section o f  the complex. 

The Suifoiane unit extracts the aromatics from the reformate solitter overhead and ~ ~~ ~~~ ~~~~ 

rejects a paraffinic raffinate stream. The aromatic extract is clay-treated to remove 
trace olefins. Then individual high-purity benzene and toluene products are recovered 
in the benzene-toluene (BT) fractionation section o f  the complex. The C,+ material 
from the bottom of  the toluene column is sent to the nylene recovery section o f  the 
complex. The raffinate from the Sulfolane unit may be further refined into paraffinic 
solvents, blended into gasoline, used as feedstock for an ethylene plant, or converted 
into additional benzene by an RZ-LOOs Piatfarming unit. 

Toluene is usuvlly blended with C, aromatics ( A g )  from the overhead of  the A, col- 
umn and charged to a Tatoray unit for the production of  additional xylenes and ben- 
zene. The effluent from the Tatoray unit is sent to a stripper column within the 
Tatoray unit to remove light ends. After the effluent is ciay-treated, it is sent to the BT 
fractionation section, where the benzene product is recovered and the xylenes are h-ac- 
tionated out and sent to the xylene recovery section. Toluene and heavy aromatics 
may also be charged to a THDA unit for the production of  benzene. The effluent from 
the THDA unit is stripped to remove light ends, clay-treated, and sen1 to the BT h c -  
tionation section. The overhead material f m m  the Tatoray stripper or THDA stripper 
c.l.>fnn 1, ,cl,,ralcJ mi" f a <  .nJ l tqu l j  P ~ J J L : ~  ' I  h: U I C ~ I ~ ~ L J  &a\ 1s ekp ,rlr! lo rh: 
1x1 gr, .y,ccm, and rhe ~\~.r l#ead li.tlr#d 85 n ~ r l o ~ l l )  rrc);lcJ l h r c i  10 rhe CCR 
Pl~c~or~n~nn  Jcbtltlll~,cr for recn\.cn ot rc.idu.1 l~ro lcn:  -~~ ~.~~~~~~~ - ~~ ~~-~~ ~~~ ~, 

The C.+ fraction from the bottom of  the reformate rrriitter is clay-treated and then 
charged t; a nyiene splitter column. The xylene splitter is designed io remn the mixed 
nylenes feed to the Parex unit down to very low levels o f  A ,  concentration. The A ,  
builds up in the desorbent circulation loop within the Parex unit, and removing this 
material upstream in the xylene splitter is more efficient. The overhead from the 
ryiene splitter is charged directly to the Parex unit. The bottoms is sent to the A, coi- 
umn, where the A, fraction is rerun and then recycled to the Tatoray or THDA unit. I f  
the comoien has no Tatoray or THDA unit, the An+ material is usually blended into 
ghrolineor fuel oil. 

I f  ortho-xylene is to be produced in the complex, the xylem splitter is designed to 
make a split between mera- and ortho-xylene and drop a targeted amount of  orlko- 
nylene to the bottoms. The xyienc splitter bottoms are then sent to an o-X column 
where hieh-ouritv orrho-xvlene oroduct is recovered overhead. The bottoms from the 
o-X c o l u ~ ' a r e  then sent & the A, column. 

The rylene splitter overhead is sent directly to the Parer: unit, where 99.9 wt % 
pure para-xyiene is recovered by adsorptive separation at 97 wt % recovery per pass. 
Any residual toluene in the Parex feed is extracted along with the para-xyiene, frac- 
tionated out in the finishing column within the Parex unit, and then recycled to the 
Tatorily ar THDA unit. The raffinate from the Parex unit is almost entirely depleted of  

'Tcadsmad mdor service m k  of  UOP 
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para-xylene, to a level of less than I wt %. The raffinate is sent to the Isomar unit, 
where additional paro-xylene is produced by reestablishing an equilibrium distribu- 
tion of xylene isomers. Any ethylbenzene in the Parex raffinate is either converted to 
additional rylenes or dealkylated to benzene, depending on the type of Isomar catalyst 
used. The effluent from the Isomar unit is sent to a deheptanizer column. The bottoms 
from the deheptanizer are clay-treated and recycled back to the xylene splitter. In this 
way, a11 the C, aromatics are continually recycled within the xylene recovery section 
of the complex until they exit the aromatics complex as para-xylene, orlho-xylene, or 
benzene. The overhead from the deheptanizer is solit into aas and liauid oroducts. The . . 
overhead gas is exported to the fuel gas system,and the overhead liquid is normally 
recycled back to the CCR Platforming debutanizer for recovery of residual benzene. 

Within the aromatics complen, numerous opportunities exist to reduce overall utili- 
ty consumption througll heat integration. Because distillation is the major source of 
energy consumption in the complex, the use of cross-reboiling is especially effective. 
This technique involves raisina the oneratine oressure of one distillation column until 
the condensing distillate is hoi enough to s&;e as the heat source for the reboiler of 
another column. In most aromatics complexes, the overhead vapors from the xylene 
splitter are used to reboil the desorbent recovery columns in the Pnren unit. The 
xylene splitter bottoms are often used as a hot-oil belt to reboil either the lsomar 
deheptanizer or the Tatoray stripper column. If desired, the convection section of 
many fired heaters can be used to generate steam. 

FEEDSTOCK CONSIDERATIONS 

!I Any of the follow~ng streams may be used as feedstock to an aromatics complex. 
i 

'i - ' Suaight-run naphtha 
Hydrocracked naphtha - Mixed xylenes 

il Pyrolysis gasoline (pygas) 

1 . Coke-oven light oil 
I . Condensate 

Liquid petroleum gas (LPG) 

Petroleum naphtha is by far the most popular feedstock for aromatics production, 
Reformed naphtha, or refomate, accounts for 70 percent of total world BTX supply. 
The pygas by-product from ethylene plants is the next largest source at 23 percent. 

! '  Coal liquids from coke ovens account for the remaining 7 percent. Pygas and coal liq- 
I uids are important sources of benzene that may be used only for benzene production 

or may be combined with reformate and fed to an integrated aromatics complen. 
Mixed xylenes are also actively traded and can be used to feed a stand-alone Parex- 
Isomar loop or to provide supplemental feedstock for an integrated complex. 

Condensate is a large source of potential feedstock far  aromatics production. 
Although most condensate is currently used as cracker feedstock to produce ethylene, 
condensate will likely play an increasingly important role in aromatics production in 
the future. 

1 Many regtons of the world have a surplus of low-pnced LPG that could be trans- 

I formed tnta aromattcs by usmg the new UOP-BP Cyclar6 process In 1994, UOP 

Trademark ~ndloi s c ~ 8 r s  mark of UOP 
I 
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licensed the first Cyclai unit in S u d i  Arabia. This Cyclac unit will be integrated with 
a downstream aromatics complex to produce para-xylene, ortho-xylene, meto-xylene, 
and benzene. 

Pygas composition varies widely with the type af feedstock being cracked in an 
ethylene plant. Light cracker feeds such as liquefied natural gas (LNG) produce a 
pygas that is rich in benzene but contains almost no C, aromatics. Substantial amounts 
of C, aromatics ure found only in pygas from ethylene plants cracking naphtha and 
heavier feedstocks. All pygas contains significant amounts of sulfur, nitrogen, and 
dienes that must be removed by two-stage hydrotreating before being processed in an 
aromatics complex. 

Because reformate is much richer in xylenes than pygas, mast para-xylene capaci- 
ty is based on reforming petroleum naphtha. Straight-run naphtha is the material that 
is recovered directly from crude oil by simple distillation. Hydrocracked naphtha. 
which is produced in  the refinery by cracking heavier streams in the presence of 

~~~~ ~~~ ~ ~~~~ 

thar must be thoroughly hydrotreated before being sent to the aromatics complex, but 
this pretreatment is not as severe as that required for pygas. The CCR Platforming 
units used in BTX service are run at a high oerane severity, typically 104 to 106 
RONC, to maximize the yield of aromatics and eliminate the nonaromatic impurities 
mn cite C,. i r ~ r l d , .  of the rci. r,, i l e  

h,pl~Lha ir ;I) lril:tcrlrrJ b y  i t r  d ~ r u l l i ~ l ~ c ~ n  ;ur \ c .  The ''cur' ur rhr n ~ p l ~ l b l  
dr.srrlhcr alt~:h c . ~ m n ~ l ~ < n l \  arc ~n:luded ~n thr itldlcr#.~l .%nJ I, J<fin:S h\ th; #~l#l#nl  
boiling point (IBP) and endpoint (EP) of the distillation curve. A typical BTX cut has 
an IBP of 75°C 1165'F) and an EP of 150'C (300"n. However, many aromatics cam- 
plexes tailor the cut of the naphtha to fit their particular processing requirements 

A n  1tlP of 75 I. SO'C ,1115 1 ,  175'15 mdxttl.8rc\ hen7.n~ yrad.nl#nn by l ! l r l~d~ng 
"11 of  tllc prrcurrun chat lorn! brnsen: in rhc isf~rmin: U U ~ C  Isrefrd;t~~~.dltng the 
nrol#lhl Lu as IRF or 100 I.! 1 . 5 C  21( to 220'F nllnlll l8lCI ih: DIJJI ICI I .~  1,f bcn- 
zene by removing the benzene precursors from the naphtha. 

If a UOP Tatoray unit is incorporated into the aromatics complen, C, arcmatics 
become a valuable source of additional xylenes. A heavier naphtha with an EP of 165 
to 170°C (330 to 340°F) maximizes the C, aromatic precursors in the feed to the 
reforming unit and results in a substantially higher yield of nylenes or para-nylenc 
from the complex. Without a UOP Tatoray unit, C, aromatics are a low-value by- 
product from the aromatics complex that must he blended into gasoline or fuel oil. In 
this case, a naphtha EP of 150 to 155'C (300 to 310°F) is optimum because it mini- 
~ntrcq the C ,  ,2r.,mdt,: prcrurwrr rile rri.,m>.ng nunlr tcrd I( ,m.~xcd <ylcuci arc pur- 
chi,:.l 3.; fc:drm;k for ihr : l ro~ua>cr ; u ~ ~ ~ p l e x .  ~hcy  Inus, be \~npp.,d. :lay-irecurd. 
iud r e r m  prmr to hem2 proces<r.d in lllc P l r e ~ - l w m l r  loop 

CASE STUDY 

An overall material balance for a typical aromatics complex is shown in Table 2.1.1 
along with the properties of the naphtha feedstock used to prepare the case. The feed- 
stack is a common straight-run naphtha derived from Arabian Light crude. The eon- 
figuration of the aromatics complex for this case is the s m e  as that shown in Fig. 
2.1.4 except that the o-X column has been omitted from the complex to maximize the 
production of porn-xylene. The naphtha has been cut a t  an endpoint of 165'C (330°F) 
to include all the C, aromatic precursors in the feed to the Platforming unit. 
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TABLE 2.1.1 Overall Material Balance 

Naphtha feedstock propillills 

Spccific gravity 0.7347 
~nirial bailing point, -C ('F) 83 (181) 
Endpoint, 'C CF) 166(331) 
P~r~ffinrinaphlhene~iiiomatics, vol 90 6612311 1 

Overall material balance, kMTA* 

Na~hlha '340 
Prodocf~: 
Benzene 
pa"-xy1ene 
C,o+ ammatics 
Sulfolane raffifmate 
Hydrogen-"eh gas 
LPG 
Light ends 

.MTA = metric tons per annum. 

TABLE 2.1.2 Investment Cost and Utility Consumption 

Estimated erect4 eost. million S U.S. 235 
Utility consumption: 

Electric power. k W  12.000 
High-pressure steam, MTh* W b h )  63 (139) 
Medium pressure steam, M T h  (klblh) 76 (167) 
Cooling water, m3ib (gawmin) 1630 (7180) 
Fuel fired, million kcam (million BtWh) 207 (821) 

.M"h - mr"ir tom pcrhour. 

A *ummhr) of rhc invtitmcoL c o ~ t  2nd u l i l~ ly  c ~ n ~ ~ l n p c l ~ n  far thts . o m p l c ~  
rhown in I i h b  2 . 1 2  lh: ercinlntdJ ur:clc,J cost tor the c,r~>pleh nsrunei roartr );- 
llun on a U S Cult  Cuasl smle B I D  199.5 The  \cone uf the c m m a c  i r  la#n!lcd in cauln- . . 
men1 inside the battery limits of each process unit and includes engineering, procure- 
ment, erection o f  equipment on the site, and  the cost of initial catalyst and chemical 
inventories. The light-ends by-product from the aromatics complex has been shown i n  
the overall material balance. The  fuel value o f  these light ends has not been credited 
against the fuel requirement fo r  the complex. 

COMMERCIAL EXPERIENCE 

, . ~ ~  ~~~ ~ ~ ~ ~ , ~ ~ . . .  
Sorbex unit, 4 1  isom&units, 37 ~ a t o r a y  units, 38 T H D A  units, and 1 Cyclar  unit. 
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UOP bar de51pncJ 59 i n t q r ~ t e d  Arnmsl;, complck;,. \$tic18 p m d u i r  both henxnc 
2nd p .~r , rxy lcnc .  Tilere c l > m p k ~ e ,  rm2c. !I# w r .  f r ~ n t  21 .uOU a 460.c IU melr!. lunr 
11cr dnrllllll (.I6 IJ  IUI4 mr111~11 p x l l d ,  ~ ! p ~ l n - ~ y l ~ ~ l l d  
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CHAPTER 2.2 
UOP SULFOLANE PROCESS 

John J. Jeanneret 
Marketing Services 

UOP 
Der Piaines, lliinois 

INTRODUCTION 

The UOP* Sulfolane* process combines liquid-liquid extaction with extractive distil- 
lation to recover high-purity aromatics from hydrocarbon mixtures, such as reformed 
~ ~ I I J ~ C U I I I  n s p h ~ h ~ t r c ~ i c r l ~ n l e  . pyr~ l ) s l i  fn*nllnc (p) jdr) .  or coke-oven ligltl o!l 
Cur~t%m~nlnt< IBI in tllc m ,,t J i i f i iu l~ to climindr in the e~t rac t t  51.11011 ?re ~ ~ 9 1 -  

et l  I.) cl:n~rn;ttr. 8 1 .  ihc c x l r i a n e  dmrullrlion ,r.cllo!t and vtcc \r.r,a l la,  h \h r~d  :umbi- 

1960s and is still the most efficient solvent available for the recovery of aromatics. 
Since 1965, UOP has been the exclusive licensina aaent for the Sulfolane process. 
Many of the process improvements incorporated i o a  madern Sulfolane unit are based 
uit detl(n irGurc, nnd operiling cr;l#n#qur- d:\cldy.d by 1101' 

Inr  Stlliolanc prl>cc<r 1, ~sua l l )  ~nc~rp,raied ~n in 3r.mtius ; ~ ~ n p l c h  ta r:cu\er 
nlrh-ou~lr  h c n ~ n c  anJ lolucnc nrudu;ls rrnrll ~ef~~rnrnl lc~.  In 1 111.7.irrn. fullr tnlccrrl- 
u .  , 

ed UOP aromatics complex ( ~ i g :  2.2.1), the Sulfolane unit is located d o w ~ r u e a ~  of 
the reformate splitter column. The C,-C, fraction from the overhead of the reformate 
splitter is fed to the Sulfalane unit. The aromatic extract from the Sulfolane unit is 
c l>)-~rcl teJ  1, r:mu$e lrnrr olefin,. and indnlJujl b..n,ene and tolu:n.. product< "re 
rcrovcrrl  b) uuq~le  irlcl~onilllo!# T ~ C  pirdfllnw raiilnntr frvm lllr S.lllnlmr unll is 
urudll, blcndcu ~ C J  lhe ci~:ollnc o u ~ l  or utcd .n r l io l~ac~.  ro lu rn r~  A ru8l8alctc 
description of the entire aromatics complex may be found in Chap. 2.1. 

*Trademark aodior scnicr mark of UOP. 
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I 

FIGURE 2.2.1 Integrated UOP aromatics complex. 

Column 

The Sulfolane process can also be an attractive way to reduce the benzene concen- 
tration in a refinery's gasoline pool so that it meets new reformulated gasoline require- 
ments. 1" a typical benzene-reduction application (Fig. 2.2.2), a portion of the debu- 
tanized reformate is sent to a refomate splitter column. The amount of refomate sent 
to the splitter is determined by the degree of benzene reduction required. Bypassing 
some refomate around the soiitter and recombining it with splitter bottoms provides 
control of the final benzene Eoncentration. The benzene-rich iplitter overhead is sent 
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SOLVENT SELECTION 

The suitability of a solvent for aromatics extraction involves the relationship between 
the capacity of the solvent to absorb aromatics (solubility) and the ability of the sol- 
vent to differentiate between aromatics and nonaromatier (relectivily). A study of the 
common poiar solvents used for aromatic extraction reveals the fallowing qualitative 
similarities: 

. When hydrocarbons containing the same number of carbon atoms are compared, 
solubilities decrease in this order: oromoiics>naph~henes>pa~af/ins~ . When hydrocarbons in the same homologous series are compared, solubility 
decreases as molecular weight increaser. 
The selectivity of a solvent decreases as the hydrocarbon content, or loading, of the 
solvent phase increases. 

In spite of these general similarities, various commercial solvents used for aromatics 
recovery have significant quantitative differences. Sulfolane demonstrates better aro- 
matic solubilities at a given selectivity than any other commercial solvent. The practi- 
cal conseouence of these differences is that an extraction unit desiened to use sui- ~~~ ~~~~~ - 
folane solvent requires u lower solvent circulation rate and thus consumes less energy. 

In addition to superior solubility and selectivity, rulfolane solvent has three partic- 
ularly advantageous physical properties that have a significant impact on plant invest- 

. High specific gravity (1.26). High specific gravity allows the aromatic capacity of 
suifolane to be fully exploited while maintaining a large density difference between 
the hydrocarbon and solvent phases in the extractor. This large difference in densi- 
ties minimizes the required extractor diameter. The high density af the liquid phase 
in the extractive distillation section also minimizes the size of the equipment 
required there. - Low specific heof [0.4 callg . *C (0.4 Btullb . OF)]. The low specific heat o f  sul- 
folane solvent reduces heat loads in the fractionators and minimizes the duty on sol- 
vent heat exchangers. . High boiling point [287'C (549"F)I. The boiling point of sulfolane is significantly 
higher than the heaviest aromatic hydrocarbon to be recovered, facilitating the sep- 
aration of solvent from the aromatic extract. 

PROCESS CONCEPT 

The Sulfolane process is distinct from both conventional liquid-liquid extraction sys- 
tems and commercial extractive distillation processes in that it combines both tech- 
niques in the same process unit. This made of operation has particular advantages for 
aromatic recovery: . I n  Ih~uld-1qul.l i.xrm:t~non rylwmr. itgl8t nnn~roml tc  :c>mp>ncnb i r r  nlurc rnluhlr 

i n  ih; sol\enl than hrd\) ~.oolnrom~l!:s 'Il~u,.  I ~ q u ~ d - l i . ~ ~ # d  s\l#a:lcon 1% more 
effrcunc ~n %r.parlc~np arornal;i f r ~ m  lhr. l e%)  con~am~nan!; ~ h ~ n  i r ~ m  lhr. II;III 
ones. . In emactive distillation, light nonaromatic components are more readily stripped 
from the solvent than heavy nonaromatics. Thus, extractive distillation is more 
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effective in separating aromatics from the light conlaminants than from the heavy 
ones. 

I 
Therefore, liquid-liquid extraction and extractive distillation provide complementary 
features. Contaminants that are the most difficult to eliminate in one section are the 
easiest to remove in the other. This combination of techniques permits effective treat- 
ment of feedstocks with much broader boiling range thnn would be possible by either 
technique alone. 

The basic process concept is illustrated in Fig. 2.2.3. Lean solvent is introduced at 
1 the top of the main extractor and flows downward. The hydrocarbon feed is intra- 
;I dueed at the bottom and flows upward, countercurrent to the solvent phase. As the sol- 

vent phase flows downward, it is broken up into fine droplets and redispersed into the 
hydrocarbon phase by each successive tray. The solvent selectively absorbs the aro- 
matic components from the feed. However, because the separation is not ideal, some 
of the nonaromatic impurities are also absorbed. The bulk of the nonaromatic hydro- 

\ carbons remain in the hydrocarbon phase and are rejected from the main extractor as 
1 ;  rsffinate. 

The solvent phase, which is rich in aromatics, flows downward from the main 
I, extractor into the backwash extractor. There the solvent phase is contacted with a 
I stream of light nonaromatic hydrocarbons from the top of the extractive stripper. The 

B a c k w a s h  E x t r a c t o r  
oiiiG;y~~ 
NonaromatIeS into 
Hydrocarbon Phase 

E x t r a c t i v e  S t r i p p e r  
Removal of Light 
Nonamrnatics 

. 
Solvent + E x t r a c t  

FIGURE 1.2.3 Sulfolane praccsr concept 

C a r b o n  N u m b e r  
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light nonaromatics displace the heavy nonaromatic impurities from the solvent phase. 
The heavy nonaromatics then reenter the hydrocarbon phase and leave the extractor 
with the raffinate. 

The rich solvent from the bottom of the backwash extractor, containing only light 
nonaromatic impurities, is then sent to the extractive stripper for final purification of 
the aromatic product. The light nonaromatic impurities are removed overhead in the 
extractive stripper and recycled to the backwash extractor. A purified stream of am- 
maticr, ar extract, is withdrawn in the solvent phase from the bottom of the extractive 
stripper. The solvent phase is then sent on m the solvent recovery column, where the 
extract product is separated from the solvent by distillation. 

Also shown in Fig. 2.2.3 are the activity coefficients, or K values, for each section 
of the separation. The Kvalue in extraction is analogous to relative volatility in distil- 
lation. K is a measure of the solvent's ability to repel component i and is defined as 
the mole fraction of component i in the hydrocarbon phase, X3, divided by the mole 
fraction of component i in the solvent phase, Z, The lower the value of K, the higher 
the solubility of component i in the solvent phase. 

DESCRIPTON OF THE PROCESS FLOW 

Fresh feed enters the extractor and flows upward, countercurrent to a stream of lean 
solvent, as shown in Fig. 2.2.4. As the feed flaws through the extractor, aromatics are 
selectively dissolved in the solvent. A raffinate stream, very low in aromatics content, 
is withdrawn from the top of the extractor 

. , .  
removed overhead along with a small quantity of aromatics. This overhead stream is 
recycled to the extractor, where the light nonaromatics displace the heavy nonmomat- 
icsjrom the solvent phase leaving thebottom of the extractor. + 

The stripper bottoms stream, which is substantially free of nonaromatic impurities, 
is sent to the recovery column, where the aromatic product is separated from the sol- 
vent. Because of the laree difference in boiline paint between the sulfolane solvent 
and the heaviest aromati: component, this sepiiation is accomplished, with minimal 
energy input. To minimize solvent temperatures, the recovery column is operated 

. ~ ~ ~ ~ ~ ~ ~ ~ - ~ - ~ ~ ~ ~  ~~, ~~ 

The raffinate stream exits the top of the extractor and is directed to the raffinate 
wash column. In the wash column, the raffinate is contacted with water to remove dis- 
solved solvent. The solvent-tich water is vaporized in the water sttipper by exchange 
with hot circulating solvent and then used as sttipping steam in the recovery column. 
Accumulated solvent from the bottom of the water stripper is pumped back to the 
recovery column. 

The raffinate product exits the top af the raftinate wash column. The amount of 
sulfolane solvent retained in the raffinate is negligible. The raffinate product is cam- 
manly used for gasoline blending or aliphatic solvent applications. 

. -~~  0~~~~ -~~~~~ ~ . " 
a small sliostream of circulatine solvent is directed to the salvent reeenerator for 
removal ofbxidized solvent. - 
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Tn,. e\trwt pruJu;t i r ~ m  i S u i f ~ l ~ n c  ~umt n~:o ~ O I ~ ~ ~ I I I  iracc i t m ~ ~ n t r  u i  ~ Ic f in*  2nd 
otller i r t ~ p ~ r ~ l l e s  ti.at \8o~llJ ahe r j c l )  3liect lile a:#d unrll color ik.,lr o i  lb; fill31 b.a- 
l rnr  snd lnlttelle uraduxr To el#!nt~lnle rleje im:c intnltnllei, ll8c FXITI;~ 81 ~ 1 1 ) -  
treated prior to fractionation. Because clay treating is done at mild conditions, clay 
consumption is minimal. 

The treated extract is directed to the aromatics fractionation section, where high- 
purity benzene, toluene, and sometimes mixed xylenes are recovered. The design of 
the aromatics fractionation seetion varies depending on the particular processing 
requirements of the refiner. The toluene product is often recycled back to a UOP 
Tatorav* unit for conversion into benzene and nvlenes. Mired rvlenes mav be routed 
directly to the nylene recovery section of the plant far separation into pam-nylene, 
orrho-xylene, and rnera-nylene products. 

Any heavy aromatics in the feed are yielded as a bottoms product from the frae- 
tionation section. In most cases, the C, aromatics are recovered and recycled to a UOP 
Tatoray unit for the production of additional rylenes. The heavy aramatics may also 
be blended back into the refinery gasoline pool or sold as a high-octane blending com- 
ponent. 

FEEDSTOCK CONSIDERATIONS 

The reed lo a Suliol?ne tunlt i r  u%lull) a benlcne-tolue8le BT ;,I irun, il iuxpl~lh:* 
rcformlng u n ~ r  I h i  rylenc irlcil ,n of the rr.formrte 15  often dread) plrre eoloupll lo 
srll mirc.J kvl:nrr ~r I ,  ,cat Jirc;llv to the o ~ r ~ - r \ l r . n r .  ru:uvers ?ccrl.,n or ihc ir~. 
maticr complex. In many facilities, the pygas by-product from a nearby ethylene plant 
is also directed to a Sulfolane unit. A few plants also use sulfolane lo recover aramat- 
ics fmm coke-oven light oil. Before being sent to a Sulfolane unit, the refomate must 
first be stripped in a debutanizer column to remove light ends. Pygas and eoke-oven 
light oils must first be hydrotreated to remove dienes, olefins, sulfur, and nitroge;?. In 
eeneral. the feed to a Sulfolnne unit should meet the s~ecifications outlined in Table 
i.z.1. 

.T&mkaoldior sswk icsicskof UOP 

TABLE 2.2.1 Sulfolanc Fecdrtoclr Specificationg 

contaminant ~f fec t  ~ i m i t  

Total rulfur Contaminates product 0.2 ppm m. 
Thiophenc Contaminates product 0.2 ppm mar. 
Total chloride contaminates product, cruses corrosion 0.2 ppm m. 
Bromine indcx Causer hightr solvent ~inularim, inc~eas-d 2 max. 

utility consumption 
Diene index Causes hi~her solvent circulation. increased I mm. 

utility consumption 
Dissolved oxygen Causes degradation of solvent, irreversible 1.0 ppmmar. 
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PROCESS PERFORMANCE 

The performance of the UOP Sulfoiane process has been well demonstrated in mace 
than 100 operating units. The recovery of benzene exceeds 99.9 wt %, and recovery of 
toluene is typically 99.8 wt %. The Sulfolme process is also efficient at recovering 
heavier aromatics if necessary. Typical recovery of nyiener exceeds 98 wt %, and a 
recovery of 99 wt % has been demonstrated commercidiy with rich feedstocks. 

UOP Sulfolane units routinely produce a benzene product with a solidification 
point of 5.5"C or better, and many commercial units produce benzene containing leas 
than 100 ppm nonaromatic impurities. The toluene and C, aromatics products from a 
Sulfolane unit are also of extremely high purity and easily exceed nitration-grade 
specifications. In fact, the ultimate purities of ail of the aromatic products are usually 
more dependent on the design and proper operation of the downstream fractionation 
section than on the extraction efficiency of the Sulfalane unit itself. 

The purity and recovery performance of an aromatics extraction unit is largely a 
function af energy consumptian. In general, higher solvent circulation rates result in 
better performance, but at the expense of higher energy consumption. The UOP 
Sulfolane process demonstrates the lowest energy consumption of any commercial 
aromatics extraction technology. A typical UOP Sulfolvne unit consumes 275 to 300 
kcal of energy per kilogram of extract produced, even when operating at 99.99 wt % 
benzene purity and 99.95 wt % recovery. UOP Sulfolane units are also designed to 
efficiently recover solvent for recycle within the unit. Expected solution lasses of sui- 
falane solvent are less than 5 ppm of the fresh feed rate to the unit. 

EQUIPMENT CONSIDERATIONS 

-~~ - . 
dissolution of the aromatic components into the solvent phase. A typical Sulfalane 
extractor column contains 94 rain-deck trays. 

The mffinate wash column is used to recover residual solvent carried over in the 
raffinate from the extractor. The wash column uses jet-deck trays to provide counter- 
current flow between the wash water and raffinute. A typical wash column contains 
eight jet-deck trays. 

The stripper column is used to remove any light nonaromatic hydrocarbons in the 
rich soivent by extractive distillation. The suifolane solvent increases the relative 
volatilities between the aromatic and nonaromatic components, thus facilitating the 
removal of light nonaromatics in the column overhead, A typical stripper column 
contains 34 sieve trays. The recovery column separates the aromatic extract from the 
Sulfolane solvent by vacuum distillation. A typical recovery column contains 34 valve 
trays. 

The solvent regenerator is a short, vertical drum that is used to remove the poly- 
mers and salts formed as a result of the degradation of solvent by oxygen. The regen- 
erator is operated under vacuum and runs cantinuonsly. 

The Sulfolane process is highly heat integrated. Approximately 11 heat exchangers 
are designed into atypical unit. 

All of the equipment for the Sulfolane unit, with the exception of the solvent 
reaenerator reboiler, is specified as carbon steel. The solvent regenerator reboiler is 
co~structed of stainless sled 
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TABLE 2.2.2 Investment Cost and Utility Conrumplion* 

hsc88r11. J~crclt .  cost m#:1#-1 511 5 I.! j 

?"',?# "ltk:,Lr ,..I t :crn:n,. s1:5 r:r I . ,  3'0 
Utility consumptian: 

Electric oawer. kW 
~igh-prksure stesm, MTth (klblh) 21.5 (60.61 
Coalins water m3/h (grllmin) 274 (12071 

*Basis: 25.0 MTlh of folvsns product, 11.8  MTh of bsnzsnc piaducr, 
56.5 MTih (10.400BPD) ofBT rsfarmalc ~ C S ~ S I O E X .  

Noto: MT& = mclris tans per hour; BPD = bplrrsls per dry. 

CASE STUDY 

A summary of  the investment cast and utility consumption for a typical Sulfolane unit 
is shown in Table 2.2.2. The basis for this case is a Sulfalane unit processing 54.5 
metric tans per hour (MTh) [10,400 barrels per day (BPD)] of a BT reformate cut. 
This case corresponds to the case study for an integrated UOP aromatics complex in 
Chap. 2.1 of this handbook. The investment cost is limited to the Sulfolvne unit itself 
and does not include downstream fractionation. The estimated erected cost for the 
Sulfoiane unit assumes construction an a U.S. Gulf Coast site in 1995. The scope of 
the estimate includes engineering, procurement, erection of equipment on the site, and 
the initial inventory of sulfoiane solvent. 

COMMERCIAL EXPERIENCE 

Since the early 1950s. UOP has licensed four different aromatics extraction technolo- 
eies. includine the Udex.' Sulfolane. Tetra.' and Carom* orocesses. UOP's enoeri- " .  
ence in aromzics entraciion encampasses more than 200 inits, which range in'size 
from 2 to 260 M T h  (400 to 50,000 BPD) of feedstock. 

In 1952, UOP introduced the first large-scde aromatics extraction technology, the 

distillation. ~etween '  1950 and 1965, UOP licenseh a total of 82 Udex units. 
In the years following the commercialization of the Uden process, considerable 

research was done with other solvent systems. In 1962, Shell commercialized the first 
Sulfolane units at their refineries in England and Italy. The success of these units led 
to an agreement in 1965 whereby UOP became the exclusive licenser of the Shell 
Sulfolane oracess. Manv of the oracess imorovements incornorated in modern 
Sulfulans ~;nlt, :$IS blred',r# drrNp;# fei!urcs oper.rlm#>g l e :~#n '#~#~e \  develnpcd 1,) 
UOP R y  I'W5. UOI'hud I~:cn\cJ i tc 171 c . i  120 S ~ l f  land LnNr Ihrou~nnur [he world 

h1rinwhi.c. ~n 19118. r<\c,~r;h.,rs rl Unlort C3rbl.l~ J h  ~ w r r d  11111 t:lr.%rlhylenr. 
gl);dl hid 3 111~ltrr ;iy?:al) ror ~rnmucmc~ than ihc snl\.en!r Ihelnp &used 118 cr#<rmng 
Uder unl lr  I n ,  ,n ( : ~ r h c J ~  .(,.>n b2g.m uficrnn: rhlr inlpr.wJ r.>l\r.nc the 'l'rlrr 
pro.crr. Cnwn C;,rbiJr Ihrr.o,sJ .. taiil of 17 Terra ~. !ml i  lor i r .~nt~t ic ,  chlrl;tbo88. IS 

Trademark andlor asrvice mark of UOP. 
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of these units were originally UOP Udex units that *ere revamped to take advantage 
of the improvements offered by the Tetra process. 

Union Carbide then commercialized the Carom process in 1986. The Carom flow 
scheme is similar to that used in the Udex and Tetra processes, but the Carom process 
takes advantage of a unique two-component solvent system that nearly equals the per- 
formance af the sulfolane soiuent. In 1988, UOP merged with the CAPS division of 
Union Carbide. As a result of this merger, UOP now offers both the Sulfolane and 
Carom processes far aromatics extraction and continues to support the older Udex and 
Tetra technologies. 

The Carom orocess is ideal far revammine older Udex and Tetra units for higher ~ ~~ . - 
c;p..~t!. .on-r e n - r i y  ;ool~~tl~p!~o? .IT b:1? I ) , u s  JU;I pt8r.t) Tile (.'LC ,111 pk.;~'., i in 
,,I.., L k  :omp;ctc~<,, ,s.tl~ me SJI<, lattc. lpr,:c,< 1.x ~ ~ c - N . ~ L ~ ! ~  ~ p p l ~ ~ ~ ~ b u :  R y  I ,>5  
UOP IhrJ Il 'a . , :  I .. ,S,I.L. <>< i15c C.rw.t tuc~c\ 1,. 1 8  of thew )nit% ..rc, : n # . \ e # u , , n ~  . f 
Udex or Tetra units, and one is a new unit. 
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CHAPTER 2.3 
UOP THERMAL 

HYDRODEALKYLATION (THDA) 
PROCESS 

W. L. Liggin 
UOP 

Des Plnines, Illir,ois 

INTRODUCTION 

The importance of benzene as an intermediate in the production of organic-based 
materials is exceeded only by that of ethylene. Benzene represents the basic building 
block for direct or indirect manufacture of well over 250 separate products or product 
classifications. 

Historically, the major consumption of benzene has been in the production of ethyl- 
benzene, cumene, and cyclohenane. Significant quantities of benzene are also eon- 
rumed in the manufacture of aniline, detergent alkylate, and maleic anhydride 

u 

quantities than benmne in the reforming operation, and in many areas, low market 
demand for toluene can make its conversion to benzene via devlkylation economically 
attractive. Approximately 13 percent of the petrochemical benzene produced in the 
u>rId <~*lcr# , '*  I ir,,,t~ c~lu:ttu J::.lk!l~t~o~~ 

'Inr lhcr#nrl lh).drouellk!l:~lt~~n (THDA pro:.,, ~ , r . $ # d , , ~  ,n ~iilclrnl mcch,,J fur 
rhr. .utb.r,r,l,s ~f rlk\lh:o~cn:. cc, hwh-nur#c\ hcnlenc 11. ndd~ 80,. I, or. J~ : rn?  b:! - .  , ~ .~~ ~ - 

I 
zene, the THDA process can be ecanomichlly applied to the production of quality 
naphthalene from suitable feedstocks. 

j 
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PROCESS DESCRIPTION 

I 
The UOP* THDA process converts alkylbenzenes and alkylnaphthvlenes to their cor- 
responding aromatic rings, benzene and naphthalene. The relation between product 
distribution and operating severity is such that, far both benzene and naphthalene 
operations, the conversion per pass of fresh feed is maintained at somewhat less than 
100 percent. A simplified process flow diagram for benzene manufacture is presented 
inFig. 2.3.1. 

The alkyl-group side chains of the alkyl-aromatic feed as well as nonvromatics that 
may be present in the unit feed are converted to a light paraffinic coproduct gas con- 
sisting mainly of methane. The basic hydrodealkylation reaction enabler the pracess to 
produce a high-purity benzene or naphthalene product without applying extraction or 
superfractionation techniques even when charging a mixture of alkyl aromatics and 
nonaromatic hydrocarbons. Excessive nonvromaticr in the charge significantly add to 
hydrogen consumption. 

Product yields approach stoichiometric with benzene yield from toluene approni- 
matine 99 oercent on a molal basis. A small amount of heavy-aromatic material con- - .  
sisting of biphenyl-type compounds is eoproduced. 

In a benzene unit, fresh toluene feedstock is mired with recycle toluene and recy- 
cle and fresh hydrogen gases, heated by exchange in a fired heater, and then charged 
to the reuctor. Alkyl aromatics are hydrodealkylated to benzene and nonaromatics, and 
paraffins and naphthalenes are hydrocracked. The effluent from the reactor is cooled 
and directed to the product separator, where it separates into a liquid phase and gas 
phase. The hydrogen-rich gas phase is recycled to the reactor, and the separator liquid 

tTrademrrX andiar ervke mark of UOP. 

d Net OffGas 

H. water ST - strip e i  
R -  Reactor cT = clay A w u  
S; Separator F -  Fractionator 

FIGURE2.3.1 UOP m D A  pmce~r for benzencpmdddtiii. 
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is charged to a stripper for the removal of light ends. Stripper bottoms are percolated 
through a clay treater to the fractionation section, where high-purity benzene is 
obtained as an upper sidecut from a benzene fractionation column. Unconverted 
toluene is recycled to the reactor from the lower sidecut of the benzene column. 
Hewy-aromatic by-product is withdrawn from the bottom of the column to storage. 

The reactor-section process flow in a naphthalene THDA unit is similar to that 
described far the benzene unit. Fresh feed is mined with unconverted recycle alkvl 
aromatics and makeup and recycle hydrogen. The minrure is then heated and charged 
to the reactor. Materials in the feedstock materials that boil close to naphthalene 

, . . . . . 
In the case of naphthalene, the aromatic-splitter bottoms are charged to a naphtha- 

lene splitter, where the small amount of heavy-aromatic coproduct is rejected as a 
bottoms product. Naphthalene-splitter oveihead is directed to the naphthalene frac- 
~ t o n a ~ o r .  uhere 1 8 8 ~ 1 8  p ~ r ~ l )  O ~ ~ I I I I . . I I C I I I ~  1, r t i ~ ( ~ r ~ J  dl an o \ . e r h ~ ? d   prod^.^^ 
S~phrh~lrnc-frr:t8nnnn1or Ihollon8s nre re:)cled to tlh rri;rur rrcrl.,n In hotb bcn7cnr 
&nd w.ohchil:nc 'THIIA ~ n ~ t \ .  "11, lrezt8na of the 1 roducc r r  > ~ n r r ~ l l > ,  rcuulrcJ to . , " ~~ - ~ ~ ~ ~ ~ ~ ~ ~ ,  ~~~. 
meet the usual acid-wash color soecifications. 

Several design options are aviilable for optimizing hydrogen usage in bath types of 
units. Copraduct light ends, primarily methane, must be removed from the reaction 
section to maintain hydrogen purity. When the supply of makeup hydrogen is limited, 

, " "  > 

tion units, careful attention must be given to hydrogen consumption and availability as 
related to overall refinery operation. 

Depending on the application, THDA units can process n wide variety of feed- 
stocks. For the production of benzene, feedstocks could include extracted light alkyl- 
benzene, suitably treated coke-oven light oil, and pyrolysis coproducts. Feedstocks to 
oroduce naohthalene could include heavv reformate. extracted cvcle oils from the 
i l u ~ J  ;itrl)tl: :r.+;ktng IICC pro:c.. znJ c ~ ~ l - r u r - d c n \ e d  ,olteruli. 

Rclt>e##e produ;d iron. .ull .a~cr.nl THUA ualt, c)prall)  has 3 frerrc potnt of 
jS'C, wni.h r x c r e J ~  nltrr~~.,n-prrdr hcnlenc ;pcctfaoilorlr 

PROCESS ECONOMICS 

Although THDA yields are about 99 percent on a molar basis, they are considerably 
lower on a weight basis because of the change in molecular weight. Weight yields for 
Ule dealkylation of toluene to benzene are shown in Table 2.3.1. Investment and utility 
requirements are shown in Table 2.3.2. 

The economics of benzene manufacture via the THDA process are very sensitive to 
Ule relative prices of benzene and toluene. As a general rule, THDA becomes econom- 
ically viable when the price of benzene (per unit volume) is more than 1.25 times the 
price of toluene. For this reason, the THDA process has become the process used to 
meet benzene demand during peak periods. When benzene is in low demand, THDA 
units are not operated. However, a UOP-designed THDA is easily revamped at low 
cost to a Tatoray process unit. This flexibility greatly extends the utilization of expen- 
sive processing equipment and provides a means of generating a wider product state 1; (for example, benzene and mixed xylenes) during periods of low benzene demand. 
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TABLE 2.3.1 THDA Yields ~ 

Benzene production Feeds, wt % Product, wt % 

Hydrogen (chemical consumption) 2.3 
Methane 17.7 
Ethane 0.6 
Benzene 83.6 
Toluene 100 
Heavy aromatics 0.4 
Total 102.3 102.3 

TABLE 2.3.2 THDA Process Investment and Utility Requirements* 

Estimated battery-limits erected cast $5.3 million 
Utilities: 

EICCV~C power, kW 69 
Puel, lo6 kcalih (lo6 Btuhl 1.8 (7.21 
Steam, MTih (klbihl 0.69 (1.51 
Cooling water, mi/h (gal/minl 13.7 (60) 

fBaris: 50,000 MTA (1095 BPSD) toluene feed 
Nolo: m a  = msVic tans pcr hour: WLA = meVic ronr pcrannum; BPSD = 

bnnel8 pasmnm day. 

CHAPTER 2.4 
BP-UOP CYCLAR PROCESS 

John J. Jeanneret 
UOP 

Des Pioines. Iiiinois 

INTRODUCTION 

In recent years, light hydrocarbons have become increasingly attractive us fuels and 
petrochemical feedstocks, and much effort has been devoted to improving the recov- 
ery, processing, and transportation of liquefied petroleum gas (LPG) and natural gas. 
Because ~roduction areas are often located in remote areas that are far removed from 
establishdd processing plants or consumers, elaborate product-transport infrashucfures 
are required. Although naNral gas can be moved economically through pipelines, con- 
densation problems limit the amount of LPG that can he  uansporkd in this way. Thus, 
most LPG is  transported by such relatively expensive means as special-purpose 
tankers or rail ear,. The high cost of transporting LPG can often depress its value at 
the production site. This statement is especially true for propane, which is used much 
less than butane for gasoline blending and petrochemical applications. 

British Petroleum (BPI recognized the problem with Uansporting LPG and in 1975 
began research on a process to convert LPG into higher-value liquid products that 
could be shipped more economically. This effort led to the development of a catalyst 
that was capable of converting LPG into petrochemical-grade benzene, toluene, and 
nylener (BTX) in a single step. However, BP soon realized that the catalyst had to be 
regenerated often in this application and turned to UOP* for its well-proven CCR* 
technology, which continuously regenerates the catalyst. UOP developed a high- 
strength formulation of the BP catalyst that would work in CCR service and also 
applied the radial-flow, stacked-reactor design originally developed for the UOP 
Platfoming* process. The result of this outstanding technical collaboration is the BP- 
UOP Cyclar* process. 
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PROCESS CHEMISTRY 

The Cyclar process converts LPG directly to a liquid aromatics product in a single 
! ' operation. The reaction is best described as dehydrocyclodimeriration and is thermn- 

dynamically fayored at temperatures above 425°C (800°F). The dehydrogenation of 
light paraffins (propane and butanes) to olefins is the rate-limiting step (Fig. 2.4.1). 
Once formed, the highly reactive olefins oligomerize to form larger intermediates, 

? which then rapidly eyclize to naphthenes. These reaetions-dehydrogenation, 
oligomerization, and cyclization-ace all acid-catalyzed. The shape selectivity of the 
zeolite comnonent of the catalyst also promotes the cyclization reaction and limits the 
size of the iings formed.  hef final reaction step is the dehydrogenation of the naph- 
thenes to their corresponding aromatics. This reaction is highly favored at Cyclar 
operating conditions, and the result is virtually complete conversion of the naph- 

.I, thenes. 

I The reaction intermediates can also undergo a hydrocracking side reaction to farm 
1;: methane and ethane. This side reaction results in a loss of yield because methane and 

ethane are inert at Cyclar operating conditions. 
Because olefins are a key reaction intermediate, they can of course be included in 

the feed to the Cyclar unit. Heavier paraffins, such as pentanes, can also be included 
in the feed. Olefins and pentanes are almost completely converted in the Cyclar unit, 
but the unit must be designed to handle them because they result in a higher catalyst- 
coking rate than pure butane and propane feedstocks. 

Although the reaction sequence involves some exothermic steps, the preponder- 
ance of dehydrogenation reactions results in a highly endothermic overall reaction. 
Five moles of hydrogen are produced far every mole of aromatic components formed 
from propane or butane. 

Because propane and butanes are relatively unreactive, the Cyclvr process requires 
a catalyst with high activity. At the same time, the production of methane and ethane 
from unwanted hydracracking side reactions must be minimized. An extensive joint 
effect by BP and uOP has resulted in a catalyst that combines several important h a -  
tures to ensure efficient commercial operation: 

At the conditions necessary for high selectivity to aromatics, the conversion perfar- 
m a c e  of the catalyst declines slowly. 

olefins 

FIGURE Z.4.l Cyclarreaction mechanism. 
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At normal process conditions, the rate of carbon deposition an the catalyst is slow 
and steady, amounting to less than 0.02 wt % of the feed processed. Because the 
carbon levels on spent catalyst are low, regeneration requirements are relatively 
mild. Mild regeneration conditions extend the life of the catalyst and make it insen- 
sitive to Process uDsets and chanees in feedstock comoosition. 
In: r s l l l \ \ l  e \ l ~ ~ l , ~ t ~  cwpt 1111111. ?I inb( l8t)  :mJ 1 5  T~IIIII\LI~ In%en<to\e is cnmm$,n 
f;r.J~l,~.'h :. n l ~ # n # n i n l %  Kcgenzr~l#n#l  r u l !  # e i l o # c ~ ,  111; i..ll\.~c) ~ n l  .r..canity rf 
11.~. ; d ~ . d > ~ t  ,.I  t h ~  p<ri,~rm,jncc u 8nh iw:h :z! ,I! w . High mechanical strength and low attrition 
suited for continuous catalyst regeneration, 

characteristics make the catalyst well 

DESCRIPTION OF THE PROCESS FLOW 

A Cyclar unit is divided into three major sections. The reactor section includes the 
radid-flow reactor stuck, combined feed exchanger, charge heater, and interheaters. 
The regenerator section includes the regenerator stack and catalyst transfer system. 
The product recovery section includes the oroduct seoarators. camoressors. sttiooer. . . . A. . 
and gas recovery equipment. 

The flow scheme is similar to the UOP CCR Platfarming process, which is used 
widely throughout the world for reforming petroleum naphtha. A simplified block 
flow diagram is shown in Fig. 2.4.2. Fresh feed and recycle are combined and heat 
exchanged against reactor effluent. The combined feed is then raised to reaction tem- 
perature in the charge heater and sent to the reactor section. Four adiabatic, radial- 
flow reactors are arranged in a vertical stack. Catalyst flows vertically by gravity 
down the stack, and the charge flows radially across the annular catalyst beds. 
Between each reactor, the vaporized charge is reheated to reaction temperature in an 
interheater. 

The effluent from the last reactor is split into vapor and liquid products in a prod- 
uct separator. The liquid is rent to a stri~oer.  where lieht saturates are removed from . . 
the C> aromatic product. Vapor from the product separator is compressed and sent to 
a gas recovery section, typically a cryogenic unit, for separation into a 95 percent pure 
hydrogen product stream, a fuel gas stream of light saturates, and a recycle stream of 
unconverted LPG. Hvdroeen is not recvcled , " ~~ 

Because coke builds up on the Cyclar catalyst over time at reaction conditions, par- 
tially deactivated catalyst is continually withdrawn from the bottom of the reactor 
stack for regeneration. &re 2.4.3 shows additional details of the cvtalvst reeenera- . - 
tion section. A discrete amount of spent catalyst flows into a lack hopper, where it is 
purged with nitrogen. The purged catalyst is then lifted with nitrogen to the disengag- 
ing hopper at the top of the regenerator. The catalyst flows down through the regener- 
ator, where the accumulated carbon is burned off. Regenerated catalyst flows down 
into the second lock hwper, where it is ourzed with hndr- a d  then lifted with . - . - 
hydrogen to Ule top of the reactor stack. Because the reactor and regenerator sections 
arl' ,rplrl lr., ra ih  opcr&l;r .t ilr own. plimr. c.mJtt.on In  *id1c.o~. 111, re ;~ ,~er~t~or~  
$c:l#nn can lhr le~cq,orlr#l) slwu ~ O \ L I I  lor I~I~IIII:II 8n.c U N ~ J I I  ~ i f e : t l n ~  the ~~CILIIJI I  

dl thc rci i lJr snJ pmduc, rrr W ' , )  >LC,,< n. 
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Llit Gas I 
FIGURE Zd.3 Catalyst regsnerarian section. 

FEEDSTOCK CONSIDERATIONS 

Propane and butanes should be the major components in the feedstock to a Cyclar 
unit. The C ,  and C2 saturates should be minimized because these components &t as 
inert diluents. Olefins should be limited to less than 10 percent of the feed. Higher 
concentrations of olefins require hydrogenation of the feed. The C, and C, campo- 
nents increase the rate of coke formation in the process and should be limited to less 
than 20 wt % and 2 wt %, respectively, in Cyclar units designed far LPG service. 
Cyclar units can be designed to process significantly higher amounts of C, and C, 
materials if necessary. In general, the feed to a Cyclar unit should meet the rpecifica- 
tions outlined in Table 2.4.1 

TABLE 2.4.1 Feedstock Specification! 

Sulfur <ZO rno1 ppm 
Water No frec water 
oxygenales <I0 wt ppm 
Basic nitrogen <1 wtppm 
Fluorides <0.3 wt ppm 
Merais <50 wt ppb 
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PROCESS PERFORMANCE 

The major liquid products from a Cyclar process unit are BTX and C,+ aromatics. 
These oioducts mav be seoarated from one another by conventional fractionation 
downstream of the Cyclar stripper column 

In general, a r amkcs  yieldincreases with the carbon number of the feedstock. In a 
low-pressure operation, the overall aromatics yield increaser from 62 wt % of fresh 
feed with an all-propane feedstock to 66 percent with an all-butane feed. With this 
vield increase comes a cnrresoondins decrease in fuel eas nroductian. These yield fig- ,..... ~~~.~~~~~ ~ ~ ~ ~ ~ . .  ~~~~~~~~ .~ " - .  
ures can be interoolated linearly for mixed piopane and butane feedstocks. The distri- 
bution of butaneisomers in theieed has no effect on yields 

I h r  J~slr#hu!#.lo ui , r m l ~ l :  ; ~ # n p o n ~ . n b  n 111: ltqd$J lprodua I ,  .l<n rff;;h.rl h) 
fc.,d,ca.-k comp.hltl.,rl Hutane f ~ e : ~ t . r k ,  prlJucc proddcc ,hit ir l e~nc r  i t !  brwcnr  
and r~chc r  in r ) l on r ,  th.1. t l i r  pr< Jured from prdp?.ne 1:tg 2 .I 1,. \Vl!h :!tiler 
propine ,r bi8cane rrr.J,, ill.. II .ILIJ p ~ .  lt.:~ ;,,.I.:I~~ I ~ O U L  $ 1  per;rnc U I X  n n l  9 per- 
cent h:d\',cr :Iror!.~~l.,. 

Ih: Cy;l?r unit ~ r m t a l c  p r ~ J u c l %  s i l h  nonrr2mill. IIII~II,.!I:* I.II.IIcJ I J  
1500 u v ~ n  or Ikr \  Tflti,, mlrhr~inl:. h~p l> -~u . l~c )  parochcmi.al 5rrJc UTX cm be 

. An absorber-stripper system produces a 65 ma1 %hydrogen product stream. 
A cold box produces 95 ma1 % hydrogen. . An absorber-stripper system combined with a pressure-swing absorption (PSA) unit 
produces 99 mol % hydrogen. 

,- A cold box combined with a PSA unit is usually more attractive if large quantities 
of 99+ mol % hydrogen is desired. 

EQUIPMENT CONSIDERATIONS 

The principal Cyclar operating variables are feedstock composition, pressure, space 
velocity, and temperature. The temperature must he  high enough to ensure nearly 
complete conversion of reaction intermediates to produce a liquid product that is 
essentially free of nonaromatic impurities but low enough to minimize nonselective 

1 
I 
1 

PIopone Feedstock Burone Feedsrock 

FlGURE 2.4.4 Cyclai aromatic pmdustdlilribut~n 
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thermal reactions. Space velocity is optimized against conversion within this tempera- 
ture range to obtain high product yields with minimum operating costs. 

Reaction pressure has a big impact on process performance. Higher pressure 
increases reaction rates, thus reducing catalyst requirements. However, some of this 
higher reactivity is due to increased hydrocracking, which reduces aromatic product 
j~r l r l  L'tJI' iurrcntly >fferr 1.0 i l l e rn~ i~ \ , c  C) . l i r  J~.r:gt$r Tile I l>u-prs \%~r;  
drupn I ,  r;.. mmnlJ~.d \sllri> milktmsm .ranrllrr ~ l l d  l i  ~leilrerl Tnc h~xh-pi:.,~rr. 
J-ucn rcaalrer 41.1% Ikii rlc C J L J I V . ~ ~  iud tr i t l n r t # \ e  uhcll inlolln,m in\c<tnt;l~~ sod 

cooling equipment is preferred, and whether steam generation is desirable. 

CASE STUDY 

I l r .  .\‘rail inllcrlrl h i l i n : ~ .  ~n.rsc!k.ent IS,.<. uc t l l t )  .un\u#npt~dtl iur 1 reprrrrs;- 
1 ~ 5 r  (:ycl~r un!t *r: A ~ J I I ~  i n  Tahlc 2 1 2  The ba\h fdr lilts ;,re ir h I , w - p r ~ ; ~ ~ r s  
Cvclur unit nro;rrr!nr 54  rl#err#c inn% ner h.ur ~.\ITllt 115.0v~ barrel< o:r Jxv UPD I of - ~ 

. .. . , . .. 
a feed consistine of 50 wt % orooane and 50 wt % butanes. The investment cost is limit- 
ed to the ~ y c l a r ~ u n i t  and strike; column and does not include further downstream prod- . . 
u;c rrd;tlancl#n#l l 'nr  e; t lm~crJ  creclrn rnrt for ihc Cyclrr unit ir ,ua;r .ol.nruc!#.>n 
1 U S  (ialf Cox ,  %itc in 1915 Tnr sc ,pr uf ihr crl~nl>tc il.iluJ.r ,.ng#!.eerlne, pr.l:urc- 
#nrnL,srr.Cldn ufel~uytarn! n#>-,!c >nJ th. lnltl4 lo?d aiC):lx caral) ;I 

COMMERCIAL EXPERIENCE 

The UOP CCR technology, first commercialized in 1971 for the Platforming process 
has been applied to the Oleflen* and Cyclar process technologies. More than 100 CCR 

Yleld Catalyst lnve~tment 

FlGURE 21.5 Effect af Cyclaroperating pressurr. 
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TABLE 2.4.2 Material Balance and Investment Cost* 

Oveiall m a t e d  balance MTA 

LPG feedstock 430,000 
Products: 

Benzene 66,700 
Toluenc 118,800 
Mixed rylenes 64.000 
Cp+ rromafic~ 24,600 
Hydrogen (95 mol %) 29.400 
Fuel gas 126,500 

Esdmvled erected =st, million $US. 79.0 

Utility conrumptian: (MTA) 

Electric power, kW 5,500 
High-pressure nerm, MTh 27 (credit) 
Low-pressure steam, MTlh 7 
Boiler feed water, MTh 33 
Cooling water, m3/h 640 
Fuel fired, million kcaVh 70 

SBlirir: Y tonh (15,000 BPDJ of LPG feedslack. Fecd r o m ~  
porilion: 50 w l  W propane, 50 wr % butane. 

~ o t r :  MTA = m ~ i c  tons per anmum: MW = mstn~ tons 
per hour BPD = bmels prrdry. 

units are currently operating throughout the world. The combination of a radial-flow, 
stacked reactor and a continuous catalyst regenerator has proven to be extremely reli- 
able. On-stream efficiencies of more than 95 percent are routinely achieved in eam- 
mercial CCR Platforming units. 

BP commissioned the first  commercial-scale Cyclar unit  a t  i ts  refinery in  
Grangemouth, Scotland, in January 1990. This demonstration unit was designed to 
process 30,000 metric tons per wnum (MTA) of propane or butane feedstock at either 
hieh or low nressure over a wide ranee of ooeratine conditions. The demonstration " . - 
effort was a complete success because it proved all aspects of the Cyclar process on a 
commercial scale and supplied sufficient data to confidently design and guarantee 
future commercial units. The Cyelar unit at Grangemouth demonstration unit was dis- 
mantled in 1992 ih.r :o#npleuc.n .rf the dl~rel<,pm:nt Lrugnln 

In 1995. UOP Ilre#l,el  the r l r s t  Cycrr-o~11. l  3ronlrtl.r .'un&ylr.\ ~n rhc hllJdIc 
Ihr, C $ c l u  unn i, n idw-urc~<urc J-rt:#. rhl l  I* cdn.,bl~. or mmcrunl! 1.3 ~ 1 8 1 -  

~~ ~, - - 
lion MTA of LPG into aromatics. The associated aromatics complex is designed to 
produce 350,000 MTA of benzene, 300,000 MTA of paro.xylene, and 80,000 MTA of 
ortho-xylene. This new aromatics complex is due on-sueam by the end of 1997. 
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INTRODUCTION 

Tne IJOP* I,,:ll,r' pro:crl 8 ,  tlccd 1.1 md&111132~ L ~ C  r c c ~ l ' r )  01 3 pilll.~lllr r)lenc 
!\~,mcr ~ r o u  a r . ~ ~ t u r ~  d f  ('. k r ~ m u i .  ~ m n e r s  'In< l$o(oar prnc:\\ i $  !t10<1 niten 
.outed s, onrr- r \ l<r .e  rrc<l>crv.  but 11 rm L I ~ Y  bc used 1d m3klll1iir [ I D  ~ C C I ~ C ~ Y  c f  
A. . ~ ~,~ . . 

orrho-xvlene or meia-xvlene. The term mixed xvlenes is used to describe a mixture of 
C. aromatic isomers containing an equilibrium distribution of para-nylene, orrho- 
x&e, matlr-xylene, and ethylbenzene (EB). In the care of para-nylene recovery, a 
mixed-xylenes feed is charged to a UOP Parex* unit, where the pore-rylene isomer is 
preferentially extracted at 99.9 wt % purity and 97 wt % recovery per pass. The Paren 
raffiaate. which is almost entirelv deoleted of oaro-xvlene. is then sent to the lsamar . ~~~~~~~ 

unit (Fia. 2 5 . 1 )  The lsomar un(t redstabtishes an ebui1ib;ium distribution of xylene 
isomers, essentially creating additional pam-nylene from the remaining ortho and 
meta isomers. Effluent from the lsomar unit is then recycled to the Paren unit for 
recovery of additional para-xylene. In this way, the onho and meto isomers and EB 
are recycled to extinction, A complete description of the entire aromatics complex 
may be found in Chap. 2.1. 

PROCESS CHEMISTRY 

The two main categories of xylene isomerization catalysts are EB-dealkylation cata- 
l)st, 388d l . l l - ~ s ~ ~ n ~ ~ r r ~ ~ ! . ~ ~ ~  .:caIysts The prtnv4q tt.11ctmor1 .>I b.~It :aul) ,, ks  to 
rcev2ihllrh an el.tullhr;um C W A L  lrc of x ) l l~ ,~e  .snmer\; hduwer  ih:! J~lfi.r i n  hos 
lhrv 1h;mdle rhr LU in rile ree l  A n  EB.drrlkvlr~lon ;.131~rl con\crcr EB to .I \ n l ~ & b l s  ~~~~ -- ~~~ ~ 

benzene coproduct. An EB-isomerization catalyst converts EB into additional nylener. 
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pom-Xylhe 
Toluene 

ieomar 

1 ,  FIGURE 2.5.1 Typical Parex-Iaomar loop. 
i I 
21 

L'OP ofier< h x h  :at& F l l - ~ \ ~ ~ i . e r ~ > ~ t w n  c t ~ t ~ l l  ,t 1.9; anJ LO F t l . d c d < ) l ~ # . m  ~ : t t a ly~ l .  
1.ILtJ ll.hb I-', anJ I-IJU .rr b~iuncuc~ndl rrtll!rh 11.~1 .n:.,rpdnre rrollll: 2:lJlc 

w c .  I ~ J  ~ l ~ , ~ r . u m  m;cal TII<,. The r; lJ !un;~lu~. on borh cacrl)$tr *,,\:r the 
function: iromerization of rylenes. 

The 1-9 catalyst system isomerires EB to xylenes through a naphthene intermediate 
(Fig. 2.5.2). The metal function first saturates the EB to ethylcyclohexane, then the 
acid function isomerizes it to dimethylcyclohexane, and finally the metal function 
dehydrogenates the naphthene to ~y l ene .  Because the isomerization of EB is an equi- 
librium-limiled reaction, the conversion of EB is usually limited to about 30 wt %per  
pass. In a typical aromatics complex using the 1.9 catalyst, naphthener are recycled 
back to the lsomar unit through the xylene column and Paren unit to suppress the for- 

rTradcrnarkvllVorseivice mark of UOP. 

ZlGURE 2.53 1-9 catalyst chemistry 
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mation of naphthenes in the lsomar unit and thereby increase the yield ofporn-xylene 
from the complex. 

The 1-100 catalyst system uses an EB-dealkylalion mechanism in which the ethyl 
group is cleaved from the aromatic ring by the acid function of the catalyst (Fig. 
2.5.31. This reaction is not eauilibiium-limited. therebv allowine EB conversion of uo . ~~0 . 
to 70 wt %per  pass. Because this reaction does not involve a naphthene intermediate, 
C, naphrhenes need not be recycled back through the Parex-Isomar loop. 

All xylene isomerization catalysts exhibit some lass of aromatic rings across the 
reactor. Because a typical Paren-Isomar loop is designed with a recycle-to-feed ratio 
of 2.5 to 3.0, any ring loss across the isomerizatian reactor is magnified accordingly. 
In the Isomar process, the precise level of expected C, ring lass varies with catalyst 
type and operating severity but is normally in the range of 1.5 to 4 wt % per pass. The 
lower end of this range represents operation with the 1-100 catalyst, and the upper end 
represents the 1-9 catalyst. Minimizing ring loss in the Isomat process resulu in maxi- 
mum yield of xylenes from the aromatics complex. 

The proper selection of isomerizvtion catalyst type depends an the configuration of 
the aromatics complex, the composition of the feedstocks, and the desired product 
slate. The choice of iromerization catalyst must be based on an economic analysis of 
the entire aromatics comolen. The C. fraction of the reformate from a tvoical oetrole- 
um naphtha contains aphximate ly  :5 lo 17  wt % EB, but up m 30 wt.4 E B k a y  be 
in a similar pyrolysis gasoline (pygas) fraction. Using an EB-isamerization catalyst 
maximizes the yield of para-xylene from an aromatics complex by converting EB to 
rylenes. An EB-isomerization catalyst is usually chosen when the primary goal of the 
complex is to maximize the production of para-xylene. 

Alternativelv. an EB-dealkvlation catalvst can he used to dehottleneck an eristine , . ~ ~ " 
Paren unit or crystallizer by converting more BB per pass through the isomerization 
unit and eliminating the requirement for naphthene-intermediate circulation around 
the 1'1r:r-lsort8ar rcy;lc lo+ l o r  n n  irolnaucr c ~ m p l c ~  Jrrtpn, wind sr8 FK- 
dcdlkylnc8on <.lrl)*l tn~lrl#l!l.7e% the ~ I L T  01 111: x ~ l c n r  cdlu!~ill :xnd I '~r rk  8tl.l lsnmrr 
u n m  requlruJ 14 yr~ducc  g ~ \ c n  alflo~nr ~f p.~ro.\)lene Hrswc\~r .  cltls rcdu.tl~n in 

Acid + C2H4 Metal. + CzH6 

Hz 

FIGURE 2.5.3 1-100 catalyst chemistry 
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size of the Parer-Isomar loop comes at the expense df lower para-xylene yields, tanizer overhead gas is exported to the fuel gas system. The overhead liquid is recy- 
because all the EB in the feed is being converred to benzene rather than to additional cled back to the debutanizer column of the Platforming unit so that any benzene in this 
para-xylene. Lower para-xylene yield means that more feedstock will be required, stream may be recovered in the Sulfolane unit. The C,+ fraction from the bottom of 
which increases the size of the CCR* Platforming,* Sulfoiane," and Tatoray units in the deheptani~er is clay-treated, combined with fresh mired-xylenes feed, and recy- 
the front end of the complex as well us most of the fractionators. cled back to the xylene column. 

DESCRIPTION OF THE PROCESS FLOW FEEDSTOCK CONSIDERATIONS 

An Isomar unit is always combined with a recovery unit for one or more xylene iso- 
mers. Most often, the Isamar process is combined with the UOP Paren process for 
para-xylene recovery (Fig. 2.5.1). Fresh mixed-xylenes feed to the Paren-lsomar loop 
is first sent to a rylene column, which can be designed either to recover a portion of 
the orrlzo~xvlene in the bottoms or simolv reiect C.+ aromatic comoanents to meet ., 2 , 
feed specifications for the Parex unit. The xylene column overhead is then directed to 
the Parer unit, where 99.9 wt % pure para-xylene is produced at 97 wt % recovery per 
pass. The Parex raffinate from the Parex unit, which contains less than 1 wt % para- 
xylene, is sent to the Isomar unit. 

The feed to the Isomsr unit is first combined with hydrogen-rich recycle gas and 
makeup gas to replace the small amount of hydrogen consumed in the lsomar reactor 
(Fie. 25.4). The combined feed is then oreheated bv enchanee with the reactor efflu- 
;nivaporked in a fired heater, anrl raifed to reactor aperatrng temperature. The hot 
feed vapor is then sent to the reactor, where it is passed radially through a fixed bed of 
catalyst. The reactor effluent is cooled by exchange with the combined feed and then 
sent to the product separator. Hydrogen-rich gas is taken off the top of the product 
separator and recycled back to the reactor. A small portion of the recycle gas is purged 
to remove accumulated light ends from the recycle gas loop. Liquid from the bottom 
of the product separator is chargea to the deheptanizer column. The C,- overhead 
from the deheptanizer is cooled and separated into gas and liquid products. The dehep- 

Tradsmark andior service mild of UOP. 

Parer Rnmnate - 

Makeup 
Hydrogen 

FIGURE 2.5.4 lromar flow diagram. 

The feedstock to an Isomar unit usually consists of raffinate from a Parer unit. At 
times, charging the fresh mixed-xylenes feed directly to the Isomar unit may be desir- 
able, or the Isornar unit may be used in conjunction with fractionation to produce only 
orrho-xylene. In any case, the feed to an Isomar unit should meet the specifications 
outlined in Table 2.51, 

Any nonaromatic compounds in the feed to the lsomar unit are cracked to light 
ends and removed from the Paren-Isomar loop. This ability to crack nonaromatic 
impurities eliminates the need for extracting the mined xylenes, and consequently the 
size of the Sulfolane unit can be greatly reduced. In a UOP aromatics complex, the 
refomate from the CCR Platforming unit is split into C,- and C,+ fractions. The 
C,- fraction is sent to the Sulfolane unit for recovery of high-purity benzene and 
toluene. Because modern, low-pressure CCR Platforming units operate at extremely 
high severity for aromatics production, the C, + fraction that is produced contains 
essentially no nonaromatic impurities and thus can be sent directly ta the xylene 
recovery section of the complex. 

PROCESS PERFORMANCE 

The performance of the nylene isomeriratian catalysts can be measured in several spe- 
cific ways, including the approach to equilibrium in the xylene isomerization reaction 
itself, the conversion af EB per pass, and tbe xylem ring loss per pass. Aoproach to 
equilibrium is a measure of operating severity for an EB-isomerization c&lyst, and 
FR snn\r.r,i.ll 85 3 m:a*Lrr. uireverlty iur  m EB-de?lkylltl.ln .llrlylt For holh caw-  

cyper, r#n& lor\ it>;rslre% w ~ h  <lpl'rltLllF %cvcr~ly. In i p n r ~ i  x)lcnc applicic~an. for 
~,xnmnle hirn E B  c x t ~ r . r . ~ ~ n  in l1.e ls.,mrr unit 1s brlel~c8al r,r thr P ~ r s x  ~ n 8 1  hut 15 . .  u 
accomoanied by hieher rine loss and thus lower overall yield of ~ara-xvlene from the . . 
.mbpler 

I'crhlp, chc. b ra  way to 'dnlparc Xytcne i ,u~nrr~r l l~an catll)%l. i, IL #ncr%urr IIr 
(1, :rdl p.r,.l-x)lcne )wl J  rrnm thd Pdrtx-lromlr loop hpurr. 2.5 5 cl,mpllrcj rhc 
plru.\~lcnc ytcld. bnre.1 on frcvh nu<ed-\:lcncr fcsd ta the Pave\-l%umar Innp. fclr 

TABLE 2.5.1 lsomar Peedstock Specifications 

Contaminant Effect Limit 

~ ~ . . 
7ncal 4r.r .\ttenddc,l'! 3:c#vl:v. . n : 1 ~ i , ~ , ~ r 9 c k a r 1 ~  R ~ v t r ~ ~ h l c  I ppm, tar*. 

1 . ~ ~ 2  PuA$,~.c ,:$J%nJ PL I r # ~ v ~ r ~ ~ h l :  2 .  ppb, m n  
P m 3 o o ~  3 . 4 ~  :,.A Pt s8t.5. I " L \ C ~ < L ~ I ?  20 nnh. nt:, .. . 

Arsenic Poisons acid and Pt rites. Irreversible. 2 ppb. mar. 
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commissioned, and eight more are in various stages of design or construction. UOP 
offers a choice of both EB-isomerization and EB-dealkylation catalyst types. This 
choice of catalvst orovides additional flexibility to tailor the distribution of products . . 
from an aromatics complex. 

BIBLIOGRAPHY 

i 
leanneret, 1. I., "Developments in p-xylene Technology." DeWitt Petrochemical Review, 

! Honston, March 1993. 

1 8  
leannsret, I .  I., "para-Xylene Production in the 1990's." UOP Technoiogy Canferencei, various 

!i locations. May 1995. 
jeanneret. 1. I.. C. D LOW, and v. zukauskas, ,'~ew Srrategies Maximize para-Xylene ;I Production? Hydrocarbon Processing. Iune 1994. 

I, Kuchar, P. I.. I .  I. Icanoeret, C. D. Low, and I .  Swift. "Processes for Maximum BTX Complex 
Profitability." UOP Technology Conferences, various locations, September 1992. 

I I .  

CHAPTER 2.6 
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John J. Jeanneret 
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INTRODUCTION 

~~~~~ ~~ ~ 

8 ~~ 

~~~ . . . . 
onko-xvlene. These isomen boil so c1oselv;oeether that senmatine them dv canven- . - - 
tional distillation is not practical. The Parex process provides an efficient means of 
recovering porn-xylene by using a solid zeoliiic adsorbent that is selective far para- 
\)l<ne Unltkc s . > n v s n c ~ ~ n - ~ l  r l 8 r o ~ n ~ ~ o ~ r a p h ) .  thc Psre* pm:r*. , ~ m u l ~ t c ,  lllc coun1r.r- 
c t~ r r rn t  fl,n of r llqclld frcJ o\dr .I rolld hed nf ~ d r ~ r h r n t .  I: .YJ m d  prodd.cr mtl.r 
2nd 1r.wr lllc ad*nrhcnl hcJ ; .n t~~~unu, l \  ~t tnrrrl\. :unrnlll comno;lriunr ' I l l # ,  l2cll- 
~~~~ ~ 

niaue is sometimes referred to as simulated movinn bed (SMB) seoarvtion 
'1" a modern aromatics complex (Fig. 2.6.1), tee Paren unit i i lacated downstream 

of the xylene column and is integrated with a UOP Isomar' unit. The feed to the 
xylene column consists of the C,+ aromatics product from the CCR* Platforming* 
unit together with the xylenes produced in the Tatoray unit. The C, fraction from the 
overhead of the nvlene column is fed to the Parex unit. where hieh-nuritv ooro-xvlene ~ ~ " .  ,. 
is recovered in the extract. The Paren raffinate is then sent to the Isomar unit, where 
the other C, aromatic Isomers are converted into additional poro-xylene and recycled 
back to the xylene column. A complete description of the entire aromatics complex 
may be found in Chap. 2.1. 

UOP Paren units are designed to recover more than 97 wt % of the para-xylene 
from the feed in a single pass at a product purity of 99.9 wt % or better. The Parer 
design is  energy-efficient, mechanically simple, and highly reliable. On-stream factors 
for Paren units typically exceed 95 percent. 

.Trademark andlor iEnrice mark of UOP 
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FIGURE 26.1 UOP aromalccr complex-maxtmumPPPP iylenc 

PAREX VERSUS CRYSTALLIZATION 

-- ~- - ~ ~~ ,. . . 
talline solid. The solid is then seoarvted from the mother liouor bv centrifugation or 
filtration. Final purification is aihieved by washing the poio-x$lene crystals with 
either toluene or a portion of the para-xylene product. 

1970 1915 1980 1985 1990 1995 

FIGURE 2.6.2 Total inrfallsdporo-xylene capacity. 
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Soon after it was introduced in 1971, the UOP Paren process quickly became the 
world's preferred technology for para-xylene recovery.The las; newpara-xylene 
crystallizer was built in  1975. Since that time, virtually all new para-xylene produc- 
18.m :rpr.lt) Ins b-el, h i d  on chr UOP I'.trc\ pr.,.c.% l . . ~  2 6 ? 

Ih: ~ I I I I . I I ) . I I  arl\.~n!~+: ~f 1111. rrrcr 3d%.>rpcl\r. wp:tr.lutI yroce%\ over .r)rcil- 
lirittor. i r c !~nc~ l~u \  I. ch: .b#l#tv or ih. ILrrh or. I ,  r?:xrl norr  that) 97 ~ c r ,  1111 ". 
of the pnm-xylene in the feed per puss. Crystallizerr must contend with a euteetic 
composition limit that restricts para-xylene recovery to about 65 percent per pass. The 
implication of this difference is clearly illustrated in Fig. 2.6.3: a Parex complex pro- 
ducing 250.000 metric tons per annum (MIA) of para-nylene is compared with a 
crystallizer complex producing 168,000 MTA. The upper numbers in the figure indi- 
cate the flow rates through the Parex complex; the lower numbers indicate the flow 
rates throueh a cornoarable crvstallizer camolex. A Paren comoler can oroduce about - 
50 percent more porn-xvlene from a given-size xylene column and isarnerization unit 
than a complex "sinp, c~ystallization.in addition,-the yield of para-xylene per unit of 
fresh feed is also improved because a relatively smaller re&cle flow mdvns lower 

' , 
increasing both the investment cart and utility consumption of the complex. 

A higher pam-rylene recycle rate in the crystallizer complex not only increases the 
size of the equipment in the recycle Loop and the utility consumption within the Loop, 
but also makes inefficient use of the xylene isomerization capacity. Raffinate from a 
Parer unit ir almost completely depleted of para-rylene (less than 1 wl %), whereas 
mother liquor from a typical crystallizer contains about 9.5 wt % paro-nylene. 
Because the isomerization unit cannot exceed an equilibrium concentration of para- 
xylene (23 to 24 wt %), any para-xylene in the feed to the isomerization unit reduces 
the m o u n t  of para-xylene produced in that unit per pass. Thus, the same isomeriza- 
tion unit produces about 60 percent more para-xylene per pass when processing Parex 
raffinate than it does when processing crystallizer mother liquor. 

1281 Parex- 97% Recovery +>p!!x, 
Mixed (, 1% PX) 

Xylenes 201 Isomar 

Column (9.5% p-!Q 

Flow RIW in KMTA 

FIGURE 2.6.3 cornpanson of parex with cryita~~ization. 
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few heavy contaminants need to be removed from the bottom of the desorbent rerun 
column. 

EQUIPMENT CONSIDERATIONS 

UOP supplies a package of specialized equipment that is considered critical for the 
successful performance of the Paren process. This package includes the rotary valve; 
the adsorbent chamber internals; and the control system for the rotary value, 
pumparound pump, and net flows. The erected cost estimates that UOP provides for 
the Parex process include the cost of this equipment package. 

The rotary valve is a sophisticated, highly engineered piece of process equipment 
developed by UOP specifically for the Sorben family of processes. The UOP rotary 
valve is critical for the purity of thepara-xylene product and for the unsurpassed reli- 
ability of the Parex process. The design of the UOP rotary valve has evolved over 30 
years of commercial Sorbex operating experience. 

The adsorbent chamber internals are also critical to the performance of the Paren 
process. These specialized internals are used to support each bed of adsorbent and to 
prevent leakage of the solid adsorbent into the process streams. Each internals assem- 
bly also acts as a flow collector and distributor and is used to inject or withdraw the 
net flows from the adsorbent chamber or redistribute the internal liquid flow from one 
adsorbent bed to the next. Proper flow distribution in the adsorbent chambers is essen- 
tial for purity and recovery performance in the Parex process and is difficult to 
achieve in larger-diameter vessels. As the size of Paren units has increased over the 
years, the design of adsorbent chamber internals has evolved to ensure propor flow 
disuibution over increasingly larger-diameter vessels. 

The Parex control system supplied by UOP is a specialized system that monitors 
and controls the flow rates of the net streams and adsorbent chamber circulation and 
ensures proper operation of the rotary valve. 

Because of the mild operating conditions used in the Paren process, the enti% plant 
mav be constructed of carbon steel. 

The Parex process is normally heat-integrated with the upstream xylene column. 
The xylene column is used to rerun the feed to the Parer unit. The mined xylenes are 
taken overhead, and the heavy aromatics are removed from the bottom of the column. 
Before the overhead vapor from the xylene column is fed to the adsorption section of 
the Paren unit. it is used to reball the extract and raftinare columns of the Parer unit. 

UOP offers High Flux* high-performance heat-exchanger tubing for improved 
heat-exchange efficiency. High Flux tubing is made with a special coating that pro- 
motes nucleate boiling and increases the heat-transfer coefficient of conventional Nb- 
ing by a factor of 10. Specifying UOP High Flux tubing for the reboilers of the Parex 
fractianators reduces the size of the reboilers and may also allow the nylene column to 
be designed for lower-pressure operation. Designing the xylene column for lower 
pressure reduces the erected cost of the column and lowers the utility consumption in 
that column. 

UOP also offers MD* distillation trays for improved fractionation performance. 
The MD trays are used for large liquid loads and are especially effective when the vol- 

I ,  "metric ratio between vapor and liquid rates is low. The use of MD trays provides a 
1: large total weir length and reduces froth height an the tray. Because the hoth height is 

lower, MD trays can be installed at a smaller gay spacing than conventional distilla- 
tion trays. The use of MD Ways in new column designs results in a smaller required 

.-$mark andlor nervicc mark of UOP. 
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diameter and lower column height. Consequently, MD trays are often specifled fo r  
large xylene columns, especially when the use of MD trays can keep the design of the 
xylene column in a single shell. 

CASE STUDY 

A summary of the investment cast  and utility consumption for  a typical Parex unit is  
shown i n  Table 2 6 . 2 ,  T h e  basis fo r  this case is  a Parer unit producing 400,000 M T A  
of 99.9 wt % pure par=-xylene product. This care corresponds to the case study for an 
integrated UOP aromatics complex presented in Chap. 2.1. Because the Parex unit is  
tightly heat-integrated with the upsueam rylene column, the investment cost and utili- 
ty consumption estimates include both. T h e  estimated erecred costs for these units 
assume construction on a U.S. Gulf Coast  s i te  i n  1995. T h e  scope of the estimate 
includes engineering, procurement, erection of equipment on the site, and the initial 
inventory of Parea adsorbent and  desorbent. 

COMMERCIAL EXPERIENCE 

IIOP , cxpr.r#en.'r ul th id ,n rpc~\z  I ~ ~ : . ~ - I I I _ I I I  I\ ~ X I L O , I \ :  S.rbek k.-hn.>log). \$n#cl. 
ui, invr.nced b) IIOP l t t  me IYhO~. wr; the rlrrc l ~ r ~ c - ~ c ; l e  ;nmnlcrcl~l  rppll:zrc,!~ nl 
;ortl~nuuu\ rdsornu \e  scmrauon The fir% L ~tlnmcr;lhl S ~ r l ~ r r  U ~ W L  3 h l o l ~ x '  L L ~ L !  idr  ~ ~ 

the  separation of linear paraffins, came on-seeam i n  1964. The  first commercial Parex 
unit came on-seem in 1971. UOP has licensed more fhan 100  Sorbex units through- 
dut ihc n ,rlJ l ' h ~ ,  i n t ~ I  ueluJ<r 5 9  P l r c r  U N L ~ L > ,  or n b c h  1 7  u n m  :are in . p c r l i ~ u  
,nJ 12 othara i r t  n \iriou; rt:lgrs or dr.t:n mJ conrtructi..~l I l o P  Prren u##l t% r.lt#ge 
tn $ 8 7 ~  ir.?#!l ZJ.O(h AITA ~fpar. :-n)Ir .nc product I<, 11 orr clan 163.(nll) .\ITA. 

.Trademark andtor service mad of UOP 

TABLE 2.6.2 InvesImenlCostand Utility Consumption' 

Estimated erected cost, million $US.: 
Xylene column 25.4 
Parer unit 73.0 

Utility conrumption: 
Electric poser, LW 3,1100 
Medium-onsrure steam. M T h  rklblhl 16.3 (credit 35.91 

~ ~ ~ . . . 
Cooling water, m3h (sailminl zis (9601 
Puel fired, million kcalh (million Btulhl 109 (433) 

'Basis: 100.000 MTA ofpara-xylcnc product 
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CHAPTER 2.7 
UOP TATORAY PROCESS 

John J. Jeanneret 
UOP 

Des Ploiaes, lliinois 

INTRODUCTION 

The UOP;' Tatoray process is used to selectively convert toluene and C, aromatics 
(A,) into xylenes and benzene. In a modern aromatics complex, the Tatoray process is 
integrated between the aromatics extraction and xylene recavely sections of the plant 
(Fig. 2.7.1). Extracted toluene is fed to the Tntoray unit instead of being blended into 

Trademark and/or service mark of UOP. 

Raffinate 
Benzene 
Toluene 

n,o+ 
porn-Xylene 
Light Ends 

FIGURE 2.7.1 UOP aramatlcs complex for mrximvm pure-xylenc. 
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the gasoline ~ o a l  or sold for solvent applications. If'the goal is to maximize the pro- 
duction of para-xylene from the complex, the A, by-product can also be fed to the 
Tatoray unit instead of blending it into the gasoline pool. Processing A, in a Tatoray 
unit shifts the chemical equilibrium in the unit away from benzene production and 
toward xylene production. 

In recent years, the strong demand for para-xylene has begun to outstrip the supply 
of mined xylenes. The Tatoray process provides an ideal way of producing additional 
mixed xylenes from low-value toluene and heavy aromatics. The incorporation of a 
Tatoray unit into an aromatics camplex can more than double the yield of paro-xylene 
from naphtha feedstock. The entire aromatics complex is discussed in more depth in 
Chap. 2.1. 

PROCESS CHEMISTRY 

The two major reactions in the Tatoray process, disproportionation and transalkyla- 
tion, are illustrated in Fig. 27.2, The conversion of toluene alone into an equilibrium 
mixture of benzene and xylenes is called disproporrionotion. The conversion of a 
blend of toluene and A, into xylenes through the migration of methyl groups between 
methyl-substituted aromaucs is called ~ransalkylation. In general, both reactions pro- 
ceed toward an equilibrium distribution of benzene and alkyl-substituted aromatics. 
Because methyl groups are stable at reaction conditions, the reaction equilibrium is 
easy to estimate when the feed consists of all methyl-substituted aromatics (Fig. 
2.7.3). The reaction pathways become more complex when other alkyl groups are pre- 
sent in the feed. Propyl and heavier groups either hydrocrack to lighter methyl and 
ethyl groups ar dealkylate completely. Ethyl groups either crack to methyls, deaky- 
late, or tranralkylate. ' 

The transvlkylation reaction must be conducted in a hydrogen atmosphere even 
though no net hydrogen is consumed in the reaction. In practice, a small amount of 

Dlrproportionation $ C 

Toluene Benzene Xylenes 

Toluene Cg Aromatlcr Xylener 

I ;  
XIGURE 2.7.2 Major Talaray reactions. 
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Methyll~henyl Ratio In Feed 

FIGURE 2.7.3 ~ v i l i b d o m  diswibutiin of methyl groups at 700 K. 

hydrogen is always consumed because of the dealkylation and hydrocracking side 
reactions mentioned previously. Hydrogen consumption increases for heavier feed- 
stocks because these generally contain hea~ ie r  allryl groups. Any saturates in the feed 
also crack and contribute to additional hydrogen consumyrtion. . . 

Thc mirlmum rhr.<,r~ll:~l convcr5lon per p ~ < s  i s  IhraccJ b) cquil~hr!um i n J  i, 
r<~!!~c#on o i l ( ~ d  ircJaI~'k ; .n)pu~lll~n. f;r  ~xdmplc, the0rel8cal COOVC.~,LUI. ior a pure 
Loluenc lee1 15 ai~~~rox8~n3lcl) 59 ut 'P p , ~  I",'. Gprrrcin$ h#@l> conrers~nn m m -  
ntir;, ih: am.>unt of unc.,n\':neJ mllecul l n ~ r  mu?! be rc;);led b~;k chrd~gh th: bcn- 
~rnc- ta luet~e BT fr3sc~.,n:tc!un sraiun d inc :cjmplcr A mnller rc;):le i~rcml n~ltl- 
mlrc.x ~hr .  vrr  ol rhc lhr817r81e and lnluena col~rttn,, lnllllmirci the w e  or the 'l'3torr! 
.~ntc. :tnJ nllnimlr;r th: ulil!ly .'onwmptlon i n  all of ihrsr unit, ilusuvcr, a, :on\er- 
qlon inrrej%es, llle r3t: of ; l t l l)rt  d~.aclk\.tldn alio inrrszic. d< doe\ tile select,\ . I S  to 
,:tlur~cc.J 2nd her,). rr.,mac.c bY-pro4ucl. The opt~llluln 1r~~c.l c . i  c.,nver,lJn in A 

Tarorn) #r#lbc i s  u,urlls nl 1111, rm:r di4d lu 48 wc ?C oer 03.9 
UOP introduced &e current generation of ~ a t a r a ' ~  c'atalyst, TA-4, in 1988. Since 

that time, extensive commercial experience has demonstrated that the TA-4 catalyst 
system displays stable selectivity Over many years of continuous operation. Most 
Tatoray units are designed to run for at least 12 months between catalyst regenera- 
tions; however, many Tatoray units have been operated for several years without 
regeneration. The catalyst is regenerated in sit" by a simple carbon-burn procedure. 

DESCRIPTION OF THE PROCESS FLOW 

The Tatoray process uses a simple flow scheme consisting of a fined-bed reactor and a 
product separation section (Fig. 2.7.4). The fresh feed to the Tatoray unit is first com- 
bined with hydrogen-rich recycle gas, preheated by exchange with the hot reactor 
effluent, and then vaporized in a fired heater, where it is raised to reaction tempera- 
ture. The hot feed vapor is then sent to the reactor, where it is sent down-flow over a 
fined bed of catalyst. The reactor effluent is Ulen cooled by exchange with the cam- 
bined feed, mixed with makeup gas to replace the small amount of hydrogen eon- 
sumed in the Tatoray reactor, and then sent to a product separator. Hydrogen-rich gas 
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15 I l k e n  n!! llle toll of tlr proJu;t ,~~p.~r;lur mJ re.).leJ h i c k  lo 1I8e rerctor ,\ ,~na11 
pi,rll.>n af the rc:);lr 23s 8s I , . I ~ ~ c L I  lo itlt_.)~'e 1 ~ ~ t 8 n ~ u l i c ~ d  Ilpht e#>d\ I r m  llle rec)cl; 
gar I ,, p i.nquld iron) the b.>ttol( of t1.c pr0d~:1 sep*rat~r ib > L ~ C  I I .I ilrlpper r o l ~ m n  
Th; C,- c.\~rhesd iron, llle <lrlpller ir cooled 3nd rcplrac.'d IIIIJ i n J  I I ~ L I ~  pr >d- 
";I, 

'The s1rlppr.r u\.rh;aJ < . t r  ~r a p 4 n r d  a. ch: fucl ~ 2 %  :).lcn# TI,,. .>rrll.il I I IL I J  1s 

rL:):led 1h:g:k (0 11.. J < b d c a a ~ . ~ ~ r  ~ u I u I c . ! ~  ~i c1w UOP P l~ t f~>rmm~!*  . m r  $0 rlmt 8")  

henjsne in rh8; F ~ I C  38" tin! be ~ C C C  5 :r< .I 811 111: LOP Sulf~ l.lnd- unlt 1 the I I L ~ ~ C ~ L  _18ld 
\,1.11: nr.,ducrr ~.,~:thu: elth ,he i#>re.~cle.l loluene 38.d A . I r e  c:kr.n fi,m ihc h.>t- 
tom of ;he stripper and recycled back to the BT fractianatio~section of the aromatics 
complex. 

FEEDSTOCK CONSIDERATIONS 

Tne ierd lo a Tu~r.) ~ n i c  I< c)p~:~lly purd I. lurn? or .. Illend oi i.lurn; rod .\, Tnr 
I alucne !r I I % I I ? I I )  d~~_ \ . - . t l  iron. T C ~ O I L B I ~ L :  TI)? ben~enc dnd toluene III dlc r;iain>acr is 
exLrrcLe.1 n .% Sulrolat>: ut.ll. :la~-lnxcl.d. atal thcn fra:ctc8nrterl lnln #~.d#\.d.lal lben- . . 
zene and toluene products. A amall of the toluene is sometimes t&en for sale 
into solvent applications or blended back into the aasaline vool. The rest of the 
toluene is sent; the Tatoray unit for conversion into additianaibenzene and nylenes. 
The AP portion of the feed usually consists of the straight-run A, recovered from the 
refomate together with the A, by-products produced in the nylene isamerization unit 
and in theTatorav unit itself. 

The Tatoray process is capable of processing feedstocks ranging from 100 wt % 
toluene to 100 wt % A.. As shown in Fia. 2.7.5, the vroduct com~osition shifts away 
from benzene and toGard rylenes as ;he A, eone;ntration in ihe  feed increases 
Depending on the economics of each individual project, the optimal concentration of 
A, in the feed to the Tatoray unit usually is in the range of 40 to 60 wt 8. Any satu- 
rates in the feed are generally cracked to light ends. Because these cra&ing reactions 

Trademuk andioi rrrvica mart of UOP 

20 Benzene 
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FIGURE 2.7.5 Tsioray yield 8tructu.s. 
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adversely affect the activity of the catalyst and lead ta accelerated catalyst deactiva- 
tion, a limitation on saturates in the feed is usually specified. Limitations are also 
imposed on the allowable concentration of bicyclics and heteromolecules in the feed; 
both of these materials may contribute to accelerated deactivation of the catalyst. In 
general, feed to aTataray unit should meet the specifications outlined in Table 27.1. 

PROCESS PERFORMANCE 

The ability to process A, in a Tatoray unit makes more feedstock available for nylene 
production and dramatically shifts the selectivity of the unit away from benzene and 
toward nylenes. Figure 2.7.6 illustrates that a typical aromatics complex without a 
Tatmay unit can produce approximately 200,000 metric tons per year WTA)  of para- 
nylene fmm 25,000 barrels per day (BPD) of Arabian Light naphtha, 70 ta 150DC (160 
to 300°F) cut. If an A, Tamray unit (toluene feed only) is added to the complex, the 
same 25,000 BPD of naphtha can produce 280,000 MTA of para-xylene, an increase 
of 40 percent. When an A,-A, Tatoray unit is added to the complex, the endpoint of 
the naphtha is increased from 150 to 170-C (300 to 340DF) to maximize the amount of 

TABLE 2.7.1 Taloray Fcedsfock Spe~ificati66S 

Contaminant Effect Limit 

Nonaromatics Increased cracking, increased Y consumption. 2 wt % max. 

water 
Olefins 
Total chloride 
Total nitrogen 
Total sulfur 

lower benzene pvtity 
Oeoresrs trrnsalkylarion activity: reversible 

~ f f ~ ~ t .  quality of the benzene piaduct 

100 ppm max. 
20 BI* m&r. 
I ppm mar. 
0.1 ppm max. 
I o m  mar. 

zoo 

100 
9 

NO Tatatoray With A, ~ a t o r a y  A r b  Tatoray 

- 
Basis: 985 KMTA(25,OOO BPD), 
Light Arabian Naphtha 

FIGURE 2.7.6 maximum para-xylene yield with T~IIIIY. 
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A, precursors in the feed. About 25.000 BPD of this heavier naphtha produces about 
420,000 MTA ofpara-xylene, un increase of 110 percent over the base complex. 

The Tntoray process produces petrochemical-grade benzene and xylene products. 
Benzene purity with a 100 percent tolnene feed easily meets the ASTM specifications 
for refined 545-grade benzene. With a feed of 50 percent toluene and 50 percent C, 
aromatics, the benzene product purity meets the ASTM specifications for refined 535- 
grade benzene. The xylene product from a Tatoray unit contains an equilibrium distri- 
bution of nylene isomers and is low in ethylhenzene. A typical nylene fraction from a 
Tatoray unit contains 23 to 25 wr % pam-nylene, 50 to 55 wt % meta-nylene, 23 to 25 
wt % oriho-xylene, and only 1 to 3 wr % ethylbenzene. This low ethylhenzene con- 
centration makes the nylenes produced by Tatoray extremely valuable as feedstock to 
either a UOPParex" unit or a~a ra -xy l ene  crystallization unit. 

EQUIPMENT CONSIDERATIONS 

Because the Tatoray process Uses relatively mild operating conditions, special con- 
struction materials are not required. The simplicity of the process design and the use 
of conventional metallurgy results in law capital investment and maintenance enpens- 
es far the Tstarvy process. The simple design of the Tntoray process also makes it 
ideal for the  conversion of existing reformers,  hydrodealkylation units, and 
hydrotreaters to Tataray service. To date, two idle reforming units, two hydrodealky- 
lation units, and one hydiodeiulfurization unit have been successfully converted to 
service as Tatoray units. 

The charge heater i s  normally a radiant-convection-type healer The process stream 
is heated in the radiant section, and the convection section is used for a hot-oil system 
or for steam generation. The heater can be designed to operate either on fuel gas or 
fuel oil, and each burner is equipped with a fuel-gas pilot. A temperature controller at 
the heater outlet regulates the flow of fuel to the burners. Rudinnt-section tuber are 
constructed of 1.25 percent CI and 0.5 percent Mo. Tubes in the convection section 
are carbon steel. 

The Tatoray process uses a simple down-flow, fixed-bed, vapor-phase reactor. The 
reactor is constructed of 1.25 % Cr-0.5 % Mo. 

The purp 01 r l e  prad8~:t ,<yzr.,cdr i r  a. -pllr lllr :onJrc,cd rcr:tor cifluenl cnro 
l t+~#d  1pr.Jt8.r in* h) 1n~~r .n - r l rh  re:ycls. EX,  Inc pre,.urr 8 ~ 8  111; pruJu.c rr.p:rr~dr 
J . ' "  I , , 1 ,  r .  I " :  , " C  ,< . h I " .  . ~ --.. 
trolling the rate of hydrogen makeuo flow. Hvdroeen ouritv in the recvcle ess is moni- 

... -. 
Tic  rcc).l: g.\ cJmpr25%lr I. ~ \ u . ~ l l )  or 111; ;r.olrifusrl I!pe a ~ ~ l  !tlil) b: Jrn :r. b! 

~n c.r.;rrl: lllotor or I ~ I ~ ' ~ ~ a  ILrh~nr. ' Inc :olnprerrar i r  pr.ruJcd eith hnrl. 3 real-otl 
: I L . ~  lub.-.MI chr:u#r and 788 .,I~IL)III~II. ab~cd.>\\n *y*le$u tc  prdc;rt ihc rnrchtnu rgu!nst 
i h l l l . 2  .,. m-. 

The stripper column is  used to remove light by-products from the product separator 
liquid. The stripper column usually contains 40 trays and incorporates a thermoriphon 
reboiler. Heat is usually supplied by the overhead vapor from the nylene column locat- 
ed upstream of the Paren unit. The stripper column is constructed of carbon steel. 

The combined feed exchanger is constructed of 1.25 % Cr-0.5 % Mo. Other heat 
exchangers are constructed of carbon steel. 

'Trrdsmilrk and/or a~rvice mark oiUOP. 
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TABLE 2.7.2 Investment Cost and Utility Cons"mption* 

Estimated erectedcoal, million$U.S. 17.6 
Utility consumption: 

Elcclric power, kW 395 
~igh-prcrruie steam, MTih 7.2 (15.8 klbihl 
Cooling water, m3h 158 (696 gdimin) 
Fuel fired. million kcnVh 12.6 (50 million Btulh) 

CASE STUDY 

A summary of the investment cost and utility consumption for n typical Tatoray unit is 
shown in Table 2.7.2. The basis far this case is a Tataray unit processing 98.5 M T h  
(17.000 BPD) of a feed consisting of 6 0  wt % toluene and 40 wt % A,. This ease cor- 
responds to the case study for an integrated UOP aromatics complex presented in 
Chap. 2.1. The investment cast is limited to the Tatoray unit and stripper calumn and 
does not include further downstream product fructionatian. The estimated erected cost 
for theTatoray unit assumes construction on a U.S. Gulf Coast rite in 1995. The scope 
of the estimate includes engiaeering, procurement, erection of equipment on the site, 
and the initial load of TA-4 catalyst. 

COMMERCIAL EXPERIENCE 

As the demand for para-xylene has grown in recent years, the UOP Tatoray process 
has become increasingly popular. By 1995, UOP had licensed a total of 32 Tatoray 
units, 25 of which were licensed m the last 10 years. Currently, 24  UOP Tatoray units 
are in operation, and eight additional units in various stages of design and constmc- 
tian. The feedstocks processed in UOP Tatoray units range from 100 wt % toluene to 
a minnire of 30 wt % toluene and 70 wt % A,. Design feed rates range from 17 to 146 
m 3 h  (2600 to 22,000 BPD). 
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CHAPTER 3.1 
EXXON FLEXICRACKING lllR 
FLUID CATALYTIC CRACKING 

TECHNOLOGY 

Paul K. Ladwig 
Euon  Research and Engineering Company 

Norhnm Pork, New Jersey 

FOREWORD: WHY SELECT FLEXICRACKING IllR7 

'I'hl, ;bipr;r yro\lJe: :un,.r~l technlcll inidn!$3t!on 3n l'lc~~.r.rkang IIIK' lrchn.10- 
g) ,  tile currcnL LA\JII Research mJ Engtnccrlng LKGL r l i~~ . - , f - t l a -~ rc  r l u l l  a t3 l ) r -  
8c rrrckln2 prdxsr  I1 rl.2 ~ . m r . r s  !he mrpr  1c;hnt;ll reawn< i,r ~rl:;t~n? ERarL % 

technology: 

The technology is up to date as a result of a continuous improvement program. 
improvements flow from a significant R&D effort, extensive feedback on operat- 
ing units, and 50 years of design experience. 
The main advantages for Flexicracking IIIR are 

Feed and yield flexibility 
Unsurpassed reliability 
Modern cart-effective design 
Applicability to grarr roots and upgrades 

INTRODUCTION: EVOLUTION OF 
FLEXICRACKING IllR 

Exxon invented and commercialized the fluid catalytic cracking (FCC) process 50 
years ago and continues to be the leader in implementing FCC process improvements. 

I 
Trademark of Exxon Corporation. 
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ER&B's Flexicracking technology was developed from many years of design and 
aperating experience plus an ongoing, aggressive R&D effort. Flenicracking technolo- 
gy continues to improve and evolve. The new ER&E Flexieracking IIlR unit can effi- 
ciently handle feeds from hydrotreated vacuum gas oil (VGO) to residual oil (resid). 
Even highly aromatic lube extracts can be economically processed. The Flexicraeking 
1IIR unit is based on the advanced features in use in the current Flenicraeking units 
and also includes man" new features. Several of these new features were sueeested bv .- 
the I:K&F. pr.lprtcnr) A.l\~e;r.J Pr,crrr \In.lcl I.\F\Il. .I l h ~ l ~ l y  % ,pc~.~tm:~l~d iuoJ1- 
menu1 11) J r~Jymnll :  UIIJ l l ~ e i . :  m. dl,l of in. F('(' prc.ei% I)., :l,ylhcn! ~ n d  .'on- 
m~r:8?.#7~1~~!> "! the ".<$ Flex#.rack~t~p IIIK ~ . $ e d  prdpr~e!:&r! fir!~t,.elemcr.c l~yJr%iy- 
n:wn#c mrdel%. ..Id 110s inoJclr, yllol pllnt r . m \  atld :.nnl>.rr.#~l d:m.n.trst#on* ui 
key nr.n tr:hnu.~g) 6pp18c&c!.nr Rcrl;ra;!<.ng lilR unll p1rice.S ~ . > J I )  Ir 1tl.h per- 
fur~naolcs in fi.<d ilexlhtl!l), product ir.lr:t#$!l\, .o?\<rb~or# D ~ L T - I I O ;  fle'ilb~l!i), C l l ~  
oiopcrdmn, reI~:~h~lity. xud .er\.~:c, f ~ o !  

2.5 Million Barrel per  Day Cracking Capacity 

Today, 23 FCC units (FCCUs) are operating in Exxon refineries around the world 
with a total capacity of 1.2 million barrels per day. In addition, 44 licensed units with 
r I . X J I  :.qpa;lc) 01 I 1 n ~ ~ i l ~ o r \  h d r ~ l - .  per dry arc in uy.r.'tl ,n Lxt.r8i#\e .>prrllm,c 
fr:db,ck ~ n d  dwpn  c\pC~rll.w:c sith thl,sr uoitr u h  ~ ~ t . u r y c ~ r ~ t r J  1 5 8  llle i . l i .~~ir:trk~ny 
lllR de .1~~2  Tllli .h,plrr pruv.der , t~ I~nn .~c , .u l  on i:K&F -de,lynrJ F U ' I * .  

Resids a n d  Lube Extracts Are Routine Feeds 

!3&QE-designed units process a wide variety of feedstocks ranging from hydrotreated 
VGO to vacuum resids. Lube extracts, deasphalted oil (DAO), coker gas oil, etc, are 
also routine feeds. There are obvious strong economic incentives to process marginal 
feedstocks. Deep-cut vacuum pipestill (VPS) operations, resid feeds, and highly aro- 
matic feeds are, therefore, a fact of life far ER&E-designed units. For example, a 
well-known refinery performance assessment organization surveyed 50 European 
FCCUs in 1988. Normalization of the survey, to account for poorer quality feeds and 
differences in operating conditions, shows that conversion on ER&E-designed units 
was better than or equal to conversion on competitive units. 

Associated Technologies 

ER&E offers associated technologies that can be integrated with the Flenicracking 
IIIR process. For example: 

Cat Feed Bydrotreoling (GO-fining).* This is a modern and proven process that 
provides the refiner with an efficient and economical way of upgrading the quality of 
Flexicracking feeds. Important quality criteria for a cat crbcliing feedstock are low 
levels of metals, Canradson carbon residue, mulliring aromatics, nitrogen, and sulfur. 
Feeds that are suitable for GO-fining include thermal and coker gas oils, dearphaited 
oils, heavy cat cycle oils, and heavy vacuum gas oils. 

Trademark of Exion Comoration 
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Wer Gas Scrubbing. While FCCUs are one of the most important units within a 
modern refining complex, they are also a potential source of atmospheric emissions. 
As early as 1971, ER&E began development work on a scrubbing system to control 
atmospheric emissions from FCCUs. The resulting Bxxon wet gas smbbing (WGS) 
unit is a simple, effective, and economic method of controlling particulates and sulfur 
oxides to meet current regulations. Since the start-up of the first unit in 1974, a toM 
of 14 units have been installed. 

THE FLEXICRACKING lllR PROCESS 

Main Features 

The Flexicracking IIIR unit, as shown in Fig. 3.1.1, uses the minimum reactor cyclone 
vessel elevation consistent with the appropriate reactor-riser length. This minimizer 
structure height and cost. The proprietary, commercially proven, reactor-riser termina- 
tion minimizes dilute-phase cracking. A state-of-the-art k e d  injection system provides 
excellent feed atomization. disoersion. and eatalvst-oil contactins. A hvdrodvnamical- . . - ,  . 
ly engineered feed injection zone gi&tly enhances the benefits of the new efficient 
feed injectors by minimizing undesirable riser-reactor backmixing. 

Precise Process Control 

The Flexicracking IIIR unit catalyst circulation system uses I-bend transfer Lines with 
throttling slide valves for both the spent and the regenerated catalyst circuits. This 
configuration provider excellent reactor temperature control via catalyst circulation 
control andlar feed temperature control. Catalyst circulation is smooth and stable and 
essentially insensitive to catalyst type or fines content. No potentially noubiesame 

Reliable Regenerator 

The Flexicracking IIIR unit uses a high-velocity, high-efficiency regenerator with a 
plate-grid air distributor for the best possible air disvibution and ultralow carbon on 
regenerated catalyst (CRC), for example. 0.03 wt 46. The grid uses a reliable, low- 
thermal-stress design that is inherently resistant to process upsets. This is accom- 
plished by coaling the grid with regeneration air. The regenerator design is also sim- 
ple and uncluttered for high reliability. No baffles or mechanically complex pipe 
distributors are needed. A single low-temperature grid seal, not subject to catalyst ero- 
sion, is located in the air plenum. 

Efficient Stripping 

An efficient stagged-catalyst stripper is provided to minimize coke production and loss 
of reactor products to the regenerator. Many laboratory and commercial tests have 
shown that the catalyst stripper can be significantly improved by some relatively inen- 
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STRIPPER 
. .. . . -" 
CATALYST J-BEND 

PLAN VIEW 

STANDPIPE 

SPENT 1 
CATALYSTJ.BEND CATALYST JIENO 

FIGURE 3.1.1 Flexicracking m u n i t .  

pensive design and operational changes. These new design feaNres have been incor- 
porated into the Flericracking UlR design. 

Good Heat Balance Control 

Normally even poor feeds can be accommodated with the inclusion of an ER&E CO 
combustor, which can be a steam generator or an oil heater. This flexibility is advanta- 
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geous to many refineries with a steam containment problem. The ER&E proprietary 
adiabatic combustar design greatly improves the reliability of the combustor as cam- 
pared to conventional water wall designs. In addition, the ER&E design minimizes the 
amount of supplemental fuel firing which is necessary to ensure complete combustion 
of CO. Alternatively, a proven UOP catalyst cooler can be offered as part of the 
Flexicracking lIlR unit, if the feed quality requires this type of heat balance control 
equipment. 

Proven Safety 

Well-proven emergency shutdown systems (ESDs) are included to protect the unit 
from damage during upset conditions. 

Patented Trickle Valves 

.... ~~~~~~~~~ ~ ~~~~ -~ 
essentiallv iam-oraof. which is esoeeiallv im~orrant in the oatentiallv cokine environ- , <  . . . . .  - 
merit of the reactor cyclone vessel. These innovations ~ reu t ly  reduce wear on the 
wear-prone secondary trickle valves 

Designed to Be Cost-Effective 

The Flexicracking IIIR unit reactor (cyclone vessel) elevation has been reduced to the 
minimum consistent with the riser-reactor length necessary for short contact lime 
(SCT) catalytic cracking. This, of course, results in reduced structural casts and 
improved uccerribility. 

The Flexicracking llIR unit high-efficiency riser termination is not only more effi- 
cient than previous designs, but is lower in capital cost and pressure drop. The lower 

- ~ - -  ~~ ~~~~~ " - 
mal-transient resistant than previous designs and is also lower in capital cost. 

MAJOR PROCESS FEATURES 

Feed Injection 

Improved Atomizalion/Distribufion and Reduced Bockmixing. Over the last 
decade, it has become increasingly obvious that improved feed injection systems 
could result in improved process performance and profitability. Improved feed injec- 
tion systems became essential with the advent of SCT reactor designs and operations 
with resids and other margipl feeds. The objectives of improved feed injection sys- 

li tems are 
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- Optimum feed atomization and distribution of the iitornized feed across the riser 
allows rapid mixing, vaporization, and reaction to occur. Poor atomization or poor 
distribution can lead to temperature maldistributions and catalyst hot spots that 
cause increased gas and coke production. . Reduced catalyst backmixing in the injection zone. An ideal plug flow reaction sys- 
tem minimizes yield debits due to backmining, which recontacts the reaction prod- 
ucts with fresh catalyst and uncracked feed. 

New Inj@ctorr Reduce Drop Sire and Improve Distribution. Feed injector design 
improvements have been developed through laborutory'studies, cold flow testing, and 
many commercial trials. Continuous improvements have been demonsmted from the 
original straight pipe injectors to "conventional" nozzles and now the latest design of 
state-of-the-art injectors. Figure 3.1.2 shows the relative drop size and spray distribu- 
tion pattern af the latest injectors compared to the older conventional nozzles that they 
have replaced. The improved atomization and distribution shown are achieved at rela- 
tively low steam rates and pressure drops. Riser and nozzle erosion experience has 
also been excellent. The improvements in atomization and spray distribution are cleat 
and the commercial results have been outstanding. 

New Injectors Improve Riser-Reactor Tamperoture Prqfile. Poor feed injector per- 
formance can lead to poor yields from the riser-reactor. Temperature maldistribution 
above the injection zone caused by maldistribution of feed and catalyst results in 
nonuniform mixing and nonuniform reaction conditions. Yield debits are the result. 
Figure 3.1.3 shows typical commercial riser temperature profiles before and after the 
installation of new state-of-the-art feed injectors. The temperature profile after the 

Atomizetion 
4 

Conventional Feed 

Relalive 
a -  < 

Drop Size 2 - 
New 

1 - - State-01-6snn 
injectors 

PRSSU~B DWP, PSI 

~ ~ ~ i ~ ~ l  r ~ i ~ t r i b ~ t i ~ ~  , Conventional Injectors 

Relative 
Uquid 
Rate 

New 
State.Of.theAn 

I " j ~ r s  

40 Relative Performance 

20 at Constant Liquid 
and Vapor Rates, lim 0 Raaial Position and Pressure Conslant Drop 

FIGURE 3.1.2 FCC" feed injection-feed atomization aid  diseibution 
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PICURE 3.1.3 FCCU Fred injector perfommce-riser temperature profils 

1nrc4l:~rlon or  ihu n c .  mj.ccc.rl . l o r i )  ~ndl;jt:, ##npr.,\rl r n ~ u u :  ~n.1 incrc,;d 
vJp.c#7 t!~oo lh,w:r UL !he r ~ % : r  Sdb$!anthl # ~ ~ # ~ ~ r o ~ e # n e o h  1" bxlt € 9 ~  :ma :"kc h<,lc: 
tl\,tl#et h,vr br.rw dr#nc~n\cr.c~.d LII dwr'n\ ot itell in]raa. n syrcetll a p p r ~ J ~ . % .  

.Ye% Feed lnj+vnon Zuns 7 k r p s ~  Piup Ptf,w. R:.r##t llrccr i s , .  ui Lced in):;tlun 
n,n.,, 11 , re  \h ,un th:tc Ibr.Lrnlutl: 811 lhc ~ n j ~ ~ . t ~ o r #  )one c*n h: Jr~st8:.1I.) r~du:cJ b) 
adjt~<l#ng and .pc#mlnni th; Ji\ lpn .nJ . 'pul!#n~ ; m J ~ c ~ . n ,  F g  3 1 1 . Kcd.o:.~~g 
IblcLrnah~n; 8 1 .  ihc 7.m: I, r c q ~ r r d  IJ pro<~dc  u n l l ~ n n  im>per.sur:% mJ rca:nnn ron- 
JIII. ns. and r . ,  rpprur-I8 the IJ I I I  plup flou rca.tlo!# r)sccrn p:ridrml~lce 

Commercial Results Verify High Profitability. The commercial results from 
improved feed atomization and dispersion have been very positive. Table 3.1.I-shows 
typical before and after commercial data from one unit that installed new feed injec- 
tors without optimizing the feed injection zone. Further improvements would have 

veloeny A velacny e Velmity A Velocity B 

UPSTREAM RISER VELOCITY 

FIGURE 3.1.4 md injetion zone optimiza6on-baekmixiog impmvemcnr Hdium mew 
rst nsuttr-ne added atinjsctars. 
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TABLE 3.1.1 FCCU Feed lojcctor ~erformance-T~~ical  BefoielAfter Yield 
comparison 

consroar reactor rrmnparniure. feed quality ond coialysr 

 are ~ e w  stare- of^ 
c i j  the-art injectors 

- ' .  
C: ta;l, LV % (wt 5%) 9.6 (5.4) 
C, total, LV % (wt %I 15.4 (10.01 
~ , 1 4 3 0 ~ F ( 2 2 1 ~ C )  rnphlha, LV % (wt 46) 58.9 (48.8) 
LCG, LV % (wi 90) 21.0 (21.31 
78O0F+ (415'C + I  bottoms, LV % (wt %) 4.3 (5.2) 
Coke, wt % 6.3 
Conversion. LV 5% ( ~ 1 % )  FF 74.7 (73.5) 

been realized by optimizing the feed injection zone. Refineries have taken advantage 
of the operating margins allowed by these improved yield selectivities to increase con- 
version, increase throughput, or run marginal feeds. 

Riser a n d  Rise r  T e r m i n a t i o n  

I<K&li Piunsrrrd ,411-Risrr ( nrrliny 195.5. T l ~ e  e v o l u t ~ ~ n  d l  .r.,;k##lp cutrl) 
h l r  resulted i n  r .. r r c , p ~ l l d l n p  c\,,lutlol# in ch; rr.rruc,n \yrtl.,tt p r o c e ~ ,  ~ ~ m f i p ~ ~ l t l ~ ~ ~  
fro,!. the .>Id bd;h!mxcd p r l r l - ~ ) p ~  rrac$or 'ouflgurrl~ul# lo n t o d ~ r n  plu: f l d s  all rtrer 

: o n r l g d r ~ t i ~ t ~ r  ToJry. thr  I ~ I I I J  ralal) t~:  ;rdck#ng IIIIII 're1.t. r" \os(.I 8 %  no 10n#cr A 

rcrcwr, but h31 h c ~ ~ n t ;  a C):ICI~C \ ~ , ~ e l ~ ~ ~ t a l ) s f  ilrmpp~r. The  ncer-rcrctJr s n J  rlrer 
c e r m ~ n ~ t l ~ n  nd\r. be;on~e ih, r::,.r.r l h r  Eqkon Ua)t.n\n 2 I.CC unit ad% a plnnccr 
~ ~ ~ ~ ~ - u l - ~ l ~ , - ? r ~  tun,! !n thi> ~ \ o l t ~ t ~ o n  In 1955 b 11ser ccrmln.ic!utl ~ o ~ ~ s ~ ? l ~ n ~  .>f  roug1.- 
L u t  .):innet s l r  i t . , t~l lea in ry;ldlle c<ncn###m;nt \ o \ e l  and i r  %1111 101 .pcrll#on 
Tnc  r o ~ s h - ; ~  i.)clnncc trrm~~~:tc,.d 6 lh ,n~ .  s t ~ . ~ l $ l ~ c .  \<,n.cul rl*cr-r.x.l.r 

Riser Terminotiorrs. T h e  riser-reactor termination device fo r  Flenicracking IIIR 
units has  been the  subiect  of an intensive R&D effort and  has  been continuously 
~ m p r ~ v : d  Tool< f. r i.\>llla!lnp th: pra:c.r yerform3n;r. . T  a l r : r##~t l \ e  lrrnllnltloll 
cuufig.~rarlon~ h l \ c  itl8prn\sJ Jrlm:ttlc..ll) 11. 8c:rnl )cars  11. rdlltilln ~ ~ ' ~ ~ ~ ~ s # . l # o n r l  
u o l i  TI.,,\ muJl.llllp. rhr. rlr,.r cerrn,nr.lutt 11x5 b < r # ~  dc, :lopcJ by . h w p  ? J Y ~ ; c J  
fln~~~..rl<nl:t,! ruo. r n ~  ~ l . r , . ~ - d ~ m c n , l ~ l ~ - ~ l  t \ \ ~ - l , l ~ n s c  h r \ - ,d l~J  1 1 y d r n J ) n ~ m ~ :  a l u l -  
'1. Cuu lo .~crc l~ l  ULUC tracer ic,t% ha,e hrdu ureJ  to \ : l l l l> le  ihl, m. , Jc l~ng  Rp. l rc  
3 1 5 r l ~ n u . ~  chs predl:ad snJ  a; t~nl  v.p~r rc\lJun.'i l l n c  d~xlrihuudl. for nnz rom-  
twer:131 lerc Thlr  ~ ~ n p r . n ~ J  s.ddellng pr..dtcuon te:h811qu: r l idn,  ar: 3831' r \ ~ l u  l l l ~ n  
m J  pr;dlrt#on . ~ f  p~t<nc i .~ l  lprocc,s prrlormince of \ ~ r ; . ~ u ,  r6:r xna rl%r.r t~ r l t a !n l#sn  
rultf#gurmon\ tln.,t o l t ~ ~ l ~ t  h i  cun.ld-.r~d f . ~  , I ,  r(:CV alodcrn~,rllc,n 

ly,c holdup and vapdr rrr~. lrn:r  ttrn,. I , ,  ih r  reactton ,)hc!m. are rcJu.r.J b) 318 311-r1.m 
type or c ~ n \ F r i l o ~ ~  other 111t:t1$11) \ ~ r i s b l e r  su.'ll n i  carly~t!u~l,  rextnr rsmprrdLrc. 
or :a.tl)r! a:!#\lty lnircnicd I., c ~ l l # p r n ~ i c c  An I I tr, 12% decrerrc in ."kc )#el.l 
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FIGURE 3.1.5 Commercial riser termination pedddmddddgas tracer response at cyclo~c ~utIct. 

and a 2 0  t o  25% decrease in dry gas yield have been achieved at constant conversion. 

- , r ~  ~~ ~~~~ 

S C T  reactor configuration are shown i n  Table 3.1.2. 

Cummcrrinl Result- Ur,nvn~lrulr UperoUlitj. Thr. E K k l  jrsngn ha\ b;cu rt.  .oul 
r ~ ~ c r : ~ ~ l  opcrm.ln s ichu  r t  n8.y opcrm11.ly p r ~ b 1 c . m ~ .  I 'hc r r  Ihr,: bcrol inn %art-up. 
.hutJusn.  ; O L I ~ ~ ~ ! .  eror~on, .,r in). ~ l h r r  rcponed proble08c u it11 rhe rlrer tsrminncldn. 

Dry Gos Reduction Demonstrahd. Reductions in dry gas yield have been clearly 
demonstrated in many commercial tests following modernization of older grid units to 
all-riser and SCT unit configurations. Figure 3.1.6 shows the dry gas yicld as a fune- 
tion of reactor temperature for typical grid and dl-riser unit configurations. This fig- 
ure covers many commercial unit reactor conversions and a wide range of operating 
temperatures and conditions. 

SCT Yields ore "Tunobk." Process analysis by the ER&E proprietary Advanced 
Process Model has identified the relative contributions of the intensity parameten to 
yield selectivity. The  effect of microactivity test (MAT), catalyst type, catalyst-to-oil 
ratio, and  reactor temperature on S C T  yields is  predictable. T h e  insight provided 
allows tailoring SCT performance via operating parameten. 

Stripper 

Strippers Can Be Improved. An efficient staged-catalyst suipper is  provided to min- 
imize coke production and lass of reactor products to tho regenerator. Many commer- 
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TABLE 3.1.2 Shon Contact Time Riser Conversion Commercial 
Performance Tests 

Conrrora feed mre/pualily and conrranr coke nnddry gas yraid 

Basc operatian SCT operation 

Conversion Bare + 3.5 LV 90 FF 
Dry gas B~~~ constant 
C, unsaturate Base + 23% 
C4 unsaturate Base + 24% 
Total LPG saturate Base + 11% 
Naohlha Base + 2% 
Distillate Base - 5% 
HCG + bottom$ Base - 13% 
Coke. wt % Bare Constant 

NoU: W 9a = liquid volume pemeni: FF = fresh fcad; R = rsrsarch 
octanri M = motor octane. 

Hr/C,IC. Yield. WT % FF - . -  

Riser Termination B 

3.5 - 

3 - 

2.5 - 

9W 925 950 975 1 WO 1025 

ReaDVlr Temp. *F 

FIGURE 3.1.6 Dry gar yiclds foirissr vrrrus grid-type PPPPLLL. 
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\ cia1 tests have shown that the catalyst stripper can be significantly improved by some 
relatively inexpensive design and operational changes. 

Strippar Improvcmertls Are Ecorromic. Large improvements to conventianal strip- 
per performance can be gained from operational as well as hardware changer. 
Laboratory and commercial studies have been conducted to improve the performance 
of existing hardware, us well as to develop new design features and options for mod- 
ernizing existing designs. 

Operationnl Changes Enho,tca Performozrce. Laboratory tests on spent catalyst 
samples from many commercial units have shown a significant potential to improve 
stripper performance and reduce the coke yield from existing strippers (Fig. 3.1.7). 
This graph shows that 20 to 40 percent reductions in coke yield, relative to the base 
case, are possible. Commercial tests of operational changes have also shown signifi- 
cant improvements in stripper performance. Figure 31.8 shows n roughly 15 percent 
reduction in coke yield following an adjustment to stripper operating conditions. 
These and other operational changes can be applied to new units, as well as many 
existing units, to improve performance. 

Hardware Modificolions. Hardware modifications are under development lo 
achieve improved stripper performance and commercial trials are scheduled. The 
potential credits make this an attractive area for continued study and improvement. 

Regenerator 

High-Velocity Regenerator Minimizes Holdup. The Flenicracking lllR unit uses a 
high-velocity, high-efficiency regenerator. A high-velocity dense bed minimizes 

". , 
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FIGURE 3.1.7 Ultimate s ~ p p e r  performance-pPttntiil coke reduction. 
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FIGURE 3.1.8 Commsrcirl FCCU sfnpper optimization lest rcruirr 
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cyclone life. The high effic;ency of the regenerator can be seen &om carbon on regen- 
erated catalyst; i.e.. most units operate in the 0.03 wt 9'0 region. The efticiency of the 
L R a L  d~.>i;n I* due, in p-n I., th<, lure of r na pl:,te CIIJ Idr an u r  dlrtrlbul3r A 2rlJ 
n ~ t h  i;venil i h~ l , aod  p,~,d hd lx  gne) 3 l ~ n c r .  m ~ r c  Jllfnrm dir dlst#tluct.>n 113rt a 
pip,. I8slribulur ~ t h  S C \ C ~ A I  h~nJr.,d ~ , . p :~ .  Thr rrld 8 ;  =Ir* Iksi me;h.n!;~ll) :om- 
plex than a pipe distributor 

Plate Grid Relicbilily Enhanced. A new design for a plate-type air distributor grid 
has been developed and commercially tested. The design substantially reduces the 
thermomechanical stresses that develop during unit operation. The relative defarma- 
tions experienced by a conventional grid and a modernized grid with reduced stresses 
and deformations are shown in Fig. 3.1.9. This reduction in deformation and stresses 
Vanslates directly into improved reliability. 

Reliability Improvements Continue. Cyclone lining and trickle valve details have 
been continuously "pgraded to improve service life and reliability. Inspection histories 
and process performance histories have been reviewed to reevaluate standards for 
cyclone design and operation. 

Control Systems 

Tight Reactor Temperatwe Control Can Be Prqfitnble. ER&E-designed control 
systems can be tailored to the needs, abilities, and wants of individual refineries. At 
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FIGURE 3.1.9 FCCU reliability improvement by reduced 
~lcrmomechvlical rcgeneratoi grid strcsscr. 

the simplest level, the instrumentation system handles the heat balance and controls 
reactor temperature by using catalyst circulation rate, feed preheat, or even fee3 rate 
(when ather control variables are at their constraint values). Carbon balance would be 
cnntrolled manuallv bv the aoerator at this level. At the intermediate level. the super- . . . . ~ ~ ~ ~ ~ ~ ~  ~~~ ~~ , a  . 
visorv control system handles heat and carbon balance and also controls reactor tem- 
oeraiure by "sine, cascades and multiple variables. At the advanced level, commercial- 
jy available optimization and conirol algorithms can be  obtained to maximize 
performance and control the heat and carbon balance This strategy maintains the 
desired tight control on reactor temperature but allows other controlled variables a 
-eater ranee of control. The aleorithmr emoloved can varv Several different strate- -~~~~~~~ ~~~~- . . 
gies have been successfully used on Flexicracking units 

Flexicrocking I I lR  Unit Designed for Tight Temperature Corrtrol. The 
Plericracking IIIR unit is capable of reactor temperature control via catalyst circula- 
tion andlor feed ternperamre control. Either control mode allows tight reactor tempera- 
ture control. The dual J-bend design, with throttling slide valves in each circuit, circu- 
lates catalyst extremely smoothly. This greatly facilitates tight reactor temperature 
control. Smooth circulation is maintained over a wide range of catalyst types and par- 
ticle sizes. These features allow a Flexicracking IIIR unit, using intermediate or 
advanced controls, to precisely control reactor temperature to +I'F or better. 

Tight reactor temperature control is necessary to consistently attain the desired 
yields and octane. The modem mexicracking IIIR unit can provide this tight reactor 
temperature control. 
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Advanced Yield Prediction Capability 

. -~ ~ 

tions of the reaction system ta the ultimate process yields. The APM is a sophisticated, 
fundamental, hydrodynamic, and kinetic-based computer model for predicting FCC 
yields and product qualities. This madel may be the most advanced FCCU model in use 
anywhere. The model uses easily obtained feed characterization data and unit-specific 
hydrodynamic information, The model captures the interactions among feedstock com- 
position, catalyst formulation, operating conditions, and unit conflguratitian. The tech- 
nique for simulating unit configuration is very flexible, which allows the use of the 
model for new geometry designs as well ar far existing units. It therefore allows the 
unit configuration to be tailored to specific feeds and specific processing objectives. 

Example I-Grid versus All-Riser. The power of this analysis can be seen by com- 
paring the relative effects of an older grid-type configuration to u newer all-riser con- 
figuration with an efficient riser termination and an improved stripper. Figure 3 ,110 
illustrates the relative gas and coke contributions from the various sections of the 
reaction system for these old and new system configurations. 

Example 2-Smorl Engineering Allows Low Cost Resid Operolionr. Knowledge of 
catalyst, hydrodynamic, and operational effects can be highly profitable. Figure 3.1.11 
shows how one unit was debottlenecked to process resid feed an top of an already 3 
highly aromatic lube extracts feed. Cost of the modifications required was insignifi- 
cant. Effective engineering tools have been developed to implement this type of cost- 
effective "drop-in" technology application. 

Dry Gar Readon 
Yield Coke Yisld 

RberI 41-Riser Rised All-Riser 
Gm Configuration Grid Configuration 

FIGURE 3.1.10 FCCU rearcion rysfsm performance. dry gas and coke 
yield impmvcmsnts-modern all-riser rsacror vcrius nseclgtid ce=roc. 

Example 3-Low Emissiorts Mogas. The ER&E Flexicraeking IIIR unit is ideal for 
low-emissions mogas production. Isobutylene and alefins production for associated 
processes such as methyl tertiary butyl ether (MTBE) can be easily maximized. Figure 
3.1.12 shows the step change in selectivity ta light olefins that is possible with 
Flexicracking IIIR technology. 

RELIABILITY 

Reliability Is the Key to Profitability 

Reliability is measured by time on stream and capacity utilization. Although signifi- 
cant profitability gains can be achieved by process performance improvements, they 
can be lost very quickly if the unit is not operating. The incentives for maximizing 
caovcitv utilization and minimizine downtime are, therefore. obvious. Not so obvious . . 
is that production Losses due to unscheduled outages will affect profitability more than 
production losses due to scheduled outages: i.e; unexpected downtime is worse than 
scheduled downtime. 

Systematic Approach to Improved Reliability 

O\;r the. 1-tj, drr ldr .  P K I .  hrr :unJu.trJ ;t r)srr#mct: i!\ily,~, >I rerlner). ,~r.>:c~,s. 
4n.l I : . I ~ I I I .  e##L r e l ~ ~ h ~ l ! ~ )  1.8 llnJ the. 5our:ci ,of lholll ;che.lulerl .ltJ ~ n . ~ h ~ J u l < . l  .ut-  
age. F\perrr in Jiilir:t~l J,rrq~llnc\ $2:" m3l rn~I \  m.~rh.mr,i.:,l, n,.l;l,lllrr). II w u -  

Feed 1982 -1992 
Spwific Glilvity 0.89 0.94 
CCR, Wt% ~ 0 . 2  8.1 
NI+V, WPPM 1 7 

PrdUCtP 1982- 1992 
430 Conversion. LV% 89 71 
Naphtha, Wm 40 40 
Coke. Wffi 6 6 

FIGURE 3.1.11 Staged technology pmgram provides effective route to 
increasd~resid catalytic craciung. 
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~ y p ~ c a l '  cominuou~ High Olefins 
18 unn avg) ZSM-5 use Units 

940 - 1030 RXT 
2124.2429 UCS 

FIGURE 3.1.12 Lawst ERBE designs provide high selectivities to 
light obflns. 

mentation, computing, process engineering, process design, operations, and mainte- 
nance have participated in the reliability analysis and studies. Key sources of produc- 
tion losses were identified, e.g., component unreliability, electricaliinsUumenticom- 
puter failure, machinery limitations, and process procedures. The sources were then 
analvzed to eliminate or mitieate problem areas and thereby improve reliabilily.Jhc 

Systematic Approach Has Worked 

Example I-ER&E FCCUs Rated Best in Capoeily Utilization. A well-known 
~efinery perfomance assessment organization surveyed 50 European FCCUs in 1988 

:!, and concluded that ER&E-designed units had a significantly better capacity utilization 

!I: than competitive units. 

Example 3-Recent Flexicraeking Unit Exceeds Exp~etations. The thirteenth 
grassroots Flexieraclang unit successfully started up in 1987. The first scheduled tum- 
around occurred in 1991, 4 years after the initial start-up. During there 4 years. or 
1461 days, the unit operated at an average capacity of 31,630 barrels per stream day 
(BPSD). The capacity utilization factor was 113%. based on the design capacity of 
25,000 barrels per day (BPD). 
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Improved LiningslAnchoring Syslems 
Improved Cyolonesand Plenums 

Refradory auaaty Cantrot 
Spray R s l ~ ~ ~ t l o n  

Cold Wall ValvsrNesrslsl~ioes 

1980 1981 1982 1983 1984 1985 1986 1987 1988 

Year 

FIGURE 3.1.13 FCCU reliability improvement-unpianncd capacity loss. 

During the run, the unit throughput was increased step by step up to a maximum 
capacity of 35,000 BPD. A capacity of 38,500 BPD was demonstrated following the 
recent turnaround. It was achieved after the installation of new feed injectors designed 
by ER&E, and represents a 10 percent capacity increase cornparedto the previous 
III?<IIIIIIII. Iced ;?pncmr) c11 35.0 .0 UPU. 

In thr i - ) ~ . ~ r  p c r i d  l ~ l l d u l l ~ $  11111111 slar l t~y,  llte F Icx~~r ihk t t~g  ~ 0 8 1  l8~d ?I feed 
outar..,, mu,t 21 >rlu.ll ucre ciru~ed h$ e*Lcrnrl fr;h rr 1 e . I2 nowcr fnllurcr. 5 - .  
instrument malfunctions, 3 expander prdblems, and 2 personnel stri!&s. Only three of 
the outages were caused by mechanical problems in the fluid solids section. No prcs- 
$"re ~r h~gh-t<.nly~,r~cure ehcur*lon* rc:ultr.d from in). ~f ihs i~ulr?,c% 

Dr-pttr. thc%r o u t ~ g i r  m J  rr.rulcing Ihcrn~d ry ;lr,. chr loit \% 1, in rrrcllrnt <otldl 
uon -,I ihr lim; uf lhr t lrsc  tl~r##ar.>lla#d, allel 4 )cart  of 0pcrau.m 

RESlD CONSIDERATIONS 

Flexicracking IIIR technology incorporates all of the advanced features developed 
specifically to handle a wide range of marginal feeds. Figure 3.1.14 shows how the 
feed quality varies among sin different ER&E-designed units which have been 
revampedimodified to process heavier feeds. Notice that although conversion decreas- 
es for the oaorer feeds. conversion as a oercentaee of ultimate conversion remains rel- 
d t~ .e l )  h~gll Ulrmnl!c ron\errl.>n i ,  ;rlcul.scr.d from fundirnenlil i c r J  +xallctrr. 

(i.,, d enplnccrlny phllo,dphy tar an) Jcslgn ir to keep il <ln#ple re l~ddc.  ~ n d  rco 
mlmi; The i ~ l l d s ~ n g  ; .~#del#ner $re umul  fr.r con$tderlns r r . 4  Jernpn ~>pt#<,n%. 

1. Modernization isfirst approach. Modernization of an existing VGO FCCU to 
handle resid is normally feasible and requires much lower investment than canstrue- 
tion of a grass-roots resid cracker. 

2. Single-stage regeneration is best approach. Single-stage regeneration is nor- 
mally feasible, even when processing resids. Single-stage regeneration is more cost- 
effective than two-stage regeneration. Additional equipment is more costly, more 
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~ e s d  Comp, % 

Ultimate Convanion Vac Resid 

AClUal Conver~lon 

40 

20 

0 
Unit A Unit 8 Unit C Unit D Unit E Unlt F 

ECAT METAB 2W 42W 3MO 35W 67W 9WO 

N~ts: Unit C rerid is hydrapracessed. 

FIGURE 3.1.14 Hi& conversions maintainsd with poor feeds 

complex to operate and leads to an incremental decrease in reliability. Flenicrackng 
! IIIR units do not require two-stage regenerators. 

3. Partial burn regeneration is first approach. A partial burn regenerator opera- 
tion can economically export combustion heat from the regenerator to an external CO 
combustor, thus permitting heat balanced operation with resids and other marginal 
feeds. The CO combustor also permits decoupling the heat balance from the fluid 
solids process operations. This allows optimization of the regenerator temperature and 
the feed injection zone conditions. Significant air blower savings are possible since 
the CO is burned externally at a much lower pressure than the regenerator pressure. 
The ER&E adiabatic CO combustor design is ideal for this service. Reliability is sig- 
nifieantly better than with conventional water wall designs and the need for supple- 
mental fuel firing is greatly reduced. If necessary to satisfy the heat balance with very 
high cake mvke resids, a UOP catalyst cooler design based on commercially demon- 
strated technology can be offered. 

4. Short conlacr rime is necmsnry. A short contact time configuration is normal- 
ly used for processing resids and other marginal feeds. Most Exxon and licensed reac- 
tor-bed units have been converted to configurations with shorter contact time cracking 
and some to true short contact time riser cracking. The trend to true short contact time 
cracking with 100 percent plug flaw continues. Many of the units converted to shorter 
contact time cracking will eventually be converted to m e  SCT. 
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5. A modern feed injection system is esrenfiai. Since riser cracking by definition 
must take place in the riser, feed atomization, uniform emss-sectional feed distribu- 
tion, and feed penetration to the center of the riser are critical. Therefore, a modern- 
ized feed injector zone and proprietary ER&E feed injectors should normally accom- 
oanv anv short contacting uoerade. . .  . , -  

6 C k  o r : .  I I . .  I C.L. r~ rmi i t  ,n i n  tile c)cloltr \ r t r c l  
I ,  !lot a prdblrlm i x  l.lt&L-dc\l;n:J unlit pr ,:e.-#l.g rcrlJ. cud i r  m ~ r + l n ~ l  i:~.l* 
Tne ke) 8s .. ~ ~ ~ . , J r r t l  i . c J  inje;~.. n 5 )  .tim, r pr,perl! des#$#a J SCI rr.L;c.,r .. ni~:.~- 
ration, and correct operating conditions. 

UPGRADING WITH FLEXICRACKING IllR 
TECHNOLOGY 

Modernization Is Profitable 

Many engineering challenges are posed when Flexieracking lllR technology is speci- 
fied for a FCCU modernization. Grass-roots designs have fewer constraints. The 
reduced demees of freedom in imolementine a modernization calls for extensive enoe- - - 
rience and sophisticated design tools. However, essentially any FCCU can benefit 
from an aggressive modernization program. For example: - Enion operates some of the oldest and some of the newest FCCUs. Several of them 

are vintage 1940s and they are still economical. The reason is a continuous 
improvement policy. This means that older FCCUs are periodically upgraded and 
modernized. 
Two Model I1 FCCUs. desiened in 1947. are now aoeratine with hieh reaction tem- - 
pcrrlure HRT .md Ihph-le#!lysrltare r ~ ~ g c n r t ~ l ~ ~ n  (IT1 K Anoiher ul.$c. hloJ-l 
I11 FCCC. Jr<~:n:d f ~ r  25.00 Ul'l> mn 1553, I $  !LON ~ p ~ r d ! n &  ahslut 125,t1111l 
RPD e(ti8 HRT aoJ IITR 

Resid Feeds  Handled wi th  FCCU Modernization 

State-of-the-art resid conversion has been demonstrated with proven, economic, sim- 
ple, and reliable upgrades of existing FCCUs. ER&E resid processing technology is 
cont~nuoutly imprniny ~nr l  hrs i s ~ c h e d  1111 ])dlnc \11>cri ~ \ ~ : I I \ I V L  ~8td C ) I I I ~ I L .  lllrd 
narc dial prr.r.,i : ~ n l ~ d ~ r i t l u n ,  .rc no ..~ngcr neceqi3o.. L.;, rerid Jpcr.ll.m, c i n  
alrno<r ~ 1 u r ) s  br ~ . ; ~ ~ ~ ~ ~ ~ , o d , t c J  by n~dJ<rnrim~n.  

Model  IV Converted to Resid Processing Unit 

1.x i.rdmplr.. >nc c x ~ , l ~ n p  hl. Jcl IV unit ih3l uar *r.g#t~%II) ;.,nrcr,.crJ in chc I ) ( I  k 
h ~ r  been tuown<J  to a ,c:tk-~f-che-~rt ~L , IJ  pr . l i ewng U ~ L ~ I  Tills hl.dcl I\' .prrxl,$ 
wtlh r t ~ m l # a l l $  luO nericnl  Norrh Sea atnt~sohrra rcrlJ Oncru~ln? dal, frarn tiu. . u ~~~ 

unit are shown in  able 3.1.3. The unit operates in a patial burn mode with a CO 
boiler and does not include a catalyst cooler. Yields and overall process performance 
of this modernized unit compare favorably with the performance of recent state-of- 
the-art designs reported in the literature. This VGO unit is now operating very reliably 
as a resid cracker without the complexity and expense of some grass-roots industry 
resid crackers. 
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TABLE 3.1.3 Model IV FCCU ~ ~ d e r n h e d  for Rerid 
serviccTypical Yield Performance 

Feedstock properties: 
Specific gravity 
~ n s i c  nitrogen, wt ppm 
Sulfur, wt % 
Conradson carbon, wt % 
~i on catalyst, wt ppm 
v on catalyst, wt ppm 

Yields, wt % on FF: 
C, - (including HBI 
c. itntn1> 
- 3  , - ~ ~ ~ ~ ,  
C, (total) 6.9 
C,143O0F (2211C) (gasoline) 43.0 
4301P (221'C)17W°F (37I1CI ( K O )  2/12 
700 '~+  (371'C +I (HCO + siurry) 12.9 

Conversion, wt % 62.9 

flats: FF = k s h  l e d ,  LCO = ligh~ejcle oil. 

Catalyst Cooling 

This particular converted Model IV unit did not require catalyst cooling, as it operates 
with a partial burn regenerator. However, for those operations that require catalyst 
coaling, ER&E can offer UOP catalyst cooling technology. 

ECONOMICS OF EXXON FLEXICRACKING lllR 
TECHNOLOGY 

The estimated costs far  a typical 30  thousand barrels per stream day (kBPSD) 
Flexicracking IlIR unit processing two different feedstocks ate  resented in Table 
3.1.4. The first case is far a conventional gas oil operation and the second is for a 
resid FCC processing a 5 Conradson carbon feed. Feeds from both eases are derived 
from ~ i d d l e    astern crudes. Utility requirements far bath cases are shown in Table 

ER&E-DESIGNED COMMERCIAL FCC UNITS 

ER&E has designed over 2.6 million barrels per day (million BPD) of catalytic crack- 
ing capacity of the world total of about 12 million BPD; ER&E-designed units range 
in  capacity from 3 to I40 thousand barrels per day (IIBPD). Since 1976, ER&E has 
designed 19 new Flenicracking units with over 600 kBPD of total capacity. Seventeen 
of these units are in operation. ER&E has experience with a full spectmm of unit con- 
figurations and reactor designs ranging from the early bed cracking reactors of the 
1940s to modern all-riser reactors. A list of ER&E-designed fluid catalytic cracking 
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TABLE 3.1.4 FlericrvckinglllR InveslmenlEslimntes 

30 LBPSD 
30 kBPSD rcsid (5 Conrrdson 

vacuum gas oil carbon feed) 

Fluid solids section* 17.1 22 1 
Primary fractionvtori 13.7 13.8 
Light endsf 6.2 6.2 
Total5 37.0 42.1 

*Includei reactor, zegcncmror, air blowrr. fmsh astd rpont carriyir 
hoppen. regenernor nur tertiary cyclone md her< r rcov~  
cry. ltmck. 

tlncluder piimrry Crrcrionrror, sidcslrerm strippers. we, grr 
compressor, md feed pnhert train. 

t l n c l v d ~ s  abiorbei drelhmizrr, sponge rbiorbor, de-burmirer. 
fuel zas scrubber. and C.L. md nrnhlhr mr6n. hcilirirr. " .  . 

51nl.ludrr all crpirri f a c i ~ i t i ~ s  within bauery limitr. common 
facilitiu such ul llinL racks and utilin headm, vendor rhon iahrira. 

unils is presented in Table 3.1.6. Figure 3.1.15 is a photograph of the most recent 
ER&E-designed grass-roots Flenicracking IlIR unit. The unit, located in Southeast 
Asia, started up in 1995 and has all of ER&E's latest Flexicracking IIIR technology 
features. Figure 3.1.16 is a photograph of an Ennon Flenicracking IIIR unit located in 
Canada. The unit was revamped in 1994 to upgrade to the latest ER&E Flexicracking 
IIIR technology features. 

SUMMARY 

Einon invented the fluid catalytic cracking process and has been an indusuy leader 
since commercializing the technology in 1942. ER&E has maintained an ongoing, 
aggressive R&D effort in this technology that has culminated in the current 
Flenicracking UIR design. This design allows efficient processing of many feeds pre- 
viously considered impractical for fluid catalytic cracking. 

There are still gains to be made in approaching maximum conversion or volume 
expansion (Fig. 3.1.17). The ER&E Flexicracking R&D effort is directed at capturing 
this imoroved nerformnnce~ ~~ ~ .~ . - - ~ ~ ~ ~  

Thr i:lcxl;rd:kln~ unit d ~ y n  will .ont#rntle 14 raolvc 2s part oi ERaE'r conrtn~nur 
8mpr.wr.rnc.nC pru;rrltl Cl#?np##l@ !rcd;rn:k* ~ n d  s ~ p c r ~ t ~ n p  o b ~ e c r # \ r i  \ u I I  dl.2 bc 
rci1r:red i n  #New dcrl;n, Ihc lurrrnc trmJr :rr lo c'\r.n hr..t\~cr IccJ,, s i l l ,  h l v h ~  ruliur 
and metals, and to rebuced-emissianr gasoline. These trends are expected to {ave long- 
term impact on the Fiericracking process as well as catalyst design and formulation. 
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TABLE 3.1.6 ER&E-Designed Catalytic Cracking Units? (Continued) 

Crpnciry, total Type initial 
Company Location feed, BPSD of unit operation 

Licensed Far Erst 18,000 Flericrrcking (m) 1979 
Licensed unit" United Stares 19.000 Model IV 1979 
Licensed unitn--J United States 89,200 Flexicrvcking (RIB) 1979 
Liccnsed uniteb United Stater 34,000 Flexicracking (RIB) 1980 
Licensed unil"*J Unifcd States 33,000 ncnicracking (TIL) 1980 
Licensed United States 17.500 Model IV 1981 
Licensed uniF." South America 95.400 Flericracking (RIB) 1982 
Licensed uniFUC Europe 31,200 Flenicracking (RIB) 1982 
Licensed uniPb Far Bast 28.500 Flexicrrcking (RIB1 1982 
Licensed unita"anrda 27,500 Flexicracking (RIB) 1983 
~ icensed  ~ n i r ' . ~  Europe 16.500 Flexicmcking ( m l  1983 
Licensed Europe 31,200 Fiericracking (RIB) 1983 
Licensed units'-' United States 42,000 Flexicmcking (TIL) 1984 
Licensed unitao.' Europe 15,000 Flexicracking (TIL) 1992 
Licensed uniPb SouIh Acnerica 23.400 Flexicrrcking(TIL) 1986 
Licensed South America 34,300 Fleiicracking (TIL) 1986 
Bxxon unitYb Far East 39.100 Flexicrvcking (TIL) 1985 
Licensed unit"'.' Eurupe 30,000 Flexicrreking (TL) 1987 
E u o n  unit Europe 30,000 Flenicracking (TIL) 1993 
Erxon unit Southeast Asia 23,000 Flcxicrucking IILR 1994 

.uniu on which PiCxicrrcring design f~.turcs hrvc been incoqorrtrd. 

*Units with high~i~mpernrurs rsg~nention facilities installed or under design by ERB.8. 
'"mi* with IegPncrBtor flue gar ~crubbing. 
dOrigi"al design by others. 

* wniis ~ i t h  ~ ~ & ~ - i i c e n s e d  nurgas expmdcr installed orplnnned. 

Rlnils far which ERBIE flue gar exprndsi dsrign spccifirvlions h w s  bcrn prepared, but expander war not 
installd. 

Note: Tn. = Transfer line: RIB = RiJzrhed: BPSD = barn13 per stream day; N.A. = nolrvailabls. 
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ElGURE 3.1.15 Latest grass~mots ER&E-designed Flericracking InR unit, located 
in Thailand. 
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FIGURE 3.1.16 Exion Flexlcracking IILRRR~~ located in Canada. 
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CHAPTER 3.2 
THE M.W. KELLOGG 

COMPANY 
FLUID CATALYTIC 

Tlfin E. Johnson and Phillip K. Niccum 
The M. W. Kellogg Company 

Hoi<sron, Texas 

INTRODUCTION 

.. . . .. .. 
vert excess refinery aas oils and heavier refinery streams into aasaline, C, and C. 
olefins, and light cycg  oil, bringing refinery outp;t mare in-line with markei 
demands. FCC is often the heart of a modern refinery because of its adaptability to 
changing feedstocks and product demands and because of the high margins that exist 
between FCC feedstocks and converted FCC oroducts. As oil refinine has evolved ~~ - ~ ~ ~~~ ~~~ 

over the last 50 years. the FCC orocess has evolved with it. meeting the challenees of 
cra;king hch\lcr. utnrL . ~ l . t : t s ~ i n ~ l c J  fr .rJ, lock~, ~ n . r r ~ . t n &  operalwf ne~#hl l$c) .  
. .cco~n,.~udrt~ny c n \ t r ~ ~ n ~ n e r ~ , a l  legtrl>tiun. L ~ J  rnr*altllrtng r:llihllic) In IYYl, 
'I'hr \ I  W K r l l y j  C.mpm) 2nd h4nh.l 081 C o r p d r s ~ ~ n  jo~nrd togscltcr 1 ,  cflvr lllu 
FCC technology discussed here. 

FEEDSTOCKS 

The modern FCC unit can accept a broad range of feedstocks, a fact which contributes 
to catalytic cracking's reputation as one of the most flexible refining processes. 
Examples of common feedstocks for a conventional distillate feed FCC are 

. Atmospheric gas oils - Vacuum gas oils 

3.29 
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. Coker gas oils . Thermally cracked gas oils . Solvent-deasphalted oils . Lube extracts 

m Hydracracker bottoms 

Residual oil (resid) FCC (RFCC) units charge Conradson carbon residue and 
metal-contaminated feedstocks, such as atmospheric residues or mixtures of vacuum 
residue and gar oils. Depending on the level of carbon residue, sulfur, and metallic 
contaminants (nickel, vanadium, and sodium), these feedstock may be hydrotreated 
or deasphalted before being fed to an RFCC unit. Feed hydrotreating or deasphalting 
reduces Ule carbon residue and metals of the feed, reducing both the eoke-making ten- 
dency of the feed and catalyst deactivation. 

PRODUCTS 

Pmduets from the FCC and RFCC processes are typically: 

m Fuel gas (ethane and lighter hydrocarbons) . Hydrogen sulfide . C, and C, liquefied petroleum gas (LPG) . Gasoline - Light cycle oil . Practionator bottoms product (slurry oil) . Coke (combusted internally to produce regenerator flue gas) 

,llthnurh g%ollnc 3 1  t)pl;ally rhe ~d,lred pnldu:! rrnm st, FCC or KlCC pro:cts, 
Jerlgn iod oprrrrlng \.,rilblc< cm he adju%tcJ to mn\!mtze .,,her p r .d~~ . t \  The lhrcr 
prln;ipll m.,dr., J F C C  opiricl.n are maxrrl8um ga,ullnr pr.,Juaio!., mnumum llghc 
;)cle o ~ l  p r~d t~cunn  and m ; ~ r ~ m u m  igllt olclln produ:l~on, ollen r:icncJ to a- !nurt- 
mum LPG operation. 

Maximum Gasoline 

The maximum gasoline mode is characterized by use of an intermediate craeliing tem- 
perature, high catalyst activity, and high catalyst-to-oil ratla. Recycle normally is not 
used since the conversion after a single pass through the riser is already high. 
Maximization of gasoline yield requires the use of an effective feed injection system, 
a short contact time vertical riser, and efficient riser effluent separation to maximize 
the cracking selectivity to gasoline in the riser and to prevent secondary reactions 

1 ' :  from degrading the gasoline after it exits the riser. 

i '  
Maximum Middle Distillate 

The maximum middle-distillate mode of operation is a low-severity operation in 
which the frst-pass conversion is held to a low level to restrict recracking of light 
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cycle oil formed during initial cracking. Severity is lowered by reducing riser outlet 
temperature and cutalyst-to-oil ratio. The lower catalyst-ta-oil ratio often is achieved 
by the use of a fired feed heater, which significantly increases feed temperature. 

- .  " . , 
heavy cycle oil to the riser is used to reduce the yield of lower-value. heavy streams. . . . . 
such as slurry product. 

Middle distillate production also is maximized through the adjustment of fructiona- 

, ~~ , ~~ ~ ~~~ ~~~ ~~ n ~ ~ - ~ ~ ~ ~ ~ ~  

liehter oriducts in the P C ~ .  In addition. wiile maximizing middle distillate oroduc- 

Maximum Light Olefin Yield 

- . . 
the regenerator temperature in an optimum range. 

If the unit is not equipped with a catalyst cooler, catalyst activity may be lowered 
slightly during maximum light olefin operation to control regenerator temperature. 
Preferably, activity will be lowered through the use of a lower rare-earth-content fresh 
catalyst, since this also provides an improvement in coke selectivity and f&ther 
increases light olefin yields by minimidng hydrogen transfer reactions. 

Maximization of light olefin yield also requires the use of an effective feed injec- 
tion system and efficient riser effluent separation to minimize coke production in the 
riser and thermal cracking of products exiting the riser at the elevated operating tem- 
peratures. 

PROCESS DESCRIPTION 

The FCC process may be divided into the converter, flue gas, main fractionator, and 
vapor recovery sections. The number of product streams, the degree of product frac- 
tionation, flue gas processing steps, and several other aspects of the process will vary 
from unit to unit, depending on the requirements of the application. 

Converter 

The Kellogg Orthoflow FCC converter shown Pig. 3.2.1 consists of regenerator, 
i stripper, and disengager vessels, with continuous closed-loop catalyst circulation 

1 between the regenerator and disengngerlstripper. The term Orthoflow derives from the 
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PTO~UCIS to Main Fractionator 

7 

IL-pcLLr 
FIGURE 3.2.1 M.W. Kellogg Orthoflow ConVeitCr. 

in-line stacked arrangement of the disengager and stripper aver the regenerator. This 
arrangement has the following operational and cost advantages: 

Essentially all-vertical flow of catalyst in standpipes and risers 

Short regenerated and spent catalyst standpipes allowing robust catalyst circulation - Uniform distribution of spent catalyst in the sttipper and regenerator 
Low overall converter height - Minimum structural steel and plot area requirements 

Preheated fresh feedstock, plus any recycle feed, is charged to the base of the riser 

~ 

for quenching and fractionation. Coke formed dating the craekng reactions is deposit- 
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ed on the catalyst, thereby reducing its activity. The coked catalyst separated fram the 
reactor products in the direngager cyclones flows via the stripper and spent catalyst 
standpipe to the regenerator. The discharge rate from the standpipe is controlled by 
the spent catalyst ping valve 

In the regenerator, coke is removed from the spent catalyst by combustion with air, 
which is supplied to the regenerator sir distributors from an air blower. Flue gas from 
the combustion of coke exits the regenerator through two-stage cyclones, which 
remove all but a trace of catalvst from the flue eas. Flue eus is collected in an external 
plenum chamber and flows tothe flue gas t ra ih~egenerated catalyst, with its activity 
restored, is returned to the riser via the regenerated catalyst plug value, completing the 
cycle. 

Atamax" Feed Injection S y s t e m  

Thc Orll.ofl.>u kCS d c s f ~ t  srnplu), ? rei(cnrrdr.J .'.ilil),t st t0.1p~l.c. a .'dtd\ jl p l u ~  
\ A \ C  *nJ rll.rc, ~wcl~ncd licrrd to irrn%p.m ru:<'nc'rxed il.l.11) . I  lrom the rcpencrl- 
to) lo ih- r l r  r From lhr olue \.tlve ih; . ~c l l r s l  ilnn? ur, th: J.mr:-olc?:c ILlcnl. . 
which turns vertical before the oil injection pickup point. 

The catalyst then enters a feed injection cone surrounded by multiple flat-spray 
atomizing feed injection nozzles, as shown in Fig. 3.2.2. The flat, fan-shaped sprays 

Trademark ofThc M.W. Kcllogg Compmy. 

FIGURE 3.2.2 Atomax feed injetion nozzle 
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and spray pattern while minimizing feed-pressure requirements. The hot regenerated 
catalyst vaporizes the oil feed, raises it to reaction temperature, and supplies the nec- 
essary heat for cracking. 

The cracking reaction ~ roeeeds  as the catalyst and vapor mixture flows up the 
riser. The riser outlet temperature is controlled by the amount of  catalyst admitted to 
theriser by the catalyst plug valve. 

Riser Termination 

41 the lo) of the rl*cr, i l l  ~f t l ~ ~  $ele.ci\c crzck~n#  rl,dcl>or.< h n c  h:>n ;ulupk::J It 
ir intl,ortmt 1 . 1  n l ~ l . l n ~ ~ r ~ ,  yron.ict vrpdr rrr~.tcn;c tllrur 1 8 )  th: JI\;II:I"~ lo pre\e!tl 
ul.uantcJ ihr.r~tlti or c ~ . I ~ , I \ L ~ ~  :r_.kltl: reaci~,,n, cia< PC. JL.C 215 e x  ~ ~ t l  coke front 
more valuable oroducts. 

Closed cyclone technology is used to separate product vapors from catalyst with 
minimum vapor residence time in the disengager. This system (Figure 3.2.3) consists 
.f ri,er c)clonc% dlrt;ti) c n ~ p c J  I J  ,r.s~l#d.rr) ; ) . I ~ t c <  Il.,u.rJ ~n 111,. J~rengiper \ r * -  
$:I. The r i w r  :yclo!!ct cif;cl s 4ulck irprrrllotl or l n ~  *p:nl c2nl)*r md  pr lJucl 
vannri r ~ i t i n l  clle n ~ e r  ' I  hc v-o.rr rlou d~r,;tlt l r lm  lhr ut8rlcf at ihr nwr :v:ldno . - r ~ ~ ~  ~~~~~~~~- -~~~ r ~ 

into the inlets of the secondarv evclanes. then to the main fractionator for rapid , . 
quenching. 

Closed cyclones almost completely eliminate post-riser thermal cracking with its 
associated dry gas and butadiene production. Closed cyclone technology is particular- 

CI v 
FIGURE 3.2.3 Closed cyclone system. 
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Relative Oil Residence Time 

FIGURE 3.21 Thermal cracking reaction data from pilot 
plant. 

- 
distillate to produce predominantly dr; gas. 

S p e n t  Catalyst Stripping 

Catalyst separated in the cyclones flows through the respective diplegs and discharges 
into the stripper bed. In the stripper, hydrocarbon vapors from with& and around the 
catalyst particles are displaced by steam into the disengage1 dilute phase, minimizing 
hydrocarbon carryunder with the spent catalyst to the regenerator. Stripping is a very 
important function because it minimizes regenerator bed temoerature and reeentrator - " 
air requirements, resulting in  increased canvenian in repenemtor-temperah~re-limited 
or air-limited operations. - 

. . 
through i set of  hat &d doughnut b i k e s .  In the baffled section, a combination of res- 
idence time and steam partial pressure is used to allow Ule hydrocarbons to diffuse out 
of the catalyst pores info the steam introduced via. the lower bisoibutor. 

Stripped catalyst, with essentially all sttippable hydrocarbons removed, passer into 
a standpipe aerated with steam to maintain smooth flow. At the base of the standpipe, 
a Dlue valve regulates the flow of catalvst to maintain the soent catalvst level in the 
stFippir. The caialyst then flows into thd spent catalyst distributor and'into the regen- 
erator. 

Regeneration 

In lhe r:gsn2ratur, udkr i, bur!#ed 01, the ca!?l)st 1' supply mc her, rcqulrr.mmt, of 
111: pr%,cr..* And m rrvorc rhc c r ~ ~ l y < l  % r.l~\ll) 'lhe rcgrncrslar is opcrxed ~n e8llnrr 
.onll,lcl<. CO c ~ ~ m b u r t l ~ s  dr o:lrcial CO .utl.bu,lion m. Jc lhc cornbd,t!.>n nr~du:a 
from the burning of the coke ;nclude CO,, CO, H,O, SO, and NO,. i n  the reg'enerator 
cyclones, the combustion gases are separated from the catalyst. 
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Flue Gas Section 

Flue gas exits the regenerator through two-stage cyclones and an external plenum 
chamber into the flue gas train as shown in Fig. 3.2.8. Energy from the regenerator 
flue gas is recovered in the form of mechanical energy by means of a flue gas 
expander and in the form of heat by the generation of steam in the flue gas cooler. 

Power Recovery 

A flue gas expander is included to recover energy by reducing flue gas pressure. A 
third-stage catalyst separator is installed upstream of the expander to protect the 
expander blades from undue erosion. Overflow from the third-stage separator flows to 
the expander Nrbine, where energy is extracted in the form of work. The expander and 
a buttemy valve located near the expander inlet act in series to maintain the required 
regenerator pressure. A small quantity of gas with most of the catalyst is taken as 
underflow fram the third-rtaee catalvst senscator and is remmbined with the flue @as " - .  - 
downstream of the expander. 

The expander may be coupled with the main air blower, providing power for 
blower operation, as shown in Fig. 3.2.8. Or the air blower may be driven by a sepa- 
r x e  clrctrl; 811ornr ur ,tcxn larhanr, s x h  ~ . \ p : ~ ~ t d e r  .>ulpdt used <~,lrl) i.r i,le:r##cal 
poucr gwerntl in I f  th,. upmdcr ir FIIIIPI'J n l tn  the :ir blower, mJtdr.gel.eriltor I ;  

r:uuircJ . # I  ~ h c  111141 10 h ~ 1 ~ n . c  C X D ~ S ~ ~ C ~  YUIDIII n i lh  llle i8r ~IJPCI uower r~tlulr:. ~~r . ~~ 

ment, and a steam turbine is included to assist with start-up. The steam turbine may be 
designed for continuous operation as an economic outlet for excess steam, or a less 
expensive turbine exhausting to atmosphere may be used only during s ta-up.  

It Flbe Gas Heat Recovery 

/h' The flue eas from the expander flows to a flue gas cooler, aeneraune superheated 
lli I steam from the sensible heat of the flue gas streaml~f the untt i i  designez to aperate in 

I 1 plrrlnl CO ;ottlb~r*t$nn rnuJc, a CO boiler a.,ulJ bc i n 4 ~ l . r J  rather i h ~ n  a f l u c  g?. 
coo1r.r 'Ihe gases thrn p:ts 10 th: su,k In sc.mc ;me,. dn SO, 5:rubblng uwt or ele.. 
tr~sl.lcmc nrc:mic:stur i s  in*lrllcd. d:ncnd!nr on the r-verntn* u a \ , l r l l ~ m e n t ~ l  rcdulre- . . . '  - " 
merits for SO, and particulate emissions. 

I!, Main Fractionator Section 

!:I8 The process objectives of the main fractionator system are to: 

Condense superheated reaction products fram the FCC converter to produce liquid 
hydracarban products. . Provide some degree of fractionation between liquid sidestream products. 
Recover heat that is available from condensing superheated FCC converter products. 

A process flow diagram of the main fractionator section is shown in Fig. 3.2.9. 
Suoerheated FCC converter omducts are condensed in the main fractionator to om- 

Jucc ue, a d  r:tu p.;.,lin< fcotl. the ~ r l t c ~ d  r;tlur drum. light cyile 211 irom the 
bolloln r,i cllr I C O  \rnpp.r. and fri;l#ond~or bowoms fro,n ihc holtunt o i  rhc lllrln 

frrcC,,na~or ilei\,) nzplt~ha from 11c upper re:tlJn uf ihc mrln frlctmsnaalr i r  uulvred 
a, ~ I I  rrbv~rber 0 8 1  in thc ,r.wr.dars zb,drl,rr in lllr klpvr rc.o\cr) \c:c~un t V K S  .An)' 
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fractionator bottoms recycle and heavy cycle oil recycle also are condensed and sent 
to the RFCC converter. 

Heat recovered from condensation of the convener products is used to preheat 
fresh converter feed, to reboil the stripper and debutanizer towers in the VRS, and to 
generate high-pressure steam. Heat that cannot be recovered and utilized at a useful 
level is rejected to air and finally to cooling water. 

Fractionator Overhead 

Fractionator overhead vapor flows to the fractionator overhead air cooler, then to the 
overhead trim cooler. Fractionator overhead products, consisting of wet gas, raw gaso- 
line. and a small amount of reflux and sour water, are condensed in the overhead 
,cfl.,x ,><,e,,, 

Nct producrs Z,J r.flu\ ;rc rc; nured 1 ~ 1  111. frrcuoolcdr .~wrhezd retlll* d r ~ m  
Wet g.> fl,\r, t.3 tile aet ; ;d~tlpr:.v,r I [,le,surc %u:r#nr# Jrun, in chr. VKS Rau 
!~ \u lu l r  ir pucnp~d I., lllc top or 111.. prlmdr) .hqnrbr:r u n ~  %cr\es 3s pimar) lrrn 0 8 1  

Heavy Naphtha Pumparound 

Practionation trays are provided between the L C 0  and heavy naphtha draw in the 
main fractionator. Desired fractionation between the L C 0  and raw gasoline is 
achieved by induced reflun over these trays. Circulating reflm and lean oil are 
pumped to the pumparound system. 

Significant quantities of C, and C, boiling-range material are recovered in the 
return rich ail from the secondary absorber. This recovered material is vaporized and 
leaves the fractionator in the overhead product stream. Lighter components recovered 
in the secondary absorber are recycled between the fractionator and VRS. 

Light Cycle Oil 

L C 0  is withdrawn from the main fractionator and flows by gravity to the top tray of 

Heavy Cycle Oil Pumparound 

Net wet gar, raw gasoline, and L C 0  products are cooled and HCO reflux is condensed 
in this section. Total condensed material is collected in a total trao-out tray, which 
pra~8dcs \u:.~c,n r 3 the ptl!l.lnr.unJ pump 

Ncl tr?) I l . lu~J I .  p~rnpcd blck lo 1111 ;I:dnup I ra)$ b d d s  'The c l r c u l x ~ ~ ~ g r : f l ~ \  i c  
.JJII.J h) C\CIIRI.;III: 1hc.1 f i r r t  ~ 8 t h  the debucan~xsr i n  ,he VRS, chcn h) prehealslg 
Ires18 FCC frcJ 

Main Fractionator Bot toms  Pumparound  

FCC converter products, cansistlng of hydrocarbon gases, steam, inert gases, and a 
small amount of entrained catalyst fines, flow to the main fracuonator tower above the 
fractionator bottoms steam distributor The converter products are cooled and washed 
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free of catalyst fines by circulation of a cooled fractiohvtor battoms material over a 
baffled tower section above the feed inlet nozzle. 

Heat removed by the bottoms pumparound is used to generate steam in parallel k t -  
tle-type bailen and to preheat fresh FCC feed, as required. Fractionator bottoms piod- 
uct is withdrawn at a point downstream of the feed preheat exchangers. The bottoms 
product is cooled through a boiler feedwater preheater and an air cooler, and then is 
delivered to the battery limits. 

Fresh Feed Preheat 

The purpose of this system is to achieve required FCC converter feed preheat tempera- 
ture, often without use of a fired heater. The fresh feed may be combined from several 
sources in a feed surge drum. The combined feed then is pumped through various 
exchangers in the main fractionator section to achieve the desired feed temperature. 

Vapor Recovery Section 

The VRS consists of the wet gas compressor section, primary absorber, stripper, sec- 
ondary absorber, and debutanizer. The VRS receives wet gas and raw gasoline from 
the main fractionator overhead drum. The section is required to: 

. Reject C, and lighter components to the fuel gas system. . Recover C, and C,products as liquids with the required purity. . Produce debutanized gasoline product with the required vapor pressure. 

A process flow diagram of a typical VRS is shown in Fig. 3.2.10. 
Additional product fractionation towers may be included, depending on the desired 

number of products and required fractionation efficiency. These optional towers often 
include a depropanizer to separate C, and C, LPG, a C, splitter to separate propane 
from propylene, and a gasoline splitter to produce light and heavy gasoline products. 

Wet Gas Compression 

Wet gas from the fractionator overhead reflun drum flows to a two-stage centrifugal 
compressor. Hydrocarbon liquid from the low-pressure stage and high-pressure gar 
from the high-pressure stage are cooled in the air-cooled condenser and are combined 
with liquid from the primary absorber and vapor from the stripper overhead. This 
combined two-phase atream is cooled further in the high-pressure trim cooler before 
flowing into the high-pressure separator drum. 

Stripper 

Liquid from the high-pressure separator is pumped to the top tray of the stripper, 
which is required to strip C, and lighter components from the debutanizer feed. Thus, 
the stripper serves to convol the C, content of the C,IC, LPG product. Shipped C, and 
lighter products are rejected to the primary absorber. Absorbed C, and heavier prod- 
ucts are recovered in the stripper bottoms. 
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Primary Absorber is defined as 100 percent minus the volume percent yield of LC0 and heavier liauid 
products. In general, as conversion of feedstock increases, the yields of LPG, dry gas, 

Vapor from the high-pressure separator drum flows to a point below the bottom tray in and coke increase, while the yields of L C 0  and fractionator bottoms decrease. 
the absorber. Raw gasoline from the main fractionator and supplemental lean oil from (Gasoline yield increases, decreases, or remains constant depending on the conversion 
the bottom of the debutanizer combine and flow to the top tray of the absorber. This level.) Catalyst-to-oil ratio is the ratio of catalyst circulation rate to charge rate on a 
combined liquid feed serves to absorb C, and heavier components from the high-pres- weight basis. At constant charge rate, catalystloil increases us catalyst circulation 
sure vapor. increases. At constant riser temoerature. conversion increases as catalvsfloil increases 

Secondary Absorber 

Vapor from the primary absorber overhead contains recoverable liquid products. 
Gasoline-boiling-range components and a smaller quantity of C, and C, boiling-range 
material are recovered in Ule secondary absorber by contacting the primary absorber 
overhead with heavy naphtha lean ail from the main fractionator. 

Rich oil containing recovered material returns to the main fractionator. Sour fuel 
gar from Ule top of the secondary absorber flows to the amine treating section and, 
finally, to the fuel gas system. 

Liquid from the bottom of the stripper exchanges heat with the debutmizer bottoms 
, . and flows to the debutanizer. The debutanizer is required to produce a gasoline prod- 

uct of specified vapor pressure, as well as a C,IC4 stream containing minimal amounts 
of C, boiling-range materials. The debutanizer reboiler i s  heated by HCO 
pumparound. The debutanizer overhead condensing duty is supplied by an air-cooled 
condenser followed by a uim condenser utilizing cooling water. 

The debutanizer overhead liquid product, C,/C, LPG, is pumped to amine and 
I, caustic treating sections, then to product storage. The debutanber bottoms stream, 

i 
debutanizcd gasoline, exchanges heat with the debutanizer feed and cooling water 

! prior to caustic treating and delivery to product storage. 

because of the increased contaciof feed and catalyst. 
The following are six important independent operating variables: 

. Riser temperature . Recycle rates - Feed preheat temperature 
Resh feed rate - Catalyst makeup rate . Gasoline endpoint 

Riser Temperature 

Increasing the riser temperature set point will signal the regenerated catalyst valve to 
increase the hot catalyst flow as necessary to achieve the desired riser ourlet tempem- 
ture. The regenerator temperature also will rise because of the increased temperature 
of the catalyst returned to the regenerator and because of increased coke lvydown on 
the catalyst. When steady state is reached, both the catalyst circulation and regenerator 
temperature will be higher than they were at the lower riser temperature. The 
increased riser temperature and catalyst circulation (catalystloil) result in increased 
P"""P~\~o" . . . . . . . . . . 

Cnc~l [w~'d 14 lhr 4lhc.r mu-nr 21  incrcL4ny ;onvers#o!# in:ccjc.J nwr remprrrlurc 
pn~J~, r \  I ~ L .  lurpev lncrelre 8 1 8  I r )  gJs ,nJ C, )# r . l J~ ,  h ~ c  less t~#:rra,c in ;uk<)~cld. 
Tlus n~jkr.r in;rr.is#nx r i m  nrnprrrure i n  attr3ctnt  NJI IJ  incrrnse con\cnlnn nheu :a the unit is close to an air limit, but has some spare gas handling capacity, 

PROCESS VARIABLES Increasing riser temperature also significa&tly improves octane.   he octane effect 
of increased reactor temperature is about I(R+M)/Z per 2S0F, where R = research and 
M = motor. However, beyond a certain temperature, gasoline yield will be negatively 

There are a lame number of variables in the ooeration and desien of an FCC unit that affected. The octane effect often will swine the economics to favor hieh riser temoera- 
may be used f o  accommodate different fkedstocks and &eratine obiectives. 

" u 

ture operation. 
op;rational variables are those that may be manipulated while bn sueam to-optimize 

1 the FCC performance. Decisions on design variables must be made before the unit is 
constructed. Recycle Rates 

HCO and s l u m  from the man fracuonator can be reeveled to the nser to ,"crease 
Ooerational Variables conversion andlor lncrease regenerator temperature when spare coke-burnine eaoacirv 

is available. Coke and gas yieid will be higher from cracking HCO or slurry'ih& from 
FCC operating variables can be grouped into dependent and independent variables. cracking incremental fresh feed, so regenerator temperature and gas yield will increase 
Many operating variables, such as regenerator temperature and catalyst circulation significantly when HCO or slurry is recycled to the riser. Therefore recycle of slurry 
rate, are considered dependent because operators do not have direct control of them. to the riser is an effective wav to increase reseneratar temoerature if this i s  reouired . ~~~ ~~~ ~- ~~ ~~~ 

Independent variables &e those over whiih the operators have direct conuol, such as If the FCC is Limited an gas iandling capaci6, the use of HCO or slurry recycle will 
riser outlet temperature and recycle rate. require a reduction in riser temperature, which will depress octane. Conversion also 

Two dependent operating variables useful in a discussion of other variables are could fall. 
conversion and catalyst-to-oil ratio. Conversion is a measure of the degree to which Operation with HCO or slurry recycle together with lower riser temperature some- 
the feedstock is cracked to lighter products and coke during processing in the FCC. It times is used when the objective is to maximize L C 0  yield. This is accomplished 
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because the low riser temperature minimizes crucking'af LCO-boiling-range material 
into gasoline and lighter products, while the recycle of the heavy gas ail provides 
some conversion of these streams into LCO. 

Sometimes. rlurry recycle is employed to take entrained catalyst back into the con- 
verter. This is done most often when catalyst losses from the reactor are excessive. 

Feed Preheat Temperature  

Decreasing the temperature of the feed to the nser ,"creases the catalyst c~rculat~on 

- ~~~. - ~~ ~~~~-~~~ - ~~~ ~ ~ 

~~~~ c~~~~ ~~ . . 
temoerature oroduces a lareer increase in eoke yield. but smaller increases in C. and 
dry'gas yieli and octane. Feed preheat temperature has a large effect on cake yield 
because reducing the heat supplied by the charge to the riser requires an increase in 
heat from the circulating catalyst to satisfy the riser heat demand. 

When the FCC is near a dry gas or C, prpduction limit-but has spare coke bum- 
ing capacity-reducing preheat temperature is often the best way to increase conver- 
sion. Conversely, if the FCC is air-limited, but has excess light ends capacity, high 
preheat (and riser temperature) is often the preferred mode of operation. 

In most cases, reducing preheat will lead to a lower regenerator temperature 
because the initial increase in coke yield from the higher catalyst circulation (eata- 
lystloil) is not enough to supply the increased reactor heat demand. In other cases, 
reducing feed preheat temperature may result in an increased regenerator temperature. 
This is especially likely if the feed preheat temperature is reduced to the point that it 
hinders feed vaooriaatian in the riser. or if eatalvst shinnine efficiency falls because .. - 
ofhigher cataly'st circulation rate. 

Fresh Feed Rate 

As feed rate to the riser is increased, the other independent operating variables usually 
must be adjusted to produce a lower conversion so that the unit will stay within con- 
trolling unit limitations (i.e., air blower capacity, catalyst circulation capability, gas 
comoressor caoacitv. downstream C. and C. olefin orocersine, ca~acitv). The Yield . , - .  . 
and p r o d ~ ~ t - ~ ~ a l i t y  effects associated with tl& drop in conversion are chiefly a func- 
tion of changes in these other independent variables. Economically, feed rate is a very 
important operating variable because of the profit associated with each barrel 

Catalyrt Makeup Rate 

Each day, several tons of fresh catalyst are added to the FCC catalyst inventory. 
Periodically, equilibrium catalyst is withdrawn from the FCC to maintain the invento- 
ry in the desired range. Increasine the fresh catalyst makeup rate will increase the 
equilibrium catalyst activity because, in time, it lowers the average age and contami- 
nmt (Ni. \'. s111 N ~ , c ~ n ~ ~ . n l r d t ~ ~ t t s  01 the cicllg<r in lhc inkcillor) 

WeI, other inJcpr.nJctn FCC opcr~ttug var~nhlr., lleld cin\lml.  In.'rrr,lng c?ilalg~l 
a;tl\l$$ nrl l  ~ n u s ~  nlorc c n n v c r r ~ ~ n  oi ! r e l r t ~ r k  and an insre1,r. HI the s m u ~ h ~  of 

~~~ ~ ~ ~ ~ 

eoke deposited on the catalyst &&each pass through the riser. To keep the coke 
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burning in balance with the process heat requirements, as the activity increases the 
regenerator temperature will increase and the catalyst circulation (catalystlail) will 
fall. The conversion usually will increase with increasing activity because the effect of 
higher catalyst activity outweighs the effects of the lower catalyst circulation rate. 

If riser or feed preheat temperatures are adjusted to keep conversion constant as 
activity is increased, the coke and dry gas yields will decrease. This makes increasing 
catalyst activity attractive in cases where the air blower or gas comgresror are limit- 
ing, but wheresome increase in regenerator temperature can be tolerated. Typically, 

Gasoline Endpoint 

GasolineLCO cut point can be changed to significantly shift product yield between 
gasoline and LC0 while maintaining both products within acceptable specifications. 
Changing the cut point can significantly alter gasoline octane and sulfur content. A 
lower cut point results in lower sulfur content and generally higher octane, but, of 
course, gasoline yield is reduced. 

Design Variables 

Several FCC process design variables are available to tailor the unit design to the 
requirements of a specific application: 

. Feed dispersion steam rate . Regenerator combustion mode 
Regenerator heat removal . Disengager and regenerator pressures 
Feed temperature 

Feed Dispersion S t e a m  Rate 

Selection of a design feed dispersion steam rate influences the sizing of the feed iojec- 
tion nozzles, so dispersion steam rate is both a design and operating variable. Design 
dispersion steam design rates are commonly in the range between 2 and 5 wt % of 
feed, depending on feed quality. The lower values are most appropriate for vacuum 
gas oil feedstocks, while dispersion steam rates near the upp&ind of the range are 
ntosl appropriate far i#!pher-hcllling. 1.~ore-0~ff icui!-!o.v~p~~r17~~1 rcrid fi.cdr~o:kr On;c 
rhr fr.r.J ltorrie dc5.p" ha* b:ru rye:lf#eJ Jlsp:r\ion ,tsin# oyerrltng rlngc ir rr:- 
~mnbeuded for optmiring tlls ll!mr durlnr up.nt~*n 

Regenerator Combustion Mode 

Ox)g,rn-lrin rr&'nr.r3l#on I* marl rpyrollrl,lc for use wtih h e \ )  rr.r,d, ullerc rcgcn- 
erlror hedl n lensr ~ n d  i l r  .'un,uslpllnn are hlrh hr.ciul; .f lhipll cone ytrla In add#- 
uoa, oxypen-lean rtgn<rnllon offer% ImprwuJ ;.taly,t arllvlty m a n a n m x  nc high 
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catalyst vanadium levels due to reduced vanadium mobility at lower oxygen levels. In 
grass-roots applications, therefore, onygen-lean regeneration is preferred for heavy 
resid operations with high catalyst vanadium loadings. 

On the other hand, far better-quality resids and gas oil feedstocks, complete CO 
combustion is preferred because of its simplicity of operation. Other factors in the 
selection of regeneration mode are listed below: 

. A unit designed ta operate in an oxygen-lean mode of regeneration must include u 
CO boiler to reduce CO emissions to environmentally safe levels. If a CO boiler is 
included, the FCC unit also may be operated in a full CO combustion mode, with 
the CO boiler serving to recover sensible heat from the flue gas. . In some eases, complete CO combustion will allow the unit to operate with a lower 
coke yield, thereby increasing the yield of liquid products. . Unit investment cost is lower for oxygen-lean regeneration because of reduced 
regenerator, air blower, and flue gas system size. . SO, cmlwot,,  '~n lhr r~ntr .>l led lo ldncr I c > ~ ~ l \  ulcl. c. mple:; CO .<~r#~b~#.c lon 
b?..2u$c cuf a lower :,,ke bornin# r.~!e : , t~ l  b,,..tu\c SO, R J J . ~ ~  : . , c J I ~ ~  > 3 i J ~ t i ~ c -  
*re nt.rc ~ r r c c r t v e  at ~ h c  hmlt<c r;icncral?r ,rv:en :i,nlcnt " - .- . Steam production can be maximized by operating in an onygen-lean mode of regen- 
eration, because of combustion in the CO boiler. 
m some cases, regenerator heat-removal systems (such as catalyst coolers) may be 
avoided if the unit is operated in an oxygen-lean mode of regeneration. 

Regenerator Heat Removal 

" 
deactivation. Kelloaa uses an external dense-phase catalyst cooler for control of heat 

Complete Combustion 

2 

E 20 

balance, providing maximum reliability 
and operating flexibility. The magnitude 
of the heet-removal requirements may be 
seen in  Fig. 3.2.11, which shows the 
amount of heat removal required to  
absorb the heat associated with increased 
feed Concadson carbon residue content. 
Direct heat removal from the regenerator 
is just om of several means available foe 
control of the unit heat balance. Flue gas 
CO,/CO ratio also is a variable that may 
influence the unit heat balance, as shown 
inFig. 3.2.12. 
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1 0 8 B 1 2 0  

C021C0 Ratio in Flue Gar 

FIGURE 3.2.11 Effect of partial CO corn- 
bustion relative to complete co cornbvsiion. 

specify the overall operating pressure of 
the system. Lower operating pressures 
tend to favor product yield selectivity, 
spent catalyst stripper performance, and 
air blower horsepower requirements, but 
these advantages came with increased 
vessel sizes and thus hieher investment 
cost. 

In addition, the economics of flue gas 
expanders are improved with increased 

Feed Temperature 

The design feed temperature affects the feed preheat exchanger train configuration 
and the possible requirement of a fired feed heam. In general, modem FCC designs 
do not include fired feed heaters, except for those units derianed to emuhasize the ilro- 
duction of middle distillates 

ADVANCED PROCESS CONTROL 

FCC units have a large number of interactive variables, making advanced process control 
(APC) especially beneficial. The benefits of an FCC APC system include the following: 

- Operation closer to targets and constraints - Improved stability and smoother operation 

Enhanced operator information - Faster response to changes in refinery objectives 

These benefits translate into economic gains typically ranging from $0.05 to $0.20 
per barrel of feed, not including the less tangible benefits associated with the APC 

L installation. 
i The Kellogg APC system for the Orthoflow FCC consists of five modules, as 

shown in Fig. 3.2.13. Although each module is independently implemented, the 
required interactions are accounted for in the control algorithms. The following is a 
general description of the functions performed by each module. 

- 0 , 2 1 4 5  
%Incremental Cancarbon in Feed 

FIGURE 3.1.11 Incremental heat generation. Disengager and Regenerator Severity Conhol Module 
Pressures 

This module manipulates the riser outlet temperature, feed flow rates, and feed tem- 
In the Kellogg Orthoflow converter design, the regenerator pressure is held 7 to 10 perahre to operate the unit within its constraints while satisfying a specified operating 
Iblinz highec than the discngagw pressure to provide the desired differential pressures objective. Typical constraints considered by the system include catalyst plug valve 
across the spent and regenerated catalyst plug valves. The prooess designer may still differential, regenerator temperature, coke burning rate, wet gas make, and fraetiona- 

p~ ~~ ~ 
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tor overhead liquid flow rate. The operating objective is selected by the operator 
through a menu. 

Depending on client requirements and specific refinery objectives, the menu may 
include options such as 

Maximize reactor temperature while maintaining a feed rate target. . Maximize feed rate while maintaining a reactor temperature target. 

Minimize feed temperature while maintaining a reactor temperature target 

Combustion Control Module 

This module maintains the oxygen composition in the regenerator flue gas a1 a speci- 
fied control target by manipulating the airflow rate. This module compensates for 
~hanges in the feed rate, recycle flow rate, riser outlet temperature, and feed tempera- 
ture in a feedforward manner, which assists the system in maintaining the flue gas 
oxygen concentration close to the target at a11 times. 

Pressure Balancing a n d  Control Module 

This module controls the overall converter pressure by manipulating the wet gas com- 
Dressor suction pressure, which is controlled to maximize the utilization of available 

Fractionator Control Module 

" 
These obiectives are accomplished by manipulation of the bottoms pumparound 

return temperature, the HCO pumparound returntemperature, the overhead reflux rate, 
mJ ihr LCO prolu;t floe rliL 1" ~ J d ~ l u n  IL oytinuz~ng lhe ilcady-slate opcrrl!on of 
c l l r  s 1 ~ . r ,  in:rtonr~or. the ~ ~ , t r n >  i s  ;or~!lgured ro rracr LO < L \ C ~ I I  d ~ f f e r ~ n ~  dibcu~bilt>~e 
\mahlc,. wrh  ,.r r c ~ t u r  wed raw i n J  n.rr ccmocricurr, in i fxJfurwnrd manner ~~ ~~~ ~~ ~~ ~ 

This minimizes the transient effects of the disturbances on the fractionator operation. 

CATALYST AND CHEMICAL CONSUMPTION 

Initial Charge of FCC Catalyst 

The initial charee of catalyst to a unit should consist of an equilibrium catalyst with - 
g ~ u d  aclniry and Il>w mculs ;dntenl The cmr:ulaunp lnvenlory dcprnJs c8n chr. cu6c 
hurnjnp c3p1.11! of CIIY 111111 ( 'd~aly:~ in\dntor) I" [he KclI~gg O n l l u f l ~ ~  desa~n (Rg  
3.21, ir rnlalni8red h) tns u%e of a dual-dnn~eter regeucr:.ror resrcl Thl.; prowJrr 4 
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moderately high regenerator bed velocity, which minimizes bed inventory, while the 
expanded regenerator top section minimizes catalyst losses by reducing catalyst 
entrainment to the cyclones. 

Fresh FCC Catalyst 

Catalysts containing rare-eanh-exchanged ultrastable Y zeolite are preferred. The 
ultrastabilization processes provide the zeolite with excellent stability and low cake 
selectivity, while the  rare-earth exchange increases activity and further increases sta- 
hlllt). Ill< Jpumum Iclc! nt r,,.. ~ : t r t I ~  w~l l  .I.p<,.J uu rB,. dcrlr!d lrildeott brcnern 
guuluae ) s l l .  :"LC \clccur\r). l t ~ h r  oletw )leldr, m d  ~aoluni '  Ikpeod~ng on 
the level ol lho~o,rl, uodrdJinr Jc\lrcd, r;t~vs m2tr;r m?i!clt:>l\ 1113, bt. III;IUJCJ 81. the .- " 
catalvst to increase the ratio of L C 0  to slurry oil 

when feedstock metals are low, hydrothermal deactivation of catalyst with age is 
the maior factor in catalyst deactivation, setting the fresh catalyst addition rate 

vation rate. 
The feedstocks for many units contain high levels of nickel and vanadium. In these 

units, control of equilibrium catalyst metals with fresh catalyst additions is the prima- 
ly defense against metals contamination and deactivation, as shown in Fig. 3.2.14. At 
higher feed metal loadings, additional means of controlling the effects of metals 
became economic. The deleterious effects of  nickel contamination can be passivated 
by the addition of antimony or bismuth. Vanadium effects can be mitigated by 
employing selective metal traps, either incorporated in the catalyst or as separate par- 
ticies that selectively bind vanadium and prevent it from rezching and destroying the 
zeolite. In addition, olderhigher-metal catalyst particles can be removed selectively 
from the unit inventory by magnetic separation using the MagnaCat* process, pravid- 

Feed Ni plus V Content, wppm 
8sssdoml:1 Y a  NinUo 

ncum 32.14 Typi~al fresh catalyst makeup require- 
ments for connanlcquiiibtium catalyst activity. 

ing increased activity and lower equilibrium catalyst metal concentrations for a given 
fresh catalyst makeup rate. 

The FCC catalyst market advances raeidlv, and imoroved oroducts are continuous- 
ly becoming avaiiable. Kellogg continually.evaluat& the cdaracteristics and perfor- 
mance of commercial fresh and equilibrium catalysu. Several catalyst families from 
the major vendors have shown the attributes required for effective FCC operation. 
Within these families, there are variations in activity, rare-earth content, and mauix 
activity that may be used to optimize the catalyst formulation for a particular applica- 
tion. Althoueh eeneral euidelines helo to narrow the choices. the heat wav to choose , ~~-~ 

the optimumcaialyst is through pilot plant testing with a representative fe&stock 

S p e n t  Catalyst Disposal 

Equilibrium catalyst withdrawn from the regenerator typically is disposed of in a land- 
fill or used in concrete or brick manufacturing. 

recovery and reduced compressor requirements. Typically, metals passivation 'can 
reduce the coke make by 10 percent and the hydrogen yield by 50 to 70percent. 

Other  Chemical Requirements 

INVESTMENT COSTS AND UTILITIES 

The following provides typical investment cost and utilities information for a 50,000 
barrel pm stream day (BPSD) FCC, including the costs of the converter, flue gas sys- 
tem (without power recovery), main fractionator and vapor recovery sections, and 
mine treating. 

Installed cost, U.S. Gulf Caast-first quarter 1994: 1950-2150 $/BPSD 

High-pressure steam production: 40-200 lbhbl 
Electrical power consumption: 0.7-1.0 kWhhbl 

*Tlademark of Ashland PcVoicvm company. 
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CHAPTER 3.3 
UOP FLUID CATALYTIC 
CRACKING PROCESS 

Charles L. Hemler and Daniel G. Tajbl 
UOP 

Des Plaines, Illinois 

INTRODUCTION 

The  fluid catalytic cracking (FCC) process is  a process for the conversion of straight- 

investment, reliable long-run operations, and an operating versatility that enables the 
refiner t o  produce a variety of yield patterns by simply adjusting operating parameten. 
T h e  product gasoline has  an excellent  frant-end octane number and  good  overall 
octane characteristics. Funher,  F C C  gasoline i s  complemented by the alkylate pro- 
duced from the gaseous olefinic by-products because alkylate has superior midrange 
octane and excellent sensitivity. 

In a typical F C C  unit, the cracking reactions are carried out in a vertical reactor 
riser in which a liquid oil stream contacts hot  powdered catalyst. The  oil vaporizes and 
cracks t o  lighter products as it moves up  the riser and carries the  catalyst powder 
 long ullh 8 1  Tla r c l c r # o # ~  arc lapld. m d  nnl! a few second, uf cLtnrda l ime dre "2.-  

c\rir) fdr m.ht applaca~.>n>. S l m u l t ~ n n > u 4 )  nnch ,he dcrlred rca;ctonr. ~ ' k e . .  a ;a,- 
b0ll l;t .o~~ nldrc.rlill b l \ l n r  :\ l u l  1 : t l l ~  r i I . ~ J r o ~ ~ n  I J  2irh.m HI(',. dennqlu on the . , ,. , 
c s t a l y ~ t  and renders i t  l e i  catalytically active. The  soent catalyst and the converted . . 
products are then separated, and  the catalyst passes t o  a separate chamber, the regener- 
ator, where the coke is  combusted to rejuvenate the catalyst. The  rejuvenated catalyst 
then passes to the bottom of the reactor riser, where the cycle begins again. 
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DEVELOPMENT HISTORY 

Early development of the process took place in the late 1930s. Military requirements 
pushed w i d w e a d  commercialization during World War 11, when more than 30 units 
were built and operated. 

The first commercial FCC unit was brought on-stream in the United States in May 
1942. This design, Model I, was quickly followed with a Model 11 design (Fig. 3.3.1). 
A total of 31 units were designed and built. Although engineered by different orgnni- 
zations, there units were similar in concept because the technology came from the 
same pool, a result of wartime cooperative efforts. Of those first units, several remain 
in operation today. The principal features of the Model I1 unit included a reactor ves- 
sel near ground level and the catalyst regenerator offset and above it. A rather short 
transfer line carried both catalyst and hydrocarbon vapor to a dense-bed reactor. Dual 
slide valves were used at various points in the unit, and this configuration resulted in a 
low-pressure regenerator with a higher-pressure reactor. Commercial evidence indicat- 
ed that although conversions were rather low on these early units [40 to 55 liquid vol- 
ume percent (LV %)I, a large portion of the cracking reactions actually took place in 
the short transfer line carrying both hydrocarbon and catalyst. 

After the war, the stacked FCC design (Fig. 3.3.2). which featured a low-pressure 
reactor stacked directly above a higher-pressure regenerator, was commercialized. This 
design was a major step toward shifting the cracking reaction from the dense phase of 
the catalyst bed to the dilute phase of the riser. In the mid-1950s, the straight-riser 
design, also called the side-by-side design (Fig. 3.3.31, was introduced. In this unit, the 
regenerator was located near ground level, and the reactor was placed to the side in an 
elevated position. Regenerated catalyst, fresh feed, and recycle were directed to the 
reactor bv means of a lone. strvieht riser Located directly below the reactor. Compared 

T 
*column Bottoms 

FIGURE 3.3.1 Downflow Model I1 catalytic cracking unir. 
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1 
FIGURE 3.3.1 UOP stacked FCC unit. 

Flue Ca. to 
CO Boiler 

FIGURE 3.3.3 UOP straight-riser FCC "nil. 

activity, gasoline selectivity, and stability characteristics compared to the amorphous 
silica-alumina catalysts then in use. The availability of zeolitic catalysts served as the 
basis for most of the process innovations that have been developed in recent years. 

The continuing sequence of advances fist in catalyst activity and then process 
design led to an emphasis on achieving mare of the reactions within the dilute phase 
of the riser, or riser cracking as it is commonly called. In 1971, UOP* commercial- 

-Trademark andlor servics muk of UOP. 
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ieed a new design based on thir riser-cracking concept, which was then quickly 
extended to revamps of many of the existing units. Commercial results confirmed the 
advantages of this system compared to the older designs. Riser cracking provided a 
higher selectivity to gasoline and reduced gas and coke production that indicated a 
reduction in secondary cracking to undesirable products. 

This trend has continued throughout the years as process designs emphasize greater 
selectivity to desired primary products and a reduction of secondary by-products. 
When ~rocess ing conditions were relatively mild, extended risers and raugh-cut 
cyclon;s were adequate. As reaction severities were increased, vented risers and 
direct-connected cyclones were used to terminate the riser. To achieve even higher 
levels of hydrocarbon containment, further enhancements to piestrip, or displace, 
hvdrocarbons that would otherwise be released from the cvclone diolees into the reac- , - ~ ~ ~  . - 
tor vessel now provide an even more selective operation. One example of such selec- 
tive riser termination designs is the VSS* vortex reparation system (Fig. 3.3.4). Such 
designs have truly approached the concept of all-riser cracking, where almost all of 
the reaction now takes place within the riser and its termination system. 

The emphasis on improved selectivity with all-riser cracking has placed a premium 
on good initial contact of feed and catalyst within the riser. Thus, much attention over 
the years has been given to improving the performance of the feed distributor as well 
as to properly locating it. The quantity of dispersant and the pressure drop required as 
well as the mechanical characteristics of various feed nozzles have been carefully 
studied.' The feed nozzle, though important, is just one component of a complete feed 
distribution system. Again the push for higher reaction severities has placed an even 
greater emphasis on the characteristics of this complete feed distribution system in the 
design of a modem FCC unit. 

Thus far, the discussion has centered on the reactor design; however, significant 
changer have takeken place on the regeneration side. For the first 20 years or so of i u  h i s  

.Trademr* and101 scrrirc mrrkof UOP 

Reactor Shell 

FIGURE 33.4 UOP VSS system 

Steam 

Reaclor 
Strlpmr 
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tory,-the regenerator of the FCC unit was operated so thvt the flue gas contained sub- 
scanrial quantities of carbon monoxide (CO) and carbon dioxide (CO,). In this partial 
combustion mode, the spent catalyst was regenerated to the point of leaving a few 
tenths of a percent of carbon still remaining on the regenerated catalyst. A major 
improvement in FCC technology in the early 1970s was the development of catalysts 
and hardware to permit complete internal combustion of CO to CO,. In 1973, an 
existing FCC unit was revamped to include a new high-efficiency concept in regenera- 
tion technology to achieve direct conversion of CO within the unit. This advance war 
fallowed by the starr-up in eildy 1974 of a new UOP FCC unit spedfically designed to 
incorporate the new regenerator technology. The development of the new regenerator 
design and operating technique resulted in reduced coke yieids, lower CO emissions 
(which satisfy environmental standards), and improved product distribution and quality. 

A typical FCC unit configuration has a single regenerator to burn the coke from the 
catalyst. Although the regenerator can be operated in either camplete or partial com- 
bustion, complete combustion has tended to predominate in new unit designs because 
an environmentally acceptable flue gas cuo be produced without the need for uddition- 
a1 hardware, such as a CO boiler. This boiler would be required for the partial com- 
bustion mode to keep CO emissions low. 

With the tightening of crude supplies and refinery economics in the late 1970s. 
refiners began to look more closely at the conversion of heavier feed components, par- 
ticularly atmospheric residues. To effectively process highly contaminated residues, 
Ashland Oil and UOP cooperated to develop a fluidized catalytic cracking approach 
that would extend the feedstock range. The result of thir cooperation, the RCC* 
process for reduced crude oil conversion, was first commercialized in 1983. Since that 
time, residue processing has steadily increased to the point thvt more than half of the 
new units licensed now process residue or a major residue component. 

A sketch of the 1983 version of an RCC unit is shown in Fig. 3.3.5. Among its 
many innovative features were a two-stage regenerator to better handle the higher 
coke production that resulted from processing these residues and a new design for a 
catalyst cooler to help control regeneration temperatures. The two-stage regenerator 
aided in regulating the unit heat balance because one stage operated in complete eom- 
bustion and the other operated in partial combustion. The single flue-gas stream7hat 
was produced passed to a CO boiler to satisfy flue-gas CO emissions. The RCC* unit 
also featured a new style of dense-phase catalyst cooler. This cooler aided in not only 
regulating the regenerator temperature and resulting heat balance but also maintaining 
catalyst circulation to provide adequate reaction s e ~ e t i t v . ~  

The process design, catalyst advancements (especiilly the imDrovemenu in mehl  
I~lcr~n;s , ,  m J  lhlr ~ J d i l l ~ n a l  lh:dl bildn.~. ;orbtrol i r ~ n t ;  r<,l~>blr. ..,lil\ ,t k u ~ l e r  llwc 
a l losrJ  1t.e RCC LUIILI 10 eeo~.n#n#call) extend the r.lnpe or ic:ep!lblc fced<l.,ck, 1" 
rdhrr Iherir a n l o ~ n h c r ~ c  rr,lJur.s Su;h KCC ~o-r..~m.,n~ h n r ,  enl. Illr.ar.. I r.fin..r- lo ~,~~ ~ ~ 

~ . . . . . . .<. . . . . . . . -. . . - 
pulh cx i r t i n~  I'CC lo  pro;rs, ntore confan>~r!~ted Ir.rd,mck, Eq~upo#e##l u:h a.< 
the :atllyjl roulcr F8p 3 l b has hcen crtrcmcly ;u:ccGrlLI 8 8 1  rr\arnm1 m d  has 
found widespread applkation because of the cooleis ability to vary the lkvel of heat 
removal in a controlled fashion. 

The inventive and innovative spirit that has characterized FCC development from 
its early days has led to n variety of mechanical and process advancements to further 
improve the selectivity of the cracking reactions. Thus, improved feed distributors, 
more effective riser termination devices, and designs that emphasize selective shon- 
time cracking have all been recent process advancements. The pivotal mle of catalytic 
cracking in the refinery almost dictates that even further improvements will be forth- 
coming. 

$. 
k *ssrvisc ma& of Ashland Oil 
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DlluentS 

FIGURE 3.3.5 RCC PIoceSr. 

PROCESS CHEMISTRY 

Because the chemistry of catalytic cracking is complex, only a broad outline is 
attempted here. Readers interested in more detailed discussion are referred to an mi-  
cle by Venuto and Habib.4 

Feedstocks for the FCC process are complex mixtures of hydrocarbons of various 
types and sizes ranging from small molecules, like gasoline, up to large complex mol- 
ecules of perhaps 60 carbon atoms. These feedstocks have a relatively small content of 
contaminant materials, such as ~rgan ic  sulfur, nitrogen compounds, and organometal- 
lic compounds. The relative proportions of all these materials vary with the geograph- 
ic origin of the crude and the panicular boiling range of the FCC feedstock. However, 
feedstocks can be ranked in t m s  of their mockobilify, oar the ease with which they 
can be converted in an FCC unit. Crackability is a function of the relative proportions 
of paraffinic, naphtheluc, and aromatic species in the feed. 

circulating water 

FIGURE 3.3.6 UOP catalyst cooler. 

Generally the crsckvbility af FCC feedstocks can be correlated against some sim- 
ple parameter like fsedstock hydrogen content or the UOP characterization factor K: 

q K = -  
88 

where T, is an average boiling point of the feedstock, "R, and sg is its specific gravity. 
A large amount of experimental and commercial data can be classified as shown in 
Table 3.3.1. 

Sulfur compounds do not seriously affect crackability; the cracked sulfur com- 
pounds are distributed into the liquid products, thus creating a need for product 
cleanup before final use. In addition, sulfur also exits from the FCC unit in the form of 
H,S and sulfur oxides, the latter posing a potential air-pollution problem. 

The organometallic compounds deposit on the circulating catalyst, and after regen- 
eration, almost all the metals in the feedstock remain deposited on the catalysts. These 
deposited metals have two rather serious deleterious effects: they affect product distri- 
bution by causing more light gases, especially hydrogen, to be formed, and they have 
a serious deactivating effect on the catalyst. To counteract these effects, more fresh 
catalyst must be added to maintain activity. Heavy polynuclear aromatic-ring com- 
pounds are extremely refractory, and these molecules are generally accepted as coke 
precursors. 

TABLE 3.3.1 Feedstack Crackability 

Range of Relative Feedstock 
characterization factor K cracks~lity fYPc 

>lZ.O High Paraffinic 
11.5-11.6 Intermediate Naohaenic 
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In eeneral. the relative amounts of these contaminants in the FCC feedstock 
i n c r c ~ w  2 ,  ~11s endpc,tnc .i tit: i<ed<! ,~k  !1~:r:3\e5 ,\\ <nJpd~n t s  8nx:?se 8 8 . ~ 0  , I t ;  
norrd,;!rllab.. mner, ah.,>,c .,b>uc 566.C ,lOS(! F), the ln.'rr.~,; lllrre conlbm#nn#bl; 19 

dramiu:. ~ h u ;  pi.,ln~ i nl.qor procr*;lng prublcm Onr r~luuol.  tu 1111; pr.,blcm 3 %  I, 
h y i r ~ ~ c ? t  !he I CC ie:J,mck >Iu:h ~ > i t l ~ ~  suI!ur *nJ n~cr~ger, le?\e% the h!Jro~r?~t:r 
tn r ~ l ~ l # \ e l )  ~ & i l )  d~ipo:lnlr r,n,. i I I S  and 1\11, r~tller lhrn \\#ch thc pr, Ju.1, ur 3s 
flur ox~Jc.i  rroln rhc I C C  unic The mclrl, 'lie ucpo.~tcd irr<\l.r,~bl) 01. Ihc 
I~~dro t r c~cm;  c?!?l)-c, nhi.1. ia p ~ r 4 d d 8 c ~ l l )  rcp12:cd I n  ~dJac~ur! CL r:!.~o$~!~gcc1n?.mi. 
n~ni . .  h)drorrc.clnd ip2rlJ,,r tile cra:kroill~) or llle I'CC i:eJ. 3j.d hyd#orre?itrd ii.cJ, 
JJ.  118 ia:!. xa;k altll becler pmJua  a,~l<~:!#vtr) n ~ ; ~ u n .  o: ihelr in.rrr;-J h! Jrogcn 
con!Cncr 

A cjrbu~llll!~. inn mc;nmi,m frr ;?tllyrl; .'ri;k#ilp rehcllcm* n ~ w  g.llerally nrrrpr- 
~d ,111 crarklni :adlrcr. ;ithcr tile older . ~ ~ ~ ~ r p l ~ o u ;  5 ~ 1 1 ~ 4  lluulitla or nlndrrn icol~tcr. 
en<, .n,d#: mrrr.ri-l,. ,nd rea:r~ons of h, Jr>;rrll.>ni .r\er il~ese nl.aernll* arc ilmlldr 14 ~ ~ 

well-!mown carbonium ion reactions occurring in homogeneous solutions of strong 
acids. These reactions are fundamentally different from thermal cracking. In thermal 
cracking, bond ruprure is random, but ~II catalytic cracking, it is ordered and selective. 

Various theories have been proposed to explain how the cracking process is initiat- 
ed, that is, how the first carbonium ions are formed. One theory proposes that the ear- 
bonium ion is formed from an olefin, which in turn could be formed by thermal effects 
on initial catalvst-oil contact. or may be present in the feed. The temperatures . . 
inv~l \ ;d  11, rrsal)t~: :rd.'kln; ~ r r  ~n the r . q c  \<here th',nn41 urrrklng cm d1r.l ,,:cur. 
A l ~ e n ~ ~ ~ ~ v r l g .  th: cmbu t>~u~a  inn c.,ulJ b; lorlnrd h) thc Inter,co,>n . ) I  th; hyJro:rr- 
bon rn.~lc~ulu s i t h  ., Brol..led ,r L.'u i, acld ;#It .dn the o w l )  ' l ' h~  :rr.l #~l~;lllnl(lll 
is not well understood. 

Once formed in  the feed, the carbonium ions can react in several ways: . Crack to smaller molecules 
React with other molecules 
Isamerize to a different form - React with the catalyst to stop the chain 

The cracking reaction normally follows the rule of P scission. The C-C bond in the P 
position relative to the positively charged carbon tends to be cleaved: 

C C C C C 0 

C 
__* 

~ a r b o o i ~ % o n  Olefin Carbonium ion 

This reaction is most likely because it involves a rearrangement of electrons only. 
Both of the fragments formed are reactive. The olefin may form a new carbonium ion 
with the catalyst. The R+, a primary carbonium ion, can react further, usually first by 
remancement to a seeondm carbonium ion and repetition of the !3 scission. 

~he"relative stability of Carbonium ions is shown in the following sequence: 

C 
c-i-c . C-c-C  > C-C-C 

@ @ @ 

nriiary secondan Primary 

Reactions in the system will always proceed toward the formation of the more sta- 
ble carbonium ion. Thus, isomerizations of secondary to tertiary carbonium ions are 
common. These reactions proceed by a series of steps including migration of hydride 
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or even alkyl or aryl groups along the carbon chain. Of course, this reaction leads to a 
product distribution that has a high ratio of brunched- to straight-chain isomers: 

C C C C C  
/ \  / \  /C\R+o\c/\C/\R 

C C C  
0 I .. 

Secondary Tertiary 
"-paailin iroparsflln 

This equation is an oversimplification of u complicated mechanism. 
An example of carbonium ion reaction with other molecules is shown in the fol- 

lowing reaction: 

C 

Note the formation of the more stable tertiary carbonium ion. 
The subject of catalytic coke formation by cracking catalysts, especially its chemi- 

cal nature and formation. is also a complex topic for which many theories have been 
proposed. The fonnatian of coke on the catalyst, an unavoidable situation in catalytic 
cracking, is likely due to dehydrogenation (degradation reactions) and condensation 
reactions of polynuclear aromatics or olefins a" the catalyst surface. As coke is pro- 
duced through these mechanisms, it eventually blocks the active acid sites and catalyst 
pares. The only recourse is to regenerate the catalyst to retain its activity by bu'rning 
the coke to CO and CO, in the FCC reZenerator. This coke combuslion hecnm~s a n  ~~~~~~~~~.~~ ......... 
imponant factor in the operation of the A d e r n  FCC. 

THERMODYNAMICS OF CATALYTIC CRACKING 

As in the chemistry of cracking, the associated thermodynamics are complex because 
of the multitude of hydrocarbon species undergoing conversion. The key reaction in 
cracking, P scission, is not equilibrium-limited, and so thermodynamics are of limited 
value in either estimating the extent of the reaction or adjusting the operating vati- 
ables. Cracking of relatively long-chain paraffins and olefins can go to more than 95 
percent completion at cracking temperature. 

Cenain hydrogen-transferreactions act in the same way. Isomerization. transalkv- 
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The modem FCC unit is likely to have any of a number of optional units associated 
with the flue gas system. As discussed later, the flue gas contains a significant amount 
of available energy that can be converted to usable forms. Typically, the flue gas is 
composed of catalyst fines; nitrogen from the air used for combustion; the products of 
coke combustion (the oxides of carbon, sulfur, nitrogen, and water vapor); and trace 
quantities of other compounds. The flue gar exits the regenerator at high temperature, 
approximately 700 to 780°C (1292 to 143608, and at pressures of typically 10 to 40 
Ihlin2 gage (0.7 to 2.8 bar gage). The thermal and kinetic energy of the flue gas can be 
converted to steam or used ta drive a turboenpander-generator system for electrical 
power generation. Unconverted CO in the flue gas can be combusted,to CO, in a CO 
boiler that produces high-pressure steam. Catalyst fines may be removed in an electro- 
static precipitator. 

Reactor-Regenerator Section 

The heart of a typical FCC complex (Fig. 3.3.8) is the reactor-regenerator section. In 
the aperation of the FCC unit, fresh feed and, depending on praduct-distribotion 
objectives, recycled cycle oils are introduced into the riser together with a controlled 
amount of regenerated catalyst. The charge may be heated, either by heat exchange or, 
for some applications, by a fired heater. 

~~~ r~ ~ . , ~~ . ~ ~ ~ ,  . 
minimize secondary reactions. The catalvst-hydrocarbon mixture from the riser is dis- 
charged into the &tor vessel through b dehee that achieves a significant degree of 
catalyst-eas separation. Final se~aration of catalyst and product vapor is accomplished 
by cyclane s e k t i a n .  

,The reactor effluent is directed to the FCC main fractionattor for resolution into 
gaseous light olefin coproducts, FCC gasoline, and cycle stacks. The spent catalyst 
dram from the reactor vessel into the s t r io~ine section. where a countercurrent flow of 
s t e A  removes interstitial and some ads&bed'hydrocarbon vapors. Stripped spent cat- 
alyst descends through a standpipe and into the regenerator. 

During the cracking reaction, a carbonaceous by-product is deposited an the circu- 
lating catalyst. This material, called coke, is continuously burned off the catalyst in 
the regenerator. The main purpose of the regenerator is to reactivate the catalyst so 
that it can continue to perform its cracking function when it is returned to the conver- 
sion section. The regenerator serves to gasify the coke from the catalyst particles and, 
at the same time, to impart sensible heat to the circulating catalyst. The energy carried 
by the hat regenerated catalyst is used to satisfy the thermal requirements of the crack- 
ing section of the unit (the heal-balance concept is be discussed in mare detail in the 
next section). 

Depending on the specific application, the regenerator may be operated at candi- 
tions mat achieve complete or partial internal combustion of CO to CO,, or alterna- 
tively, CO may be converted to CO, in an external CO boiler. If internal conversion of 
CO to CO, is used, the sensible heat of the flue gas can be recovered in a waste-heat 
boiler. Flue gas is directed through cyclone separators to minimize catalyst entrain- 
ment prior to discharge from the regenerator. 

To maintain the activity of the working catalyst inventory at the desired level and 
to make uo for any catalyst lost from the system with the flue gas, fresh catalyst is 
introducei into the eirc"1ating catalyst system from a cata1yst;torage hopp&. An 
3 d J t l t ~ n ~ I  , I J T J ~ <  hopper I<  p r i u d e d i a  ih51.1 rl#e!#l ; .~f~l) r f  e.chJr.\\n ir:lm the c8r:u- 
Imng .;y*rem a i  i.rcl.sr:lr) I J  m l ~ n t . ~ ~ n  the .I^*ITLJ >I( r k m g  1:~111~) iluJ IY hu.J JII  111s 
rac41)rt la\,ml.lr). ahcn ihc FCC 1un8c 8 %  ,I#uc J . W I I  t>r !n,uult<ndnrc dnd rep.m 
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FIGURE 3.3.8 ~ o d e m  UOP earnbustor-%YII FCC unit 

Heat Balance 

The schematic diagram of the FCC heat balance in Fig. 3.3.9 shows Ule close opera- 
tional coupling of the reactor and regenerator sections. As with ather large commer- 
cial process units, the FCC unit is essentially adiabatic. The overall energy balance 
can be written in the following form: 

Qno = (Qp - QFD) + (QF0 - Q*) + Qnx + (QL, + Qu) 
Heat of EnUlalpy Heal of Losses Enlhalpy difference 

combustion difference between between flue ass and reaction 
of coke products and feed regeneration a" 
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as slurry or clarified oil. Because of the high efficiency of the catalyst-hydrocarbon 
separation system used in the modern UOP reactor design, catalyst carryover to the 
fractionator is minimized: the net heavy product yielded from the bottom of the frac- 
tionator does not have to be clarified unless the material is to be used in some specific 
application, such as the production of carbon black, that requires low solids content. 
In some instances, heavy material can berecycled to the reactor riser. 

Maximum usage is made of the heat available at the main column. Typically, light 
and heavy cycle oils are used in the gas-concentration section far heat-exchange pur- 
poses, and steam is generated by a circulating main-column bottoms stream. 

Gas-Concentration Section 

The gas-concentration section, or unsaturated-gas plant, is an assembly of absorbers 
and fractionatars that separate the main-column overhead into gasoline and other 
desired light products. Sometimes olefinic gases from other processes such as coking 

Preheater are sent to the FCC gas-concentration section. 
mGURE3.3.9 FCC heat balance. A typical four-column gas-concentration plant is shown in Rg. 3.3.10. Gas from Ule 

FCC main-column overhead receiver is compressed and directed with primary-absorber 
bottoms and stripper overhead gas through a cooler to the high-pressure receiver. Gas 

This equation, which has been greatly simplified to present only the major heat terms, from this receiver is routed to the primary absorber, where it is contacted by the unsta- 
describes the basis of the overall reactor-regenerator heat balance. The energy bilized gasoline from the main-column overhead receiver. The net effect of this can- 
released by burning coke in the regenerator, Q,,, is sufficient to supply all the heat racting is a separation between C,+ and C ,  fractions on the feed to the primary 
demands for the rest of the reactor and regenerator. Heat is needed to: absorber. Primary-absorber offgas is directed to a secondary, or "sponge," absorber, 

where a circulating stream of light cycle ail from the main column is used to absorb 
Bring the feed to reaction temperatures most of the remaining C,+ material in the sponge-absorber feed. Some C, and C, 
Vaporize the feed material is also absorbed. The sponge-absorber-rich ail is returned to the FCC main . Supply the endothermic heat of reaction and various smaller reactor ride energy column. The sponge-absorber overhead, with most of the valuable C,+ material 

'requirements and losses removed but including H,S, is sent to fuel gar or other pmcessing. 
Liquid fram the high-pressure separator is sent to a stripper column, where most of . Raise the incoming regeneration air temperature la flue gas conditions and to satis- the C,- is removed overhead and sent back to the high-pressure separator. The bot- 

fy regenerator losses toms liquid from the stripper is rent to the debutanizer, where an olefinic C,-Caprod- 

I The circulating catalyst becomes the mechanism for transfening the needed energy 
from the regenerator to satisfy the reactor requirements. Thus, all the reactor heat 

! requirements are supplied by the mthalpy difference between regenerated and spent 
I catalyst (Q, - Q,,). 

The circulating catalyst rate then becomes a key operating variable because it not 
only supplies heat but also affects conversion according to its concentration in the 
reactor relative to oil, expressed in terms of the well-known catalyst-to-oil ratio. In 
practice, the catalyst-to-oil ratio is not a directly controlled variable: changes in the 
ratio result indirectly from changes in the main operating variables. For instance, an 
increase in the catalyst-to-oil ratio results from an increase in reactor temperature, a 
decrease in regenerator temperaare, or a decrease in feed preheat temperature. When 
process conditions are changed so that an increase in the catalyst-ta-oil ratio occurs, 
an increase in conversion is also typically observed. 

Fractionation Section 
Ganollne lrom 

Product vapors from the reactor are directed to the main fractionator, where gasoline Ma-Column 
and gaseous olefin-rich coproducts and other light ends are taken overhead and routed O v e r h a  

Receiver 
to the gas concentration unit. Light cycle oil, which is recovered as a sidecut, is 
shipped for removal of light ends and sent to storage. Net column bottoms are yielded FIGURE 3.3.10 Typical FCC gas conc~ntration plant. 



uct is separated and can be sent to either alkylation or.catalytic condensation for fur- 
ther gasoline production. The debutanizer bottoms, which is the stabilized gasoline, is 
sent to treating, if necessary, and then to storage. 

. ' 3 *. - ~~~~r 
an amine system. Thus, some gas-concentration plants contain sin or seven columns. 

MODERN UOP FCC UNIT 

A moSrnl FCC u o l l  rrllecl, lltr ; ~ m h > n ~ c t ,  n .>I pro;r:x 3!#J ~.t;:l>rn~cal le3t~br;~ pr.>l'- 
ah]" *. ucll 3s an) pro:eV 111111 in lllr ~ ~ f i n c r )  I : u ~ J ~ ~ c I I ~ ? I I  of fl~1J11111011. fluJ 
ilou. ncrr trmrrcr. , t o n  trmder. I C J C T L . ~  k~t~~:ta.>.  ~ h ~ r m .  I\nrt~.tc, .  *nJ :~tut\%.r ori ~ ~~~. , ~~~ ~~~~~~~ 

aoolied and combined with the oractieal exnerienee relatine to mechanical design to 
Gaduce an entremely rugged unit with sot& sophisticated features. The resulris a 
successful process that combines selective yields with a long run length. 

Reactor 

The advantages of a reaction system that emphasizes short contact time cracking h w e  
led to a modem unit design (Fig. 3.3.8) that is well suited for today's high-activity, 
superior-selectivity zeolitk cataiystr. Great emphasis has been placed o n t h e  prop& 
initial contacting of feedstock and catalyst followed by a controlled plug-flow expo- 
sure. The reaction products and catalyst are then quickly separated as the hydrocar- 
bops are displaced and stripped from the catalyst before the catalyst passes to the 
regenerator. This all-riser cracking mode produces and preserves a gasoline-selective 
yield pattern that is also rich in C,-C, olefins. Higher reaction temperatures have been 
used to further increase gasoline octanes and yields of the light olefins for downstream 
alk~latlart :II_J C C ~ C ~ ~ ~ C I I O I I  ~11115. 

Ih<,c ~ n d # \ ~ d u l l  r c ~ ; l ~  n- i lde  irl#prove,l#l.nc, 111be nor bc:n I I I I I I ICJ I J ~ U I I  net, tunkt 
dcrlcnr. \lm\ ddc r  FCC unll\ havr hren rc\3sncS 8 1 8  0°C dr murr or !I#< inlot,rlml ~~~~ 

areas of feed-catalyst contacting, riser termination, or catalyst stripping. Risers, cata- 
lyst standpipes, and slide valves have been replaced as many of there older units have 
pushed for much higher operating capacities over the years. 

Regenerator  

A modem UOP FCC unit features a high-efficiency regenerator design, termed a com- 
bustor regenerotor. The combusmr-style regenerator was developed70 provide a more 
unlforn, cokc-ztr J~<tr.hul#or# i n J  I. ;nhln.r. chr. rbtl~t! LO b u m  c.mpletelg T l ~ c  
rrgrnsr~lor lure$ :* f i tr ,  flu~darrd hed 35 a low.~,~rr.!~tor) ;nrbon-hurr18r.g rune f ~ l l o n c d  
b$ u hi*h:r-\rlortr$ rrat,odrc-nrer hen-er.hanrc ronr TI); ~vc r l l l  co~nb~n.~o.~n l l ~ s  . . . " ~~ 

excellent catalyst retention and produces flue gas and regenerated catalyst of uniform 
temperature. Regeneration efficiency and operability are improved, and catalyst 
inventory is substantially decreased. This reduction in catalyst inventory has economic 
significance not only from the initial cast of the first catalyst inventory but also from a 
daily catalyst m&eup cost as well. 

The combustor configuration was first introduced in the 1970s. Before that, FCC 
regenerators were operated typically to produce a partial combustion of the coke 
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deposited on the catalyst. Some coke, generally a few tenths of a weight percent, was 
left on the catalyst after regeneration. The flue gas produced from the coke that was 
burned in the regenerator often contained about equal proportions of CO and COz As 
environmental considerations were becoming more significant, a flue gas CO boiler 
was needed to reduce CO emissions to an acceptable level. If the regenerator can be 
modified to achieve a more complete combustion step, the capital cost of a CO bailer 
can be eliminated. 

The extra heat of combustion that would be available from burning a11 the CO to 
CO, also could make a significant change in the heat balance of the FCC unit. The 
increased heat availability means that less coke needs to be burned to satisfy a fined 
reactor heat demand. Because additional burning also produces a higher regenerator 
temperature, less catalyst is circulated from the regenerator to the reactor. 

Another important effect that results from the increased regenerator temperature 
and the extra oxygen that is added to achieve complete combustion is a reduction in 
the residual carbon left on the regenerated catalyst. The lower this residual carbon, the 
higher the effective catalyst activity. From a process viewpoint, complete combustion 
produces a reduced catalyst circulation rate, but the catalyst has u higher effective 
activity. Because less coke was needed to satisfy the heat balance, the reduction in 
coke yield led to a coriesponding increase in FCC products. 

To assist in the burning of CO, small quantities of noble metal additives are 
extremely effective when blended with the catalyst. This promoted catalyst, as it was 
called, was widely used in existing units and as an alternative to a complete mechani- 
cal modification of the regenerator to u combustor-style configuratian. New units were 
designed wlth the combustor configuration, which could operate in complete combus- 
tion without the more expensive promoted catalyst. 

The combustor-style regenerator has proved itself in  many vaned operations aver 
the Vears. It has been shown to be an entremelv efficient device for burnine carbon 
andburning to low levels of CO. Whether for ;cry small or large units, aftgburning 
has been virtually eliminated, and low levels of carbon on regenerated catalyst arc 
routinely produced. 

Yield Versatility 

One af  the strengths of the FCC process is its versatility to produce a wide variety of 
yield patterns by adjusting basic operating parameters. Although most units have been 
designed for gasoline production, UOP has designed units for each of the three major 
operational modes: 

Gasoline Mode. The most common made of operation of the FCC unit is aimed at 
the maximum production of gasoline. This mode is better defined as an operation pro- 
ducing a high gasoline yield of a specified octane number. 

This condition requires careful control of reaction severity, which must be high 
enough to convert a substantial portion of the feed but not so high as to destroy the 
gasoline that has been produced. This balance normally is achieved by using an active 
and selective catalyst and enough reaction temperature to produce the desired octane. 
The catalyst circulation rate is limited, and reaction time is confined to a short expo- 
sure Because this severity is carefully conuolled, no recycle of unconverted compo- 
nents is normally needed. 

High-Severity Mode. If additional reaction severity is now added to the system, a 
high-severity operation producing additional light olefins and a higher-octane gasoline 
results. This case is sometimes described as a liquefiedpetroleum gns (LPG) mode, or 
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even as a petrochenzical FCC, because of the increased quantity of light material that 
is produced and the increased aromatics in the gasoline product. If isobutvne is avail- 
ablble to alkylate the light olefins or if they are etherified or polymerized into the gaso- 
line boiling range, high total gasoline yields and octanes are produced. 

, u ~~ ~ , ~ .~ ~~~ ~~~~~~ ~- 

easoline to cycle oil. Additional distillates can be oioduced at the exoense of easoline 
by reducing ihe endpoint of the gasoline and dropping the additionaimateiia1;nto the 
light cycle oil product. The usual limitation in  this step is reached when the resulting 
cycle oil reaches u particular flash point specification. 

Tvoical vield oatterns for these three modes of ooeratian are shown in Table 3.3.4. ,. , . 
The feedim:& ibr chr\e cas;, \s:lr hllJJId L i % t  >,.cdm er. 0 8 1  \'GO, 'Tnc;c ) a l J ,  
i r r  i)p~c.,l i c r  a pdrclculrr ierd , l~;h  In 2cnc.rrl. FCC' )#?I1 pdten!, .or< !un:l~o## or 
i r d J . m c k  p#operl~.,, i.>r in~!rr.ce. 3 T' c.l,t~:L N 1118 I I u L \ . . ~  UOl' K 1;lut.c _ n l  I~ydrn- 
gen content is mare difficult to crack and produces a less favorable yield pattern. 

The data in Table 3.3.4 show certain trends. As the severity of the FCC unit is 
increased from low to high, the production of coke and light ends increases, gasoline 
octane increases, and in general, the liquid products become more hydrogen deficient. 
Also, the high-severity case overcracks a considerable amount of the gasoline to C,-C, 
material. 

FEEDSTOCK VARIABILITY 

The early FCC units were designed primarily to operate on virgin VGOr  These feed- 
stocks, which typically came from high-quality crude oils, were characterized as goad 
crackine, feedstocks because of high UOP K factors of 12.0 or more. In the mid-1990s. 
many refiners are faced with processing less favorable materials. In addition, refiners 

. . 
lhry mh! he p r ; \ ~ ~ u r l )  ;I#p#n i~ . , o l~ ; t# l l~b l~~ ,  C u L r  4nJ \~;hrml;el oil. drr com- 
~utuol) bldndcd I!) FCC ferJ 'Ihr rekt rour:e 01 he*! FCC f;rd ha. lhrd#lirt~:tII) b:cn 
va:uu!n#-cuwcr r:*idue blmd;J in,. rhr. f..rd in pr.>p,nnon- :?t>..r~ent b l l h  rhe FCC 
c.>ke-h~rn8l.g :dp.~bll~r~ct S , w r  ref in,^, I t? \< .  ; l ,~~i .n  lo 1ven~-rrlr.~;l thc vr;uu#n 
r ; \ ~ ~ u :  lo pro\ldl. :\ n..nJ~.tmll~l~lc K'(: reed c o ! n ] ~ o ~ ~ e ~ . l  11.~1 hir .~&!##ih:~rllly 12,. 

ol,r.cnl a n J  ~ ,nhr l~c# le  III~II the \ i i uum re*tduc #c\clf Orhen h a c .  rdn: IJ the 1811181 $ 8 1  1 
;harpe c'.n:un nn.>lc rcmnipltlr~r r s r i J ~ i ,  IW cl~;~r  FCC u n ~ h  

'lht. re:##on br~;il) Jl%:usce; ten s.gn8l.c~a.I FCC sper.ll~onr the lh).drucr~,.mny .f  
FCC f i r . J ~  l<.r )#e l J  ~ n > p r ~ \ c m c n ~  "nJ cn\#ronmun:ll c 0 n c ~ r t 8 ~  d n d  L I ~ C  - r 8 t k ~ r l p .  o l  
various solvent-extracted oils and whole residues. 

FCC Feed Hydrotreating 

Because the FCC feed can include a substantial amount of sulfur-containing materials, 
the produce, including the flue gas, are typically rich in sulfur compounds. This situa- 
tion in turn has led to specialized flue gas Ueating systems and scrubbers for entcrnvl 
cleanuo ar to catalvst modifications and feed hvdrotreatine as internal orocess 
approaches for the.reduction of sulfur levels, o f  these =&roaches, o z y  feed 
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TABLE 3.3.4 Product Yield and Properties foiTypicnl Modes af Operation 

Middle-distillate made 
Gnroline Light-olefin 

Full range U~dercut mode mode 

Product yields 

H>S, wt % 
c,- . wr % 
C,, LV % 
c,. LV 5% 
C5+ gasoline, LV % 
Lieht cvc1e oil. LV 70 

Product properties 

LPG. ~ollvol: 
Ca olefidsaturate 3.4 3.4 3.2 3.6 
C4 otefi~lsa~ur~te 1.6 1.6 1.8 2.1 

Gusaiinc: 
ASTM 90% pokl. 'C 193 132 193 193 
ASTM 90% point, 'F 380 270 380 380 
RONC 90.5 91.3 93.2 94.8 
MONC 78.8 79.3 80 4 82 1 ~ ~ ~- ~ 

Light cycle ail: 
ASTM 90% point, 'C 354 354 316 316 
ASTM 90% ooinf. 'P 670 670 600 6nO ... ~.. 
nnrh point. k 97 (207) 55 (131) 97 (2071 97 (207) 
Viscosity, cSt @ 50DC (122'R 3.7 2.4 3.1 3.2 
Sulfur, wt % 2.9 2.4 3.4 3.7 
Cetane index 34.3 31.8 24.3 20.6 

Clarified oil: 
Viscosity, cSt @ IOOaC (21O'F) 10.9 10.9 9.0 10.1 
Sulfur. wt % 5.1 5.1 6.0 6.8 

Nola: ASTM = American Society for Testing and Msetidr: RONC = r~rcrrch osfsne number, rbrr; 
MONC = motor ortrnc "umber, clear. 

SOUTEI: RCpIinted from D. A. Lomas. C. A. Crbrcra. D. M. Ccpla. C. L. Hcmlcr. and L. L. Upion, 
'ConVolld Crlrlylic Ciacbng: UOP 1990Technology Confeicncc. 

hydrotreating provides any significant processing improvement because the addition 
of hydrogen can dramatically increase the cracking potential of any given feed. This 
increase can be even more meaningful when the initial feed is poor in quality or when 
the feed is contaminated. Table 3.3.5 shows the results of hydrotreating poor-quality 
feed at two different levels of hydrogen addition. As feedstock quality declines and 
growing emphasis is placed on tighter sulfur regulations, feed hydrotreating will 
receive even more consideration, 

Cracking of High-Boiling Feedstocks  

Reference has been made to the cracking of high-boiling fractions of the crude. As 
refiners seek to extend the range of the feedstocks that are processed in FCC units, the 
most frequent sources of these heavier feeds are 
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TABLE 3.3.5 Hydrotrenling of FCC Feedstock ban increases, the first response is normally an increase in regenerator temperature. 
Adjustments in operating parameters can be made to assist in this control, but even- 

Unaeared tunlly, a point will be reached for heavier feeds when the regenerato, temperature is 
too high for good catalytic performance. At this point, some external heat removal 

Gravity. "API (specific gravity) 18.4 (0.9441 22.3 (0.9201 26.3 (0.897) from the regenerator is required and would necessitate a mechanical modification 
UOP K factor like a catalyst cooler. 
Distillation D l  160, 'C (91: Currently, approximately 25 UOP-licensed units have a high-boiling feed as a 

5% significant portion of the FCC charge. interestingly, the product qualities from 
50% these operations are not much different from those for similar gas oil operations. In 
95% general, the octane levels of the gasoline remain good, the cycle oil qualities are 

Sulfur, wt % similar, and the heavy fuel oil fraction has a low viscosity and a low metal cantent 
Nitrogen, wt % and still remains distillable. 
Hydrogen, wt % 
Cracking performance at equivalent Dernetallized Oil. For the last several years, demetallized oil (DMO) has been 

plant conditions: included as a major component of the feed in several UOP-designed FCC units. This 
Conv~~ion ,  LV % D M 0  results from the extraction of a vacuum-tower bottoms stream using a light 
Gasoline. LV % paraffinic solvent. Modern solvent-extraction processes provide a higher D M 0  yield 
Coke, wt % than is possible in the propane-deasphulting process that has been used to prepare 

FCC feed at a variety of locations for many years. Consequently the D M 0  is more 
heavily contaminated. In general, DMOs are still good cracking stocks, but they can 

A deeper cut on a vaetlum column be further improved by hydratreating to reduce contaminant levels and to increase 
their hydrogen content. 

The extract from solvent extraction of the vacuum-tower bottoms - The atmospheric residue itself Atmospheric Residue. A number of refiners have chosen to add atmospheric residue 
as a blend component to their existing FCC units. This choice has resulted from the 
desire to convert the heaviest portions of the crude. Atmospheric residue has ranged 
from a relatively low proportion of the total feed all the way to a situation in which it 
represents the entire feed to the unit. To improve the handling of these high-boiling 
feeds, several units have been revamped to upgrade them from their original gas-oil 

Addirionai coke production. Heavy feeds typically have high levels of contami- designs. Some units have proceeded to increase the amount of residue in a stepwise 
"ants, such as Cornadson carbon levels. Because much of this material deposits on fashion: modifications to the operating conditions and processing techniqoes aremade 
the catalyst with the normal coke being deposited by the cracking reactions, the as more experience is gained in the processing of high-boiling feeds. 
overall coke production is substantially higher. Burning this coke requires addition- As expected, the properties of the high-boiling feedstocks currently being 
s l  regeneration air. In an existing unit, this coke-burning constraint often limits processed in units originally designed for gas-oil feeds vary across a wide range. 
capaciry. Typical of same of this variation are the four feed blends described in Table 3.3.6. 
Necessity for merai control. Metals in the heavy feeds deposit almost quuntita- They range from clean, sweet residues to more contaminated residues with up ta 
tively on the catalyst. These metals produce two significant effects. First, they approximately 4 wt % Conradson carbon residue. 
accelerate certain metal-catalyzed dehydrogenation reactions, thereby contributing 
to light-gas (hydrogen) production and to the formation of additional coke. A sec- 
ond, more damaging effect is the situation in which the presence of the metal con- TABLE 3.3.6 Typical Residuecrackin8 Stocks 
tributes to a catalyst activity decline caused partly by limited access to the cata- 
lyst's active sites. This latter effect is normally cantrolled by catalyst makeup A B C D 
practices (adding and withdrawing catalyst). Gravity. 'API (specific gravity] 28.2 24.5 26.4 22.4 . Distribution of suljir and nitrogen. The level af sulfur and nitrogen in the prod- (0.886) l0.907) (0.896) (0.919) 
uctr, waste streams, and flue gas generally increases when high-boiling feeds are UOP K factor 12.1 11.75 12.1 11.95 
processed because these feed components typically have higher sulfur and nitrogen Sulfur, wt % 0.98 1.58 0.35 0.77 
contents than their gas oil counterparts. In the case of nitrogen, however, the prob- 
lem is not just one of higher nitrogen levels in the products. One ponian of the feed 
nitrogen is basic in character, and the presence of this basic nitrogen acts as a tem- 0.2 1.6 0.7 2.8 
porary catalyst poison to reduce the useful activity of the catalyst. 0.8 2.3 0.5 3.5 

Nondistillables at 56YC LO 8 13 23 
Heat-balance considerations. Heat-balance control may be the most immediate ( I O ~ O * ~ ,  LV % 
and uoublesome aspect of processing high-boiling feeds. As the contaminant car- 



3.76 CATALYTIC CRACKING 

TABLE 3.3.7 RCC Unit Feedstocks 

A B C D 

Gravity. "APl 21.3 19.1 21.2 22.4 
(specific gravity) (0.9260) (0.9396) (0.9267) (0.9194) 
UOP K factor 11.8 11.7 11.9 12.2 
sulfur. wr % 1.1 2.1 0.55 0.1 
Nitrogen, wt % 0.14 - 0.19 0.23 
Conradson carbon, wt W - - 3.8 5.6 
Ramsbottom carbon. wt % 5.0 5.5 - - 

~ ~ 

Metals, wt ppm 
Nickcl I3 15 2.5 2.2 
Vanadium 31 45 3.7 1 

RCC Operations When feedstocks with higher levels of contamination are consid- 
ered fdr processing, the design modificatiois and heat management practices from 
RCC technology come to the forefront. Some examples of the types of feedstock that 
RCC units have processed are shown in Table 3.3.7. The higher Cornadson carbon and 
metal levels clearly show that an RCC operation can process more difficult feed- 
stocks. Hieh metal levels on the eouilibrium catalvst have also been demonstrated in 
RCC unit; one unit reached mor; than 10,000 [;pm of nickel plus vanadium, and 
another unit operated with more than 15,000 ppm of nickel on the equilibrium cata- 
lyst. Even though these values are extremely high, operating or economic limitations 
will still continue to determine the character of the feedstock that can be processed. 

PROCESS COSTS 

The following sections present typical process costs for FCC units. These costs are 
included here for orientation purposes only; specific applications need to be evaluated 
individually. 

The investment for a new 35,000 barrel per stream day FCC unit operating with 
5.5 wt %coke  on the basis of fresh feed is shown in Table 3.3.8. In general, costs for 
other capacities vary according to a ratio of capacities raised to a power of about 0.6. 

Operating Costs: Power Recovery 

The cost of operating an FCC unit can be reduced significantly with the introduction 
or p ,a:' rc:&ery <ellnear h n e  Imp rccagn~rcJ the, r~;nrfi;.tat nrndunt of a \ a ~ l a b l ~  
m:rz) I" ~11.. ilur gd,. ,\Rr.r rrv:ril yl..,r, o l  cftorl, il pnurr-reru$~r).  ry,ln>. ud, 
debcloned ll~nl conrerlrd tllc dvr#,rtl#c cr#crr\ of ihd flue into rnc:hmtcsl rnrrrv ", ", 
by means of a combination of equipment, the heart of which was an expander turbine. 

The recoverable energy is a function of the pressure drop through the expander. 
The following equation may be used to calculate expander shaft horsepower (shp): 

UOPFLUID CATALYTIC CRACKING PROCBSS 3.77 

TABLE 3.3.8 Investment Costs 

Process equipment included Estimstcd erected cost," million $ 

Reactor-regeneration. gas concentration, fractionation, 
and elcctiostrtic precipitator 103 

All of Ule above plus powerrecovery 114 

'hucsimeni rciurale within r W 8 ,  ~urienr rs of 1991, U.S. OvlfCoart errcfion. 

shp = 2.808(EGT) ( - [ I  - ( liiK] 

where E = overall efficiency factor (0.8) 
G = molar flow rate per pound of flue gas, moleslsec 
R = gas constant 
T = inlet temperature, "R 
K = adiabatic exponent (1.313 for flue gas) 
P, = exhaust pressure 
P, = inlet pressure 

As now typically applied in modern FCC designs, the power recovered and con- 
verted into electricity generally meets or exceeds air-blower requirements. 

In addition to power recovely, the FCC unit can be designed ta produce significant 
amounts of higher-pressure steam [600 lblini gage (42 bar gage)]. The main source of 
this steam is from exchange with the main-column bottoms and from the flue-gas 
Stehm generator. 

Typical operating costs for an FCC unit with and without power recovery are 
shown in  Table 3.3.9. The data are for a unit processing a Middle East VGO in agaso- 
line operation with a five-column ga-concentration unit, electrostatic precipitator, and 
flue-gas steam generator. 

TABLE 3.3.9 Typical Operating Costs 

power without power 
recovccy* recovery* 

Utilities: 
Electricity, kWh11000 bbl FF -300 1200 
Steam. lbibbl FP: 

600 lblini (42 bar) gage 12 32 
150 lblini(10.5 ban gage -14 - 14 
50 lblini (3.2 bar) gage 2.3 2.3 

Trcatcd water, lbibbl FF 34 34 
Cooling water, gallbbl FF 175 175 

Materials: 
FCC catalyst, lblbbl FF 0.16 0.16 

+AIL poiitive quantities are consumptions (debits); negative quantities am net 
erpoaed amounts lcrediu). 

Nan: FF = frcrh feed. 
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PREFACE 

This Second Edition of the Handbook of Pelroleurn Rqfinins Processes is being 
published just as the petroleum industry is beginning a forecast period of sustained 
refinery growth. Much of this new capacity will come from the expansion of existing 
refineries, but many new refineries are also planned, especially in Asia, South 
America, and the Middle East. It is forecast that the fastest growing classes of prod- 
ucts aver the next 15 years will be kerosene, jet fuel, diesel, marine diesel, and #2 
heating oil, as well as naphtha, LPG, and gasoline. 

Environmental regulations, as implemented in the United States, Western Europe, 
Korea, Taiwan, and Japan, and spreading to other mrts of Asia. South America. and 
orh~r mdkct%, are lhlilng a profounl ef1e.l 0,. I ~ L .  tcrhnolog) dnJ ~ n 8 1  op:rrtl~n, .>f 
moJdrn p:cn lsum ref#!~<,r~.~. Spcclfic~ll) s#!#rr ihc i.lrqt F d ~ t l ~ n  oi ih#\ H?t#Jb~.lk, 
~ ~ J I I I , ~  ~l;t.d ha% ,rmp#,..?s.d I . r  okygen2ilr 11rodu;llon md IILI~I :n; minlper~ent w th -  
11. tile rel8~c1)  

Alrhou~h llle 11111Jhuoh h.jl berll prspirr.J h) just r l \  of ch: n l l j ~ r  l!;:n\<.r; ot 
p:.lr.>lrum reflnl18g Ir..hndludu. 11 15 a:tudl) d c.,mpe8d#t1!a uf glnlnl r<,fu~ini itch- 
n,loglc,. Thu*r. ilrrnt ?re UOP. Chrvrnn Rcrex;il md  I'rcht~olurs. L ~ x o n  R~:,,:~rch 
and kn81nccr~ng Cumpan) Foster Whuclcr l ' S A  Curporrt~on. f i  W. Kclingp, ~ M J  
ILonr. m u  Wchsrcr F,bginr.rrnnl: (:nrpornt#u~~. ilt,wc\er, nun) ..f the i r c h ~ ~ u 1 . g ~ ~ .  prc- 
,enled 1hr.r~ srrc  cn-dc\clop<'J s i lh  other t8.nlor pccn,l:unl reill.in& firm;. 1~8;luJlng 
Slohli 0 8 1  Co!n.vdll\, Dou (:hclhc;?l lnrutuc l . rdno8,  .iu P:lrnic. U!,u:~l: .\mnc, tlss , ~ ~~ ~, ~ ~ ~ ~ ~ ~ ~ . ,  ~~.. 
Research lnstitute of Petroleum Processing (RIPP) and Sinapec Intemational-both of 
the Peoples Republic of China; Hiils, AG and Koch Engineering Com~any,  1ne.-both 

". ~ -~~~~ ~~~~ 

benzene to produce cumene and linear aliylbenzene. 
Part 2, "Base Aromatics Production Processes," presents technologies to convert 
petroleum naphtha, LPG, and pyrolysis gasoline into the basic petrochemical inter- 
mediates: benzene, toluene, and nylene (BTX). Technologies to recover aromatics 
from hydrocarbon and aromatic mixtures and processes to convert alkylbenzenes to 
high-purity benzene, xylene, or naphthalene are also covered. 
Par, 3 .  'CL~LII)LIC Crdihmg.' C O \ C I S  fluid cr!?lyu. ;rs:klnp, ~ r . c h n ~ . . , ~ ~ e <  for 
cJ\'rrunp \ a i u u r n  "~ i r .  :ukcr ga, nlli. 111J >om: r r i ld~~, l  . i i ;  as uell :x\ i r o -  
I u a t r  1ub:exuziclr lu e:tr~lisc.  C. loC. olefin< ind 111.l.t ;vcle rill - . >  , -~ ~, ~~~ -~- .  
Part 4, "Catalytic Reforming," contains information on producing high-octane 
liquids rich in aromatics from naphtha. By-products include hydrogen, light gas, 
and LPG. 

xxi 
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Part 5 ,  "Dehydrogenation," presents technology for the dehydrogenation of light 
and heavy paraffins to the corresponding monoolefins. 
Part 6, "Gasification and Hydrogen Production," covers production of hydrogen 
from natural gas by steam reforming, or partial anidation followed by shift conver- 
sion, and also hydrogen production via an initial gasification of bituminous, sub- 
bituminous, and lignitic cials. 
part 7, "Hydrocracking," presents technologies to convert any petroleum fraction 
from to cycle gas oil and coker distillates into LPG, gasoline, diesel, jet 
fuel, and lubricating oils while removing sulfur, nitrogen, oxygen, and saturating 
olefins. 
Part 8, "Hydroueating: covers technologies for improving the quality of various 
oil fractions by removing sulfur, nitrogen, carbon residue, metals, and wax, while 
increasing the hydrogen content by saturating alefins, dienes, acetylenes, and aro- 
matics. Simultaneous cracking of heavy residua is also covered in this part. See 
also the Part I 0  chapter on the Chevron On-Sueam Catalyst Replacement (OCR) 
Process. 
Part 9, "Isomerization," presents technologies for converting light, straight-chain 
naphthas (C, to C, and benzene containing reformates to branched and higher 
octane products while saturating benzene. 
Part 10, "Separation Processes," presents technologies for recovery of catalysts 
from high-metal residua: olefins from mixtures of olefins and paraffins; normal 
paraffins from isoparaffinr, naphthenes, and aromatics; and reparation of vacuum 
residua into an uncontaminated, demetallired oil and highly viscous pitch. 
Part 11, "Sulfur Compound Extraction and Sweetening," contains technologies for 
the removal of sulfur from refinery streams and the production of sulfur products. 

Part 12, "Visbreaking and Coking," contains technologies for rejection of metals 
and coke, gasification of coke, and the recovery of lighter hydrocarbons from dis- 
tillation unit bottoms. 
Part 13, "Oxygenates Production Technologies," presents methods for production 
of refinery ethers for the oxygenate portion of the gasoline pool. 
Part 14, "Hydrogen Processing," is a comprehensive treatment on hydrogen use 
within the refinery covering fundamentals, design, and process capabilities. 

Thc autlt,n . f 1111 vart.,Lr .lnplrr. wlr: a s k 4  14 iollm$ ch; t u ; l ~ ! ~ o l ~ ) - p r c ~ . a t ~ -  
tlr n ,p~clfi.dlt.8l ~ i \ e n  I C I U ~  mn.ofdr .I, 1 n%,lhlc. ronlc .,f ih, re~t le t lcd  111f~rltillr7m 

wr. t t x  J:ua~e.lr., hcdi,.l~.~hl: b) lltc Ilc.mrdr, t 3 r  .':ruLn . , I  ihc ch;ptrrl) 

1. General process description, Including charge and product yield and purity, and a 
simplified flow diagram 

2. Process chemistry and themodynomics. For each major process unit. 
3. Process perspective. Developers, location, and specification of all test and cam- 

mercial plants, and nesr-term and long-term plans. 
4. Derailedprocess description. Process-flow diagram with mars and energy balances 

for major process variations, and feeds and details on unique or key equipment. 
5. Product and by-product specficalions. Details analyses of all process products and 

by-products as a function of processing variations and feeds. 
6. Wastes and emissions. Process solid, liquid, and gas wastes and emissions as a 

function of processing variations and feeds. 
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i 
I 7. Process economics. Installed capital cost by major section, total capital investment 

operating costs, vnnuvlizd capital costs with the basis, and a price range for each 
product. 

The back matter contains a list of abbreviations and acronyms, and a glossary of 
terms, which are meant to be useful for the nonspecialist in understanding the content 
of the chapters. 
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CHAPTER 1.1 
EXXON SULFURIC ACID 

ALKYLATION TECHNOLOGY 

Howard Lerner 
Exxon Research ond Engineering Company 

norham Pork, New Jersey 

INTRODUCTION 

Alkylation is an important process unit used in refineries to convert light alefins (e.g., 
propylene, butylene), produced in catalytic crackers and mkers, into a more highly 
valued gasoline component. Alkylate is one of the best gasoline blending components 
oroduced in the retinen because of its hieh octane and low vaoor oressure. Thiichao- 
iei describes Exxon desearch and ~ n g k e e r i n g  Company's'sul~uric acid ea ta ly id  
alkylation technology and the reasons why it is able to dependably produce high-qual- ~. - .  
ity alkylate at low cost. 

Alkylation technology has bem a~ound for a long time in the refining industry. me 
old-time tank reactor system was first installed in Ennon's Baytown refinery in the 
late 1930s. This sulfuric acid alkvlation technolo~v has branched out from those -. 
beginnings in a number of directions. Exxon Research and Engineering Company 
(ERBE) developed the stirred, autorefrigerated reactor design, while others developed 
the cascade and effluent refrigeration systems. 

This chapter concentrates on a number of general sulfuric acidakylation topics 
and highlights important differences between the modem ER&E sulfuric acid alkyla- 
tion reactor desien and other desiens. First. it discusses how alkvlation fits into the - - 
refinery and then it describes the chemistry of alkylation. It shows an alkylation 
process flow sheet, followed by adiscussion of the effects of the key process variables 
and how their interactions are critical to efficient design and operation. It compares 
the autorefrigeration method of removing the heat of reaction with the indirect efflu- 
ent refrigeration system and explains why the autorefrigeration method is very effi- 
cient. Also, it discusses key advantages and differentiating features of the ERBE reac- 
tor system along with commercial experience with the ERBE technology. 



'1.4 ALKYLATION AND POLYMERIZATION 

ALKYLATION IS A KEY PROCESSING UNIT 

The alkylation process is an important unit that is used in refineries to upgrade light 
olefins and isobutane into a much mare highly valued gasoline component. The light 
olefins are mainly from catalytic crackers and also from eakers and vis- 
breakers. Alkylute is one of the best gasoline blending components produced in the 
refinery because of its high octane, which is typically about 96 research octane num- 
ber (RON), and low vapor pressure, which allows more lowervalue butane to be put 
into gasoline. The high profitability of upgrading the light olefins and isobutane in the 
refinery from liquefied petroleum gas (LPG) value to gasoline value explains why it is 
a very popular process alternative that is used at  most locations that have catalytic 
crackers. 

CHEMISTRY OVERVIEW 

The primary alkylation reaction involves the reaction of isobutane with a light olefin, 
such as butylene, in the presence of a strong acid catalyst to form the high octane, 
trimethyl pentane isomer. 

Primary Alkylation Reaction 

C,H,, + C,H, H* 2.2.4 trimethylpentane + Heat 

Isobutane Buryleno 1rooctane 

~ l t h o u ~ h  the reaction goes to completion, it does not approach equilibrium. If the C8 
isomers formed were to approach equilibrium distribution, the product octane would 
be about 20 octane numbers lower. This is because the lower-octane, less highly 
branched isomers, such as dimethyl heiane, would predominate. Although not shown 
here, similar reactions can be written far the reaction of isobutane with propylene or 
pentylene, which are other viable alkylation plant feeds that also form high-octane iso- 
mers, though not as high as for butylene feeds. If this primary reaction were the only 
reaction taking place, we would be able to produce alkylate with an octane approach- 
ing 100. 

Secondary Reactions Produce Wide Spectrum of Compounds 

Unfortunately, there are a number of secondary reactions that produce a wide spec- 
trum of compounds that tend to reduce the octane to about the 96 octane level. The 
examples below show how polymerization, hydrogen transfer, disproportionation, and 
cracking reactions tend to produce lower octane components. 

. Polymerization (e.g.. ZC,H,+ C,H,,l . Hydrogen transfer (e.g., 2C,H,, + C,H,, + C,H,, + C6Hld) 
Disproportionation (e.g., 2C,H,, + CH,H,, + C,H,l . cracking (e.g., c,,HZ6 + C,H,4 + C5H,J 
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Feed Impurities Form Acid-Soluble Compounds 

One other important aspect of alkylatian chemistry is the effect of feed impurities on 
the alkylation process. This is because makeup requirements far the acid which is used 
as reaction catalyst will depend to some extent an the amount of imnurities that are 
present in the alkylation plant feed streams. Many of these impurities'form acid-solu- 
ble compounds that increase acid makeup requirements, since they must be purged 
from the plant with spent acid. For example, mercaptan sulfur, which is a common 
feed impurity, will react with sulfuric acid to form a sulfonic acid and water, which 
are acid-soluble compounds (that is, RSH + 3H,SO, -t RSO,H + 3H,O + 3S0,). 
Also formed is some sulfur dioxide, which must be removed in the cauitic wash sec- 
tion as discussed later. Roughly 40 pounds of additional makeup acid are needed for 
each pound of mercaptan sulfur that enters the plant with the feed. Thus caustic treat- 
ing facilities are always provided to remove sulfur from the olefin feed. 

Butadiene is another common impurity in alkylation plant feeds. The butadiene, 
which is typically at the 1000 to 2000 ppm level, tends to polymerize and form acid- 
soluble oils which will also increase acid makeup requirements. For every pound of 
butadiene in the feed, 10 pounds of additional makeup acid will be required. If the 
feed butadiene level is vely high, as might result from a severe catalytic cracker oper- 
ation or from introducing eoker olefins, installing diene saturation facilities to selec- 
tively hydrogenate the diolefins without hydrogenating the valuable monoolefins 
could be considered. 

PROCESS DESCRIPTION 

A simplified flow diagram for the Exron Research and Engineering stirred autorefrig- 
erated alkylation process is shown in Fig. 1.1.1. Olefin feed is first mixed with recy- 
cled isobutane from the deisobutanizer overhead and coaled before entering the reac- 
tor. Insoluble water that is condensed at the lower temperature is removed in.the 
coalescer. The isobutane-alefin mixture, along with recycle acid and refrigerant, is 
introduced to the reactor. Mixers provide intimate contact between the reactants and 
the acid catalyst. In the presence of sulfuric acid, the olefin and isobutanc react very 
quickly to farm alkylate and release reaction heat. In the autorefrigeration system, the 
reaction heat is removed by vaporizing some isobutane from the reaction mixture. The 
vapors leaving the reactor are muted to the refrigeration section where they are com- 
pressed, condensed, and sent to the economizer, which is an intermediate-pressure 
flash drum, before being returned back to the reactor. The intermediate-pressure flash 
reduces the power requirements of the refrigeration compressor by about 10 percent. 
Thus the reactor is held at an optimal temperature of about 40°F. 

Any propane introduced with the feed concentrates in the refrigeration section and 
must be removed from the alkylation plant. Therefore a small slipstream of refrigerant 
is depropanized after being caustic- and water-washed to remove any SO,. The 
propane overhead is sent to storage while the isobutane-rich bottoms are returned to 
the process. Thus the depropanizer operation avoids building up propane in the alkyla- 
tion olant. 

Ba.k ;I ihu r a c t x .  the rc&clrjr pmducc tr routed to thr ,culr.r, shcrc ,hi. ucjd I; 
,m.cd rrom lllc Ih)droc.lrbot$ and i r  rc:):lcJ bjck IJ ,he reactor Thc l t y d r ~ u ~ ~ b r ~  
p o r t ~ n  ol  lh- r:r;c.>r produrl uhlch collr?#ns alki latc,  ch;r,, lrohulrnc. ind nnrlnal 
butane, is then causti' and water-washed to remove any acidic components before 
being fed to tile deisobutanizer. Makeup isobutane that is consumed by the alkylation 
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reaction is also typically added to the deisobutanizer. The overhead from the tower is 

.* .. -~~ 

which meet vapor pressure specifications, are cooled and routed to aliylate storage: 
T ~ G S ~  towers can be designed to operate at a low enough pressure to allow the use of . . 
low-pressure steam. 

There is flexibility in how the flowsheet can be put together to meet the needs of 
the refiner. For example, a butane sidestream can be t&en from the deisobutanizer 
instead of from a separate tower, thus reducing capital cost. The main disadvantage 
that usuallv restricts the use of this ootion is that the C,+ content of the butanc will . . ~ ~ ~ ~  
usually be higher than the sales specifications allow. It is, however, quite acceptable 
to use it for gasoline blending. 

In the reactor, a small amount of the alefin feed polymerizes to form acid-soluble 
ails which tend to accumulate in the equilibrium recycle acid. As discussed earlier, 
feed impurities that also form acid-soluble compounds tend to magnify this effect. 
Therefore a spent acid purge must be taken from the unit to remove these oils from the 
system while high-purity, fresh makeup acid is added to replace it in order to keep the 
spent acid suength high enough to maintain catalytic activity. Providing for the regen- 
eration of the spent acid is a special challenge to a sulfuric acid plant. In the United 
\c.ttes. ~ h c  rpcnt :tcaJ 1% u*u~ i l )  rugc.n<ridrJ by ihc r ~ p p l l i r  01 the mokeup 3:ld 
l I ~ n r \ e r .  .chu cuu~tlrlcr, r ~ d t  ii h p m .  I ~ s s r  r e l ~ c ~ \ c l )  ~ o x l l  *ulfunc ~ c l d  product8on 
.dpl.ilai Therefore. ro~!>-. alk)lll8on pl:,nt operatur, i n  ihr,c .%rear hive ~n,lhllcJ 
t h r~ r  J\<II a c d  rcycnermon i ~ c ~ l ~ r ~ c ~  '1nc.e plml% are r r l ~ c ~ c ~ l )  sillnplc cu ~ p c r s t ~  hut 
~ 1 1  :) >.id in\ :cln>;sl :o*c 'I'hc ir.cl~n.,l.>g) ~r a\d~l=hle fr,m s nulnber ot Ilueusrr\. 

BALANCING PROCESS VARIABLES IS CRITICAL 
TO EFFICIENT DESIGN AND OPERATION - 

Proper specification of process variables is critical to optimize the design and opera- 
tion of an alkylation plant. Commercial and pilot plant experience provides an under- 
standing of the balances of the process variables and how they affect the economics of 
the process. This is important since application of this knowledge results in units that 
are capable of efficiently meeting refinery goals. The primary process variables dis- 
cussed below are reactor temperature, isobutane recycle rate, reactor space velocity, 
and spent acid strength. 

Low temperature increases octane and reduces acid requirements, which is the 
goal. Unfortunately, the low temperature also requires higher refrigeration investment 
and operating costs. Thus a balance must be struck between the benefits of low reactor 
temoerature and the cost of suoolvine the low temnerature. 

A n  increase in  i s o b u t a n e ~ ~ e ~ y c ~  rate increa'ses the octane and lowers the acid 
requirements. However, the higher isobutane rate also increases the investment 
reqalreJ iur rh,. dclvobucin~rcr and incrr.rc< Lne npcrarlng cost oi ih; ~ n u r  b-..~u~r. 
rf  the Ihuher -1eJnt rcqwretwent TI)< ;riu;irl chuiir. b:tuecn the bcnef#l$ of lhtglb 
~r.,buc:snc rc. vil: r x :  and inve~tmcnt muts he h ~ l ~ i . : ~ . l  

Reactor space velocitv is another very imoortant orocess variable that has to be set . . 
I during the design. Lowering space velaclty increases actme and lowers acid require- 

ment;. On the other hand,;e;ere alkylatkn conditions such as high space veiocity 
~ ~ 

#axrc.i\u th: f ~ r m a l n n  o! acid sul!are< ul8ch are ;~rr .n ivc  I J  Josn t~ rc i ln  irscunna- 
! ti481 fjlc#l#t~ei Tllc i l :~ l r~l  but)I sul(it< C I ~ U ~ S  that d~ formed ill l.lgh ,PJ<C VCIU;IIY 

1 ?re n.11 r:movrJ hy csusrl; and fend lo deco!t.po~e r t  lhr hlrhrr sn>perrture< etlcol.ra- 
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tered in the fractionation facilities. These decomposition products are sulfur dioxide. HIDROCIRBDN 

which is corrosive to the overhead system, and sulfuric acid, which goes down the 
tower and chars hydrocarbon when it hits the hot reboiler tubes, thus creating a foul- 
ing situation. The low space velocity in ER&E designs requires no special considera- 
tions to protect the downstream fractionation facilities other than the caustic and water 
washes which are provided in  all cases. For cases where high esters are a known prob- 
lem, it would be necessary to install an expensive acid wash step. Thus, the trouble- 
some esters from the reactor product would be extracted before they reach the frac- 
tionation facilities. 

Finally, spent acid strength impacts not so much on the design as on the operation 
of the alkylation unit. Increasing spent acid strength tends to increase octane, but also 
increases makeup acid requirements. While lowering spent acid strength tends to 
decrease makeup acid requirements, it increases the risk of acid runaway. This acid 
rnnawily condition occurs when the strength of the spent acid drops below the critical 
concentration where the acid is an effective alkylation catalyst. Thus target spent acid 
strength will be a balance between acid makeup requirements and octane, with an ade- 
quate margin of safety above the acid runaway point. 

AUTO REFRIGERATION 

REACTOR COOLING VIA AUTOREFRIGERATION IS HYDROClRBON 

MORE EFFICIENT THAN EFFLUENT "MOR 

REFRIGERATION 

As shown in Fig. 1.1.2, there are two systems that are used to remove the heat of reac- 
tion while maintaining the low reaction temperature needed for alkylation. As men- 
tioned before, ER&E uses the autorefrigeration concept of removing the heat of reac- 
tion from reactors. As in Fig. 1.1.2, olefin feed is introduced into a number of mixing 
compartments where just enough mining energy is provided to obtain good contacting 
of acid a d  hydrocarbon, which is needed to promote good reaction selectivity. The 
reaction is held at low pressure, about lO lblini gage, to keep the reaction temperature 
at about the 40°F level. Isobutane-rich hydrocarbon vapors boil from the reaction 
mass and are removed fmm the top of the reactor and sent to the refrigeration com- 
pressor. Thus, there is a 0" temperature difference between the reaction mass and the 
refrigerant in the direct autorefrigeration system. TO 

The indirect effluent refrigeration system is used by others for removing the heat of DUSOBUTANIZER 

reaction. The system pressure is kept high to prevent vaporization of light hydrocar- RECYCLE 
bons in the reactor and settler. In this system, hydrocarbons from the settler are INDIRECT EFFLUENT REFRIGERATION 
flashed across a control valve into a large number of heat transfer tubes contained FIGURE 1.1.2 Reactor caoling alttr~sziiii. 
within the reactor to provide cooling. The reaction emulsion is pumped across these 
cooled tubes to keep the reaction temperature down. The reaction emulsion then goes 
to the settler where acid is recycled and hydrocarbons are flashed through the heat- 
transfer tubes. The vapors are routed to the refrigeration system by way of a knockout 
drum. This approach requires that there be a finite temperature difference between the came the pressure drop across the heat-transfer tuber. In the autorefrigeration system, 
reaction emulsion and the refrigerant in  order to transfer heat across the tubes. just enough energy is input to provide good contacting between the acid catalyst and 

Because a temperature difference is required for the indirect effluent refrigeration the hydrocarbon, whereas in the effluent refrigeration system, additional mixing 
system, it requires a lower refrigeration temperature than the autorefrigeration system power has to be provided to overcome the pressure drop created by the high flow rate 
whieh, as noted, has a zero temperature difference between the reaction mars and the Of reaction emulsion across the hcat-transfer tubes. The high flow rate is needed to 
refrigerant. The lower refrigerant temperature in the indirect effluent refrigeration sys- produce a reasonable heat-uansfer coefficient. Thus, the total mining energy is higher 
tem requires a lower refrigeration compressor suction pressure whieh in turn results in for this system. Since the heat of mixing has to be removed from the reaction emul- 
a higher refrigeration compressor energy requirement to supply the same refrigeration sion, a larger refrigeration duty is also required. These two factors make the autore- 
duty. Another factor that increases the energy requirement still further for the indirect frigeration system more efficient than the indirect effluent reftigeration system. Thus, 
effluent refrigeration system is that mare mining power is needed in order to over- the autorefrigeration system is less expensive and has lower aperating costs. 
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REACTION STAGING RESULTS IN HIGH AVERAGE centration is essentially the same for both reactor types at the same isobutane recycle 

ISOBUTANE CONCENTRATION IN REACTOR 
rate. Thus, the product octane will be essentially the same for the reactors as long as 
~ t h e r  reactor conditions such as space velocity and temperature are the same. However, 
as discussed earlier, the space velocity of the stirred, autorefrigerated reactor is lower 

discussed earlier, vaporization of isobutane-rich refrigerant is suppressed in the than the effluent refrigeration reactor, resulting in a higher octane. 
effluent refrigeration scheme, while vaporization of refrigerant is allowed to pmceed in 
the autorefrigerated reactor. One might conclude that a higher isobutane recycle rate is 

for the autorefrigerated reactor system in order to attain the same isobutane 
concentration in the reactor. However, u higher isobutane recycle rate is not required in 

ADVANTAGES OF THE ER&E REACTOR ARE 

the stirred, autorefrigerated reactor because of the efficient multiple-stage configura- NUMEROUS 

tion. ~ ~ l t i ~ l ~  are provided at law cost due to the nature of the reactor design. 
~i~~~~ 1.1.3 illustrates this point. This is a plot showing how the isobutane Concentra- The ER&E stirred, autorefrigerated reactor design has many advantages. As discussed 
tion and the octane of new alkylate produced change as the reaction emulsion moves above, autorefrigeration is efficient. Also, the internals of the ER&E stirred, autore- 
through the reactor. AS mentioned before, all the refrigerant is returned to the first reac- frigeration reactor are very simple. This results in low reactor cost and equipment that 
tio,, stage, where only a small fraction of the olefin feed is injected. Since only a small can be constructed in many shops under competitive bidding conditions. In addition, 
corresponding fraction of the refrigerant is vaporized in that stage, the isabutane con- the E R E  reactor can be built very large to accommodate alkylate production of up to 
centration in that stage is much higher than the single-stage effluent refrigeration reac- 9000 barrels per day (BPD) in a single reactor. This gives ER&E designs a strong 
tor scheme. merefore, the octane of the alkylate product in that stage is very high. As advantage in economy of scale over other technologies. 
we move from stage to stage, more refrigerant vaporizes as more olefin is injected and The staged reactor design results in a high-octane product. The octane is high 
~h~ octane of the alkylate produced in that stage decreases. The average isobutane con- because the reactor design is conducive to maintaining a high isobutane coneenuatian 

in the reactor, a low space velocity, and low temperature. The low temperature and 
low space velocity as well as the special feed injection system differentiates the 
ER&E reactor from reactors offered by others. The net result of applying these reactor 
design concepts in the stirred, autorefrigeration reactor eliminates corrosion and foul- 
ing problems experienced in the fractionation system while producing high-quality 
process performance. 

One further advantage of the stirred, autorefrigerated reactor design is its high reli- 
ability. For example. the low-pressure operation means low-maintenance mechanical 
seals can be used for the low-speed mixers. This is in contrast with the other systems 
that require a higher reactor pressure, w l c h  makes the mechanical seals much more 
critical and a source of concern far reliability. Also, the seals in the ER&E reactor are 
in the vapor space instead of immersed in the acidic liquid phase as in the iffluent 
refrigeration reactor, making the consequences of a leaky seal much less severe. 
Finally, ER&E's autorefrigeration design contains multiple mixers, which translates to 
higher reliability. 

Figure 1.1.4 shows a 1991 alkylation plant using ER&E's stirred, autorefrigerated 
technology. The ER&E-designed reactor is the horizontal vessel in the foreground. 

MODERN ER&E REACTOR IS A VAST 
IMPROVEMENT 
OVER OLDER SYSTEMS 

The operation of older autorefrigeratian reactor designs offered by others in the past 
has been reported to be troublesome because of producing low-octane product and 
having the symptoms of high esters discussed previously. Some people mistakenly 
associate these problems with the autorefrigeration method rather than the specific 
design features used. In fact, there are very significant improvements encompassed in 
the modern ER&E autorefrigeration reactor design that contribute to its excellent per- 
formance. Same of the more significant differences are summarized in Table 1.1.1 

The combination of better acid-hydrocarbon mixing (to provide the needed inti- 
mate contact of the hydrocarbon with the acid catalyst), premixing olefin and isobu- 
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TABLE 1.1.3 ER&&Dcrigned Sulfuric Acid Alkylation Units 

Nominal capacity 
THE DOW-KELLOGG 

Company Location of alkylate, BPSD 

Exion unit United Starer 

CUMENE PROCESS 
E I X O ~  unit United States 
Liceoscd unit United States J. W. Wallace and H. E. Gimpel 

The M.W. Kellogg Company, USA 
Licensed unit 

Licenscd unit United States 
Licensed unit 

alkylation units are listed in Table 1.1.3. The ER&E alkylation process utilizes effi- 
cient autorefrigeration while incorporating design details that result in low mainle- 
nance, low operating cost, and high service factor pmven by many years of successful 
operation. Continuing feedback from Exxon's operating plants is built into !he design 
of new units, thus ensuring low-cost, trouble-free operation. INTRODUCTION 

In the Dow-Kellogg Cumene Process, eumene is produced via alkylation of benzene 
and propylene in the presence of Daw's unique, shape-selective 3DDM zeolite cata- 
lyst. The process is characterized by its law capital cart, superior product yield, high- 
purity product, corrosion-free environment, law operating cost, and ease of operation. 

The process has been demonstrated by an extensive program at Dow that led to the 
development of the 3DDM zeolite catalyst. This program has provided the p ib t  and 
experimental work necessary far the development of the kinetic model by Kellogg for 
alkylation and transalkylation. A commercial-size transalkylator using the catalyst has 
been in very successful operation for approximately 2 years at Dow's cumene plant in 
Temeuzen in the Netherlands. The facility utilizes feed from the existing solid phos- 
phoric acid (SPA) catalyst-based operatian. Conversion of the balance of the plant to 
the new process is planned. 

Kellogg has developed an efficient, heat-integrated, Low-capital-cost process flow- 
sheet for new grassroots plants and far  conversions of existing SPA-based plants. 
These plants, based on the Dow-Kellogg process, provide superior economics to the 
competing processes. Kellogg is well-known for both cumene and the related phenol 
technologies, having engineered eight cumene plants worldwide for a total capacity of 
4.5 billion pounds (2 million metric tons) a yea .  

HISTORY OF CUMENE TECHNOLOGY 

Cumene (isopropyl benzene) is used now almost exclusively in the production of phe- 
nol by the oxidation with air to cumene hydroperoxide (CHP), followed by cleavage 
to phenol and acetone. This process was developed in the 1940s and i s  the principal 
commercial process for phenol production. An earlier use for cumene was as aviation 
gasoline because of its high octane value. 

1.15 
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Cumene always has been cammercially produced by the acid-catalyzed alkylation In 1993, Dow and Kellogg joined together to complete the development of the 

of benzene with propylene. Mast of the world's capacity is being produced by technology and offer it for license. 
processes "tilizing SPA catalysts. The relatively low yields and uarious operating dif- 
ficulties related to the SPA (acid on clay) catalyst led producers to seek improved 
types of catalysts. 
One alternative approach has boen the aluminum chloride-baed process applied PROCESS FEATURES 

over the bast 10 years to both new plants and revamped SPA units. Prior to this, alu- 
minum chloride catalyst had been used commercially for a number of years to produce Key features of the Dow-Kellogg Cumene Process are: 
ethylbenzene for styrene manufacturing. Although this process offers improved 
y i e l d 4 u e  to the mnsalkylation ability of the catalyst, high reactor productivity, and - High yield. The very high selectivity of the catalyst and reaction system results in 
constant catalyst activity from continuous catalyst makeup-this process has not yield of greater than 99 percent to cumene. 
gained universal acceptance because of the special materials required to prevent corro- . High-quality cumene. The same high selectivity together with a very efficient 
sion and cancems related to spent aluminum chloride disposal. recovery system results in high-quality eumene product, i e . ,  greater than 99.90 per- 

Another more recent approach to improved catalysis for cumene production has cent purity. 
been the development of zeolite catalysts, such as Dow's 3DDM special modified 
mordenite catalyst. This catalyst offers numerous advantages compared to the SPA . AII-carbon-steel consrruction. The zeolite catalyst is very stable, and no acid 

and aluminum chloride catalyst. enters the plant: therefore, all equipment is fabricated from carbon steel (CS). . No environmenroily difficull efluenls. The zeolite catalyst is very sturdy and 
regenerable: thus, there is no catalyst disposal concern as in other commercial 
processes. 

HISTORY OF THE DOW-KELLOGG CUMENE . Operability and moinrainability. The Rxed-bed reactors and distillation train are 
simple and safe to operate; with no corrosion and with simple equipment, the main- 
tenance costs are very low. 

Before combining their efforts, both Kellogg and Dow had a long history of involve- * Low capital cost. A simple yet efficient design, with low recycle rates and all-CS 
men1 in the design and operation of eumene plants. equipment,  results in a low-capital-cost unit;  an  the  U S .  Gulf Coast,  a 

Dow has operated the 340,000-metric ton per annum (MTA) cumene plant at 550,000,000-lblyr (250,000-MTAI unit is estimated to cost approximately 
Terneuzen for 20 yean. This plant originally employed the traditional SPA cumene $17,000,000. 
process. In 1992, Dow added a transalkylator system that utilizes the 3DDM zeolite 
~ ~ t i l ~ s t .  Dow also has been operating several laboratory rigs and pilot plants for this 
new curnene technology at Terneuzen since 1991. Because of advantages offered by 
the Dow-Kellogg process, Dow plans to convert the remainder of the plant to the new PROCESS DESCRIPTION 
process in the near future. 

Kellogg has engineered eight cumene plants, including six based on the SPA 
process and one based on the AI,Cl process. Kellogg has developed energy-saving 

As shown in Pig. 1.2.1, benzene and propylene are first reacted in the alkylator (1) in 

designs for cumene plants, including direct hear interchange systems between cumene 
the presence of the 3DDM zeolite catalyst to produce cumene. Complete reaction of 

and phenol plants that have been used in three cumenelphenol plant designs. A list of 
propylene occurs. Some di-isopropylbenzene (DlPB) and very little tri-isopropylben- 
zene (TIPB) and by-products also are formed. 

cumene plants engineered by Kellogg is in Table 1.2.1 The amount of DIPB depends on the quantity of excess benzene and the reactor 
operating conditions. The quantity of TIPB formed by further alkylation of DIPB is 
very small because of the shape selectivity of the catalyst. Alkylation conditions are 

TABLE 1.2.1 Curnene Plants Engineered by M. W. Keliogg chosen using the Kellogg Kinetic Model to maximize production of cumene and to 

Clicnt Location Date Capacity, MTA avoid formation of impurities, such as n-propylbenzene. 
The reactor-section effluent, consisting of unreacted benzene, cumene, and DIPB, 

Taiwan Pmsperity Chemical Co. Taiwan 1994-95 is fractionated in a series of four columns (3-6). Light components, including propane 
present in the propylene feed, are removed: unreacted benzene is recovered and recy- 

Aristech Chcmical cled: pure cumene is separated as a product; and, finally, the DIPB is recovered in the 
oeorgia Gulf distillation section and recycled to the transalkylator (2) to form additional cumene 
Shdl Chemical No. 2 with excess benzene. A small impurity purge is t&en to fuel. 
Monsanfo No. 2 
MonSanto NO. I 

The alkylation reactions are rapid and exothermic. In contrast, transalkylation reac- 

Shell Chcmical No. 1 tions are slower, equilibrium-limited, and thermally neutral. The fransalkylator condi- 
tions are chosen to favor formation of cumene. 

-~rassroots AICI, pioccfs. Cumene produced in the fractionation system is very high in purity (see Table 
+o.gmdly designed for s ~ ~ p m c s s r  andrcvamped to AICI, 1.2.2) with a bromine index less than 5. 
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TABLE 1.2.2 Product Specificalionr for 
Cvmcne Purity 

Cumene 99.94 wt % min. 
Bromine index 5 max. 
EUlylbenzene 100 ppm max. 
"-popylbenzene 200 ppm mai. 
Bvfylbenzene LOO ppm man. 

Ih: U J A - K < I I U ; ~  pr4:csr is clpahlr  of prnci~qmnl! u ldc  range of feva porlclc% 
,411 drdJ:, rcl8tlr.r). . I#e t#~ .ca l ,  and polymer ~ , f  p r ~ p ) l r . n ~ .  f r fd  arc ~utclblc I'r.lpine 
co,.c<nt ma! \an fro," less ,kin I ner.cnt 1.1 4 0  o:r;cnc ur murc lh: nr.mase I\ nclr- ~~~~ ~ ~ , , . . 
mally recovered as liquefied petroleum gas (LPG), but may be used as fuel if present 
in small quantities. Normally, no feed pretreatment is  necessary 

YIELDS AND MATERIAL BALANCE 

Pounds per Metric tons 
Material 1000 lb cumcnc per MT cumeno 

Feed: 
Benzene (a 100%) 653 0.653 
Prapylene (as 100%) 353 0.353 

Product: 
cvmene 1000 1.000 

By-product: 
Heavies 6 0.006 
LPG 

Drag benzene t t 

'Function Of propane ronuined in propy1ene fled 
tF"nction ornonrmmatics inbcnvnEfrpd. 

PROCESS ECONOMICS 

per 1000 ib per metric 
Utilities CUmenE LO" cumene 

Fuel (absorbed)' 1.1 X 106Btu 0.60 x lo6 kcsl 
Steam (8rpon)t 525 lb 525 kg 
cooling water* 130 gal 1.08 m3 
Ele~ecfricity$ 7.7 kwh 17.0 kwh 

'Hocoil healms (steam healin% aod fired Ieboiier option3 availabb). 

TDenotss srpon low-prusurs seam, 501b6nz (3.5 Xglcd) gage. 
rArrvmcr maximum air cooling lraoling water options audlablc). 
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WASTES AND EMISSIONS 

The process produces no liquid or vapor emissions with the exception of normal stack 
emissions from heaters (hot-oil system), boiler feedwater (BFW) blowdown from 
steam generators, and vacuum jet or vacuum pump vents. Spent ca~alyst is benign and 
requires no special disposal considerations other than normal landfill. 

CHAPTER 1.3 
UOP CATALYTIC 

CONDENSATION PROCESS 
FOR TRANSPORTATION FUELS -. -. 

Diana York, John C. Scheckler, and Daniel G. Tajbl 
UOP 

Des Plaines, Illinois 

INTRODUCTION 

Olefin-producing units such as thermal crackers, visbreaken, fluid catalytic crackers 
(PCCs), and cokers exist in many refineries. These units produce large quantities of 
olefinie liquefied pewoleurn gas (LPG). This olefinic LPG, which typically incindes 
propylene, propane, butylene, and butane, is too volatile to blend directly into trans- 
portation fuels. 

The olefins in the LPG can be converted to either gasoline or distillate transporn- 
tion fuels via the UOP* Catalytic Condensation process, also referred to in the indus- 
try 85 the Cat-Paly process. In this process, propylene or butylene or bath are 
oiigomerized to yield higher-molecular-weight compounds. The process is versatile 
and can be used by itself or in combination with dowosrream processes to produce 
high-quality emsportation-fuel blending stocks. The typical application of the UOP 
Catalytic Condensation unit for the production of either polymer gasoline or distillate 
product is discussed in Ulis chapter. 

HISTORY 

The UOP Catalytic Condensation process appeared relatively early in the development 
of the petroleum-refining industry. The commercial application of this process is 
closely tied to the early ~rowth in earoline demand. 

~ n k a r ~ y  refinery ;&rations, iimple distillation was used to produce gasoline, 
kerosene, and lamp fvels from crude ail. As automobiles became more abundant, the 
dcmand for gasoline increased. To produce more gasoline, thermal cracking using the 

lTmdcmarP.andlor ien ics  markof UOP. 
1.21 
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~ ~ b b ~  process was introduced. A by-product of thermal cracking is a light-gas stream. of the fresh C, and C, olefins is converted to C,+ product. Unconverted C, or C4 

which methane, ethane, ethylene, propane, propylene, butane, and butylene. olefins are generally recovered, and some of them are recycled to the reactor to con- 

initially, this light gas had little value and was either burned as fuel or flared. trol reaction temperature and increase overall product yield. 

gasoline demand began to grow, refiners searched for technology to maximize For distillate production, some of the fresh C, and C, olefinr are converted to dis- 

gasoline One possible alternative was the oligomerizvtian of C, and C, tillate boiling range in the first pass through the reactor. Distillate production is 

~ l ~ f i ~ s  in the LPG from thermal cracking units. increased by recycling Light-polymer gasoline to the reactor. With the recycle of poly- 

~h~ chemisuy of olefin reaction was familiar m refiners. A well-known wet chemi- mer gasoline, 75 percent or more of the feed C,-C, olefins can be convened to a distil- 

cal for determining the olefin content of a gas sample involved the oligomer- late product. 

ization of the gaseous olefins.  he oligomerization occurzed in a glass Orsat apparatus The UOP Catalytic Condensation process can also be used for the synthesis of spe- 

liquid  he next logical step was to use the oligomerization mecha- cifie motor fuels. For example, normal butylene and irobutylene can be selectively 

,,ism to produce a high-octane gasoline blendstock. In designing a large-scale Cam- reacted ta yield a trimethylpentene-rich isooctene. With mild hydrotreating of the 

mercial polymerization process based on this principle, the problem was haw to use product, trimethylpentanes can be produced. This product has a clear research octane 

the acid catalyst in a carbon-steel vessel and avoid excessive acid corrosion. This number of about 100 and is therefore considered an excellent aviation gasoline. 

problem was solved by Dr. Vladimir N. Ipatieff of UOP. 
~h~ solution involved fixing phosphoric acid in a silica matrix. Specifically, 

~ ~ ~ t i ~ f f  discovered that a mixmre of phosphoric acid and kieselghur (a natural silica) PROCESS THERMODYNAMICS 
when heated.  he resultant solid phosphoric acid catalyst could then be 

up, sized, and loaded into a reactor. Under proper conditions, a gasoline-range 
product was produced from the oligomeriaation or condensation reactions of the Oligomerization reactions are exothermic, as shown by the heats of reaction given 

olefins ~ i t h o u t  the corrosive problems of an aqueous acid. This important discovery previously. These heats af reaction represent the average heat of reaction for all possi- 

led to the development of the UOP Catalytic Condensation process, which was applied ble isomer combinations. The acmal heat of reaction depends on the specific oligomer 

commercially in a number of areas, particularly in processing gaseous Olefins from isomer distribution and plant operating conditions. 

thermal reforming units during the early 1930s. The emergence of the FCC Process in The heat released by the reaction must be removed to maintain reactor control. A 

the 1940s greatly expanded the application of the UOP Catalytic Condensation lack of proper reactor temperature control can result in a loss of either catalyst activity 
or product yield. 

Units for olefin oligomeriaation have used either chamber-type or tubular reactor 
design. The standard chamber-type reactor has a series of separate catalyst beds. 
Temperature control is accomplished by recycling some of the spent propane-butane 

PROCESS CHEMISTRY mix as feed diluent and using some as a quench that is introduced between the catalyst 
beds. The chamber-type reactor system is less expensive to install than a tubular-type 

Many refineries have cracking operations that produce a substantial amount of propy- reactor system but has somewhat higher catalyst and utility requirements. One advan- 
lene and bt~tylene.  These olefins can be oligomerized in a UOP Catalytic tage of the chamber-type system is that it can easily be adapted to petrochZmieal 
Condensation unit to produce gasoline- or distillate-range transportation fuels. The applications, such as alkylation of aromatics. 
oligomerization reactions that occur depend on the relative concentrations of propy- The UOP tubular-type reactor contains the catalyst in tubes that are surrounded by 

lene and b~tylene in the feed. The primary reactions are a jacket of boiling water. This boiling water removes the heat generated by the reac- 
tion, and the steam produced can be used to preheat the feed. The tubular-type reactor 

ZC,H, + C,H,, AHay - 1535 Wkg C, also provides a somewhat more efficient temperamre-contra1 system and allows high- 

C,H, + C?, + CF,, AH#" - 1303  kg C, er reactor olefin concentrations. The result is lower catalyst and utility requirements. 

ZC,H,+C,H,, AH, = 1151 klkgC,  

where AH, is the average heat of reaction. PROCESS DESCRIPTION 
These reactor products are themselves olefinic and can undergo further reaction. 

Some of the C,, C,, and C, olefins react with propylene and some with butylene to Gasoline Production 
C, and C,, products. These reactions are 

The process flow diagram for the production of gasoline using the UOP Catalytic 
C,H, + C8, ,+C$t ,  Condensation process is shown in Fig. 1.3.1. The feed stream is typically a mixture of 

C3H, + C,H,&+C,o% propane plus propylene or butane plus butylene or both. This stream must be free of 
basic nitrogen compounds, which adversely affect catalyst activity. The nitrogen com- 

C4H8 + C 6 H , ~ + C t 8 2 0  pounds are typically removed upstream of the unit by a simple water wash. In addi- 

me resultant C, and C,o polymers are still olefinic and can react further to yield even tion, sulfur compounds usually are removed upstream of the unit. Although the cata- 

higher-malecular-weight products. 
lyst can tolerate sulfur compounds, these compounds are typically removed upstream 

In the UOP Catalytic Condensation process, the degree of reaction is controlled to to meet product specifications. Also, careful control of the combined-feed moisture 

yield products of the desired boiling range. For gasoline about 95 percent level is required to maintain catalyst activity and selectivity. 
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TABLE 1.3.3 operating Costs foi Gasoline 
Production 

Utilities 

~lectiic power: 
kWibblC$ + product 2-3 
kWiMT Cs + product 20-28 

steam: 
Ibibbl C5 f product 200-300 
MTiMT C5 + product 0.7-1.1 

Cooling waters: 
galbbl C, + product 120-180 
m31MT C5 + pmduct 44.60 

Catalyst and chemicals cost 

Sibbl C5 +product 0.6&1.00 
SMT C> + product 5.00-8.20 Flash Recycle Drums Column Column 

~ a b o i  and operating cost FIGURE 1.3.2 UOPCatalytic Condsnrationpmr~r~ for distillateproductian. 

Warkforkfe 1 operator-helper 
Typical aperating cosr: 

5hbl c, + product 2.30-3.30 Overall conversion to distillate can be increased to 75 percent or higher by recycling 
$lMT C5 + pmduct 19.50-28.10 light polymer. 

The recycle column separates gasoline-range product from poly. 
~nvsstment* me1 The gasoline-range product comes off the recycle column is partly 

SBPD c5 + pmduct 2500-3500 =cycled to the reactor feed and partly yielded as gasoline.  he bottoms from the recy. 
5MTA c5 + pmduct 60-85 cle column is sent to a rerun column. 

The rerun column separates the final distillate from the heavy-polymer stream. ~h~ 
.BU~S, batlev limit! pian< built on U.S. G U I ~  co-t heavy polymer represents a relatively high-mo~eeu~ar-weight and high.boi~ing.point 

in 1995. U.S. dollars. by-product. The heavy polymer is separated from the distillate product so that the 
NOL: MT = metric cons: MTA - metric tons g r  

.,,,,urn: BPD = barrair perday. 
hydrotreating catalyst generally employed on this product is not fouled. ~ ~ ~ i ~ ~ l l ~ ,  ule 
recovered heavy polymer is blended into fuel oil. 

Yields and Product Properties. A typical operation of  the UOP catalytic 

Production of Distillate-Type Fuels Condensation process for distillate production is summariled i n ~ & l e  1.3.4, ~h~ 
charge to the unit is a C,-C, LPG sueam from an FCC unit with a 59 LV 5 ,,lefin 

one of the atuactive features of the UOP Catalytic Condensation process is its ability content. The four products from the unit are LPG, polymer gasoline, distillate, 

to high-quality commercial jet fuel blending stock. Typically, after being 
hydrotreated to saturate the olefins, this fuel is characterized by a high smoke point of 
the order of 40 mm and a low freeze point, generally less than -70'C (-94°F). TABLE 1.3.4 Product Yields for Distilla* 

Although a. diesel fuel blending stock can be produced by catalytic condensation, Operation 
its cetane properties are generally poor. The resulting product can have a cetane num- 
ber of about 28, which is low compared to mast diesel fuel specifications but can be LY % FP' wt % PF* 

for blending if enough higher-cetane blending stock is available. 
The process flaw diagram for the production of distillate fuel using the UOP 

Feedstock: 

catalytic Condensation process is shown in Fig. 1.3.2. The process flow in this case 
FCC C9-C4 LPG 100.0 100.0 

allows for the recycle of gasoline-range polymer as well as LPG to the reactor. The Pmducls: 

~ l ~ f i ~ i c  polymer gasoline is further reacted to produce a distillate-rage product. C,-C, LPG 41.2 41.3 
As in gasoline production, minor feed pretreatment is required to remove feed con- Polymer gasoline 8.3 10.5 

taminants. Ta meet product specifications, feed sulfur components, particularly H,S, Distillate 34.0 47.0 
be removed to prevent mercaptan formation through reaction with feed olefinr. Heavy polymer 0.8 1.2 

About 95 percent of the feed olefins are reacted through the reactor. Only about 25 Total 84.3 100.0 

of the feed olefins m converted to a distillate-range ~ r o d u c t  in the first pass. 'FF = iiesh f e d .  



ALKYLAnON AND POLYMERIZATION UOP CATALYTIC CONDENSATION FOR TRANSPORTA~ON FUEIS , ,29 

heavy polymer, The yield of LPG is 41.2 LV % and includes the inert propane and TABLE 1.3.6 Comparison of Hydrotreated and 
butane from the feed. The LPG also includes a small amaunt of unreacted prapylene Unhydrotreafed Distillate product pmperries 
and b~tylene. The yield of polymer gasoline is 8.3 LV %. For maximum distillate Pro- 
duction, the polymer gasoline is cut for as low an endpoint as possible. When com- As-produced ~ydrorreat~d 
pared with polymer gasoline from the gasoline mode of operation as discussed earlier, dirtiliate distillate 
this polymer gasoline is somewhat lighter but is otherwise similar. For the distillate Density: 
mode of operation, the distillate yield is 34 LV 5%. This yield can be varied somewhat 'API 49.9 52.3 
depending an the amount of gasoline recycled to the reactor. The yield of heavy poly- Specific gravity 0.78 0.77 
mer ir about 0.8 LV %. Smoke point, mm - 40 

Overall liquid yield from the unit is 84.3 LV %. As in the gasoline made of opera- Freeze point, C ('8 - 70 (158) 
tion, a net volume loss occurs as a result of the oligomerization of olefins Also. the Viscosify, cst at 50°C - 1.2 
higher the degree of reactions, or the higher the molecular weight of the products, the Cetane no. 18 28 

greater the volume loss. Bromine no. 108 1 
The properties of the products are given in Table 1.3.5. Unlike ~olymer gasoline, ASTM distillation, "C (OF): 

which is typically blended directly into the gasoline pool, the distillate product must 
LO LV % 175 (347) 175 (347) 

be hydrotreated. The as-produced distillate is highly olefinic and has poor distillate 
50 LV % I82 (360) 182 (360) 

properties. For example, the cetane index of the as-produced distillate is only 18. In 
90 LV % 206 (403) 206 (403) 

contrast, olefin saturation by hydrotreating greatly improves the polymer distillate 
properties. As shown in Table 1.3.6, the cetane number improves by approximately 10 
with hydrotreating. Even though a cetane number of 28 is low compared to most TABLE 1.3.7 Operating Costs for ~isrillatc production 

diesel fuel specifications, it is high enough to allow blending with other high-cetane- Utilities, per bbl c5 + product 
number stocks. Eicctric power, kW 7-9 
Economics. For the production of distillate, the UOP Catalytic Condensation Steam. Ib 300Aoo 

process has moderate operating costs and requires minimum labor, as shown in Table 
Fuel-fired, 106 Bfu 0210.3 

1.3.7. The utilities are based on maximum air cooling and include electric power, 
steam, and fired fuel. Table 1.3.7 also gives approximate catalyst and chemical costs. 

Catalyst and chemicals 

n e  requirement of one operator for the plant reflects the simplicity of the process. Catalyst: solid Phosphoric acid cost, $hbl c,+ product 0,80-0,g0 
  he total operating costs for the unit range from ahout $6 to $7 per barrel of C5+ 

product. This cost includes utilities, labor, catalyst, chemicals, hydrogen for final Labor and operating cost 
product preparation, and an allowance for process royalty. However, it does not Workforce 
include any direct or indirect capital-related charges. 

1 operator-helper - 
=he total erected investment cost, also given in Table 1.3.7, varies from about $97 

Typical operating cost. Ybbl c,+ product 6-7 

to $183 per metric tan per year ($4000 to $7500 per barrel per day) of total C,+ prod- Investment* 
uct. This investment includes material and labor cosu plus an .nllowan.nce for design OIMTA $97-$183 

SiBPSD C5 + product $4000-$7500 

TWLE 1.3.5 ProdunProperties for Dirrillate 'Buts: b a u w  limits plant built on U.S. oulfcoiut, in ,995 US, 
Note: BPSD -bmrls p r a m a m  day. 

Product quality Ga~oline Distillate 

and consvuction engineering. It also reflects a range of capacities and feed olefin con. 
centration that is typical in the refining indusuy. 

Specific gravity 

COMMERCIAL EXPERIENCE 
Cerane no. 
ASTM distillation, -C (OF): 

LOLV% 99 (2101 175 (347) The UOP catalytic Condensation process was commercialized in ,935, Since that 
50Lv% 135 (275) 182 (360) time, UOP has licensed and designed mare than 200 units worldwide for the 

90 LV % 150 (302) 206 (403) tion of transportation fuels. Most of the units were designed for the production of 
polymer gasoline. 
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INTRODUCTION 

The UOP* HF Alkylation process for motor fuel production catalytically combines 
light olefins, which &e usudly mixtures of propylek and butyienes,-with :sobutane to 
prod":" 3 bi:mchcd-chm prr:tffinic fuel TI!; a11)13~10!1 red;tlun ,,LC) pliic I" ihe 
prtrcncc of h ) d r u f l ~ o r ~  (HF, 3 4  unJsr cnnd8ciatr .~:lcctr.l cu mrxlmlie ;~lkylrcc, 
v8cId :wJ .udl,tv TI,: ~ I k ~ l ~ w  ~ r o ~ i t m c  U L S C ~ , ~ ~  ex;<llcnt mCkno.k ornnert~es 

~~~~~~ ~~~ . .. 
because of its considerable ;anteit of h igky branched paraffins. Alkylate is a clean- 
burning, low-sulfur gasoline blending component that does not contain olefinic or aro- 
matic compounds. Alkylhte also has excellent lead response, which is important in 
luralnn5 \\here l c~dcd  gvo l~ !#e  I, d.1 pr~ducrd 
Tn; I11 AIk)I:l~a. pruc<*< was dcvsl~pcd in xlle UOP Ilh>racurwr dur l l~g i1.e laic. 

I93ua unJ cirl, IY?b; TI,; orc cc-9 was millill, us:* lur  the nraJu;ci< n htcl.. . ~ ~ ~~~ 

octane aviationfuels from bitylenes and isobutabe. In the mid-1950s. the develip- 
ment and consumer acceptance of more-sophisticated hixh-performance automotive 
engines placed a burden & the pevoleum refiner both to iicrease gasoline production 
m d  lo iuupr~vr rnocor rue1 quality 'The i d \ - ~ t l  ~f ~rldly18. rrformtnp. 1~,chnl4ucs. quch 
rr chr L O P  Phti.r;l~iny' pro:eis, nllJi. m i#nll>nrnt tool ior rhc proddcl~oa uf high- 
adrl~cv rarvl!nes sva~lnbl,~ I J  rrfinrls H ~ n u \ u r .  the luo1.x fuel nruducrd in iurll ouer- . ~~~~~-~~~ 
Ltition;i;primarily aromadobased and is characterized by high sensitivity (that is:the 
spread between research and motor octane numbers). Because automobile perfor- 
mance is more closely related to road octane rating (approximately the average of 
research and motor octanes), the production of gasoline components with l o p  sensitiv- 
ity was required. A n a t u d  consequence of these requirements was the expansion of 
alkvlation operations. Refiners beean to broaden the ranee of olefin feeds to both - " 
existing and new alkylation units to include propylene and occasionally amylenes as 
well as butylenes. By Ule early 1960s, the HF Alkylation process had virtually dis- 

'Trademark aniVor service mark of UOP. 
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INTRODUCTION 

Hydrogenation and hydrocracking are among the oldest catalytic processes used in 
petroleum refining. They were originally employed in Germany in 1927 for converting 
lignite into gasoline and later used to convert petroleum residues into distillable frac- 
tions. The first commercial hydrorefining installation in the United States was at the 
Standard Oil Company of Louisiana in Baton Rouge in the 1930s. No signiyieant 
increase in the hydrorefining of petroleum occurred during the next 20 years. In the 
1950s. hydradesulfurization and mild hydrogenation processes experienced a tremen- 
dous growth, mostly because large quantities of by-product hydrogen were made 
available from the catalytic reforming of Low-octane naphthas to produce high-octane 

Standard Oil Company of California. The unit was small, producing only 1000 barrels 
per stream day (BPSO). When n unit was installed to complement an existing fluid 
catalytic cracking (FCC) unit, refiners quickly recognized that the hydrocracking 
process had the flexibility to produce varying ratios of gasoline and middle distillate. 
Thus, the stage was set for rapid growth in U S .  hydrocracking capacity from about 
3000 BPSD in 1961 to about 120,000 BPSD in just 5 years. From 1965 to 1983, U.S. 
cupaciry had grown eightfold, to about 980,000 BPSD. 

Outside the United States, early applications were liquefied petroleum gas (LPG) 
production by hydrocracking naphtha feedstocks. The excellent-quality distillate fuels 
produced when hydrocracking gas oils and other heavy stocks led to the choice of 
hydrocracking ar a major conversion step in refinery expansions in locations where 
diesel and jet fuels were in demand. Interest in high-quality distillate fuels produced 
by hydrocracking has increased dramatically worldwide. As of 1995, more than 3 mil- 
lion BPSD of hydrocracking capacity is either operating or is in design and conrtruc- 
tion worldwide. 

7.41 
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PROCESS APPLICATIONS ~ o m o t i o n  of olefin 

~ ~ d ~ ~ ~ ~ ~ ~ k i ~ ~  is one of the most versatile of all petroleum-refining processes. Any 
fraction from to nondistillables can be processed to ~ r a d u c e  almost any desired 
product with a molecular weight lower than that of the ~ h a r ~ e s t o c k .  At the same time 
that hydracracliing takes place, sulfur, nitrogen, and oxygen are almost completely 
removed, and olefins are ramrated so that products are a mixture of essentially pure 

naphthenes, and aromatics. Table 7.3.1 illusuates the wide range af applica- 
tions of hydrocracking by listing typical chargestacks and the usual desired products. 

  he first eight chargestocks are virgin fractions of petroleum crude and gas con- 
densates. The last four are fractions produced from catalytic cracking and thermal Cmching 
cracking. ,411 these streams are being hydrocracked commercially to ~ r o d u c e  one or 

CH3 7 4  
more of the products listed. R-CH2-CHI-C-CHJ --c R-CH2 + CHZ=C-CH3 

t3 t3 

PROCESS DESCRIPTION Reaction of Corbonlum ron and oienn 

 he UOP* Unicracking* process is carried out at moderate temperatures and pressures 
over a fired catalyst bed in which the fresh feed is cracked in a hydrogen atmosphere. 
Exact process conditions vary widely, depending on the feedstock properties and the 
products desired. However, pressures usually range between 35 and 219 kglcmZ (500 
and 3000 lbiin2 gage), and temperatures between 280 and 475'C (536 and 887°F). 

FIGURE7.3.1 Postulated paraffm-cracking mechanism. 

The chemistry of hydrocracking is essentially the cvcbanium ion chemistry of catalytic 
cracking coupled with the chemistry of hydrogenation. The result is a highly branched 

because of a great tendency to form tert-butylcarbonium ion. The postulated 
fins appears to be the primary reaction. The rate of hydrocracking increases ~ i t h  the 

reaction of paraffins is shown in Fig. 7.3.1. The reaction starts with the formation of molecular weight of the paraffin. 

olefins at metallic rites and the formation of earbonium ions from these olefins at 
A typical hydracracking reaction for a cycloparaffin (Fig. 7.3.2) is known as a par. 

acidic sites. Extensive catalytic cracking followed by hydrogenation to form isoparaf- 
ing reaction. in which methyl groups are rearranged and then selectively removed 
from the cycloparaffin without severely affecting the ring itselt ~ ~ ~ ~ l l ~  the main 
acyclic product is isobutane. The hydrocracking of multiple-ring naphthene, 

* ~ r a d ~ ~ ~ ~ ~  n ~ ~ v i s ~  m m  O ~ U O P .  decalin. is more rapid than that of a corresponding paraffin. ~ a p h t h ~ " ~ ~  found in  the 
product contain a ratio of methylcylapentane to methylcyclohenane that is far in  

TABLE 7.3.1 Applications of t h e  Unicrac!4ng Process excess of thermodynamic equilibrium. 
Reactions during the hydrocracking of alkyl aromatics (pig. 7.3.3) include isomer. 

chargcsmck Products ization, dealkylation, paring, and cyclization. In the case of alkylbenzenes, ring 

Propane and butane GPO) age is almost absent, and methane formation is at a minimum. 

straightrun diesci Naphtha aodlorjer fuel 
Atmospheric gas oil Naphtha, jet fuel, and/or distillares 
Natural gar condensates Naphma 
Vacuum gas oil ~ ~ ~ h t h ~ ,  jet fuel, distillates, lubricating oils Several types of catalyst are used in the hydracracking process. These catalysts cam- 
~ ~ ~ ~ ~ h ~ l t ~ d  oilr and dcmetrlered oils ~aphthr ,  jet fuel, distillates, lnbricating oils bine cracking and hydrogenation activity in varying proportions to achieve the goal of 

Atmospheric crude colvmn bottoms Naphtha, distillates, vacuum gas oil, and low-sulfur converting a given feedstock to a desired product. Hydrogenation activity is 
residual fuel through the use of metal promoters impregnared on a catalyst support. ~h~~~ promot. 

catslyticrlly cracked light cycle oil Naphtha ers can be either base or noble metals, depending on the ultimate of the 
catalytically  racked heavy cycle oil Naphtha andlor distillates catalyst. Cracking activity is achieved by varying catalyst-support 'rhese ~ari. 
coker distillate NaphUla ations are achieved primarily by using combinations of silica and alumina in both 
Cokcr heavy gas oil Naphtha and/or distillates amorphous and crystalline, or zeolitic, support material. 
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OlennFormotion 

Corbenlm Ion FormalI01 

I>(imPILlallon 

Ring Opening (Followed by Dealkylation) - 
FIGURE 7.3.4 Hydrocncking rsactianr. 

products with lower molecular weight. Over three decades of development, amor- 
phous catalyst systems have been refined to improve their performance, primarily by 

Hydrog~naHon varying the acid-metal balance. UOP catalysts in this category include DHC*-2, 
DHCd,  and most recently DHC-8. All catalysts have excellent middle distillate selec- uCH" ucH3 tivity and activity suitable for full conversion of a wide range of feedstocks. 

Crystalline catalyst-support materials, such as zeolites, have been used in hydro- 
FIGURE 7.3.~ ~ostuiatsd cncking mechhhiii for naphlh=nes. cracking catalysts by UOP since the late 1960s. The combination of selective pore 

geometry and varying acidity has allowed the development of catalysts that convert a 
wide range of feedstocks to virtually any desired product. UOP now offers catalysts 

Carbeniurn Ion Farmolion that will selectively produce LPG, naphtha. middle distillates, or lube base oils at high 
conversion activity using molecular-sieve catalyst support materials. The UOP zeolitic 
catalysts used in hydrocracking service include HC*-14, 16, 18, 24, 26, 28, 33, and 
34. As a result of continued development in this urea, catalysts that convert a variety 
of feeds into virtually any product slate have been discovered. Unlike the amarphous- 

cracking based catalysts, the zeolites are usually mare selective to lighter products and thus 
more suitable when flexibility in product choice is desired. In addition, zeolitic cata- 
lysts typically employ a hydroprocessing catalyst specifically designed to treat the 
feed to remove contaminants prior to conversion. UOP catalysts such us HC-K and 
HC-H are used for this service. These materials are specifically designed with high 

FIGURE 7.3.3 ~onulated aromatic-dealky 
lation mechanism. lsobutanc is also formEd hydrogenation activity to effectively remove feed sulfur and nitrogen. They thus 

foltolving bvtyl ~arbenium ion isomsclzation. ensure a clean feed to the zeolitic-based catalyst and optimal performance of the con- 
olefin formation, and hydrogenation. version catalysts. In recent years, UOP has successfully blended the high activity of 

zeolite catalysts with the excellent distillate selectivity seen with amorphous supports. 
These catalysts include DHC-100, HC-22, and DHC-32, all of which have been used 

A postulated network of reactions that occur in u typical hydracracker processing a cammercially. The excellent di~tillate selectivity of these systems, coupled with supe- 
heavy petroleum fraction is shown in ~ i ~ .  7.3.4. The reactions of the multuing species rior temperature performance, make them an attractive choice in many situations. 

should be noted. generally coke precursors in nonhydrogenative crack- One important consideration of catalyst selection is regenerability. Hydrocracking 

ing, can be converted to useful fuel products in a hydrocracker because the catalysts typically operate for cycles of 2 years between regenerations but can be oper- 
aromatic rings can be first hydrogenated and then cracked. ated at virtually any cycle depending on process conditions. When end-of-run condi- 

Amorphous silica or was the first catalyst support material to be used tions are reached, as dictated by either temperature or product performance, the catalyst 
in hydrocracking service. when combined with base-metal hydrogenation 

promoters, these effectively converted vacuum gas oil (VGO) feedstocks to lTradcmark and/or service muk of UOP. 



HYDROCRACKING UOP UNlCRACKlNG PROCESS FOR HYDROCRACKING 7.47 

is typically regeneraled. Regeneration primarily involves cambust@g the coke off the The single-stage flow scheme is the most widely used hydrocracking flow scheme in 
catalyst in an environment to recover fresh catalyst surface area and activity. commercial service. The flow scheme allows the complete conversion of a wide range 
~ ~ ~ ~ ~ ~ r a t i ~ ~ s  can be performed either with plant equipment if it is properly designed af feedstocks and product recovery designed to maximize virtually any desired product. 

or a facility. Both amorphous and zeolitic catalyst supplied by The design of this unit configuration has been optimized to reduce capital cost and 
UOP are fillly r e g ~ e r a b l e  and recover almost full catalyst activity alter carbon burn. improve operating pelformanee. Greater than 95 percent on-stream efficiency is typical. 

Rgure 7.3.5 illustrater a typical single-stage flow scheme. As shown, feedstock, 
recycle oil, and recycle gas are exchanged against reactor effluent to recover process 

The rmodynamics  heat and are then sent through a final charge heater and into the reactor section. The 
reactor section contains catalysts that allow maximum production of the desired prod- 

~h~ reactions that occur in hydrocracking can be grouped into two broad classes: uct slate. In virtually all hydracracking systems, the reactions are highly exothermic 
and require cold hydrogen quench injection into the reacton to mntml  reactor temper- . ~ y d r o g ~ ~ a t i o l ~  of olefins, aromatic rings, sulfur compounds, nitrogen compounds, utures. This injection is accomplished at quench injection points with sophisticated 

and oxygen compounds reactor internals that both mix reactvnts and quench and redistribute the mixture. . Cracking reactions of C-C bonds Proper mining and redistribution are critical to ensure good temperature control in the 
reactor and good catalyst utilization through acceptable vapor or liquid distribution. 

 he reactions &re common also to fluid catalytic cracking (FCC), and their net Reactor effluent is sent through exchange to a hot separator, where conriersion prod- 
effect is a slightly endothermic heat of reaction. However, the hydrogenation reactions ucts are flashed overhead and heavy unconverted products are taken as hot liquid bot- 

highly exothermic, and when their contribution is added, the net heat of reaction for toms. The use of a hot separator improves the energy efficiency of the process by allow- 
the hydracracking process is then exothermic. Thus, a large adiabatic temperature rise ing hot liquid to go to the fractionation train and prevents polynuclevr aromatic (PNA) 
occurs in a commercial hydrocracker, and a major part of the engineering involved in fouling of cold parts of the plant. The overhead from the hot separator goes to a cold 
the design of a hydrocracker is the control of this temperature rise. Excessively high separator, where recycle gas is separated from the product. The product is then sent to 
temperatures can lead to coke deposition and deactivation of the hydrocracking cata- fractionation, and recycle gas is returned to the reactor via the recycle compressor. 
lyst. Temperature cone01 is accomplished, as will be seen later, by the use of a cold The fractionation Vain typically starts with a stripper column to remove hydrogen 
recycle-gas quench injected at various paints between a series of catalyst beds. sulfide, which is in solution with the products. The removal ensures a relatively clean 

product in the main fractionator column, thus reducing column costs and metallurgy 
requirements. The stripper is followed by a main fractionating column with apprapd- 

Hydrocracking Flow S c h e m e s  ate stages and side draws to remove the desired products. The bottoms from this main 
column is recycled back to the reactor section far complete feed conversion. 

Over the years, many different flow schemer have been used for hydrocracking ser- To allow complete conversion without PNA fouling or excessive catalyst coking, 
"ice so that various feeds can be processed to a full range of products. UOP has devel- UOP has developed several techniques to selectively remove PNAs from the recycle 
oped four distinct flow configurations far hydrocracking service: ail stream. Some PNA removal is critical for successful operation at complete conver- . ~ i ~ ~ i ~ . ~ r ~ ~ ~ :  The single-stage flow scheme is the most widely used because of its sion. In earlier designs, the unit was simply purged of PNAs by taking a bottoms drag 

efficient design, which results in minimum cost for a full-conversion operation. stream. In newer units, PNAs are selectively removed by either fractionation or 
This scheme can employ a combination of hydrotreating and cracking catalysts or adsorption, and the result is an increased yield of valuable liquid product. 
$imply amorphous cracking catalysts, depending on the final product required. . Once.through: Unlike the single-stage flow scheme, the ance-through flow scheme 
is a conversion option that results in some yield of material similar in boil- 
ing range to the feed. This material, or unconverted product, is highly saturated and 
free of feed contaminants but is similar in molecular weight to the feed. If a refin- 
ery has a use for this unconverted product, such as FCC feed or high-quality lube 
base oil, this flaw scheme is preferred. . Two-scoge: In the two-stage flow scheme, feedstock is treated and partially convert- 
ed once.through across a first reartor section. Products from this section are hen  

by fractionation. The bottoms from the fractionation step are sent to a sec- 
ond reactor stage for complete conversion. This flow scheme is most widely used for 
large ""its where the conversion in the ann-through first stage allows high feed 
rates without parallel reactor trains and the added expense of duplicate equipment. . Separate-hydroireor: Like two-stage flow, the separate-hydrotreat flow scheme 
uses two reactor stages. In this scheme, however, the recycle gas loops for the two 
sages  are independent, thus allowing the processing of feedstocks with very high 
contaminant levels or the use of c o n t a m i n a n t - s i t i  catalyst in the second stage 
if dictated by product demands. 
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2850 lblin2)] and temperatures (350 to 425'C (662-797'F)I in a hydrogen-rich atmos- In 1984 Okinawa Sekiyu Seisei, a Japanese r e h e r ,  first reportedQhe operation of 
phere (80 to 95 mol % hydrogen at the reactor inlet) to process the oil feed. The feed a Chevron RDS Hydrotreater in "conversion mode." In this operation, the reactor tem- 
to a VRDS Hydrotreater is generally the VR from a crude unit vacuum column with a perature war raised fairly high early in the run-much higher than required to simply 
typical starting true bailing point (TBP) cut point of 538'C (IOOPF), although cut produce low-sulfur fuel oil-and held high until the end of run. This operation hydro- 
points of 575°C (1067°F) and higher are feasible. The feed to an RDS Hydmtreater is cracked as much VR as possible to lighter bailing products (VR was "converted" to 
generally AR from a crude unit atmospheric column with a typical starting TBP cut light products.) It also shortened the run length because of higher cata.lyst deactivation 
point of 370'C (698°F). Other feeds (such as solvent dearphalted oil, solvent dear- from coke deposited on the catalyst through more of the run. Conversion made opera- 
 halter pitch, vacuum gas oil, and cracked gas oils from visbreakers, FCCs, RFCCs, tion has been favored by many RDSNRDS Hydrotreater operators in recent years to 
and cokers) can also be processed in either RDS or VRDS Hydrotreaters. minimize the production of fuel oil. 

Residua from many crudes have been successfully processed in RDS and VRDS An alternative to destroying low-value fuel oil has been to convert it to higher 
Hydrotreaters. Table 8.1.1 shows a partial list of crudes that have been commercially value fuel oil. During the late 1970s and through the 1980s and 1990s. the demand far 

in Chevron RDSNRDS Hydrotreaters. and value of high-sulfur (3 percent) fuel oil and low-sulfur (1 percent) fuel oil 
The  range of feeds  which can be  economically processed in RDSIVRDS dropped. In some cases, power plant operators have been willing to pay higher prices 

Hydrotreaters expands significantly when On-Stream Catalyst Replacement (OCR) for  fuel oils with much lower sulfur content (0.1 to  0.5 wt 90). RDSIVRDS 
technology is added to the unit. OCR technology allows spent catalyst to be removed Hydraueating enabled refiners to produce these lower-sulfur fuel oils. The lowest-sul- 
fmm a guard reactor and be replaced by fresh catalyst while the reactor remains in ser- fur fuel oil commerzially pmduced fmm sour crudes (about 3 wt % sulfur in the AR) 
vice. This enables the refiner to process heavy, high-metal feeds or to achieve deeper was 0.1 wt %. This fuel oil was produced by the Chevron RDS Hydrotreater at 
desulfurization from a fixed-bed residuum hydrotreater (see Chap. 10.1). Idemitsu Kasan's refinery in Aichi, Japan (see Table 8.1.2). 

The ability of residuum hydrotreaters to improve the economics of conversion 
units by pretreating their feeds has been understood for many years. The most notice- 
able economic impact of feed pretreatment is to lower the sulfur content of the feed to 
the conversion unit. Far example, pretreatment of RFCC feed to reduce its sulfur to 
less than 0.5 wt % eliminates the need to install costly flue gas desulfurizatian facili- 

Hydrotreating of residual oils was a natural extension of hydrotreating distillate oils ties. Addition of hydrogen to the feed by the hydrotreater also improves the product 
and VGOs to remove s u l f ~ r . ' ~ ~ . ~  Chevron's first commercial RDS Hydrotreater was yields and product qualities of the downstream conversion unit. In 1983, at Phillips' 
commissioned in 1969. Typical of many early residuum hydrotreaters, Chevron's first Borger, Texas, refinery, the first Chevron RDS Hydrotreater was commissioned to 
RDS Hydrotreater was designed to remove sulfur to produce low-sulfur fuel oil pretreat residuum to feed an existing RFCC unit. Prior to the hydratreater project, the 
(LSFO). Chevron's first VRDS Hydrotreater, commissioned in 1977, was also RFCC had been feeding sweet domestic crude. The 50,000 b-1 per day (BPD) RDS 
de3igned to produce LSF0. Hydrotreater was designed to achieve 92 percent hydrodesulfurization (HDS) and 91 

TABLE 8.1.1 RDSNRDS Hydrouearer Feedstocks That Havc 
Been Commercially Processed 

TI\BLE 8.1.2 Production of Prcmium Low-Sulfur Fuel Oil 
A.A. BuKhoosh Kuwait 
Alaskan Norh Slope Laguna RDS feed RDS 343'C+ product 

Ma&- c. 
Arabian Bern Maya Sulfur, wt % 3.75 0.09 

Arabian Heavy Mina Sand Viscosity, cSr at 50°C 248 84 

Arabian Light Minas Specific gravity, dYA'C 0.9590 0.9105 

Arabian Medium Murban Carbon residue. % 7.95 2.28 

Basrrh Light oguendjo NiN, ppm 13140 CIlCl 

Cabinda Oman Nitrogen, ppm 2060 644 

Colombian Limon Qatar Land Distillation. "C 

Qatar Marine IBP 257 272 

Russian 5% 325 330 

El Chaure Shengli No. 2 10% 353 358 
20% 402 393 

Indonesian 30% 435 425 

Iranian Hsavy Tia kana  Pesado 40% 467 450 

Iranian Light Umm Sbaif 50% 502 480 

West Texas Intermediate 60% 537 515 

West Texas Sour 70% - 555 

Kirk& Z&"m Cornmenid drw from IKC Aichl RDS unit. 
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PROCESS CHEMISTRY 

Heteroatoms 

Any atom in a crude oil molecule which is neither hydrogen nor carban is called a 
hererootom. Heteroatoms include sulfur, nitrogen, oxygen, nickel, vanadium, iron, 
sodium, calcium, and other less common atoms. 

Carbon Residue 

Carbon residue is a measurement of the tendency of a hydrocarbon to form coke. 
Expressed in weight percent, carbon residue is measured by microcarbon residue 
(MCR: American Society for Testing and Materials specification ASTM D4530). by 
Conradson carbon residue (CCR: ASTM D189), a considerably older test, or by 
Ramsbottom carbon residue (RCR, ASTM D524). MCR is the preferred measurement 
technique because it is more accurate than the other methods and requires a smaller 
sample. Instruments that measure MCR are very inexpensive. MCR is roughly equiva- 
lent to CCR and both correlate well to RCR. Carbon residue is useful in predicting the 

FIGURE 8.1.2 Simplified RDSNRDS flow schemc. performance of a hydrocarbon in a caker or FCC unit. While carbon residue is not a 
direct measure of, it does correlate well with, the amount of coke farmed when the oil 
is processed in cokers or FCCs. 

The reactor effluent is cooled (by heat exchange with the reactor feed) to recover 
the heat released from the hydrotreating reactions. This heat exchange helps to reduce Asphaltenes 
thehe1 required in the feed heater. After cooling, the reactor effluent is flashed in the 
hot, high-pressure separator (HHF'S) to recover hydrogen and to m&e a rough split Residual oil is composed of a broad spectrum of molecules. The number of specific 
bepeen light and heavy reaction products. The reactor effluent heat exchange main- molecules in residual oil is too large to classify, and therefore researchers have devel- 
tains the HHPS at a constant temperatwe, which is important in protecting the reaction aped analytical techniques for separating these molecules for better understanding. 
products. If the HHPS temperature is too high, thermal cracking and cokng reactions The most common separation of residual oils is into asphaltenes and maltenes. This is 
might take place in the HHPS (in the absence of catalyst) and downstream (in the done by diluting the residue with large quantities of normal paraftins such as n-hep- 
absence of hydrogen and catalyst) and might degrade the oil. The liquid from the tane or n-pentane. The maltene fraction will remain in solution with the paraffin phase 
HHPS is let down in pressure, sent to the low-pressure separators, and then on to the while the asphaltene fraction will form a separate phase. This is the principle behind 
product fraetionator. the refinery process called solvent deasphalting (SDA). 

The HHPS vapor is cooled and water is injected to absorb hydrogen sulfide (H,S) The molecules in the maltene fraction can be further separated into fractions of 
and ammonia (NH,) produced in the reactors by the hydrotreating reactions. The min- varying polarity by being passed over columns packed with different adsorbents. A 
ture is further cooled to condense the product naphtha and gas oil and is flashed in the full description of these separation techniques is provided by Speight.' 
cold, high-pressure separator (CHPS). The CHPS separates the vapor, liquid water, There is considerable disagreement about what constitutes an asphaltene molecule 
and the liquid light hydrocarbons. The hydrocarbon liquid is let down in pressure and beyond its insolubility in a paraffinic solvent. Still, the subject of asphaltenes is 
sent to the low-pressure separators. The water is sent to a sour wafer recovery unit for important. The high concentration of heteroatoms in the asphaltenes requires that at 
removal of the hydrogen sulfide and ammonia. least some of the ssphaltene molecules be hydroueated to have high removals of the 

The hydrogen-rich gas from the CHF'S flows to the H,S absorber. There the H,S heteroatoms. In addition, the hydrogen content of asphaltene molecules must be 
that was not removed by the injected water is removed through contact with a lean increased if they are to be transformed to transportation fuels. 
mine solution. The purified gas flows to the recycle compressor where it is increased Converting asphaltene molecules to nonasphaltene molecules is a major challenge 
in pressure so that it can be used as quench gas and recombined with the feed oil. for refiners. As processing VR or AR becomes more severe, coke is formed (in FCCs 

Hydrogen from the reactors is purified and recycled to conserve this expensive raw or coke~s, far example) or the asphaltenes become insoluble in the processed residuum 
material. Recycling the hydrogen is also important to provide high gas flow rates. and precipitate out in a sticky, equipment-plugging material commonly referred to as 
High gas-to-feed-oil ratios provide a desirable excess of hydrogen in the reactors (see dry sludge. Of course, the asphaltenes were soluble in the maltenes in the original 
"Process Chemistry" section) and ensure goad gas and liquid flow distribution in the residuum, so the processing must have caused some change to the maltenes, or to the 
reacton. The recycle hydrogen gas is also used for reactor quench. asphaltenes, or to both. Dry sludge formation ulually limits the practical severity in 

Liquid from the low-pressure separators is fed to the atmospheric fractionator, which residuum can be processed in many conversion units including residuum 
which splits the hydroprocessed oil from the reactors into the desired final products. hydroprocessing units (see "Dry Sludge Formation" below). 
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Hydroprocessing Reactions Dlbenzothlophene 

Reactions in an RDS or VRDS Hydratreater take place in the liquid phase, since much 
of the residual feed and product molecules do not vaporize at reactor pressure and 
temperature. The oil in the reactor is saturated with hydrogen gas because the partial 
pressure of hydrogen is very high and hydrogen is available in  great excess (typically 
10 to 30 moles of hydrogen for each mole of oil feed). The oil and hydrogen reactant 
molecules diffuse through the liquid ail filling the catalyst pores and adsorb onto the Phenylbenzene 

~ ~ t a l y s t  surface where the hydrotreating reactions take place. Larger molecules tend to 
adsorb more strongly onto the catalyst surface than smaller molecules. This means 
that the luge  VR molecules tend to dominate the reactions on the catalyst when they 
can suceersfully diffuse into the catalyst pores. The product molecules must then des- 
orb from the catalyst surface and diffuse out through the liquid that fills the catalyst 

On the ~ata lys t  surface, sulfur, nitrogen, nickel, and vanadium atoms are removed 
from the residual moleculer, and carban-ta-carbon bonds are broken. These reactions 
generally lead to cracking the original oil molecules to smaller molecules, which boil 
at a lower temperature. As a result the viscosity of the oil is also reduced. When the 
~ r o d u c t  is used ar fuel oil, less volume of expensive cutter stock (such as jet or diesel) 
is required to meet a given viscosity specification. 

Hydrotreating is very exathemic. The heat produced by the reactions causes the 
gas and oil to increase in temperature as they pass down through the catalyst beds. The 
temperature in the reactors is controlled by the addition of hydrogen quench gas 
between reactors and between catalyst beds within a reactor. The heat produced by the 
reactions is recovered in the reactor effluent heat exchangers and used to preheat the FIGURE 8.1.4 Typical desulfurization reaction. Sulfur cm vsually be rcmoved without having to 
feed upsueam of the feed furnace. ~atnrafe aramafic rings. 

There are fundamental differences berweeo the removal of the different impurities, 
largely because of the structure of the molecules in the residuum. Sulfur atoms tend to 
bebound in the oil as "sulfur bridges" between two carbon atoms or to be contained in requires only the breaking of the two sulfur-carbon bonds per sulfur atom and the sub- 
a saturated ~ i n g  structure (see Fig. 8.1.3). Removal of these sulfur atoms usually sequent addition of four atoms of hydrogen to cap the ends of the bonds that were bro- 

ken. When the part of the molecule that contains the sulfur can access the catalyst sur- 
face, sulfur removal is relatively easy. Figure 8.1.4 shows the hydroprocessing 

Sulfide R,-CH2-S -CH,- R, reactions of dibenzothiophene as an example of a sulfur-bearing petroleum molecule. 
The reaction pathway to produce phenylbenzene is favored because it does not require 
the saturation of an aromatic ring structure. 

Nitrogen atoms tend to be bound in the aromatic rings in the residual molecules 
(see Fig. 8.1.5). It is usually necessary to saturate the aromatic ring that contains the 
nitrogen atom with hydrogen before the nitrogen-carbon bonds can be broken and the 
nitrogen removed. This requirement to saturate aromatic rings makes the removal of 
nitrogen much mare difficult than the removal of sulfur. Figure 8.1.6 shows the 
hydroprocessing reactions of quinoline as an example of a nitrogen-bearing petroleum 
molecule. The first step along any reaction pathway toward removal of the nitrogen 

Dlbenz~thlophene atom is the saturation af an a romdc  ring structure. The amaunt of nitrogen removed 
is almost always lower than that of sulfur because of the relative difficulty of the reac- 
tions. Also, high levels of removal of nitrogen require high hydrogen partial pressure 
and catalysts with very high hydrogenation activity. 

Nickel and vanadium atoms are generally bound into a porphyrin structure in the 
R-SH residue. Figure 8.1.7 shows a typical vanadyl-porphyrin molecule. These structures 

are quite flat, and the metals are relatively easy to remove if the catalyst has suffi- 
ciently large pares to accommodate the large molecules that contain them. Vanadium 

Dlsulflde R,-CH,-S -S- CH,-R, tends to be much easier to remove than nickel. 

FIGURE 8.1.3 ~ y p i c a l  petroleum moleculca that contain ruifur The removed sulfur and nitrogen are convened into hydrogen sulfide and ammonia 
atoms. sulfur amnu vsualiy have simple chemical bonds in  psvoleum. gases. The hydrogen sulfide and ammonia diffuse out of the catalyst pore with the other 
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H 

IUGURE 8.1.7 Typical vmudyl-polphyrin mol- 
ecule. ~ o m h y ~ i ~  ue very nn and vnnr~ 
divm is sari1y removed-if the molcculcr cm dif- 
hlrs through the catrlystri porci. 

FIGURE 8.1.5 Typical petrolci~m molecutes that Other undesirable side effects of the hydroprocessing reactions occur if some of 
c ~ ~ ~ a i n  nitrogen atoms. Nitrogen atoms usually the high molecular weight residuum molecules that adsorb onto the catalyst surface 
have complex, aromatic bonds in pctioirurn. react with other oil molecules instead of with hydrogen. This is a particular problem 

when the hydrogen partial pressure in the reactor is low. In this case, the molecules 
grow larger. If they grow large enough they may not readily desorb from the catalyst 
surface, but remain on the catalyst surface as coke. The coke formed in this fashion 
Leads to a severe deactivation of the catalyst. 

Dry Sludge Formation 

One other undesirable effect of hydroprocessing reactions is that the solubility of the 
asphaltenes usually decreases with increased processing of the residue. This accurs 
even though the quantity of asphaltenes is reduced during the hydropiocessing. 
Unfortunately, while the asphaltenes are destroyed by being hydrogenated and 

Pmpylbenzene cracked, the maltene fraction of the residue is also being hydrogenated and cracked- 
usually more severely than the asphaltener. Since the maltenes are generally smaller 
molecules, it is easy for them to diffuse into the catalyst pores and be hydrotreated. In 
this hydrotreatment, aromatic rings are hydrogenated and aliphatic side chains are 
removed by cracking. These reactions reduce the ability of the mvltene fraction to sol- 
ubilize the asphaltenes. Usually, the loss of solubility of the maltenes for the 
asphaltenes occurs faster than the asphaltenes can be converted and the asphaltenes 
drop out of solution. The precipitated asphaltenes create dry sludge, which plugs up 

FIGURE 8.1.6 Typical denirriscation reaction. Nitrogen cm seldom bc removed without saturating 
 ma ma ti" nngi. equipment, and, at its worst, can deposit in the catalyst and eventually form coke. This 

rapidly deactivates the catalyst. Even when the dry sludge does not deactivate the cat- 
alyst or cause operat ing problems by plugging equipment in the residuum 
hydrotreater, it can cause problems in the downstream processing units or make the 

reactants. The removed nickel and vanadium are bound up with sulfur and remain an product fuel oil unsalable. 
the catalyst surface. Fresh hydrotreating catalyst undergoes a very rapid fouling as its 
fresh active metals are recovered with a layer of nickel and vanadium from the crude. 
Fonunately, nickel and vanadium are themselves catalytic metals (although much less Conversion 
active than the original catalytic metals), therefore the catalyst surface retains some 
activity, though considerably less than the fresh catalyst. Eventually, however, the Hydrocracking is the transformation of larger, high-boiling-point hydrocarbons into 
nickel and vanadium sulfide molecules fill up the catalyst pores and reduce the ability smaller, lower-boiling-point hydrocarbons in the presence of hydrogen. In residuum 
of the large residuum molecules to diffuse through the liquid filling the pons. When hydrotreating, this transformation can take place because of the breaking of a carbon- 
access of the residuum molecules to the catalyst surface becomes severely restricted, to-carbon bond or because of the removal of a heteroatom that was bonding to two 
the catalyst has lost its hydratreating activity (see "Catalysts" below). otherwise unconnected pieces of hydrocarbon. Since many of the earbon atoms in VR 
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are in aromatic rings, it is necessary to hydrogenate the molecules and saturate the and vanadium sulfides that deposit on the catalyst surface. The metal sulfides build up 
rings before bonds can be broken and the molecules cracked. on the active surface and fill up the catalyst pares. The metal sulfides tend to deposit 

In residuum hydroprocessing, it is common to refer to the hydrocracking of the near the openings of the catalyst pores and plug these pore openings. This is because 
residue as conversion. In this usage, conversion is defined as the destruction of the residuum molecules that contain nickel and vanadium are quite large and do not 
residue boiling higher than a certain true boiling point temperature [usually 538-C diffuse far into the catalyst pores before they are removed. The diffusion of the large 
( looo"~)]  to product boiling lower than that temperature. Conversion can be calculat- residuum molecules is reduced even further by the plugging of the pare openings by 
ed as (F, - ?,)IFT+, where FT+ is the volume fraction of the feed boiling above tem- the metal sulfides. If the large molecules cannot enter the pores and thus have no 
peratwe T and P, is the volume fraction of the product boiling above temperature T. access to the acrive catalyst surface, they cannot be hydrotreated. 
The hydroprocessing of the residue and conversion of the residue are linked; it is not To overcome the limitations of the small pore versus large pore madeoff, Chevron 
possible to do one without doing the other. For  most conventional residuum designs systems of catalyst that are layered such that catalyst activity increases as the 
hydrotreating catalysts, conversion is primarily u function of the catalyst temperature residuum moves through the reactor. The catalysts that the residue first contacts have 
and the space velocity. large pores to successfully remove the vanadium and nickel from the large molecules 

It has been noted' that the formation of dry sludge is related to the level of conver- that contain these impurities and to resist deactivation (due to pore plugging) from these 
sion of the residuum hydratreater. This is certainly hue when the catalyst and feed are removed metals. Later catalysts, which see lower nickel- and vanadium-content oil, can 
not changed significantly. The presence af.VGO in the feed can lower the conversion have smaller poies and higher aurfaee activity to perform more hydrotreating reactions. 
at which sludge formation becomes a problem (because of the poor ability of Chevron generally calls i ts most  motal-tolerant metal-removal catalysts 
hydroprocessed VGO to solubilize asphaltenes). Small-pore, high-surface-area cata- hydrodemeralllrorion catalysts. However, Chevron's HDM catalysts also promote 
lysts can also have a deleterious effect on product stability because they can selective- hydrodesulfurizatian. hydrodenitrification (HDN), and other conversion reactions. 
ly hydroprocess maltene molecules without destroying any asphaltene molecules. Catalysts which have higher activity for HDS reactions and carbon residue reduction, 
Generally, fixed-bed residuum hydrotreaters achieve conversions between 20 and 60 and less tolerance for metals, are called hydrodesulfurirorion catnlysfs. HDS catalysts 
LV % at normal operating conditions and the onset of dry sludge occurs generally also have good reactivity for HDM and HDN reactions and cracking conversion in 
between 45 and 60 LV % convenion depending on the feed, processing conditions, addition to being somewhat metal-tolerant (although not as metal-tolerant as HDM 
and catalyst system. catalysts). Anally, Chevron has a few catalysts that have very high activity for HDN 

Note that the VGO in the feed to an RDS Hydrotreater is a very poor solvent for reactions. They are the most difficult reactions to achieve in an RDSIVRDS 
asphaltenes-p&icularly after it becomes highly hydrogenated. VRDS Hydrotreaters. Hydrotreating unit. HDN catalysts are also very active for HDS, carbon residue reduc- 
therefore, can operate a t  5 to  10 percent higher cracking conversion than RDS tion, and cracking conversion. They tend to have little demetallization activity and are 
Hydrotreaters before the onset of dry sludge formation. not very tolerant to metal poisoning. 

Selecting the amounts and types of catalysts for an RDSIVRDS Hydrotreater 

CATALYSTS 

Designing residuum hydroprocessing catalyst for high activity is a compromise. Early 
~ ~ t a l y s t s ,  which had been developed to hydrotreat light oils, had pore sizes that were VRDS HYDROTREATING 
too small to hydrotreat residuum: The catalyst pores became plugged with metals and 
coke and were very quickly deactivated. Catalysts were modified far  AR and VR In many countries the demand for gasoline relative to middistillate is much lower than 
hydroprocessing by increasing their pore sizes, but this led to less active surtace area the typical product slate from a refinery that relies on an FCC for its conversion 
and much lower activity for hydroprocessing reactions. capacity. Many projects have relied on VGO hydracracking to give high yields of top- 

Fixed-bed residuum hydrotreating catalysts are generally small, extruded pellets qualily middle distillates (see Chap. 7.2). 
made from an alumina base. The pellets are impregnated with catalytic metals-often Given the athactiveness of using the VGO component as hydrocracker feed, it has 
called ocrive metals-that have good activity for hydrogen addition reactions. Active become an important consideration that the residuum hydrotreater be capable of effi- 
metals that are used for RDSNRDS Hydrotreater catalysts include cobalt, nickel, ciently processing 100 percent VR. Chevron VRDS Hydrotreating has been success- 
molybdenum, and other more proprietary matedalr. The catalyst pellets are usually fully processing this difficult feedstock since 1977. 
small. 0.8 to 1.3 mm in diameter, because the reaction kinetics are usually diffusion- The characteristics of an acceptable RFCC feedstock are as shown in Table 8.1.3. 
limited; a'small catalyst pellet with high surface-to-volume ratio has better diffusion These requirements are readily obtained by Chevron RDS units and can be met in a 
for the relatively large residuum molecules, and this leads to better reactivity. 
Different shapes of extruded pellets are often used to take advantage of the high sur- 
face-to-volume ratio of some shaped pellets while still maintaining reasonable reactor 

TABLE 8.1.3 RFCC Feed Targets 

0.5% max. to avoid nue gas desulfurizatian in Ule RFCC 
The pore diameters of residuum hydrotreating catalysts need to be quite large, rela- Crrhon residue 7-10s max, to limit catalyst coaling requirements 

tive to ~atalysts found in other refinery processes, to accommodate the large residuum Nickel + vanadium 5-25 ppm to limit RFCC catalyst consumption 
molecules that need to be treated. Unfortunately, as the size of the pores increases, the Crackability A combination of hydrogen content, boiling range, and viscosity that 
surface area decreases and so does the catalyst activity. Another complication is that, pmmotes vaporization and cracking at the injection point 
as the nickel and vanadium atoms are removed from the residuum, they form nickel 
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chevron VRDS for VRs derived from Arabian Heavy, Arabian Light, and Kuwait as FEED PROCESSING CAPABILITY 
well as most other papular crude ails. 

VR is more difficult to hydrotreat than AR because there is no easily processed Handling Impurities 
vGO in the feed. Therefore, VRDS relies heavily on the ability of catalysts to upgrade 
the heavy compounds found in the VR. Chevron has tailored catalyst for use in either 
RDS or VRDS service. Catalysts designed for RDS operation are not necessarily In addition to the high concentrations of impurities that have already been discussed 
effective for VRDS service and vice versa. 

(sulfur, nitrogen, carbon residue, nickel, and vanadium), residues also contain high 

 he effectiveness of the catalyst for upgrading VR is indicated by the amount of concentrations of particles such as iron sulfide scales and reservoir mud. If fed direct- 
demetallization, asphaltene removal, and desulfurization achieved while still produc- ly to a fmed-bed RDSNRDS Hydrotreater, these particles would be filtered out by the 
ing a stable product (no solid or asphaltene precipitation). Table 8.1.4 shows an enam- small catalyst pellets and would form a crust. This crust would cause the pressure drop 

p ~ e  of VRDS plant processing of an Arabian HeavyIKuwait VR mixture to 99 
percent HDM, 97 percent HDS, and 82 percent carbon residue reduction. While such 
high is seldom required, it clearly illustrates the capability of the VRDS 

tered oil to pass but retain the larger particulates. When the pressure drop across the fil- 
ters becomes excessive, they are automatically removed from service and briefly back- 
washed with oil. The particles that the feed filters remove would cause a very severe 
increase in pressure drop across the reactors, and therefore feed filtration is required for 
all residuum hydrotreatere. Even so, small particles pass on to the catalyst beds. 

Some of the particles that pass through the feed filters are small enough to pass 
through the catalyst in the reactors as well. These particles do not affect the operation 
of the RDSIVRDS Hydrotreater. However, some partieles are small enough to pass 
through the feed filters, but large enough to be trapped by the catalyst beds. These par- 
ticles fill up the spaces between the catalyst and lead to increasing reactor pressure 
drop. This increased pressure drop is especially severe when the particles are all 
removed at one point in  the reactor system. A large pressure drop increase can cause 

Converting RDS to VRDS the refiner to decrease the feed rate or shut down the plant before the catalytic activity 
of the catalyst has been expended. 

In addition to particles, high-reactivity metals such as iron can cause considerable 
merly the Nippon Mining Company) operated with AR for several years and was suc- operating difficulty for a fixed-bed residuum hydrotreater. Oil-soluble iron is highly 

converted to process VR in 1981.gFor the next few catalyst cycles following reactive and is easily removed right on the outside of very active catalyst pellets. The 
the conversion to VRDS, the unit gradually increased the fraction of VR in its feed removed iron quickly fills up the area between the catalyst pellets and leads to pres- 
until 100 percent VR was processed over the entire run. sure drop increase. Oil-soluble calcium is also present in some crudes and can cause 

pressure drop increaser and catalyst poisoning. 

TABLE 8.1.4 Chevron VRDS Pilot Plant Performance 
Catalyst Grading t o  Prevent Pressure Drop Increase 

VRDS Feed* VRDS Product 
The high Levels of insoluble and soluble iron in some California crudes caused 
Chevron to develop top bed grading t echn~logy '~  to minimiz<prablems associated 

Gravity, 'API with these metals. Chevron was the first company to use a catalyst grading system in a 
CCR, wt % commercial hydrotreater, in 1965. Special calcium removal catalysts have been 
Sdfur, s f  % applied in a VRDS Hydrotreater where the feed contained more than 50 wt ppm calci- 
Nitrogen, wt % 
Nickel+ vanadium, ppm urn. Effective catalyst grading combines physical grading of the catalyst by size and 
viscosi~, cSf at 10O0C shape and grading of the catalyst by activity. 
538'C+ conversion, LV % 

The goal of physical grading is to filter out particles in the grading catalyst that 

343'C+ yield, LV % would otherwise plug the top of the smaller active catalyst pellets. By carefully chang- 

q conrumption, SCFB ing the sizes and shapes of the physical grading catalyst, one can remove particles 
over several layers and therefore reduce their tendency to cause the pressure drop to 

a~rabian HeavyiKuwaitin SMO volume ratio. increase. 

N ~ L :  'API = d~greer on nmerican petroleum lnstitutc rcslc: Grading catalyst by activity means to gradually increase the surface activity of the 
SCFB = smdardcvbio feet per banel. catalyst down the reactor system. The oil is then exposed first to catalyst with very 
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low activity that forces the reactive metals (iron and calcium, for example) ta pene- 
trate into the catalyst. There the removed metals do not fill up the space between  el- 
lets and pressure drop increase is avoided. The catalyst activity is increased in subse- 
quent layers until all of the reactive metals have been removed. 

Catalyst grading for preventing pressure drop increase cannot be accurately simu- 
lated on a small (pilot plant) scale because the flow regimes are much different. 
Extensive refinery experience forms the basis for Chevron's catalyst grading tech- 
"iques. This experience includes data from a commercial unit feeding deasphalted oil 
that contained particulate and soluble iron, as well as very reactive nickel and vanadi- 

57% C$+ Mogao 
Feed Flexibility m% RFCC Feed 15% LC0 

90%+ HDS. HDM 10% Coke 

Many types of feeds have been processed in RDSIVRDS Hydrotreaters. Successful 60%+ Carbon Residue 

processing of VR feeds as viscous as  6000 centistokes at 100°C have been commer- 
Rsduclbn 

~ i a l l y  dem~nstra ted.~ Feeds containing up to 500 wt ppm Ni+V have also been com- FIGURE 8.1.8 Simpls ieridvum conusmion. A low cost prajecl LO convcit residuum into maxi- 

mercially in a fired-bed RDS Hydrotreater. mum rnogrs. 

Chevron catalyst systems can tolerate average feed metals over 200 wt ppm Ni+V 
while maintaining a I-year run length. Feeds with considerably higher than 201) wt 
ppm Ni+V can be processed with at levst a l-year run length before catalyst replace- 
ment is required if the feed is pretreated in an On-Stream Catalyst Replacement reac- 
tor. By lowering the metals in the feed to processable levels, OCR increases the refin- 
er's flexibility to run less expensive high-metal feeds (see Chap. 10.1). 

The use of residuum hydrotreatment to produce LSFO for power plants still continues 
as countries adapt stricter environmental regulations. More commonly, however, the 
refiner wishes to reduce fuel oil yield and have the flexibility to prepare feedstock far 
a downstream conversion unit. 

Figure 8.1.8 shows a simple scheme for converting residuum to motor gasoline 
(magas) using an RFCC. In this scheme, the RDS Hydrotreater significantly upgrades 
the RFCC feed. Pretreating the residuum feed increases its hydrogen content and 

23% LC0 
10% Coke 

reduces its impurities. For many crudes this upgrade is necessary for the RFCC to be 65%+ Carbon Resldue 
operable. For other crudes, whose AR could be fed directly to the RFCC, RDS Reduction 

Hydrotreating improves the economies of the conversion project and increaser the FIGURE 8.1.9 Residuum conversion to middle distillate and magar. c o n v ~ ~ r i ~ ~  the RDS to accept 
yield of market-ready light products. v8cYUm rcriduum md adding an Iracracker enabler crfrnerr to produce mrrhu-ready middls distillates. 

In some residuum upgrading projects, middle distillates are more desirable prod- 
ucts than magas. In these projects, Chevron's Isocracking process is the preferred pro- 
cessing route to produce high~quality middle distillates from the VGO. Figure 8.1.9 
shows a scheme in which the AR is sent to a vacuum tower to prepare VGO feed for Many residue upgrading prwects need to vary the relative productionof 
an Isacracker. The remaining VR is then sent to a VRDS Hydrotreater to be pretreated and middle distillates with market demands. Figure 8.1.10 shows a scheme where the 
for an RFCC. High-severity VRDS Hydrotreating has been shownl"to prepare suit- vacuum column cut point is varied between 425'C (797'17) to produce maximum 
able feedstock for an RFCC. This scheme provides the optimal usage of hydrogen far mogas and 565'C (1049°F) to produce maximum middle distillates. Again, the addi- 
upgrading the residuum. The hydrogen required by the Isocracker ir just the amount tion of hydrogen is adjusted to just satisfy the hydrogen upgrading requirements of the 
necessary to convert the VGO to middle distillates. The hydrogen required by the product slate. 
VRDS Hydrotreater is just enough to improve the volatility and hydrogen content of Finally, some projects need to he installed in phases. Figure 8.1.11 shows the 
the VR to be satisfactory for RFCC feed. hypothetical transition from a simple upgrading project to a complete and flexible 





TABLE 8.1.6 Estimatedlnvestment Summary for RDs 
Hydrotreater to Prcuare RFCC Feed 

Feed Rare, BPSD 70.000 
Run length, days 335 
Operating factor 0.92 
On-plot investment. million $u.s.: 

Major masrials 107.2 
Reactors 73.3 
Other rcacror loop 22.5 
Fractionation 4.8 
Makcup compression 6.6 

ln~lrllalion cost 79.3 
Engineering cost 17.9 
Indirect cost 29.8 
Total an-plot cost 234.2 

Total off-ploi corl(308 ofon-plot), million $U.S. 70.3 
Cat~lyst cost per charge, million $US. 8.8 

Basis: 3-ond quarrr 1995. US. Oulf Cor9t. 



P ~ S J  Y S ~ I J  = s :Lnp>admaj qqn~ppumr = -3s :%a, a!qm pmpwm = os 11'0 !=n~ ~u=vn!nb - 058 :WON 

.,!pan lo uo!,.npo,d E! (s~s.~IY?*~ "!I sA!,!iB%an '1503 10 ".!ldUmSUOJ I! I*UI"U SAnrsDdi 
..uau3ars 9~!189do S,UOI&~W uo ~ i s s 9  nml l~l!dKu 

Il\l ld.059 l"aH "!4W *!PaW. 

%E'Z OPL'Z91 1s0a Zu!uulu @14/ - 
EEIO OEE.6 (IS~PIB=+IOI~ ~ ~ o t l o l d  "0) $0 %I IB?L/"O!II!UL ElE5 a,"e,nsu!+slreL 

622'0 5E1'81 (~o ldno i~o ld  "0) JO e z  maX~/uo!11" 60'90 aJ"cUJ,"p&q 

600'0 965 (mqel %o!rmdo JO 605) ~oqel uoddnr+uo!~!~?dn~ 
LIVO 161'1 ruop!sod 1J!4S Z ~!q9/,-1'Ba6i"O!ll" 02'05 soqel8uqe1ad0 

PLE'O 902.92 maL~411" 08'8$ 1~6181a3 
ILS'O 8~6'09 a m  UO!II!~ L IL  ~ ~ S W S S ' O P  U ~ ~ O I ~ L ~  

199'0 LEE'9P sa!l!l!ln l e l a  
- - 
(0~0'0) (69~'1) u!mn=% ( 9 ~ 1 )  I ~ % W O V ~ $  a1esuapuog 

110'0 ILL "!Wl*a 58 l e % ~ 0 ~ 9 $  raiem p??J I@l!OE 

LOO'O €12 n!=l@8 99 l*SX,Op.S$ Ialem "o!i%[o! rea3orda 

800'0 065 U!U/l'nB% 002'8 @%WS0'0$ I ~ ~ B M  %or(oa3 

621'0 8W6 W419 911 ~IWSE.E$ U - ~ S  a888 P!I~I OSI 
(510'0) (950'1) WqR ZZ- ~PVOO'ZS Uvaas a m  Z ~ ! I ~ I  OOP 
E9VO OOP'ZE M'I OOO'LZ 4MWS0'0$ 12".0,, 

("18 UO!ll" 9) 
810'0 OP@'S adE-OdJ ZLZ 194-Od3100'020 12"d 

:Sa!,!lm 

w rqw$ 6ep m a ~ l s l n  ialqx i s a a  gun wan 

*pearl 333x amdaw oi zalaanoJpia sax ads-OOO'OL zoj fie-ns a o 3  Bu!uonx pow &!Inn cr.8 319vl 



HYDROTREATING 

CHAPTER 8.2 
REFERENCES 

1, H. A. and G. D ~ o u l d ,  .'lsomnx Takes Sulfur Out of Fuel Oil," AlChE Meeting. 
HULS SELECTIVE 

N ~ W  orlesns, March 16-20, 1969. 
2, A. 0.  id^^, E. M. ~ e e d ,  P. W. ~ a m m ,  m d  D. R. Cash. "Chevron Isoman Pracesses 

HYDROGENATION PROCESS 
~ ~ ~ ~ l f , , ~ i ~ ~  ~ ~ ~ b i ~ ~  ~~~~y ~esidua: 74th ~ a t i a n a l  AlChE Meeting, Ncw Orleans. March 
11-15, 1973. 

3, A. G. ~ n d ~ ~ ,  0 .  D. oauld, and I. F. ~erkman.  '"Residua Processes Proven." Oil and Gas Scott Davis 
lourrial, 85, January 19, 1981. UOP 

4, K. snito, S. shinurym. F. ~ u k u i ,  and H. Hashimoto, '"Experience in Operating High 
conversion ~ ~ ~ i d u a l  HDS Process," AIChE Meeting, San Francisco, November 1984. Des Plaines, Illinois 

5. J. B. R,,s~ P. v. steed. ."~efinery Experience With HydroprocErsing Resid forFCC 
peed,* 49th  idy year Refinery Meeting. API, New Orleans. May 16. 1984. 

6. B. E. R ~ ~ ~ ~ I ~ ~ ,  D. v LW, and J. R. Wilson, "Chevron's Pascagoula Residuum Hydrot=at=r 
~ ~ ~ ~ ~ ~ t ~ ~ t ~ ~  versatility," NPRA Annual Meeting, San Antonio, March 24-26. 1985. 

7. 1. G. speight, ~h~ chamistry end ~echnology o/Perrolanm. Zd ed., Marcel Dekker. New 
York, 1991. 

8, H. K~~~~~~~ and B. E. ~eynolds,  '.NPRC'~ Success With Chevron VRDS," NPRA Annual 
~ e e t i n g .  San Antonio. March 25-27. 1984. 

9. N. E. ~ ~ ~ ~ ~ ~ k ~ ~ ,  1. S.   as her, S. Sato, and N. Seno, "Nippon Mining Company Upgrades 
v ~ ~ , , , , ~  mwer ~ ~ t t ~ ~ ~  in G U I ~  ~ e s i d  HDS unit," Japan Petroleum Institute Petroleum 
~ ~ f i ~ i n g  Conf.. Tokyo. October 1984. 

10, C. H. C. olbrich, R L   ow ell, and I. v. Heyse, "Chevron's New HDM Catalyst 
system for a ~ ~ ~ ~ ~ h ~ l t ~ d  o i l  ~ydrocracker." ~ l c h E  1986 Spring Notional Meeting. April 
10, 1986, paper no. 12b. 

11. B. E. ~ ~ ~ ~ ~ l d s ,  D. R. Johnson, 1. S. Lasher, and C. Hung, "Henvs Oil Upgrading for fhe 
F ~ ~ ~ ~ ~ :  ~h~ N~~ chevron Hydrotrerring process Increases Plenibil i ty~ NPRA Annual PROCESS DESCRIPTION 
~ e e t i n g ,  SanFrancisco, March 19-21, 1989. 

12. B. E. and M. A. si~vormsn, "VRDSIRFCC Provides Efficient Cooversion of Small  amounts of acetylenes and  dienes are contaminants ta  many light olefin pro- vacuum ~ ~ t t ~ ~ ~  mo ~asoline: lapan petroleum Institute Pcrroleum Refining Conf.. cess ing  un i t s .  F o r  example ,  bo th  su l fur ic  a n d  H F  alkylat ion units  suffer  f r o m  
Tokyo. October 18-19, 1990. increased acid lasses as a result of dienes contained in the feedstock. Certain 

C, d i m e s  contained i n  the C, feed t o  a unit producing tertiary amyl methyl ether 
(TAME) must be  removed, or they will cause fouling of the resin catalyst. Also, poly- 
mer-grade propylene typically requires less than 5 w t  ppm of dienes and  acetylenes to 
meet specifications. 

The  removal of acetylenes and dienes in streams rich i n  C, to C, olefins is  accom- 
plished with the Hills* Selective Hydrogenation process (SHP). This process is  a high- 
ly selective catalytic process that can hydrogenate acetylenes and dienes to the corre- 
sponding monolefin without affecting the valuable olefin content of the feedstock, In 
addition. if needed, the Hills S H P  unit can be designed to provide hydroisamerization 
o f  some of the alefins For instance, a Hiils S H P  unit processing a C4 olefin stream 
derived from fluid catalytic cracking (FCC) not only converts the diencs to monolefinr 
but also converts much of the butene-1 to butene-2. Bure t te3  will generate a higher- 
octane alkylate in H F  alkylation units. Typical product diene levels from a Hiils S H P  
unit range from 2 5  t o  1 wt ppm. The Hills S H P  unit for C, t o  C, olefin streams is  
available far l icense through Hiils A.G. in Marl ,  Germany,  or f rom UOP in Des 
Plaines, Illinois, U.S.A. 

'Scnis~ ma* ofchcmische Wcrkc Hvls A.G. 
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PROCESS FLOW 

~h~ now diagram for this process is shown in Fig. 8.2.1. The feed is combined with 

UOP UNIONFINING 
hydrogen ,,ear stoichiometric ratios to the diene and acetylene content of the feed. 
~ ~ d ~ ~ ~ ~ ~ ~ t i ~ ~  then takes place in a liquid-phase fined-bed reactor. Unless the hydro- 

TECHNOLOGY 
gen purity is low, no separation step is required for the removal of light ends from the 
product. ~ h u s ,  the reactor effluent can be charged directly to downstream units. 

~h~ design of the  ills SHP unit is simple and requires low capital and nominal James E. Kennedy 
operating costs. Law-temperature, liquid-phase operation means that no utilities are UOP 
required in most cases if the feed and hydrogen are both available at suitable condi- Des Ploines, Illinois 
tians.  ti^^ or cooling duties are limited to cases with relatively high diem concen- 
trations in the feed. 

COMMERCIAL EXPERIENCE 

A total of 19 units have been licensed. Fifteen of these units are currently on-stream. 
~h~ feedstocks to these units vary from C,'s to C,'s. Mast of these units are designed 
for diene reduction to less than 5 wt ppm in the product. 

INTRODUCTION 

INVESTMENT AND OPERATING REQUIREMENTS Hydrotreating is one of the most mature technologies found in the 1990s refinery, 
rivaling the history and longevity of the thermal process. In 1952, UOP and Union Oil 

1" most applications, the Htjls SHP unit consumes virtually no utilities. The capital Co. of California began licensing hydrotreating under the name of the Unifining 
investment, including catalyst, for the Hills SHP unit is small, usually within the range process. The partnerships and the development of this technology have gone through a 
of $500,000 to $1,000,000. The flexibility and minimal cost of this technology make series of changes over the yean, and in 1995 the acquisition of the Unocal Process 
the ~ " 1 s  SHP unit a valuable processing tool. Technology and Licensing group by UOP resulted in the merger of two premier 

hydropracessing companies and the combination of their expertise under the UOP* 
Unionfining* banner. 

Generally speaking, the hydratreating process removes objectionable materials 
from petroleum distillates by selectively reacting these materials with hydrogen in a 
catalyst bed at elevated temperature. These objectionable materials include sulfur, 
nitrogen, olefins, and aromatics. Lighter materials such as naphtha are generally treat- 

, - - -+FueiGar  ed for subsequent processing in catalytic reforming units, and the heavier distillates, 
ranging from jet fuel to heavy vacuum gas oils, are treated to meet strict product-qual- 
ity specifications or for use as feedstocks elsewhere in the refioery. Many of the ,,rod- 
uct-quality specifications are driven by environmental regulations that are becoming 
more stringent each year. This push toward more environmentally friendly products is 
resulting in the addition of hydroprocessing units in refineries throughout the world. 

PROCESS CHEMISTRY 

To Downstream 
The chemistry behind the hydrotreating process can be divided into a number of reac- 

Processing tion categories: (hydro)desulfuiization, (hydro)denitrification, saturation of alefins, 

XIGURE 8.2.1 Hvls selective hydmgenalion now diagram. *Tradsmurk andhi  service muk olUOP. 
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and saturation of aromatics. For each of these reactions, hydrogen is used to improve 
the quality of the petroleum fraction. 

Desulfurization Thiophenal Benzene 

Desulfurization is by far the most common of the hydroueating reactions. Sulfur-con- FIGURE 8.3.2 Dervlfurizafion of thiophenoi. 
taining hydrocarbons come in a number of forms, and the ability to remove sulfur 
from the different types of hydrocarbons varies from one type to the next. The degree 
to which sulfur can be removed from the hydrocarbon varies from near-complete 
de~ulfur izs t i~n for light straight-run naphthas to 50 to 70 percent for heavier residual 
materials. Figure 8.3.1 lists several sulfur-containing compounds in order of the diffi- 
culty in removing the sulfur. 

* Z H ~ +  @@*HZ~ 

The reaction of thiophenol, which is at the top of the list in Fig. 8.3.1, proceeds Dibenzolhiophene Biphenyl 
quite rapidly; the reaction is shown schematically in Fig. 8.3.2. Multiring thiaphene- 
type sulfurs are more difficult to treat because the ring structure, which is attached to FIGURE 8.3.3 Derulhinzation of dibmzothiophene. 
the sulfur on two sides, must be broken. Figure 8.3.3 is a schematic representation of 
the reaction for the desulfurization of dibenzothiophene. 

In each case, the desulfurization reaction results in the production of hydrogen sul- the H,S must be removed in downstream fractionation. 
fide (H,S) in the reactor section of the plant. To complete the desulfurization reaction, 

Denitrification 

The nitrogen compounds that occur naturally in crude oils and that would normally be 
found in the feed to a hydrotreater can be classified into two categories: boric nitro- 
gen, which is generally associated with a sin-member ring, and neutral nitrogen, 
which is generally associated with a five-member ring. Examples of these two types of 

Ethyi Mercapian H3C - CHZ - SH 

Diphmylsuiflde -Qm@ Baste @ @t?J @@-j 

%Methyl-I-BuranethloI HjC-FH-CHz-CH2-SH 
Midine Quinoline isoqvinollne 

Diethylrulfide HIC-CHZ-S-CHZ-CHI 

Dipropylrultide H3C-CH2-CHZ-S-CHZ-CH2-CH3 H H H 
PYnole lndole Carhaole 

Diiroamylsullide 

(Not common 
-NHI 

Akylamlne~ 

FIGURE 8.3.1 Relative derulfurizatiii iiiitiflities. FIGURE 8.3.1 Types of nifrogen compounds. 
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Metals Removal hydroprocessing catalyst. These catalysts typically have a different shape or pore 
structure or both than the normal hydrotreating catalyst and are often designed to have 

In addition to the previously mentioned typical hydropraeerring functions, the some reduced level of desulfurization or denitrificatian activity. 
Unionfining unit may also be designed to remove low levels of metals from the feed. 
The metals to be removed include nickel and vanadium, which ace native to the crude 
oil, as well as silicon and lead-containing materials thal are added elsewhere in the 
refinery. These metals are poisons to downsueam processing units and can pose envi- PROCESS FLOW 
ronmental problems if they are contained in a fuel product thal will eventually com- 
bust. In the past, refiners would operate their hydrotreating unit until the hydrotreating The actual flow scheme of the UOP Unionfining process varies, depending on the 
catalyst had no more capacity to absorb metals. In a 1990s hydrotreating unit, the application. Figure 8.3.9 provides a generic look at the flow scheme of a UOP 
reactor is loaded with a catalyst that is designed specifically to have a high capacity Unionfining unit. The feed is exchanged with the reactor effluent, mined with recycle 
for metals removal if the feed metals are anticipated to be high. hydrogen, and then heated to reaction temperature in a fired heater. The combined 

feed then flows through the reactor, which contains the catalyst that will accelerate the 
reaction. The reactor efnuonl is cooled in exchange with the feed and then in a series 
of coolers before being separated in a vapor-liquid separator. The vapor portion is 

CATALYST recompressed, combined with fresh hydrogen, and returned to the reactor feed. The 
liquid portion is fed to afractianator, where it is stripped of light ends, H,S, and NH,. 

The primary function of the catalyst used in the hydrotreating reaction is to change the 
rate of reactions. The suitability of a catalyst depends on a variety of factors related to 
the feed quality and processing objectives. The catalysts used in the UOP Unionfining 
processes are typically a high surf= area base loaded with highly dispersed active 

UNIONFINING APPLICATIONS 

Generally speaking, the most common way to categorize hydrotreating applications is 
denum catalyst. The typical composition for this catalyst is shown in Table 8.3.1. A by feed type. This section provides general information on a limited number of 
nickel molybdenum catalyst (iYiO/MoO,/AI,O,) is sometimes used as an ulternutive. Unionfining applications. 

In denitrification operations, a catalyst with a different hydrogen function is 
required to allow operation a t  normal temperatures. In these instances, the nickel 
molybdenum catalyst is more common. These catalysts are also good desulfurizvtian Naphtha Unionfining 
cttalysts: however, their hydrogen consumption could be higher because of their bet- 
ter deniuification activity. 

Either of these catalysts provides adequate activity for the satnration of olefins. As 
previously mentioned, these reactions are fast and occur at temperatures lower than 
Ulase required for desulfutiration or denitrification. 

For the saturation of aromatics, the selection of the proper catalyst is quite depen- 
dent on the processing objectives. In many cases, a nickel molybdenum catalyst pro- 
vides the required level of aromatic saturation. In cases where the feed aromatics con- 
tent is high or the product aromatics specification is law, UOP might suggest a 
catalyst that has some level of noble metal (such as platinum or palladium) to be used 
after the nickel molybdenum catalyst. 

The metals-removal catalysts are designed specifically for the purpose of removing 
metals from the feed so that they do not affect the hydrotreating capability of the 

TABLE 8.3.1 Typical Composition of Cobalt 
Molybdenum Catalyst 

species Rmge, wt % Typical, wt % Pmdun 

MakeupComprerror 

FIGURE 8.3.9 Typical Unionflning proces$ flow. 
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INTRODUCTION 

The UOP' RCD Unionking* (reduced-crude desulfurizationj process represents the 
merger of three of the world's leaders in residual oil processing and catalyst technolo- 
gy. UOP's acquisition of the Unacal PTL Division in January 1995 resulted in the 
merging of UOP and Unacal's catalyst technology, commercial know-how, and design 
experience to create a new, improved resid hydroheating process: RCD Unionfining. 
At the time of the acquisition, the 25 units licensed worldwide by UOP and Unocal 
represented more than 130,000 mVh [832,000 barrels per day (BPD)] of capacity. 
Prior to this acquisition in 1993, UOP entered into an alliance with Catalyst & 
Chemicals Ind. Co. Ltd. (CCICj in Japan that enabled UOP to offer CCIC's commer- 
cially proven portfolio of residual hydrotreating catalysts. 

The RCD Unionfining pmcess provider desulfutization, denitrificatian, and demet- 
allization of reduced crude, vacuum-tower bottoms, or demetallized oil (DMO). 
Contaminant removal is accompanied by partial conversion of nondistillables. The 
process employs a fixed bed of catalyst, operates at moderately high pressure, con- 
sumes hydrogen, and is capable of greater than 90 percent removal of sulfur and met- 
als. In addition to its role of providing low-sulfur fuel oil, the process is frequently 
used to improve feedstocks far downstream conversion units, such as cokers, fluid cat- 
alytic crackers (FCCsj, and hydrocrackers. 

MARKET DRIVERS FOR RCD UNlONFlNNVG 

The first commercial reduced-crude desulfurizarion unit, which came on stream in 
1967, was a licensed design from UOP. The resid hydrotreating units produced a low- 
sulfur fuel oil product that was in increasing demand as a result of the stringent laws 

fTradsmark andlor scnice mark of UOP. 

8.39 
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relating to air pollution that were being enacted in the industrialized countries. Units TABLE 8.4.1 CCIC Catalyst Portfolio 
were designed in the 1970s to produce fuel oil with a sulfur level as low as 0.3 wt %. 
The trend toward low-sulfur fuel oil has now extended around the world. catalyst name Application Size and shape 

Other drivers have added to the need far the RCD Unionfining process. Fuel oil APrelaxafion and HDM 
demand has been declining at a rate of about 0.2 percent per year since the 1980s. and 
this decline has been coupled with a growth of about 1.4 percent in the demand for 
refined products. As the demand for heavy fuel oil has fallen, the price differential 
between light and heavy crude oil has increased. This price differential has given the 
refiner an economic incentive to process heavy crude. However, heavy crude not only 
produces a disproportionate share of residual fuel, but it is also usually high in sulfur AP relaration and HDM 
content. Because heavy, high-sulfur crude is a growing portion of the worldwide crude 
oil reserves, refiners looking for future flexibility have an incentive to install substan- 
tial conversion and desulfurization capacity to produce the required product slate. In 
addition to providing low-sulfur fuel oil, the RCD Unianfining process provides 
excellent feedstock for downstream conversion processes producing more valuable HDS and HDM !4, XI. Ha, %I in cylindrical or shaped 

trwsportation fuels. New version of CDS-R9 

New version of CDS-R2 

CATALYST HDS = hydrod~suifurization. 
Note: HDM = hydrodsmcfallilalion. 

Catalysts having special surface properties are required to provide the necessary activ- 
ity and stability to cope with reduced-crude components. The cycle life of the catalyst 
used in the RCD Unionfining process is generally set by one of three mechanisms: The deposition rate of metals from organometallic compounds correlates with the 

level of desulfutization for a given catalyst. Thus, the rate of catalyst deactivation by 
Excessive buildup of impurities, such as scale or coke, that lead to unacceptable metals deposition increases with the increasing level of desulfurization. Metals depo- 
pressure drop in the reactor sition results from the conversion of sulfur-bearing asphaltenes. Conversion exposes 

catalyst pores to the portion of the feed that is highest in organametallics. 
The catalyst deactivation rate is also a function of feedstock properties. Heavier 

Metal deposition in catalyst pores from the hydrocracking of organomelallic com- reduced crudes with high viscosities, molecular weights, and asphaltene contents tend 

pounds in the feed to be more susceptible to coke formation. Hence, higher pressures and lower space 
velacitier are required for processing these materials. Correlations developed on the 

UOP and CClC provide a complete portfolio of catalysts to handle each of these three basis of commercial data and pillot plant evaluation of many different reduced crudes 
mechanisms (Table 8.41). can predict the relationship between the hydrodesulfuriration reaction rate and the 

Feed filtration for removing scale particulates is a standard part of the RCD deactivation rate and reduced-crude properties. 
Unionfining design. In most eases, this filtration satisfactorily prevents buildup of The UOP-CCIC catalyst portfolio has been developed ta maximize both the 
scale on the catalyst bed, and the resulting pressure drop does not limit cycle life. removal of sulfur, metals, and other impurities such as nitrogen and Conradson carbon 
However, some feeds contain unfilterable components. Under these circumstances, the and the life of the catalyst. The CDS-DM series catalysts are typically loaded down- 
catalyst bed itself acts as a filter, and the impurities build up in the top section of cata- stream of the CDS-NP catalysts and are designed for maximum metal-holding capad- 
lyst to create unacceptable pressure drop. The CDS-NP seties of catalyst helps prevent ty. Although their metsls-removal activity is high, they maximize the removal of the 
this problem by increasing the amount of void space in the top of the reactor for the resin-phase metals and minimize the removal of asphaltene-phase metals. (For an 
impurities to collect. The CDS-NP catalysts are designed as a macaroni shape in %-in explanation of the terms resin phase and nsphoirenr phase, see the following "Process 
and Y-in sizes. The macaroni shape maximizes the amount of void space and catalyst Chemistry" section.) The removal of asphaltene-phase metals can lead to excessive 
surface area available for deposition of the impurities. The catalysts are also loaded formation of coke precursors, which ultimately reduce the life of downstream cata- 
from the larger to smaller size. This kind of loading, which is called grading the cata- lysts. The CDS-R9 series catalysts are typically located dawnsueam of the CDS-DM 
lyst bed, helps to maximize the void space available for deposition. catalysts. These transition catalysts have intermediate activity for demetallization and 

Coke formation reduces catalyst effectiveness by decreasing the activity of the reac- desulfurization and are used to gradually move from maximum demetallization to 
tive surface and decreasing the catalyst-pore volume needed for metals aaccumulation. maximum desulfurization. Once again, the gradual transition helps to minimize the 
For a given catalyst and chargestock operating under steady-state conditions, the formation of cake precursors, which could lead to shortened catalyst life. The final 
amount of coke on the catalyst is a function of temperature and pressure. Successful catalysts are the CDS-R2 series, which have maximum desulfurization activity. By the 
hydrodesulfutization of reduced crudes requires that temperatures and pressures be time the residual oil reaches this series of catalysts, the metals level is sufficiently low 
selected to limit coke formation. When cake formation is limited, ultimate catalyst life to prevent metals deactivation. 
is determined by the rate of metals removal from organometallic compounds in reduced In addition to thia portfolio of conventional desulfurization and demetallization 
crude and by the catalyst-pore volume available for the accumulation of metals. catalysts, several custom catalysts are available for the RCD Unionfining process. The 
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tha or gas>ields.'~he CAT-X catalyst is designed as an FCC feed pretreatment ca'ta- 
lyst. The FCC microactivity testing (MAT) of feeds processed over the CAT-X cata- 
lyst has shown an increase in the gasoline yield of us much as 5 percent. 

PROCESS CHEMISTRY 

Resid is a complex mixture of heavy petroleum compounds that are rich in aromhtic 
structures, heavy paraffins, sulfur, nitrogen, and metals. An ormospheric resid (AR) is 
a material that has been produced in an atmospheric-~ressure fractionation column as 

~ ~ ~~~~~~ 1 - - ~ ~ - ~ ~  ~ u .  

at or near 566°C (1050°F). The bottoms is then said to  be u 566"C+ (1050"F+) 1 ,  vacuum resid. 
Resid components can be characterized in terms of their solubility: 

Soturarex Fully soluble in pentune: this fraction contains all the saturates. 

!i 8 
Aromatics: Soluble in pentine and separated by chromatography; this fraction con- 
tains neutral aromatics. 

Resins: Soluble in pentane and absorb on clay; this fraction contains polar aromat- 
ics, acids, and bases. 

,Asphairenes: Those that are insoluble in pentane (pentone inroiubles) and those 

With the exception of the lightest fractions of crude oil, impurities can be found 
throughout the petroleum boiling range. Impurity concentrations of each fraction 
increase with the boiling point of the fraction. Examples of this situation for sulfur 

" .  
als (Fe, Ni, V), and polynuclear aromatic compounds. These components are primarily 
the ones that deactivate the catalyst through metals contamination or coke production. 
Characterization of some typical atmospheric resids along with their respective I 

Operating Variables 

For a specific feedstock and catalyst package, the degree of demetallization, desulfur- 
ization, and conversion increases with the increasing severity of the RCD Unionfining 

O Catcanyon 
EXY Hvy Arabian 
EB SN Hvy 

Distillation Range. F 
FIGURE 8.4.1 Sulfur dishbution. 

Distillation Range, 'C 

FIGURE 8.4.2 Nivogcn dishbution in Hondd CcIiffrfii i i idd 

TABLE 8.4.2 AR Characte"z&tion 

Crude source 

Arabian Heavy Honda Maya 

AR properties: 
Sulfur, wt % 4.29 5.9 4.4 
NI+V, wf ppm 108 372 500 

AsnhalLenes. wf % 12.6 13.9 25.2 
AsphaIlene propeeies: 

Sulfur, wt % 6.5 7 7 6.4 
Ni + V. wt oom 498 1.130 1.570 



-Aromatle 
W Naphthene 
0 Vanadlum 

Nickel 
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C - Guard Reactor 
H = Charge Heater 

HS = Hat Separator 
FIGURE 8.4.3 Arpbrltene rlnr~lure. HFD -Hat Flarh Drum 

R -  Reactor 
RC - Recycle Compressor 
PF-Product Fractionalor 
MS = Membrane Separation 

The operating variables are pressure, recycle-gas rate, space velocity, and ns -sysrern 
ReoicleCarScrubber 

Pressure. Increasing hydrogen partial pressure decreases the catalyst deactivation FIGURE 8.4.4 Simplified RCD Unionfining flaw scheme. 

rate at constant reactor temperature because the formation of carbonaceous deposits, 
which deactivate the catalyst, is thereby retarded. The increased pressure also increas- 
es the activity for desulfurization, demetallization, and denitrification. Increased unacceptable pressure drop, but this catalyst also performs some impurities removal. 
hydrogen partial pressure can be obtained by increasing total pressure or by increasing Removal of the remaining impurity occurs in the reactor. 
the hydrogen ~ u t i t y  of the makeup gar, which together with a recycle-gas scrubber to The RCD Unionfining reactors use a simple downflow design, which precludes 
rem$ve H,S maximizes hydrogen partial pressure. problems of catalyst carryover and consequent plugging and erosion of downstream 

equipment. Because this reactor system has three phases, uniform flow distribution is 
Recycle-Gus Rote. Increasing the recycle-gas rate increases the hydrogen-to-hydro- crucial. UOP provides special reactor internals to ensure proper flow distributioh The 
carbon ratio in the reactor. This increased ratio acts in much the same manner as reactor-effluent stream flows to a hot separator to allow a rough separation of heavy 
increased hydrogen panid  pressure. liquid products, recycle gas, and lighter liquid products. The hot separator overhead is 

cooled and separated again to produce cold separator liquid and recycle gas, which is 
Space V~locity. Increasing the space velocity (higher feed rate for a given amount of scrubbed to remove q S  before being recycled. A portion of the scrubbed recycle gas is 
catalyst) requires a higher reactor temperature to maintain the same impurity removal sent to membrane separation to reject light components, mainly methane, that arc 
level and results in an increase in the deactivation rate. formed in the reactor. If these components are not removed, they could adversely affect 

the hydrogen partial pressure in the reactor. Hot separator liquid is fed to a hat flash 
Temperature. Increasing temperature increases the degree of impurity removal at a drum, where the overhead is cooled and mixed with cold separator liquid, and the mix- 
constant feed rate. Operating at an increased temperature level increases the catalyst ture is charged to the cold flash drum. Bottoms from both the hot and cold flash drums 
deactivation rate. As the catalyst operating cycle proceeds, reactor temperature is usu- are charged to the unit's fractionation system, which can be set up to either yield low- 
d l y  increased because of the disappearance of active catalyst sites. sulfur fuel oil or match feed specifications for downstream processing. 

Process Flow Process Applications 

A ~ i m ~ l i f i e d  flow diagram of the UOP RCD Unionfining process is presented in As trends toward heavier crudes and lower fuel-oil demand have become evident, 
Fig. 8.4.4. The filtered liquid feed is combined with makeup hydrogen and recycled UOP has devoted increased attention to bottom-of-the-barrel processing. As a result, 
separator offgas and sent first to a feed-effluent exchanger and then to a direct-fired several flow schemes that offer a variety of advantages have been developed. The 
heater. In this flow scheme, the direct-fired heater is shown as a two-phase heater, but most common of these flow schemes is shown in Fig. 8.4.5. Atmospheric residual oil 
the alternative of separate feed and gas heaters is also an option. The mixed-phase is directly hydrotreated to provide FCC feed. Hydrotreating allows a high percentage 
heater effluent is charged to a guard bed and then to the reactor or reactors. As indi- of the crude to be catalytically cracked to gasoline while maintaining reasonable FCC 
cated earlier, the guard bed is loaded with a graded bed of catalyst to guard against catalyst consumption rates and regenerator SO, emissions. Hydrotreating can also help 
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FIGURE 8.4.5 Maximum gasoline production. 

refiners meet some of the newly emerging gasoline sulfur specifications (100 wt ppm 
maximum) in selected parts of the world, such as the United States, Sweden, and 

PIGURE 8.4.7 High-quality coke production. 
For upgrading residual oils high in metals, the best processing route may be a com- 

bination of solvent extraction (UOP Demex* process) and the RCD Unionfining 
process. The Demer process separates vacuum residual oil with a high metal content 
into a D M 0  of relatively law metal content and a u itch of high metal content. The Of course, these examples are just a few of the bottom-of-the-barrel upgrading 
pitch has several uses, including fuel-oil blending, solid-fuel production, and feed to a flow schemes involving the RCD Unionfining process. The correct selection of flow 
partial-onidation unit for hydrogen production. If the metal and Conradson carbon scheme is typically specific to a given refiner's needs and crude type. 
content of the D M 0  are sufficiently low, it may be used directly as an FCC or hydro- 
cracker feed component. In some cases, however, hydrotreating the D M 0  prior ta 
cracking is desirable, as shown in Fig. 8.4.6. This combination of processes shows 
better economics than either process alone. The arrangement provides an extremely OPERATING DATA 
flexible processing route, because a change in feedstock can be compensated far by 
adjusting the ratio of D M 0  to pitch in the Demen unit to maintain D M 0  quality. In The yield and product properties for processing a blended Middle Eastern reduced 
some cases, the treated material can be blended with virgin vacuum gas oil (VGO) and crude in an RCD Unionfining unit are shown in Table 8.4.3. Utilities required to oper- 
fetl directly to the conversion unit. ate a 132.5-m3h [20,000 barrels per stream day (BPSD)] RCD Unionfining unit are 

When the RCD Unionfining process is used to pretreat caker feed (fig 8.4.7). it shown in Table 8.4.4. The estimated erected cost for this unit is $40 million. 
reduces the yield of coke and increases its quality and produces a higher-quality 
cracking feedstock. 

1Tradsmak and/or r$nice mark of UOP. 
TABLE 8.4.3 Yields and Product Properties of a Middle East Bicnd Reduced Crude 

Yields on Reduccd Crude 

Specific Sulfur, Nitrogen, Viscosity. v + N, 
wl% vd % gravity wwt % vai % cSf at 50'C ppm 

Raw oil t00.00 100.00 12.1 4.1 0.31 2.259 141 
1.29 - - - - - - 

conrump. (140 m3im3) 
Products: 

0.19 - - - - - - 

0.67 - - - - - - 
0.36 - - - - - - 
0.36 - - - - - - 

1.50 0.720 0.004 0.004 - - 
Pitch to Fuel 011, 

VlrbreaLin Solld Fuel. 154-360°C 14.70 16.70 0.868 0.02 0.02 2-3 - 
or ~artlaqbMdation 360°C+ 80.00 84.20 0.935 0.47 0.17 151 18 

Total 101.29 102.40 - - - - - 
FIGURE 8.4.6 ~aximvm nexibiliiy now scheme. 
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TABLE 8.44 ~ypical Utilities Required for a RCD Unionfining Unit* 

Reactor Fractionvtion UOP CATALYTIC DEWAXING 
~ i ~ ~ d  duty, million kcallh (million Btulhl 

Elcctriciry, kW 
PROCESS 

Steam consumed. kglh ( Iblh) 
~igh-pressure steam 
~~-~~~~~~~ Steam Orhan Genis 

cooling water, m'lh (gallh) UOP Ltd. 

- ~ ~ t ~ :  t32.1-m5h (20,000-BPSD) unit. Guildford, Surrey, En.qlond 

COMMERCIAL INSTALLATIONS 

~h~ first commercial direct reduced~crude desulfurization unit was a UOP unit that 
went on-stream in 1961 at the Chiba, Japan, refinery of Idemitsu Kosan. The first 
commercial direct vacuum-resid conversion unit was a UOP unit that went on-stream 
in 1972 at the Natref, South Africa, refinery. As of early 1996, more than 130,000 
m31h (830,000 BPSD) of RCD Unionfining capacity has been licensed. These units 
process a variety of feeds, including DMOs and vacuum resids and atmospheric 
resids. Applications for this process include conventional desulfurizatian, downstream 
conversion unit pretreatment, and resid nondistillable conversion. 

INTRODUCTION 

The UOP Catalytic Dewaring process, formerly known as the Unicracking*IDW* 
process. is a fixed-bed catalytic dewaxing (DW) process for improving the flow prop- 
erties of various feedstocks to produce fuel or lube products that can be used in 
extremely cold conditions. Feedstocks to the process may be deasphalted oil, vacuum 
gas oil, wary atmospheric gas oils, or various lubestock cuts. The process applications 
may be classified in two major areas: 

Production of various grades of conventional lube oils for extremely low tempera- 
ture service 

Production of middle-distillate components that may be blended into products for 
extreme winter conditions 

The Catalytic Dewaxing process operates across a rather narrow range of design para- 
meters. The primary roles are lube oil dewaring and middle-distillate flow property 
improvement. At the same time. the process deep-hydrotreats kerosene or diesel fuel 
to remove sulfur and oiuogen, and also saturates aromatic compounds. Key process 
features of the Catalytic Dewaxing process include: . Excellent product stability . Excellent product color . Constant product quality throughout a catalyst cycle 

Minimum viscosity reduction - Long catalyst cycle life 
Flexibility to produce lubestocks and process distillates in the same unit 

~TmdcmarLnnUorservii i i k  of UOP. 

8.49 
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PROCESS CHEMISTRY catalysts typically last 6 to 8 years. During that time, they are regenerated as needed. 
Typical cycles last 2 to 4 years between regenerations. 

~h~ Catalytic Dewaxing process uses a dual-function, non-noble-metal zeolite catalyst 
to selectively hydrocrack the paraffinic (waxy) components in the feedstock. The first 
stage of the process involves hydrotreatment of the incoming feedstock through olefin PROCESS FLOW 

desulfurization, and denitrification reactions. Pretreating protects the 
dewaxing catalyst and provides a feed with a low organic sulfur and nitrogen content, 
which improves the hydrocracking performance. The zeolite catalyst support selec- Figure 8.5.2 shows a simplified process flow foi a typical Catalytic Dewaxing unit. 

tively absorbs and cracks the normal and near-to-normal ~araffins,  which are the main Fresh feed is preheated and combined with hat recycle gas. The mixture enters the 

constituents of wax. The cracking of paraffins is achieved by using both the acid and first reactor for treating by a high-activity denitrogenation-desulfu~ization catalyst, 
metal functions of the catalyst. Figure 8.5.1 shows the ~ostulated paraffin-cracking which converts organic nitrogen and sulfur to ammonia and hydrogen sulfide. The 

reactions are exothermic and cause a t e m p e m r e  rise in the reactor. The reactions are 
mechanism. maintained at as low a temperature as possible to maximize catalyst life. The use of a 

separate reactor for hydrotreating makes the Catalytic Dewaxing process less suscepti- 
ble to feedstock-induced upsets than single-reactor or swing-reactor processes. 

The effluent from the first reactor is cooled with cold quench gas before entering 
the second reactor, which contains one of UOP's highly selective Catalytic Dewaning 

 he process uses two kinds of catalysts. The first is a high-activity desulfurization and catalysts. These active catalysts function well in the presence of ammonia and hydro- 
dentcification catalyst, which gives an optimum balance between process objectives gen sulfide. As the feed flows over the dewaxing catalyst, normal paraffins are 
and cost. The second selectively cracks straight-chain paraffins. This flexible catalyst cracked into smaller molecules, thereby reducing pour point. The average temperature 
system enables a refiner to vary the feedstocks and contaminants without affecting in the second reactor is adjusted to obtain the desired pour point. 

Dewaning reactions are exothermic and must be closely controlled because the 
~ roduc t  quality or run length. 
UOP has several highly active, long-lived Catalytic Dewaxing catalysts. Process dewaxing catalyst is sensitive to temperature. As in the hydrotreater section, reactor 

objectives determine the type of catalyst used in a particular unit. Catalytic Dewvning temperatures are maintained as low as possible. In the dewaxing reactor, this low tem- 
perature not only prolongs catalyst life, but also maximizes liquid yields and helps 
maintain control. 

Formatron orolenn 
In bath reactors, temperature is controlled by the injection of cold, hydrogen-rich 

recycle gas at predetermined points. A unique combination of patented internals 
allows for sufficient mining of recycle gas with the hat reactants emerging from the 
previous catalyst bed and the effective distribution of the quenched mixture to the top 
of the next catalyst bed. 

cmdling 

F~GURE 8.5.1 Catalytic Dswaxing portulatsd paraffin-cracking mech- 
mism. 
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~ f f l u e h t  from the second reactor is cooled by exchange with several process TABLE 8.5.2 Capital lnvestmenr 

streams, including feed and recycle gas. The effluent i s  then flashed into a hot high- 
pressure separator, where liquid products are separated from hydrogen-rich vapors. Unit feed rate, m31h (BPsD) 165.7 (25,000) 

The liquid fraction from this separator is directed to the fractionation section, and 
Feedstock: 

"apors are sent to a cold high-pressure separator after being cooled in reactor effluent 
'API gravity 28.3 

coolers. Steam condensate or deaerated bailer feed water is injected upstream of the 
Specific gravity 0.8855 
Sulfur, wr % 

reactor effluent ait condensers to minimize corrosion and prevent deposition of ammo- 
0.64 

Nitmgen, wt ppm 
nia sale.  The cold-separator vapor i s  joined by hydrogen makeup gas to become recy- 

380 
Estimated erected c o s ~  $ 34.5 

cle gas. Liquid hydrocarbon flows into a low-pressure separator. 
Flash gas from the low-pressure separator is routed to a light-ends recovery unit or Nola: BPSD = barrrk pcratrramday. 

to sour fuel gas. Liquid hydrocarbon froin the low-pressure separator exchanges heat 
with the reactor effluent before flawing into the stripper in the fractionation section. 

TABLE 8.5.3 Utilities 

Power, kW 
YIELD PA7TERNS Steam (tracing only) Minimal 

Cooling water, m'h (gallrmn) 80 (352) 

  he Catalytic Dewaxing process can be applied to a wide range of feedstocks for Condensate, m3h ((gallmin) 4 (17.6) 

dewaxing purposes. Table 8.5.1 shows typical yields and properties for VGO and 
Fuel absorbed, million k c a h  (million Bruh) 20.5 (81.3) 

diesel ilpplications. 

COMMERCIAL EXPERIENCE 

INVESTMENT AND OPERATING EXPENSES 
Two Catalytic Dewmilg  plants have been put into operatian. first ,,,,it was a vat. 

The capital investment associated with a Catalytic Dewaxing unit is closely related to 
uum gas oil unit processing 10,000 barrels per day of $hale 0i1 to remove paraffins at 

the feeditock type and quality a s  well as the desired level of dewaxing for final prod- 
Unocal's shale oil plant in Parachute, Colorado. since 1988, a cafalytic ~ ~ ~ & i ~ ~  

uots. The flexibility required between processing lubestocks or distillates in the same 
wit Processing 12.000 barrels per day has been producing spindle oil from vat. 

""it may result in oversizing same of the equipment. The capital investment for o typical 
uum gas ail and has also been producing a I O W - ~ ~ U ~  diesel product at the refin. 
ery in Schweehat, Austria. 

Catalytic Dewaxing unit is g ive~ inTab le  8.5.2, andutilities are listed in Table 8.5.3. 

TABLE 8.5.1 Typical Yield and Proporry Patterns for Catalytic Dewaxing 

YO0 feed Diesel feed 

Feedpropenies: 
"API gravity 
Sulfur, Wl ppm 
Nitrogen, Wt ppm 

Pour point, ac (On 
Dawarrdproducr propariiii: 

OAPI gravity 
Sulfur, wr ppm 
~ivogen.  wr ppm 
viscosity, ESL at LOD°C (ZL2'n 3.63 
Pour point, -C (OF) 



CHAPTER 8.6 
UOP UNISAR PROCESS FOR 

SATURATION OF AROMATICS 

H. W. Gowdy 
UOP 

Des Plaines, Nlinois 

INTRODUCTION 

The UOP* Unisar* process saturates the aromatics in naphtha, kerosene, and diesel 
feedstocks. The use of highly active noble-metal catalysts permits the reactions to take 
place at mild conditions. Because of the mild conditions and the very selective cata- 
lyst, the yields are high, and hydrogen consumption is largely limited to juSt the 
desired rcactionr. A total of 18 Unirar units have been licensed worldwide. 

Among the applications of the Unisar process are smoke-point improvement in air- 
craft turbine fuels, reduction of the aromatic content of solvent stocks to meet require- 
ments for air pollution control, production of cyclohenane from benzene, and cetane 
number improvement in diesel fuels. The Unisar process also produces low-aromatics 
diesel with excellent color and color stability. 

This process was first applied to upgrading solvent naphthas and turbine fuel. The 
first commercial Unisar plant, a unit processing 250,000 metric tons per year (MTA) 
L6000 barrels per stream day (BPSD)] was built in Beaumont, Texas, and went on- 
stream early in 1969. It was designed to saturate the aromatics in untreated straight- 
run solvent naphtha containing 100 wt ppm sulfur. The aromatics were reduced from 
15 to 1.0 "01 %.The first catzlylyst cycle lasted more than 8 years. Another of the early 
plants war started up at Unocal's Sun Francisco Refinery in 1971. This unit, which 
processes 600,000 MTA (14,500 BPSD), reduces the aromatics in hydrocracked tur- 
bine stock from 30 wt % to less than 4 wt %. During a test at the latter unit. the aro- 
matics were reduced from 29 wt % to less than 0.1 wt %. 

'Trademark mndior service m u k  of UOP. 

8.55 



HYDROTREATING UOP UNISAR PROCESS FOR SATURATION OF AROMATICS 8.57 

APPLICATION TO DIESEL FUELS 

I,, the 1990s, the need to increase the cetane number of diesel fuel has grown. 
~~~~~~~i~~ the eetane number improves engine performance and decreases emissions. 
cetane number is a strong function of hydrocarbon type and number of carbon atoms. 
~i~~~~ 8.6.1 "umber versus number of carbon atoms for campounds in the 
diesel boiling range.  he graph shows that normal paraffins have the highest Cetane 
number, which increases with chain length. Isoparaffins and mononaphthenes with 
side are intermediate in cetane number, and polynaphthenes and polyaromatics 
have the lowest cetane numbers. 

~h~ of aromatics in diesel-range feeds Leads to an increase in cetane 
number ( ~ i ~ .  8.6.2). However, whether this reaction alone is sufficient to reach cetane 

near 50, as required in some European countries, depends on the overall 
distribution in each feed. One version of the advanced Unisar catalyst CetaneNumber 

described later in this ~bapter has built into it some hydrocracking activity to Promote FIGURE 8.6.2 Typical aromrrics-celane relaiionship. 
naphthenic ring opening and upgrade these low-cetane feedstocks. 

~h~~~ diese~-runge feeds typically have substantially higher boiling paints and 
much higher levels of nitrogen and sulfur than the lighter kerosene and Solvent feed- hydrotreating and aromatics-saturation stages has been developed so that low-sulfur, 
stocks for which the original Unisar process was developed. high-cetane diesel fuels can be efficiently produced. 

~h~ original noble-metal catalysts used for the Unisar pmcess have limited toler- 
to the nitrogen and sulfur contaminants in diesel-range feeds. Thus, new Catalysts 

haye been developed to effectively treat these mare difficult feeds. In addition. these 
feeds must be ~ ~ b ~ t a n t i a l l y  hydrotreated to remove sulfur and nitrogen before they can PROCESS DESCRIPTION 
be treated ~ i t h  the noble-metal Unisar catalysts. A flow scheme that integrates the 

The UOP Unisar process is carried out at moderate temperatures and pressures over a 
fined catalyst bed in which aromatics are saturated in a hydrogen atmosphere. Enact 
process conditions vary, depending on the feedstock properties and the level of aro- 
matics desired in the pmduct. 

The primary reaction in the Unisar pmcess is the hydrogenation of aromatics. Other 
reactions that occur are hydrogenation of olefins, naphthenic ring opening, and 
removal of sulfur and nitrogen. At conditions that result in significant aromatics 
hydrogenation, olefins in the feed are completely hydrogenated. When the concentra- 
tions of sulfur and nitrogen in the feed are relatively high, the hydrogenation of ax- 
matics is severely limited until the concentrations of heterocompounds have been 
greatly reduced. 

The overall aromatics-saturation reaction rate increases with increases in aromatics 
concenwtion, hydrogen partial pressure, and temperature. The reaction rate decreases 
with increases in the concentration of sulfur and nitrogen compounds and the 
approach to equilibrium. At low temperatures, aromatics in the product are reduced by 
increasing the temperature. At these low temperatures, reaction kinetics control the 
aromatics conversion. However, as temperatures are further increased, a point is 
reached at which additional temperature increases actually increase aromatics in the 
product (Fig. 8.6.3). Above this temperature, the reverse dehydrogenation reaction has 
become dominant, and aromatics conversion is controlled by chemical reaction equi- 
librium. Thus, using highly active catalysts is important so that lower temperatures- 

No. af Carbon Atoms that is, temperatures that are farther from the equilibrium limitation-an be used. 
FIGURE 8.6.1 Celane number versus hydrocarbon Naphthalenc and tetralin have been used as a model to study the reaction mechu- 

"ism for saturation of diaiomatics with the U ~ i s a r  noble-metal catalyst. The saturation 
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The nitrogen and sulfur tolerance of the AS-250 catalyst was demonstrated in a 200- 
day pilot-plant stability text. The base feed far the study was a 382'C (720°F) endpoint 

Equilibrium Region heavy diesel hydiotreuted to 50 wt ppm sulfur and 20 wt ppm nitrogen. After more than 
a month on-stream, a feed containing 450 wt pm sulfur and 135 wt ppm nitrogen was 
fed to the unit for 24 hours, and then the base feed was returned to the unit. The AS- 
250 catalyst showed no permanent activity lass or increase in deactivation rate. 

Some hydrocracking activity has been built into the AS-250 catalyst to allow naph. 
thenic ring opening to upgrade law-cetane feedstocks. This catalyst delivers high dis- 
tillate yields, and the converted material is essentially all naphtha. 

Typical Process Conditions 

The Unisar reactor conditions depend on the feed properties and an the level of aromat- 

Reactor Temperature, 'C ics saturation required. Typical operating conditions for commercial Unisar units are 

FIGURE 8.6.3 Ternperalvre cffsct ol di i i i l  aromatiw ducii0". Space velocity: 1.0 to 5.0 vollvol . h 
Pressure range: 3500 to 8275 kPa (500 to 1200 lb/in2 gage) 

Recycle gas H, purity: 70 to 90 mol % 
of naphthalene to tetralin and of tetralin to decalin both fit first-order kinetics quite 

~ o w e v ~ r ,  when these rate constants were used together in a sequential mecha- Recycle gas rate: 3000 to 6000 standard cubic feet per barrel (SCFB) 

"ism in which naphthalene is saturated to tetralin and the tetralin is then saturated to Temperature range: 205 to 370°C (400 to 70O0F) 

decalin, the resultant calculated product distribution did not fit the distribution 
observed enperimentally. 

when the simultaneous saturation of both the naphthalene rings to yield decalin Unisar Process Flow 

directly is considered along with the saturation of each ring sequentially, the experi- 
mental yield distribution can be reproduced satisfactorily. Furthermore, the reaction A typical Unisar unit can he represented by the flow diagram shown in Fig. 8.6.4. 
leading to the simultaneous saturation of both rings of naphthalene to yield decalin Fresh feed to the unit is combined with recycle gas from the separator and with make- 

dirkctly without the intermediate formation of tetralin is significantly faster than the 
saturation of only one ring to yield the intermediate teualin. 

The Unisar catalyst study also showed that the overall rate of naphthalene satura- 
tion-that is, the sum of the rates of both saturation reactions-is approximately twice 
as fast as the saturation of teualin. This result conforms to the generally accepted con- 
cept that diaromatics undergo saturation more readily than monoaromatics. 

The Unisar catalysts are composed of noble metals on either an amorphous or molecu- 
lar-sieve support. 

The original AS-loo* catalyst was developed for kerosene and naphtha solvent 
hydrogenation. It is highly active and stable in this service. For example, the Unisar 
plant at the Unocal San Francisco refinery saturates aromatics in the kerosene cut 
from the hydrocracker to increase the smoke point. This catalyst was loaded in 1971. 
The original load is still in the reactors, and it has not been regenerated. 

The new AS-250 catalyst was specifically developed to treat diesel feedstocks. The 
catalyst has greatly improved tolerance to the organic sulfur and nitrogen compounds 
present in diesel-range feeds and much higher activity and stability when treating 
these feeds. The AS-250 catalyst is 65'C (150'F) more active that its predecessor. 
  his higher activity allows far a more economic Unionfming* design as a result of 
lower design pressure and higher space velocity. 

Water 
Trademad andioi scnicc ma* of UOP. FIGURE 8.6.4 Unirar or Unionfining ""it. 
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up hydrogen. The mixture of gas and feed is heated by exchange with reactor effluent Unionlining Unisar 
and by a fired heater before entering the reactor. In the reactor, aromatic compounds Reactor Reactor 
are hydrogenated to the corresponding naphthenes, olefins are hydrogenated to pard- 
fins, and any organic sulfur compounds are converted to hydrogen sulfide. 

Because these catalytic reactions are exothermic, the reactor is divided into multi- 
ple catalyst beds that have high-efficiency quench sections in between. In these 
quench sections, the gas and liquid reactants flowing from the tap bed are thoroughly 
mined with cold recycle hydrogen to reduce the temperature of the reacting mixture. 
Then this mixture is distributed over the top of the bed below the quench section. In 
this way, the temperature is kept in the range necessary for reaction but below the 
level at which thermodynamic limitations on the reaction rate would be significant. 

 he reactor effluent stream is initially cooled by heat exchange with the reactor 
feed and the,, by air before it enters the gas-liquid separator. The separator gas stream 
may be scrubbed with an amine solution to remove hydrogen sulfide before the gas is 
recompre~~ed to the reactor. The need for this scrubbing step depends on the amount 
of sulfur in the feed. 

The separator liquid flows to a stripping column, where any light ends are 
removed. The finished Unisvr product is withdrawn from the bottom of the stripper. 

FIGURE 8.6.5 Inlegrated Unianflning and unirarunit. 

In tegrated UnionfiningUnisar Process Flaw 

When the Unisvr process is used to saturate aromatics in feedstocks containing sub- 
stantial amounts of sulfur and nitrogen, the UOP Unionfining process is used first to 
remove ~ rgvn ic  sulfur and nitrogen compounds. Then the Unisar process is used to 
saturate the aromatics in the hydrotreated feed. 

TABLE 8.6.1 Typicd Applications 

The generalized flow diagram in Fig. 8.6.4 also represents the Unionfining process. Feedstock type Distillate Kerosene solventstock 
Because the Unionfining and Unisar flow diagrams are so similar, the total capital cost 
h u l d  be double that of the Unionfining plant if Unionfining and Unisar steps were Fecdsrock properties: 

done in separate plants. Far this reason, the two steps have been combined into the 'API gravity 31.8 41.3 63.7 

integrated Unionfining-Unisar process (Fig. 8.6.5). The integrated unit has no pressure Specific gravity 0.8358 0.8189 0.7249 

letdown between the Unionfining and Unisar reactors. Instead, the Unionfining efflu- 
Bailing range, OF (OC) 503-595 301-567 208-277 

ent flows to a stripper, where hydrogen sulfide and ammonia are stripped from the (261-313) (149397) (98.136) 

hydrotreated feed by hydrogen. This stripped material is then processed in the Unisar 
Sulfur, wt ppm 3150 340 <2 
Aromatics, "01 8 24.6 28.2 

reactor. 10.0 
C, + yields, vol 8 

The integration of these process steps minimizes required equipment, maximizes 
101.7 102.l 1017 

Product properiies: 
heat integration, and optimizes utilities. The total cost of this integrated design is just 'API gravify 39.0 43.0 
30 percent more than that of the original Unionfining plant. 

65.8 
Specific gravity 0.8299 0.8072 

Some refiners are faced with lower-sulfur regulations in the immediate future, but 
0.7173 

Sulfur, wt ppm C2 Nil 
new cetane and aromatics specifications are not expected to go into effect until a few 

Nil 
Total aromatics. vol % <L.O 3.0 <oS 

years later. Taking into consideration the return on investment over time and the tight Hydrogen consumption, SCFB 760 745 330 
availability of capital, the optimal solution for  these refiners is to build the 
Unionfining portion of the complex f i rs t  and add the  Unisar section later. 
Consequently, this design was also done so that the hydrogen stripper and Unisar 
stage can be easily added later. The Unionfining reactor, fired heater, and all the heat 

and separators in the initid Unionfining unit have the same size require- 
ments for both the Unionfining unit alone and the integrated Unionfining-Unirar unit. 

PROCESS APPLICATIONS 
tillate feed are reduced from 24.6 to less than I VOI 8. aromatics in the kerosene 
are reduced fmm 28.2 to 3.0 vol 96, and those in the solvent stock are reduced from 10 
to less than 0.5 vol %. 

A total of 18 Unisar units have been licensed worldwide. Some typical commercial An example of upgrading a. diesel stock by using the unisar process is shown in 
applications of the Unisar process are shown in Table 8.6.1. The aromatics in the dis- Table 8.6.2. The feedstack properties are shown in the first I,, this example, 
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TABLE 8.6.2 LC0 Upgrading with the Unionfiningi Unisai 
Process EXXON DIESEL OIL DEEP 

LC0 Feed Product 

'APl gravity 0.942 (18.7) 0.852 (34.6) 
DESULFURIZATION (DODD) 

Sulfur, wc % 
Nitrogen, ppm 
Hydrocarbon types: Sam Zaczepinski 

Paraffins Euon Reseorclt and Engineering Company 

~ ~ n o a r o m a t i c ~  Florham Park, New Jeney  
Diaromatics 
Triuomatics 
Heteiocompounds 

Cerane number 
Cetane index. D-976 

the feed is light cycle oil (LCO) from a fluid catalytic cracking unit (FCCU). The 
L C 0  has 69.9 wt % aramatics and a cetane number of less than 21. The second col- 
umn shows the results of using the integrated Unionfining-Unisar process to reduce 
the aromatics content down to low levels. The aromatics have been reduced to 4 wt %, 
and the cetane number has increased to 44.4. 

TECHNICAL BACKGROUND OF DODD 

Hydrotreating on a variety of feedstocks has been practiced far many years, and 
Exron Research and Engineering (ER&E) has generated several technologies which 
have bcen applied commercially on a very wide scale. Among these, ER&E developed 
Hydrofining for treating naphthas and distillate boiling range materials and, recently, 
has extended its technology to remove sulfur to very low levels. This technology is 
named Diesel Oil Deep Desulfurization (DODD). 

This chapter reviews Distillate Hydrofining and deep desulfurization, then summa- 
rizes the application opportunities for Distillate Hydrofining and presents some of the 
unique features of Exxon Research and Engineering's technology. Distil late 
Hydrofining is usually practiced to accomplish the desulfurization of heating and 
diesel oils to meet product sulfur specifications. Other reasons are to improve color 
and sediment stability. In special applications, the technology can be practiced to satu- 
rate aromatics in jet fuels, thereby producing a very high quality jet fuel, or to 
improve the cetane number of distillate materials. 

HYDROFINING CHARACTERISTICS 

One feature of Exxon Research and Engineering's technology is i ts ability to  
hydrotreat processed (e.g., catalytically or thermally cracked) feedstocks. On the basis 
of experience with this technology, ER&E is able to practice Hydrofining at low pres- 
sures. Thus, efficient hydrogen utilization can be achieved within an overall refinery 
content. ER&E also has the know-how to manage the catalyst systems to achieve long 
run lengths with high catalyst activity. This contributes to the exceptionally high ser- 
vice facton of ER&E-designed Hydrofining units. 

8.63 
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The following summarizes the commercial experience of E r r o n  Research and TABLE 8.7.1 Process Parameters for DODD 
Engineering's Distillate Hydrofining technology. Over 100 units have been construct- 
ed. The oldest units have been in service far over 40 years. ER&Edesigned units have Cycle average 
over 2 million barrels per stream day (BPSD) of installed capacity, with licensed units Feed rare, of 1.3 wt % S gaa ail 75/28 virgirdcracked stock is kBlSD (99 m3/h) 
rnpresenting over 25 percent of the total capacity. Units range in size from just over I operating conditions: 
kBPSD to 83 B P S D .  Of particular note, over 30 units process feeds containing ther- Average reactor temperature OF (DC) <650 (343) 

Average reactor pressure, lb/ini (bar) gage <600 (41.4) 
Treat gas system Rccyde 
Makeup gas. SCFB [(N) m3/m3] 330 [56] 
Chem. H, conrump.. SCFB [(N)m3/m4 230 [39] 
Runlcngrh, years >2 

Yields: 
"ace, the treat gas recycle gas circuit, and the product fractionation system. Product Wild naphtha, kHPSD (m'lh) 0.9 (6) 

 parati ti on is typically carried out in a staged manner with hot and cold separation sulfur, wr ppm 10 
=head of the product stripper. Naphtha is produced from the stripper overhead, while Distillate, kBPSD (m'ih) 14.1 (93.4) 

the main product is hydrotreated distillate material from the bottom of the stripper. Sulfur, wtppm <so0 

Table 8 .71  provider process parameters (operating conditions, yields, utilities, 
Utilities 

investments) for a 15 kBPSD DODD unit. The investment is the direct material and Steam at 125 lb/ini (8.6 bar) gage. klbh (metric ton&) 6.3 (2.9) 
power, kW 

labor costs for the equipment shown in Fig. 8.71. 
610 

Cooling and pmcess water, gaVmin (m3ih) 
From the preceding discussion, it is apparent that Distillate Hydrofining technolo- 

450 (102) 
Fuel fred, LO6 Btulh (MW) 

gy is established technology. Recently there have been increased restrictions on the 
25 (7.3) 

Catalyst cost, 1000 Slyear 140 
of distillateldiesel products. In the United States, regulations are now in effect Investment, direct marenal and labor,* million $ 9.3 

limiting the sulfur level of diesel fuel used on U.S. highways to 500 wt ppm or 0.05 
wt %. There are also limits on the amount of aromatics that can be contained in diesel. S4th avanir 1991, US. Gulfcoarr 
Alternatively, this regulatory objective can be achieved by requiring a minimum Nolr: SCFIH = standard cubic feel par bnmsl: (N) = grrndard icmpciaturr and pressure, 

cetane index. In particular, California has legislation limiting diesel aromatics to 10 
- 

The tight regulations are not unique to the United States. In Europe, the sulfur level 
in automotive diesel oil (ADO) will be limited to 500 wt ppm in the 1995-1996 time 
frame. Japan has regulations in place to limit ADO sulfur to 500 wt ppm by1997. 
Canada is expected to adopt U.S. regulations soon. Further, there are indications of 
extending regulations ta aff-road diesel fuels as well as further restricting sulfur levels 
and diesel aromatics. 

DODD TECHNOLOGY 

With tight regulations getting tighter, ER&E's response has been to develop Diesel 
Oil Deep Desulfurization. The fechnology is  aimed a t  achieving 0.05 wt % product 
sulfur easily. The technology has been commercially demonstrated at a number of 
locations, including the United States, Europe, and Japan. The technology is based an 
extensive pilot plant work that backs up commercial designs. One particular aspect of 
Diesel Oil Deep Desulfurization is the importance of getting a good characterization 
of the feed. ER&E's research characterizes the treatability of the various sulfur 
species in middle distillates. For the units designed and started up by ER&E, all prod- 
uct specifications have been achieved. In addition to product sulfur level, tight resuic- 
tions on product color have bepn met. Because of its extensive research and commer- 
cial experience, ER&E is  often able to apply Diesel Oil Deep Desulfurization 

FIGURE 8.7.1 Typical flow diagramdirtillate hydioFming unit. technology without pilot plant work. 
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DODD TECHNOLOGY DATABASE 

The sulfur of diesel fuels is receiving increased atfention since sulfur has been identi- 
fied as a contributor to particulate emissions for diesel engines. At the lower sulfur 
levels (0.05 wt % sulfur in the United States versus 0.1 to 0.5 wt % previously), a new 
realm of desulfurization chemistry is encountered in which the hardest-to-react sulfur 
species are controlling. Figure 8.7.2 shows the relative reaction rates (or ease of 
removal) of various kinds of sulfur-containing molecules. At the 500 ppm sulfur level, 
the most difficult species on the right will have to be removed. 

ER&E's research provides data on the different sulfur species that exist and their 
distribution in distillate material. With this knowledge, ER&E has taken advantage of 
new higher-performing catalysts to achieve desired product sulfur levels. 

Early correlations of product sulfur level versus residence time, a key process para- 
meter, were developed when desired product sulfur levels were typically in the range 
of 0.1 to 0.5 wt % (1000 to 5000 wt ppm). These correlations broke dawn when 
extended to very low (e.g., 500 wt ppm) product sulfur levels. 

As shown in Fig. 8.7.3, the early correlations underpredicted the residence time 
required to achieve sulfur targets that are currently mandated. Data have now been 
obtained and are used in engineering work that properly reflect the residence time that RESIDENCE TIME 
is required to achieve very low product sulfur levels. 

Exxon Research and Engineering has developed an extensive database on deep 
desulfurization of distillate mate.terials. Distillates have been tested at over 400 condi- 

- 
FIGURE 8.7.3 Deep hydrodesulfvrization pilot plant data improved prcdicrionr of residence 

tions. A wide range of feedstocks has been treated, bath light and heavy virgin materi- 
als as well as catalytically and thermally cracked stocks. The sulfur types in the feeds 
vary as do the nitrogen and aromatic contents. Extensive process parameter studies 
have been conducted. The ranges of conditions considered are 75 to 900 lblin2 abs (5.2 
to 62.1 bar abs) H,, 600 to 800'F (316 to 427'C), and 0.2 to 6.0 liquid hourly space TABLE 8.7.2 Commercial HDS Units Designed by ER&E to Run in DODD Mode 
velocity (LHSV). 

In addition, treat gas effects and nitrogen effects have been evaluated. Finally, Feed rate 
long-term pilot plant work has been done so that catalyst deactivation can be charac- %cracked wt % S wt 46 S 

terized. The database provides improved parameters for engineering work required for 
Unit Lacation kBPSD m31h feed in feed in product 

a commercial unit. Finally, the database has been regressed to provide a fundmental 1 Europc 32.0 212 0 0.80 0.05 
model for deep desulfurization. 2 SouthAmerica 7.5 50 80 0.11 <0.01 

Table 8.7.2 summarizes the experience of seventeen Erxan affiliate hydrodesulfur- 3 Nonh America 3.0 20 40 1.83 0.03 
izatian (HDS) units designed by ER&E to operate in the DODD mode. As shown in 4 Europe 16.6 110 55 0.80 0.04 

5 Far East 30.0 199 10 0.70 0.05 
6 FmBasf 23.0 152 10 0.67 0.05 

REMOVAk EASY HARD HARDEST 
7 NotthAmetica 10.0 66 100 1.65 0.04 
8 NorthAmerica 35.0 232 46 1.05 0.05 
9 Nonh America 38.0 252 0 1.18 0.05 

10 North America 12.5 83 0 0.20 0.02 
I1 North America 6.0 40 LW 2.00 0.05 
12 North America 12.0 80 0 1.00 0.04 
13 North America 7.4 49 0 0.82 0.04 
14 North America 6.7 44 100 2.2 0.05 
15 North America 15.0 99 15 0.50 0.04 
16 North America 28.0 186 50 1.43 0.05 
17 Far East' 33.0 146 0 1.40 0.05 

'Underronsauctian. 
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increased by further processing the BenSat product in an isomerization unit, such as a 
UOP Penen unit (see Chap. 9.3). 

PROCESS FLOW 

The BenSat process flow is shown in Fig. 9.1.4. The liquid feed stream is pumped to 
the feed-effluent exchanger and to a preheater, which is used only during start-up. 
Once the unit is on-line, the heat of reaction provides the required heat input to the 
feed via the feed-effluent exchanger. Makeup hydrogen is combined with the liquid 
feed, and flow continues into the reactor. The reactor effluent is exchanged against 
fresh feed and then rent to a stabilizer for removal of light ends. 

FIGURE 9.1.2 Prefrastionaiion oplionr. 

CATALYST AND CHEMISTRY 

+ lsomerllatlon Saturating benzene with hydrogen is a common practice in the chemical industry far 
the production of cyclohexane. Three moles of hydrogen are required for each mole of 
benzene saturated. The saturation reaction is highly exothermic: the heat of reaction is 

4 BenSal Saturation 
1100 Btu per pound of benzene saturated. Because the benzene-cyclohexane equilibri- 
um is strongly influenced by temperature and pressure, reaction conditions must be 
chosen carefully. 

The UOP BenSat process uses a commercially proven noble metal catalyst, which 
4 Allrymax Nblauon has been used for many years for the production of petrochemical-grade cyclohexane. 

The catalyst is selective and has no measurable side reactions. Because no cracking 
occurs, no appreciable coke forms an the catalyst to reduce activity. Sulfur contains- - Carom Extracum tion in the feed reduces catalyst activity, but the effect is not permanent. Catalyst 
activity recovers when the sulfur is removed from the system. 

Heavy Relormate 

FIGURE 9.1.3 Partfractionation options. 

PROCESS DISCUSSION 

The UOP* BenSat* process was developed to treat C,-C, feedstocks with high ben- 
zene levels. Because almost all the benzene is saturated to cyclohexane over a fined 
bed of catalyst, no measurable side reactions t&e place. Process conditions are moder- 
ate, and only a slight excess of hydrogen above the stoichiornettic Level is required. 
The high heat of reaction associated with b e n m e  samration is carefully managed to 
control the temperature rise across the reactor. Product yield is greater than 100 liquid 
volume percent (LV 8). given the volumetric expansion associated with saturating 
benzene and the lack of any yield losses from cracking to light ends. 

The product has a lower octane than the feed as a result of the conversion of the 
high-octane benzene into lower-octane cyclohexane. However, the octane can be  

Feed 

. ~ ~ ~ d ~ ~ ~ k  muor semice mark of UOP. FIGURE 9.1.4  ensa at proccir nor 
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CHAPTER 9.2 

FEEDSTOCK REQUIREMENTS 

Light straight-run naphthas must be hydratreated to remove sulfur. Light refarmates 

UOP BUTAMER PROCESS 
usually have very low sulfur contents, and so hydrotreating may not be required. Any 
olefins and any heavier aromatics, such us toluene, in the feed are also saturated. 
Table 91 .1  shawa typical feedstock sources and compositions. The makeup hydrogen 

Nelson A. Cusher 
can be of any reasonable purity and is usually provided by a catalytic reformer. UOP 

Des Ploines, Illinois 

COMMERCIAL EXPERIENCE 

Estimated erected costs include inside battery limits, U.S. Gulf Coast open-shop 
construction, third quarter 1995. The EEC consists of a materials and labor estimate; 
design, engineering, and contractor's fees; overheads; and expense allowance. The 
quoted EEC does not include such off-site expenses as cost and site preparation of 
land, power generation, electrical substations, off-site tankage, or marine terminals. 
The off-site costs vary widely with the location and existing infrastructure at the spe- 
cific site. In addition, off-site cost depends an the process unit. A summary of utility INTRODUCTION 

The first successful efforts in the research and development of catalytic systems for 
the isomerization of normal paraffins came in the early 1930s. The requirement for 
high-octane aviation gasoline during World War 11 accelerated the application of early 

, TABLE 9.1.1 Typical Feed Compositions, LV 40 isomerization research. Light olefinic hydrocarbons were available from the newly 
developed fluid catalytic cracking (FCC) process and from other mainly thermal oper- 

Light reformate ationr. These olefinic hydrocarbons could be alkylated with isobutane (iC,) to produce 
Component LSR Light cut Heartcut a high-octane gasoline blending component. However, the supply of isobutane.from 

straight-run sources and other refinery processing was insufficient, and a new source 
of supply had to be found. Isobutane produced from the new normal paraffin isomer- 
ization process met that need. 

The first commercial butane isomerization unit went on-stream in late 1941. By the 
end of the war, 38 plants were in operation in the United Stater and 5 in allied coun- 
tries for a total capacity of approximately 50,000 barrels per stream day (BPSD). Five 
principal isomerization processes, including one developed by UOP, were used in the 
United States. All were based on FriedelLCrafts chemistry and used aluminum chlo- 

~ o r r :  LSR = ught~~aight run. ride in some form. 
The wartime units fulfilled the needs of the time. However, despite many improve- 

ments, the units remained difficult and costly to operate. Corrosion rates were emes- 

TABLE 9.1.2 Utilities sive, plugging of catalyst beds and equipment was common, and catalyst consumption 
was high. The units were characterized by high maintenance and op~rating eortr and 

Eieclric, kW low on-stream efficiency. 
Medium-pressure steam, kglh (klbh) 7400 (16.3) The introduction of the UOP* Platforming' process in 1949 and the rapid spread of 
Condensate,* kglh Wblh) 7400 (16.3) such catalytic reforming over dual-functional catalysts in the 1950s served to focus 
Cooling water, m3h (gallmin) 119.5 (526) attention on the development of similar catalysts for paraffin isomerization. The term 

dual funcrionol refers to the hydrogenation and controlled-acidity components of a 
*Quantity wponrd. catalyst. Isomerization was known to be one of several reactions that occurred during 

Tradsmuk and/or sorvisc mark of "OF. 
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catalytic reforming, and so isolating this reaction for use with feeds that did not The usual rearrangement ensues: 
require any of the other reactions was a natural next step. 

Although the earlier of these dual-functional catalysts eliminated many of the 
shortcomings of the wartime aluminum chloride catalyst systems, they required rela- CH3 

tively high operating temperatures. At these temperatures, unfavorable equilibiiums I 
CH3- CH2-CH- CH3 - CH3- C - CH3 (9.2.3) 

limited per-pass conversion. Further research was conducted, and in 1959, UOP made + 
ayailable to the industry a butane isomerization process, the UOP Butamer* process, 

+ 
that used a highly active, low-temperature hydroisomerization catalyst capable of 
achieving butane conversion at temperature levels equivalent to the wartime Wedel- The isoolefin is then formed by the reverse analog of Eq. (9.2.2): 

Crafts systems without the attendant corrosion or sludge formations. Industry accep~ 

first commercial butane isomerization unit to use a low-temperature, dual-functional 
catalyst system, was placed an-stream on the United States West Coast. 

+ 

PROCESS DESCRIPTION The isoparaftin is finally created by hydrogenation: 

CH3 CH3 
I I (9.2.5) 

CH3-C=CH2 + HZ CH3-CH-CH3 
intermediates in the isomerization reaction. Even though the chloride is converted to 
hydrogen chloride, carbon steel construction is used successfully because of the dry 
environment. The process uses a high-activity, selective catalyst that promotes the 
desired conversion of normal butane (nC,) to isobutane at low temperature and, hence, 
at favorable equilibrium conditions. 

Regardless of the iC, content of the feed, the butane fraction leaving the unit con- 
PROCESS VARIABLES 

tains approximately 60 percent by volume of iC* Therefore, to obtain optimum plant 
The degree of isomerizatian that occurs in the Butamer process is influenced by the 
following process viriables. 

hydracracking to light ends or the hmat ion of heavy coproduct. Volumettic yield of 
iC, product based an an nC4 feed typically approximates slightly more than 100 percent. 

Reactor Temperature 

PROCESS CHEMISTRY The reactor temperature is the main process convol for the Butamer unit. An increase 
in temperature increases the iC, content of the product toward its equilibrium value 
and slightly increases cracking of the feed to propane and lighter. 

Isomerization by dual-functional catalysts is thought to operate through an olefin 
intermediate. The formation of this intermediate is catalyzed by the metallic compo- 
nent, which is assumed for this discussion to be platinum: 

Liquid Hourly Space Velocity lLHSVl 
n 

CH3-CHz-CH2-CH3 - CH3-CH2-CH=CH2 + H2 (9.2.1) An increase in LHSV tends to decrease the iC, in the product at a constant tempera- 
ture when other conditions remain the same. 

This reaction is, of course, reversible, and because these catalysts are used under sub- 
stantial hydrogen pressure, the equilibrium is far to the left. However, the acid func- 
tion (H'A - ) of the catalyst consumes the olefin to form a carbonium ion and thus 
permits more olefin to form despite the unfavorable equilibrium: Hydrogen-to-Hydrocarban Ratio lH,lHCI 

CH3-CH2-CH=CHz + r A -  - CH3-CH2-CH-CH3 + A- (9,2,2) The convenian of nC, to iC, is increased by reducing the H,MC ratio; however, the 
hydrogen effect is slight over the usual operating range. Significant capital savings do 
result when the H,/HC ratio is low enough to eliminate the recycle hydrogen compres- 
sor and product separator. UOP's standard (and patented) design calls for a H,MC 

fTrsdomark andlor rcnica mark 01 UOP. ratio of 0.03 molar and allows operation with once-through hydrogen. 
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The choice of a single-reactor or a two-reactor system depends on the particular 
situation and must be made by evaluating the advantages of essentially continuous 

pressure has no effect on equilibrium and only a minor influence an the conversion of operation and increased catalyst utilization against the expense of the somewhat more 
normal butane to isobutane. costly two-reactor installation. Both systems are commercially viable, and Butamer 

plants of both types are in operation. 

PROCESS CONTAMINANTS 
PROCESS FLOW SCHEME 

Water poisons the Butamer catalyst. A simple but effective molecular-sieve drying 
system is used on unit hydrocarbon and gas feeds. Sulfur is a temporary poison that The overall process-flow scheme for the Butamer system depends on the specific 
inhibits catalyst activity. The effect of sulfur entering the reaction system is to lower application. Feed streams of about 30 percent or more iC, are advantageously enriched 
the conversion per pass of normal bubne to isobutane. in nC, by charging the total feed to a deisobutanizer column. Feeds that are already 

Butamer catalyst exposed to sulfur essentially recovers ill original activity when rich in nC, are charged directly to the reactor section. A simplified flow scheme is 
the sulfur is eliminated from the feed. Also, the effect of sulfur on the Butamer system depicted in Fig. 9.2.1. An nC, concentrate, recovered as a deirabutanizer sidecut, is 
is minimal because the molecular-sieve feed dryers are also capable of economically directed to the reactor section, where it is combined with m&eup hydrogen, heated, 
removing this material from typical butane fractions. Should a potential feed of rela- and charged to the Butamer reactor. Reactor effluent is cooled and flows to a stabilizer 
tively high sulfur content be encountered, the bulk of this content would be mercaptan for removal of the small amount of light gas coproduct. Neither a recycle gas com- 
sulfur that is readily removed by simple caustic extraction, such as the UOP Merox* pressor nor a product separator is required because only a slight excess of hydrogen is 
process. The residual sulfur remaining after extraction would then be removed by the used over that required to support the conversion reaction. Stabilizer bottoms is 
feed-drying system of the molecular sieve. Another catalyst poison is fluoride, which returned to the deisobutattizer, where any iC, present in the total feed or produced in 
also d e ~ ~ ~ d e s  the molecular sieves used far drying. Butamer feeds derived from an HF the isomerizatian reactor is recovered overhead. Unconverted nC, is recycled to the 
alkylation unit contain such fluorides, which are removed by passing them over a hat reactor section by way of the deisobutanizer sidecut. The system is purged of pentane 
bed of alumina. and heavier hydrocarbons, which may be present in the feed, by withdrawing a small 

The proper design of simple feed-pretreatment facilities effectively controls conta- drag stream from the deisobutanizer bottoms. 
minants and minimizes catalyst consumption. The Butamer process may also be incorporated into the design of new alkylation 

plants or into the operation of existing alkylation units. For this type of application, 
the inherent capabilities of the iC, fractionation facilities in the alkylation unit may be 

IS~MERIZATION REACTORS 
used to prepare a suitable Butamer feed with a high nC, content and to recover uncan- 
verted nC, for recycle. 

The major historical use of the Butamer process has been the production of iC, for 
One characteristic of the Butamer process is that catalyst deactivation begins at the the conversion of C, and C, refinery olefins to high-octane alkylate. A morerecent 

cy is avoided by installing two reactors in series. Each reactor contains 50 percent of 
the total ~equired catalyst. Piping and valving are arranged to permit isolation of the 
reactor containing the spent catalyst while the second reactor remains in operation. 
After the spent catalyst has been replaced, the relative processing positions of the two 
reactors are reversed. During the short time when one reactor ir off-line for catalyst 
replacement, the second reactor is fully capable of maintaining continuous operation 
at design throughput, yield, and conversion. Thus, run length is contingent only on the 
scheduling of shutdown for normal inspection and maintenance. 

In addition to the advantages associated with manimizing on-stream efficiency, a 
two-reactor system effectively reduces catalyst consumption. Reactors are typically 
sized so that by the time approximately 75 percent of the total catalyst bed is spent, 
isomeriration decreases to an unacceptable level, and some catalyst replacement is 
needed. In a single-reactor unit, 25 percent of the original catalyst load, although still 
active, is discarded when the reactor is unloaded. In a two-reactor system, no active 
catalyst need be discarded because 50 percent replacement is made when catalyst in 
the first reactor has been spent. Catalyst utilization is thus 100 percent. 

Tradcma*andlorrervice m k o f  UOP. FIGURE 9.2.1 UOP Bvlarner pmcesr. 





CHAPTER 9.3 
UOP PENEX PROCESS 

Nelson A. Cusher 
UOP 

Des Ploines, Illinois 

INTRODUCTION 

A component of refinery gasoline pools that frequently offers the best oppormnity for 
quality improvement is the pentane-herane fraction, or light stmight-run (LSR) naph- 
tha. The LSR is characterized by a low octane number, ordinarily 60 to 70 research 
octane number (RON), dear. Historically, this fraction, which constitutes approxi- 
mately 10 percent of a typical gasoline eool in the United States and often s higher 
percentage in Europe, has been blended directly into gasoline wiUlaut additional pro- 
cessing except perhaps treating for mereaptan removal. The low octane rating could be 
increased by approximately 16 to 18 numbers because of its excellent lead susceptibil- 
ity. The low octane placed the C,-C, straight rhn in the position of being that segment 
of the gasoline pool helped most by the addition of lead and Least in need of upgrading 
by processing. 

As the petroleum industry moved toward the marketing of motor fuels with 
reduced or zero lead levels, accommodating the LSR in the gasoline pool became 
increasingly difficult. The oonversion of these C, and C, paraffins to the correspond- 
ing branched isomers ta increase their RON, clear, octane number was recognized as a 
logical and necessary step. One option that UOP' offers to accomplish this upgraiing 
is the Penen* process, which uses a highly active, low-temperature hydroisometiza- 
tion catalyst. The reliability of this catalyst has been commercially demonstrated since 
1959 in butane isomerization (UOP Butamer* pmcess) and since 1969 in C,-C, iro- 
metieation. 

As a result of U.S. refonulated gasoline legislation for benzene reduction during 
the 1990s. a variation of the UOP Penen process is being used to saturate all the ben- 
zene in the LSR cut and boast the octane of this gasoline fraction. 

*Tradcmark mn6lorlervii i i k  of UOP. 
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PROCESS DISCUSSION 

equilibrium at the operating temperature. 
wi th  c paraffins, interconversion of normal pentane and isopentane occurs. The 

~ , . ~ ~ ~ ~ f f i ~ i ~ ~ ~ e n ~ ~ t i ~ ~  is somewhat more complex. Because the formation of 2- and FIGURE 9.3.1 UOP Pmsr process. 
3.methylpentane and 2.3-dimethylbutane is limited by equilibrium, the net reaction 
involves the conversion of normal henane to 2,Z-dimethylbutane. All the feed 
benzene is hydrogenated to cyclohexane, aod a thermodynamic equilibrium is estab- 
lished between methylcyclopentnne and cyelohenune. The octane rating shows an The reactor effluent is cooled before entering the product stabilizer. In newer 

appreciation of some 14 numbers. Penex designs, both the recycle gas compressor and the product separator have been 
eliminated. Only a slight excess of hydrogen above chemical consumption is used. 
The makeup hydrogen, which can be of any reasonable purity, is typically provided by 
a catalytic reformer. The stabilizer averhead vapors are caustic scrubbed for removal 

PROCESS FLOW of the HCI formed from organic chloride added to the reactor feed to maintain catalyst 
activity. After scrubbing, the overhead gas then flows to fuel. The stabilized, isomer- 

AS L a w n  in Fig. 9.3.1, light naphtha feed is charged to one of the two dryer vessels. ized liquid product from the bottom of the column then passes to gasoline blending. 
mese vessels are filled with molecular sieves, which remove water and protect the Alternatively, the stabilizer bottoms can be separated into normal and isoparaffin 
catalyst.  he feed is heat-exchanged against reactor effluent before entering a charge components by fractionation or molecular-sieve separation or a combination of the 
heater. It then mines with makeup hydrogen before entering the reactors. Two reactors two methods to obtain recycle of the normal paraffins and low-octane methylpentanes 

(MeCJ. Product octanes in the range of 87 to 92 RON, clear, can be achieved by 
normally operate in series. seleetlng one of the various possible schemes. 

The least capital-intensive recycle flow scheme is achieved by combining the 
Penen process with a deisohenanizet column. The deisohenanizer column concentrates 

TABLE 9.3.1 Typical C,-C, Chargestock and Product Compositions the low-octane methylpentanes into the sidecut stream. This sidecut stream combines 

percent of total Chargerrack Producl with the fresh feed before entering the Penen reactor. The deisoheranizer column 
overhead, which is primarily isopentane, 2.2-dimethylbutane, and 2.3-dimethylbutane, 
is recovered far gasoline blending. A small bottoms drag stream, consisting of C6 
naphthenes and C,'s, is also removed from the deisohenanizer column and used for 
gasoline blending or as reformer feed. 

An efficient recycle operation is obtained by combining the Penex process with the 
UOP Molen* process, which uses molecular sieves to separate the stabilized Penex 

2.3-dimethylbutane product into a high-octane isoparaffin stream and a low-octane normal paraffin 
Melhylpenranes stream. In this system, fresh feed together with the recovered low-octane normal 

paraffin stream is charged to the Penen unit. The isomerized product is denormalized 
in the Molex unit and recovered for gasoline blending. 

Many configurations of separation equipment are possible, as shown in Fig. 9.3.2. 
Cyclohcxnne 
~enrene 

The optimum arrangement depends on the specific chargestock composition and the 

Unleaded octane numbers: 
required product octane number. 

Research 
*Tcad~mrrk andior rmmice mark olUOP. 
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isomerize the feed for an overall octane increase. Each reactor is operated at condi- 
tions that favor the intended reactions far maximum conversion. 

UOP also offers the BenSat;' process. This process is similar to the first reactor 
section of a Penex-Plus unit. Benzene is saturated to cyclohenane with no side reac- 
tions. A significant volumetric increase occurs with the BenSat process. 

PROCESS APPLICATIONS 

MeCI and nCs Recycle Option 
As mentioned earlier, the primary purpose of the Penex process is to improve the 
octane of LSR naphtha. The octane levels for a typical straight-run C5-C6 stack are 
characteristic of the various operating modes (Table 9.3.2). 

If the required octane number can be met by recycle of the methylpentanes, the 
refiner probably would choose fractionation for capital reasons. Where the cost of util- 
ities is high, the refiner might choose a Molex unit, which would separate both nC, 
and nC, for recycle. The utility cost would be lower for separating both of these in a 
Molex unit than it would be for separating the methylpentanes by fractionation, and 
the refiner would achieve a higher RON. 

Separation and recycle during paraffin isomerization are not new. Such options 
have been installed on many of the isomerization units in operation since the late 

nCg andnCg Recyclevla UOP Mole. OPtlon 1980s. This change is aresponse to lead phaseout and benzene reduction in gasoline. 
The effect of lead elimination on the LSR portion of gasoline can be seen in 

Table 9.3.3. The octane improvement brought about by modern isomerization tech- 
\ niques can be broken down further. The C, portion of the straight run is about 55 RON, 

clear, and this number is increased to 80 and 93 by once-through and recycle isomeriea- 
tion, respectively. The corresponding figures for Ule C, fraction are 75.86, and 93. 

TABLE 9.3.2 Typicrl Feed and Product Octane 

Charge 69 
Product 

Option 1: no recycle 83 
Option 2: recycle of 2- and 3-MeC,+nC, 88 

"C,, nCr and MeCr Recycle Option Option 3: recycle of nC,+nC, 89 
Option 4: recycle of nC,+nC,+Z- and 3-MeC, 92 

FIGURE 9.3.2 Penex standard flow OptiOons. 
Note: RON = rcieuch octane numhcr. 

10 addition to increasing octane, another benefit of all Penex-based flow schemes is TABLE 9.3.3 Lead Sureepfibilitiei 
the saturation of all benzene to cyclohenane. This aspect is particularly important to 
refiners who want to reduce the level of benzene in their gasoline pool. Octane number 

Some feedstocks, such as light refomate, can contain high levels of benzene. r he 
performance of the Penex process can be compromised when processing these feed- RON + 0.6 g 

stocks because benzene hydrogenation is a highly exothermic reaction. The heat gen- RON, clear teenethyl lea& 

crated by the benzene hydrogenation reaction can cause the reactors to operate at con- , U.S. gasoline pool 89 96 
ditions that are less favorable for octane upgrading. Far these applicati?ns, UOP offers Straight-mn penfanbhexanc: 
the Penex-Plus* process, which includes two reactor sections. The firsi section is  Without isamerization 68-70 86-87 
designed to saturate the benzene to cyclohexane. The second section is designed to Once-hughisomerirarion 83-84 96-97 

Isomerired with maximum 92-93 101-103 
'ecycle 

~Tradcmrrk andlor rrrvis~ mark ofUOP. 
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l h e  important figures, however, are the lead susceptibilities, or the difference + 
between leaded and unleaded octane numbers. As shown in Table 9.3.3, the suscepti- CH3-CH2 - CH = CH2 + [H'I LA-] - CH3- CH2 - CH - CH3 + A 
bility of the entire pool is 7 RONs and that of the C,-C, fraction is 17 to 18. These fig- 
ures show the principal reason why no one war interested in C,-C, isomerization prior Through the formation of the carbonium ion, the olefin product is removed, and equi- 
to the  oddw wide movement toward lead elimination. 

l h e  data show that once-through isometization almost compensates for lead elimi- librium is allowed to proceed. The carbonium ion in the second reaction undergoes 
nation in the LSR fraction and recycle isomerization more than makes up for it. To skeletal isomerization, probably through a cycloalkyl intermediate: 
laor at the figures another way, in a typical gasoline ~ o o l  containing 10 percent LSR C CH3 
naphtha, iromerization provides a way of increasing the RON by 2 or more num- 

CH3 + /H+\/ I (9.3.3) 
bers with essentially no yield loss. CH3-CH2-CH-CH3 - C -  C - CH3-C-CH3 

c aromatics con- Reformulated gasoline legislation in the United States is limitin, + 
centrations in gasoline. Similar legislation is being enacted or is under consideration 
in other parts of the world. This limitation on the aromaticity of gasoline further This reaction proceeds with difficulty because it requires the formation of a primary 
enhancer the importance of high-octane aliphatic components such as alkylate and iso- carbonium ion at some point in the reaction. Nevertheless, the strong acidity of the 

isomerization catalyst provides enough driving force for the reaction to proceed at 
high rates. The isoparaffinic carbonium ion is then converted to an alefin through loss 
of a protan to the catalyst site: 

THERMODYNAMIC EQUILIBRIUM (9.3.4) 
CONSIDERATIONS, 
CATALYSTS, AND CHEMISTRY + + 

In the last step, the isoolefin intermediate is hydrogenated rapidly back to the analo- 
paraffin-isometizatition catalysts fall mainly into two principal categories: those based gous isoparaffin: 
on Friedel-Crafts catalysts as classically typified by aluminum chloride and hydrogen 
chloride and dual-functional hydroisametization catalysts. CH3 

I 
CH3 

The Miedel-Crafts catalysts represented a first-generation system. Although they I (9.3.5) 
permitted operation at low temperature, and thus a more favorable isomerization equi- CH3-C=CH2 + HZ - CH3-CH-CH3 
librium, they lost favor because these systems were uneconomical and difficult to 
 grate. High catalyst consumption and a relatively short life resulted in high mainte- Equilibrium limits the maximum conversion possible at any given set of conditions. 
nance costs and a low on-sueam efficiency. This maximum is a strong function of the temperature at which the conversion taker 

These ~roblems were solved with the development of second-generation dual-func- place. A more favorable equilibrium exists at lower temperatures. 

tianal hydroisometization catalysts, These catalysts included a metallic hydrogenation Figure 9.3.3 shows the equilibrium plot for the pentnne system. The maximum 

in the catalyst and operated in a hydrogen environment. However, they had isopentane content increases from 64 mol % at 260°C to 82 mol 9% at 120'C (248"~)  
the drawback of requiting a higher operating temperature than the Friedel-Crafts systems. Neopentane and cyclopentane have been ignored because they seem to occui only in 

The desire to operate at lower temperatures, at which the thermodynamic equilibti- small quantities and are not formed under isomerizarion conditions. 

um is more favorable, dictated the development of third-generation catalysts. The The henane equilibrium crirve shown in Fig. 9.3.4 is somewhat more complex than 

advantage of these low-temperature [below 200°C (392"F)I catalysts conuibuted to that shown in Fig. 9.3.3. The methylpentanes have been combined because they have 
the relative nonuse of the high-temperature versions. Typically, these nable-metal, nearly the same octane rating. The methylpentvne content in the C,-paraffin fraction 
fixed-bed catalysts contain a component to ~ rov ide  high catalytic activity. They oper- remains nearly constant over the entire temperature range. Similarly, the fraction of 

ate in a hydrogen environment and employ a promoter. Because hydrocracking of 2.3-dimethylbutane is almosr constant a t  about 9 mol % of the C, paraffins. 
light gases is slight, liquid yields are high. The first of there catalysts was commer- Theoretically. as the temperature is reduced, 2.2-dimethylbutane can bC formed at the 

eialized in 1959 in the UOP Butamer process for butane isometization. expense of normal herane. This reaction is highly desirable because nC6 has a RON of 
An improved version of these third-generation catalysts is used in the Penen 30. The RON of 2,2-dimethylbutane is 93. 

process. Paraffin isometization is most effectively catalyzed by a dual-function cata- Of course, the petroleum refiner is more interested in octane ratings than isomer 
lyst ~ontaining a noble metal and an acid function. The reaction is believed to proceed distributions. Figure 9.3.5 shows the unleaded research octane ratings of equilibrium 
through an olefin intermediate that is formed by the dehydrogenation of the paraffin mixtures plotted against the temperature characteristic of that equilibrium for u typical 
on the metal site. The following reactions use butane for simplicity: chargestock. Both the C, and the C, paraffins show an increase in octane ratings as the 

temperature is reduced. 
pr Because equilibrium imposes a definite upper limit on the amount of desirable 

CH3-CH2-CH2-CH3 - CH3-CH2-CH=CHz + Hz (9.3.1) branched isomers that can exist in the reactor product, operating temperatures are 
thought to provide a simple basis far catalyst comparison or classification.   ow ever, 

The equilibrium conversion of paraffin is low at paraffin isomerization conditions. temperature is only an approximate comparison that at best can discard a catalyst 
However, sufficient olefin must be present to convert a carbonium ion by the strong whose activity is sa low that it might be operated at an unfavorably high temperature. 

Further, two catalysts that operate in the same general low-temperature range may dif- 
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TABLE 9.3.7 Typical Pcncn Estimated Investment Cosrs 

Once-through, Penoideisoheranizcr. Penex-Molex, 
million $ U.S. mi11ian$ US.  million $ U.S. 

Material and labor 5.1 10.5 15.9 
Design, engineering, and 

C O ~ ~ T ~ C ~ O T ' S  cxpcnses 2.4 3.8 5.5 
Total estimated erected 

cost of ISBL unit 8.1 14.3 21.4 

No(r: ISBL = inzidc battery limits: baris = 10.000 BPD. 

TABLE 9.3.8 Typical Penex Estimated Utility Requirements* 

options 

Penex penex- 
once-through deisohexanizer Molex 

Elecwic power, kW 375 915 830 
~edium-pressure seam usage 9.4 (20.8) 12.0 (26.4) 9.6 (21.2) 

(to condenratc), LOO0 k g h  (klbh) 
Low-pressure steam usage - 24.2 (53.4) 13.4 (29.6) 
(to condensate). 1000 k g h  (klblh) 

Cooling water, m3ih (gaVmin1 136 (600) 262 (1153) 211 (1220) 

'Baiii: I0,OOOBPD. 

TABLE 9.3.9 Typical Penu Estimated Operating Requirements* 

o n c e  penen- 
through, deisoheranizer, Penex-Mohx, 

million $ U.S. million $ U.S. million $ U.S. 

initial catalyst, adsorbent, and noble 4.12 4.48 4.79 
metal inventory 

Annual catalyst and adsorbent cosrs 0.54 0.59 0.60 
Annual chemical cost 0.08 0.09 0.09 
cafalyst and chemical operating cost, Smbl 0.19 0.21 0.21 
Number of operators 1.5 2.5 2.5 

.Basis: 1O.OW BPD md 1991 pricer. 

9.26 



CHAPTER 9.4 

4 INTRODUCTION 

libn technology is the best choice. 

noloev continues to be imoortant in view of current U.S. lexislation on reformulated 

. . 
Th-oogh (0-T) Zeditic Is~m~izaIion pmess (fmm~lly known as the Sbell Hysnmu 
process). The process scheme is similar to that of a simple hydratreater, as shown in 

a 'Trademark andior IEwln mark of UOP 
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Makeup hydrogen for the O-T Zeolitic Isomerization process can be reformer net TABLE 9.4.4 Typical Estimated Performance, O-T Zeolific Bomciization Unit, 10.000 
gas. If the reformer supplying the hydrogen is a low-pressure unit, a small makeup BPD 
compressor is required. For a O-T Zeolitic lsomerization unit processing 5000 barrels 
per day (BPD) of feed, hydrogen makeup is typically about 500,000 standard cubic Component Fresh feed to reactor product 

feet per day (SCFIday). Hydrogen consumption, m3/h (1000 SCF1da.y) 2018 (1710) - 

Light gas yield. m3/h (1000 SCFlday): 
Heaters and Heor Exchor~gers. Heat exchange equipment and heaters are usually - 333 (283) 
more than adequate. Interstage reheaters between reactors are not required because the - 180 (152) 
isomerizatian reaction is mildly exothermic. - 292 (248) 

C,+ streams, LV % on feed: 
Feed Pump. Because of differences in feed gravity, feed rate, vapor pressure, and 0.10 2.50 
possible net positive suction head (NPSH), a new feed pump may be required. 0.58 1.41 

16.84 30.39 
Stabilizer Syshrn. In the O-T Zeolitic Isomerizatian process, the amount of light 29.07 16.17 
ends produced is substantially less than in the reforming process. In any case, where a 1.69 1.24 
reformer has been converted to an O-T Zeolitic Isomerization unit, the stabilizer feed 0.51 8.26 
rate is higher even though the stabilizer overhead product is lower than in the reform- 2.3-dimethylbutane 1.93 3.74 
ing operation. The small amount of light ends plus a bottoms product with a higher 2-methylpenrane 12.08 14.43 
vapor pressure may dictate an increased rafluli rate or a column retray or both. 8.80 9.21 

19.35 8.24 
1.95 3.35 
3.41 0.96 

Commercial Information ~ e n z e n e  1.75 0.0 
1.94 

The need for a high-octane product to replace the octane lost with Lead phaseout and 0.97 - - 
benzene reduction in the gasoline pool has placed more emphasis on isomerization. As Total 100.00 100.87 
previously noted, the attractiveness of the O-T Zeolitic Isomerization process is that it 
can be adapted to an existing idle hydrotreater, catalytic reformer, or other hydropro- 0.659 0.648 
cessing unit with minimal investment. The actual time to modify a unit ranges from a 0.8 (10.8) 1.0 (14.2) 
few'days to a few weeks. 

RON, clear 68.1 79.5 
Commercial Instollotions. As of mid-1995, more  than 3 0  O-T Zeol i t ic  RON + 3 cm3 TEUU.S. gal 88.4 95.5 
Isomerizatian units have been commissioned to process 1000 ta 13,500 BPD of feed. MON, dear 66.4 77.6 
About half of these are eatalytie-reformer or hydrotreater conversions. One unit was MON + 3 cm3TEUU.S. gal 87.3 96.3 
assembled from assorted surplus refinery equipment. Of the conversions, one unit is 
arranged so that it can be operated as either a reformer or a O-T Zeolitic Isomerization NOL: BPD = baircls day: SCF - k t ;  RON = lDICilrh OF~LIOI ~ ~ ~ b ~ ~ :  

MON = motor octane numbcr; TEL = lerraedyl had: i = (so; n = normal. 
unit by switching a few spool pieces. 

The oldest of the converted units started up in 1970 in La Spezia, Italy. This unit 
was integrated with a catalytic reformer so that both units have a common recycle-gas feed and the octane number is increased by about 10 to 12, resulting in an isomerate 
compressor system, product-cooling train, and stabilizer section. Combinations of this quality of 77 to 80 RONC. 
sort often result in capital savings of 20 to 40 percent compared to stand-alone iromer- Usually no new major equipment is required when a reformer is converted to an O- 

izatian and reforming units. In 10 years of operation, the catalyst in the La Spezia unit T Zeolitic lsomerization unit of the same feed capaciry. Thus, the only costs are for 
was regenerated in  sit" four  times. Typical cycle  lengths for  O-T Zeolitic new piping and instrumentation, engineering, and a charge of O-T Zeolitic 
Isamerization units are 3 to 4 years. Isomerization catalyst. For a unit with a feed rate of 5000 BPD, capital costs will total 

$2.7 to $4.0 million. This amount is only about half of the cost of a grassroots installa- 

Typical Perfonnonce. Paraffin isomedzation is limited by thermodynamic equilibri- tion. Expected catalyst life is 10 to 15 years. 

um so that a once-through, or single-pass, isomerization reactor provides only partial 
conversion of the normal paraffins. In the reactor, CbC6 paraffins are isomerized to a 
near-equilibrium mixture, and aromatics become saturated to naphthenes, which, in TIP PROCESS 
t u n ,  are partially converted into paraffins. Olefins in the feed are sahlrated, and C,+ 
paraffins are mostly hydracracked to C, to C6 paraffins. General Description 

Tables 9.4.4 and 9.4.5 provide a summary of typical O-T Zeolitic Isomerization 
yields, product properties. conversion costs, utility requirements, and overall operat- Some refiners need more octane from the LSR naphtha fraction Ihan is possible from 
ing costs. Typical C,+ isomerate yield is 97 to 98 liquid volume percent (LV %) on the O-T Zeolitic Isomerization process. As previously noted, the TIP process com- 
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TABLE 9.4.5 O-T Zeolific lsomerizarian Conversion kononics and Performance* 

Total capital required. FlBPSD 
Utilities, per BPSD feed: 

Fuel consumed (90% efficiency), million kcalih (million Btulh) 
Water at 17-C rise, m3iday (gsl/min) 
Power, kwh 
Srenm at 10.5 kg/cm2 (I50 Ibiin' gage), saturated, kgih (lbih) 

Hydrogen consumption, mliday (SCFlh) 2.74.1 (4-9) 
Typical performance: 

Isomerate, RONC 
C5+ iromerate yield, LV % 
Catalyst expected life, years 

*Basis: Batlrry limits; US. Gulf Corn. 1995.4000-6000 BPSD. including new rrabilizcr. new pipiog 
and inrtrumentalion, eneineering, and catalyst. 

bines the O-T Zeolitic Isomerization process with UOP's naphtha IsoSiv process to 
yield an 87 to 90 RONC product, an improvement of approximately 20 numbers. The FIGURE 9.4.4 TIP flow scheme. 
TIP unit can be built grassroots, or a UOP IsoSiv unit can be added to an existing O-T 
Zeolitic lsomerization unit to convert it to a TIP unit. In this type of revamp, generally 
all existing equipment can be used. 

The TIP process uses adsorption technology to remove and recycle the unconverted 
normal paraffins. During the adsorption step, a shape-selective malecular sieve 
removes all the unconverted normal paraffins from the isomerate to allow the 
branched-chain isomers to pass through. These adsorbed normals are then desorbed by compressor through a heater and is then used as a purge gas to strip the normal paraf- 
stripping with recycle hydrogen and passed directly into the isomerieation reactor. fins previously adsorbed on the molecular-sieve adsorbent bed. The hydrogen plus 
Because the entire process is carried out in the vapor phase, utility requirements are desorbed normals is then mixed with the fresh feed upstream of the isomeriration 
Idw. The entire process operates at a constant low pressure. The presence of hydrogen reactor. The isomerizationsection and the adsorption section of a TIP unit share a 
during the desorption step prevents the buildup of coke on the adsorbent. Like the cut- common recycle hydrogen loop. 
alyst, the adsorbent can be regenerated in sit" if an upset condition causes coking. Feedstocks that contain an appreciable amount of heptanes or nonnarmal compo- 

nents use an alternative feed point (Fig. 9.4.4). The fresh feed enters the system just 
upstream of the adsorbers rather than at the isomerization reactor. This feed-entry 

Process Description of TIP point allows the nannormal components and isoheptaner to pass into the final isamer- 
ate product without first passing through the isomerization reactor, where some of the 

The TIP process is a constant-pressure vapor-phase process operating at a moderate heptanes are hydrocracked to liquefied petroleum gas (LPG). With feedstocks having 
pressure, 14 to 35 kg/cm2 (200 to 500 lblin' gage) range, and moderate temperatures, a low normal-paraffin content, it is also more efficient to have the fresh feed enter the 
245 to 370'C (475 to 700°F). Hydrogen at a sufficient partial pressure must be present system just upstream of the adsorbers to recover the "onnormal components. Only the 
during isametization to prevent coking and deactivation of the catalyst. A simplified adsorbed normal ~araff ins  are then sent to the resulting smaller isomerization reactor. 
schematic flow sheet is shown in Fig. 9.4.4. Feeds with high levels of benzene can be processed initially in either the reactor sec- 

HydraIreated fresh feed is mined with the hot recycle stream of hydrogen and C5- tion or the adsorption section. Benzene is saturated completely to cyclohexane in the 
C, normal paraffins prior to entering the isomerization reactor. A small stream of reactor section, therrby producing a benzene-free isomerate product. Far feeds with high 
makeup hydrogen is also added to the feed of the reactor. The reactor effluent, at near- levels of benzene, presamration in a separate reactor at a high space velocity is used to 
equilibrium isomertzation compositian, is cooled and flashed in a separator drum. The remove the heat of saturation from the TIP reactor. This technology is known as TIP- 
liquid product, which contains some unconverted low-octane normal paraffins, is Plus.* Sending the feed to the adsorption section allows the high-octane benzene to pass 
vaporized and passed into a bed of molecular-sieve adsorbent, where the straight- into the isomerate product. For feeds that are best processed in the absorber section first 
chain normals are adsorbed for recycle back to the isamerization reactor. The but oeed to minimize benzene in the product, the saturation-section effluent can be sent 
branched-chain isomers and cyclic hydrocarbons, which have molecular diameters to the adsorption section of the TIP-Plus process. The refiner needs to evaluate both 
greater than the diameter of pares in the molecular-sieve adsorbent, cannot be acme and benzene target levels ta determine the pmper feed point. 
adsorbed and exit from the absorbent bed essentially free of normal paraffins, This 
isomerate product is stabilized as required to remove any excess hydrogen, 1 to 2 per- 
cent cracked products, and any propane or butane introduced with the makeup hydro- 
gen. The hydrogen purge gas from the separator is circulated by means of a recycle ~ ~ a d ~ m a r k  andlor service mark of "OF. 
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CHAPTER 10.1 
CHEVRON'S ON-STREAM 
CATALYST REPLACEMENT 

TECHNOLOGY FOR 
PROCESSING 

HIGH-METAL FEEDS 

David E. Earls 
Chevron Research and Technology Company 

Richmond, California 

INTRODUCTION 

In processing less expensive, high-metal feeds, the need fox frequent catalyst change- 
outs can make conventional fined-bed residuum hydrotreating technology uneconomi- 
cal. Chevron developed on-stream catalyst replacement (OCR) to remove metals from 
feed before it is hydrotreated in fixed-bed residuum desulfurization (RDS) units. The 
ability to add and withdraw catalyst from the high-pressure, moving-bed OCR reactor 
while it is onstream gives refinen the opportunity to process heavier, high-metal feeds 
or to achieve deeper desulfurization while maintaining fined-bed run lengths and 
improving product properties. 

DEVELOPMENT HISTORY 

Development of the OCR process started in 1979 as part of the research on new reac- 
tor cancepu which might be applied to synthetic fuels and heavy oil upgrading. Most 
of these alternative fuels a n  difficult to upgrade to transparration fuels. Typically high 
in nitrogen, sulfur, and metals, they tend to deactivate catalyst very rapidly. 
Consequently, conventional fixed-bed hydrotreating processes can not upgrade these 
feedstocks economically. Chevron determined that if fresh catalyst could be continual- 
ly moved through a reactor, then catalytic activity could be maintained without shut- 
ting down the unit. Theoretically, the metal capacity of the catalyst would be fully uti- 

10.3 
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lized in the OCR unit, thus reducing the necessary size af the downstream RDS unit Once the requirements are defined, the catalyst is added and withdrawn batchwise on 

and lowering total operating costs. a regular schedule to maintain the required OCR activity. 

Using cold model and catalytic testing, Chevron Research and Technology Co. All the steps required to transfer the catalyst are controlled by a computer-driven. 
showed that with the proper eq~tipment design there process improvements could be automatic sequencer. Use of the automatic sequencer minimizes the need foi operator 
obtained. The feasibility of the process was proven during the operation of a 200 bar- attention and assures consistent adherence to all necessary procedures. Operation 
re1 per day (BPD) demonstration unit at Chevron's Richmond Refinery in 1985. of the OCR catalyst transfer system is easily monitored by the existing RDS board 

Critical to the design's success was the proof that the valves could operate reliably at 
the high temperatures and pressures required for resid upgrading. Catalyst transfer in and out of the OCR reactor is accomplished in a series of steps 

which do not interrupt the operation of the unit: 

1. Fresh catalyst is transferred by gravity into the low-pressure catalyst feed vessel. 
PROCESS DESCRIPTION 2. There, flush oil (usually a heavy gas oil) is added and the mixture is transferred as 

a slurry to the high-pressure catalysr vessel (HPCV). 
Chevron's OCR process is a countercurrent, moving-bed technology that removes 3. The low-pressure catalyst feed vessel is then isolated, and the pressure in the 
metals and other contaminantr from feedstocks prior to processing in fired-bed HPCV is equalized with the tap of the OCR reactor. 
residuum hydrotreating reactors. In the OCR reactor, residuum and hydrogen flow 
upward through the reactor and the catalyst flows downward. This process removes 

4. The fresh catalyst is then transferred as a slurry to the tap of the OCR reactor. 

the mevils and carbon residue that cause plugging and catalyst deactivation in conven- 5. Once the transfer is complete, as indicated by the level in the HPCV, the double 
tianal fined-bed RDS units. Figure 10.1.1 shows the OCR reactor system, including isolation valves are flushed to remove catalyst, and the HPCV is isolated from the 
the equipment used to transfer catalysl into and aul of the reactor. OCR reactors can system. 

be   aired and serve as pretreatment beds for two parallel trains of fined-bed reactors. 
In this case, only one set of catalyst transfer vessels is needed to move catalyst far two Spent catalyst is removed from the bottom of the reactor in a similvr manner: 

OCR reactors. 1. The HPCV is pressure-equalized with the bottom of the OCRreactor. 
2. The spent catalyst is moved as a slurry in the feed resid from the bottom of the 

Cata lys t  Transfer S y s t e m  reactor. Once the desired amount of catalyst has been transferred, as indicated by 
the level in the HPCV, the transfer is stopped and the valves and lines are flushed 

In a parallel train system, catalyst transfer is done, on average, once a week to and with oil. 
from each OCR reactor. The amount of catalyst transferred varies from 1.5 to 8 per- 3. The double isolation valves are then closed and the HPCV is isolated from the 
cent of the OCR reactor catalyst capacity. The quantity removed is dictated by the OCR reactor and depressurized. The spent catalyst is washed of resid and cooled. 
nickel and vanadium content of the feed and the metals concentration on the removed 
catalyst. The transfer rate is adjusted to allow for changes in operating requirements. 4. The catalyst is then transferred as a slurry to the low-pressure catalyst vessel, 

where the flush oil is drained. 

5. The spent catalyst then flows by gravity into the spent catalyst bin for disposal. 

Since the catalyst is transferred in a low-velocity oil slurry, catalyst artrition is pre- 
vented and the system's lines and valves are protected from erosion. OCR line sizes 
are smaller than main process lines and special full pon valves are used in the catalyst 
transfer lines. These valves are flushed clear of catalyst before closing to minimize 
valve wear. 

OCR Reactor 

A schematic drawing of the OCR reactor is shown in Fig. 10.1.2. The catalyst bed in 
the OCR unit is essentially a fined bed, which intermittently moves down the reactar. 
The catalyst level in the OCR reactor is monitored by a level detector at the top of the 
reactor. As fresh catalyst is added at the top of the reactor, residuum is fed into the 
bottom. Both move through the reactor in a countercurrent flow, causing the dirtiest, 
most reactive residuum to convict the oldest catalyst first. The upflow of the residuum 

SpeL Catalyst Bin through the OCR reactor slightly expands the catalyst bed. This slight expansion 

FIGUEE 10.1.1 OCR reactor syrtcm. Chcuron's OCR technology adds and rsmovss cnlalysls 
enhances residuum/catalyst contact, minimizer reactor plugging, and creates a consis- 

from a high-pressure reactor while it ir operating, thvs providing refiners the opportunity ro tent pressure drop thus providing for optimum flow patterns through the reactor. 
pmscss leis srpensiue, high-metal feeds. Meanwhile, the fully spent OCR catalyst is removed at the bottom of the reactor. 
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Reacmr Product High hydrodemetaliization activity and metals capacity to minimize downstream 
reactor volume and catalyst usage. - Moderate hydradesulfurization (HDS) and Conradson carbon removal (HDCCR) 
activity to reduce coking. 
Strength and hardness to minimize breakage in handling. 

Consistent shape and size to facilitate catalyst transfer and stable bed operation. 

Since its introduction in 1992, the OCR catalyst has exhibited low attrition, high 
crush strength, and exceptional selectivity for residue demetallization. The N ~ + Y  con- 
version typically exceeds 60 percent for the first 60 days of operation and then gradu- 
ally trends toward the expected equilibrium conversion level, 50 to 70 percent (see 
Fig. 10.1.3). In cammercial operation catalyst is withdrawn and routinely analyzed for 
nickel and vanadium content. This analysis confirms that asly the most spent OCR 
catalyst is being withdrawn-a critical factor in minimizing catalyst consumption and 

FIGURE 10.1.2 OCR rcactoi detaits. The covntcrsunent now of rerctantr While the main objective of the OCR reactor is to extend catalyst life in down- 

and through the OCR reactox ensures Ular only the mast spent sueam fixed-bed reactors by maintaining high HDM performance, the VCR catalyst 
is removed, thereby minimizing ~atalysturage and cost. also achieves high HDSIHDM and HDCCRMDM activity ratios. As shown in Fig. 

10.1.4, the OCR reactors' sulfur and CCR conversion has been excellent. Typically, 
the HDS conversion stabilizes at the HDS equilibrium objective target of 50 percent 

~h~ designed cone at the bottom of the reactor allows for plug flow of the while the HDCCR conversion stabilizes at the equilibrium objective target of 30 per- 

caraiyst to the port at the bottom of the reactor. This plug flow ensures that cent. The level af  HDS and HDCCR activity in the OCR reactors greatly improves the 
the most meral-loaded, least ac t ive  cata lys t  is removed f rom the  reactor.  overall performance of the O C W D S  units and significanfly extends the run life of 
consequently, catalyst activity is maximized and cost is minimized. the fixed-bed catalyst. 

~~d plugging is one of the most common causes for premature shutdown of fixed- 
bed hydroprocessing ""its. Particulates and reactive metals depositing on the top lay- 
erSof the reactor cause an increase in pressure drop and maldistribution of the liquid 
and gas flow.  hi^, in turn, can lead to localized hot spots and rapid cake formation. 

COMMERCIAL OPERATION 
T~~ features of the VCR process dramatically reduce the severity af this problem in 
downstream fixed-bed units: Chevron's OCR process has been in commercial operation since 1992. The first unit 

was installed as a retrofit to a Chevron-licensed RDS unit at the Idemitsu Kasan 
1, ~h~ most feed meials are deposited on the OCR catalyst and do not enter Company, Ltd. (IKC) Aichi refinery (see Fig. 10.1.5). Chiyoda Corporation provided 

the fixed-bed unit. 
2, particulate material in the feed is not retained in the OCR bed, but passes through 

to the fined-bed unit. 

separating the problems of parricu~ates and reactive mctsls allows the refiner to 

grading for the removal of  particulate material in the downsueam 
fixed.bcd ,,,,its. a the problem of metal or coke fouling in the RDS unit is 
largely by the high hydrodemetallization (HDM) cawlYst activity in the 

OCR ""its at the same temperature (approximately 7 3 W  and pressure 
(approximately 2000 lb/in2) as their downstream RDS caunterpafis. Consequently. 

OCR A - integrating OCR into the processing scheme is easy and efficient because it can use OCR B ------. 
the same recycle hydrogen supply, feed pumps, and feed furnace as the fixed-bed RDS 

Day. on stream 

FIGURE 10.1.3 OCR hydmdem~~allieation performance. By maintaining consistently high 
A spherical catalyst developed by Chevron Research and Technology 120. was HDM performance rhraughaui the run, OCR reactors minimies cafalyaf conrumption and apti- 
designed to fit the requirements of the OCR process: mile caxdytic performance. 
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FIGURE 10.1.7 Rslative RDSNRDS catalyst life vsrrus fced meld concenuation. (VRDS is vacuum 
improving the activity of Ule RDS catalyst. residuum dssu1furization.l Conv~nlional fixed-bed hydrorreaBng cannot economically pmceis high. 

metal fcedr. 

lyst is fully utilized, thus reducing the total catalyst cost per barrel of feed processed. 
Coincidentally, this also minimizes the amount of spent catalyst generated per pound duee better product quality while experiencing fewer feed-related operating problems. 

of metals removed. The higher metals on the spent catalyst d o w s  for more economic OCR can also be combined with Chevron's vacuum residuum desulfurization (VRDS) 

reclamation of the metals from the spent OCR catalysts. 
technology to upgrade vacuum residuum from heavy crudes into a synthetic AR with 

Adding an OCR in front of an RDS is also cost-effective when the goal is to maxi- superior RFCC feed qualities. (For n more complete discussion, see Chap. 8.1.) 

mize production of lighter, cleaner-burning transportation fuels. The OCR allows less 
demetallization catalyst to be used in the fixed beds, thus providing more reactor vol- 
ume for high-activity desulfurization catalyst. Achieving deeper desulfurization in the 
RDS unit enables refiners to produce ultralow-sulfur fuel oil as well as exceptionally 

ECONOMIC BENEFITS OF OCR 

clean feed for an RFCC unit. 
Using an RDS unit to prepare feed for an RFCC reactor has gained wide accep- The most apparent economic benefit of adding OCR to the processing scheme is the 

tance because high-quality mogas and middle distillates can be produced with little or ability to run heavier, high-metal, less expensive crudes. Figure 10.1.9 shows how 
no low-value by-products. To maximize operating RFCCs require feeds gains in gross margin can be made by improving unit capacity while maintaining the 
that are very low in contaminant metals, carbon residue, and sulfur concentration, in same fixed-bed investment. Similarly, when retrofitting an existing RDS unit with 
addition to having feed volatility sufficiently high to fully vaporize at the feed nozzle. OCR technology, savings are achieved by extending catalyst life and run lengths. 
Metals reduce catalyst selectivity and activity, resulting in increased RFCC catalyst Each catalyst changeout in a fined-bed unit takes approximately 4 weeks. The shorter 

Carban residue contributes to high coke yields and heat balance prob- run length means a costly reduction in the on-stream factor. Thus, the penalties for 
lems. Sulfur forces refiners to invest in expensive flue gas desulfurization equipment. processing a high-metal feed in a fixed-bed unit are twofold-higher catalyst cost and 
Additionally, sulfur in the feed appears in the finished products. reduced on-stream factor. OCR eliminates these limitations by providing maximum 

In summary, the yield, product quality, and operating efficiency produced from an 
WCC unit are directly related to the quality of the feed. The OCRlRDS technology 
has been used to process feed for RFCC units from a variety of heavy AR feeds, The econamics of the OCR process are greatly dependent on the difference in price 
including Arabian Heavy and Ratawi. Pretreating the residuum in an OCR unit between light and heavy crudes, and each refiner's operating constraints. At a differ- 
enables the refiner to use less expensive feeds, achieve higher product yields, and pro- ential of U.S. 51.80hbl between Arab Light and Arab Heavy crude, switching from 





CHAPTER 10.2 
FW SOLVENT DEASPHALTING 

F. M. Van Tine 
Howard M. Feintuch 

Foster Wiieeier USA Corpomriotr 
Clinton, New Jersey 

The changing pattern of petroleum-products demand has resulted in a sharp increase 
in the quantity of distillate products that must be produced from each banel of crude 
ail processed. On the other hand, crudes have become heavier and higher in sulfur 
content. This has resulted in a reduced yield of distillate products that can be produced 
from the crude by using conventional distillation processes. This imbalance has treat- 
ed the need for processes that can increase the amount of distillates yield per barrel of 
crude.'.i 

Vacuum distillation is an efficient means to separate distillates according to their 
volatility. Nevertheless, the recovery of distillates with a nue boiling point (TBP) cut 
point over 570DC (1060'F) would require distillation temperatures at which thermal 
cracking reactions are too fast and m&e distillation impractical. 

Solvent deasphalting (SDA) provides an extension of vacuum distillation. I t  per- 
mits practical recovery of much heavier oil, at relatively low temperatures, without 
cracking or degradation of these heavy hydrocarbons. SDA separates hydrocarbons 
according to their solubility in a liquid solvent, us opposed to volatility in distillation. 
Lower-molecular-weight and mart paraffinic components are preferentially extracted. 
T h e  leas t  soluble  materials are high-molecular-weight and most  aromat ic  
components.' This makes the devrphalted oil (DAO) extract light and paraffinic and 
the asphalt raffinate heavy and aromatic. 

Since SDA is a relatively low temperature process, there is essentially no cono- 
sion. Fouling of equipment is extremely low. SDA is a very reliable process with typi- 
cal stream factors of about 98 percent and run lengths of up to 3 years.< 

For more than 40 years SDA, generally using propane as the solvent, has been 
employed in the refining of lubricating oils to separate high-boiling fractions of crude 
oils beyond the range of economical commercial vacuum distillation. This means that 
the feed to deasphalting usually is a vacuum residue above the 510°C TBP cut point. 
More recently SDA has been adapted for the preparation of catalytic cracking feeds, 
hydrocracking feeds, hydrodesulfurizer feeds, and hard asphalt. For these purposes, 
heavier-than-propane solvents are used together with higher operating temperatures. 
This results in maximum yield of valuable DAO and minimum yield of hard asphalt 
hwing a softening point usually over 150'C. The term deep deaspholting has been 
frequently used to describe SDA operating under these conditions. 

SDA is not a new process but rather a well-proven process with which most refit- 
ers are already 
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completely condensed, separated from the water, and then pumped from the Low-pres- 
Sure solvent receiver. No solvent compressor is required. 

TYPICAL FEEDSTOCKS 

The SDA process (normally using propane or a propane-butane mixNre as the solvent) 
has been in commercial use far the preparation of  lubricant-btight-stock feeds from 
asphalt-bearing crude residue for many Many commercial SDA units have 
also been used for preparing paving and specialty asphalts from suitable vacuum 
residues. 

The increasing use of the fluid catalytic cracklng (FCC) process together with the 
iocreasing price of crude oil resulted in the need to maximize the quantity of FCC 
feedstock obtained from each barrel of crude. These conditions led to the extension of 
the SDA process to the prepmation of cracking feedstocks from vacuum residues. The 
current trend foi manimizing distillate-oil production has also prompted the increased 
use of the SDA process to prepare hydrocracking feedstocks from vacuum residues. 

SDA supplements vacuum distillation by recovering additional high-quality paraf- 

rids are the DAO swipper, the DAO flash rowers, and the asphalt flash tower (only visible). frnic oil from vacuum residues beyond the range of  practical distillation. Although 

1" the middle are the heat erchm;en.  he kettles are ihs asphalt-stsum gensrstoi erchnngcrs. atmospheric residues have been commercially solvent-deasphalted, typical SDA feed- 
stocks are 57OnC+ (1060mP+) TBP cut-point vacuum residues. These vacuum residues 
often contain high levels of metals (primarily nickel a d  vanadium), carbon residue, 
nitrogen, sulfur, and asphaltenes. Table 10.2.1 gives three examples of vacuum- 

Arphalt-Recovery S y s t e m  residue feedstocks, covering a wide range of properties, that can be processed in an 

The raffinate phase containing the asphalt and u small amount of solvent (asphalt mix) SDA unit. 

flows at a controlled rate from the bottom of the extraction tower to the asphalt-mix It is evident from Table 10.2.1 that, in contrast to many catalytic refining process- 

heater. The hot two-~hase asphalt mix from the heater is flashed in the asphalt-mix es, a high content of feedstock impurities does not limit the applicability of SDA for 

fl&h tower, where solvent vapor is taken overhead. The remaining asphalt mix flaws processing residues. For a fixed DAO quality, high impurity levels in the feedstock 

to the asphalt stripper, where superheated steam entering below the bottom Way is will reduce DAO yield and increase asphalt production, but technically sound ertrac- 

used to strip the remaining solvent from the asphalt. The wet salvent-vapor overhead tion is still possible. Table 10.2.2 shows estimated DAO yields for the three feed- 

combiner with the overhead from the DAO stripper. The asphalt product is pumped stacks listed in Table 10.2.1 when producing a DAO of 10 wt ppm total nickel-plus- 

from the stripper bottom and cooled by generating low-pressure steam. vanadium content. Table 10.2.3 shows the corresponding estimated asphalt yields and 

Solvent-Recovery S y s t e m  TABLE 10.2.1 Typical SDA Feedsrocks 

Solvent evaporated in ihe low-pressure flash tower is condensed and collected in the 
low-pressure solvent receiver. Solvent from the asphalt flash tower, which operates at 

Conradson 
Vacuum-residue Oruvily, carbonresidue, Ni + V. 

the same pressure as the Law-pressure flash tower, is condensed in a separate can- TBP cut point, 'C 'API wf % Sulfur, wt % wf ppm 
denser and is also collected in the l o ~ - ~ ~ ~ s r u r e  solvent receiver. The reason for segre- 
gating the two solvent streams is the potential for accidental fouling by asphalt Heavy Arabian 570 3.6 25.1 5.5 193 
entrained with solvent vapors from the asphalt flash tower. ~ e a v y  Canadim 570 8.1 17.4 2.7 110 

The steam and solvent vapors from the DAO and asphalt strippers are cooled, and Canadian 570 11.7 15.0 1.5 SO 
most of the steam present is condensed and collected in the stripper-condensate drum. 
c his water is pumped from the unit to a sour-water stripper far removal of any dis- 
solved sour gases and hydrocarbons. The nancondensed solvent vapor from this drum TABLE 10.2.2 &tiiitndDAO Yieldield 

is compressed by the solvent compressor and joins the vapor from the asphalt flash wt ppm metals "01% DAO at 10 wf 
tower upstream of the usphalt-solvent condenser. in feedstock ppm (Ni + V) DAO 

Makeup solvent is pumped into the l ~ ~ - ~ ~ e s s u r e  solvent receiver from the off-site 
solvent storage drum as required. Heavy Arabian 193 51 

This solvent-recovery system is typical of an SDA unit operating with propane sol- Heavy Canadian 110 73 
vent. In units "sing heavier solvents such as butane or pentane, the solvent vapors are Canadian 50 84 
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TABLE 10.2.3 Estimated Asphalt Properties for 10 wt ppm (NitV) DAO gives data comparing the DAO obtained from Kuwait vacuum residue by using one 
Praductian equilibrium extraction stage versus that obtained from a countercurrent multistage 

extraction." These data were obtained at u salvent-ta-feed ratio of 6:l 
Specific gravity RBB softening Penetration val % Single-stage miner-settler extraction devices were gradually replaced by vertical 

at MV6O0F point, 'C at ZS'C asphalt yield countercurrent towers ss the advantage of multistage countercurrent extraction became 
Heavy Arabian 1.119 evident. The economic incentive for obtaining the maximum yield of high-quality 
Heavy Canadian 1.136 DAO for lubricant production has resulted in the use of multistage countercurrent 

extraction towers in virtually all lubricating-oil refineries. 
Recently, some SDA designers have advocated a return to the mirer-settler entrac- 

tion system for processing vacuum residues to obtain cracking feedstock, a consider- 

1n the future, crude-oil supplies are likely to become heavier, and vacuum residues ably lower-value product than lubricating-oil bright stock. This position is based on 

obtained from processing these crudes will also become heavier and higher in impuri- the theory that the lower installed cost of the miner-settler sysrem offsets the product- 

ty levels. Even under these eonditians, SDA will continue to provide an economically value loss due to the lower DAO yield. This is true only for law marginal values of 

and technically attractive route for upgrading these vacuum residues into lighter, more the DAO cracking stack over the vacuum-residue feedstock and for small yield losses. 

valuable products. The latter assumption is true at veiy high (in general, greater than 90 vol %) DAO 
yields. With the heavier crudes being processed today, this is not always a realistic 
assumption. 

EXTRACTION SYSTEMS 
Countercurrent Extraction 

The efficiency of the SDA process is highly dependent on the performance of the liq- 
"id-liquid extraction device. Proper design of the extraction device is necessary to As shown in Table 10.2.4, eountercumnt extraction provides a much mare effective 
overcome the mass-transfer limitations inherent in processing heavy, viscous oils to means of separation between the DAO and the asphalt than does single-stage miner- 
assure that the maximum yield of a specified quality of DAO is obtained. There are two settler extraction. This subsection will discuss the major factors affecting the design of 
major categories of extraction devices used for solvent deasphalting: mixer-settlers (a a commercial countercurrent SDA extraction tower. 
single stage or several stages in series) and countercurrent (multistage) vertical towerr. Countercurrent contact of feedstock and extraction solvent is provided in an entrac- 

tion vessel called a contractor or extractor tower. Liquid solvent (light phase) enters 
the bottom of the extraction tower and flows upward as the continuous phase. The 

~:xer-Settler Extraction vacuum-residue feedstock enters the upper section of the extraction tower and is dis- 
persed by a series of fixed or rotating baffles into droplets which flow downward by 

Mixer-settlers were the first SDA device used commercially, and this is the simplest gravity through the rising continuous solvent phase. As the droplea descend, oil from 
continuous-extraction It consists of a mining device (usually an in-line static the droplets dissolves into the solvent, leaving insoluble asphalt or resin, saturated 
miner or a valve) for intimately mining the feedstock and the solvent before this mix- with solvent, in the droplets. These droplets collect and coalesce in the bottom of the 
ture flows to a settling vessel. The settling vessel has sufficient residence time to tower and are continuously withdrawn as the asphalt phase (heavy phase, or raftinate). 
allow the heavy asphalt (raffinate) phase to settle by gravity from the lighter solvent- As the continuous solvent phase, containing the dissolved DAO, reacher the top of 
ail phase (extract). A single-stage mixer-settler results in, at best, one equilibrium the tower, it is heated, causing some of the heavier, more aromatic dissolved oil to 
extraction stage, and therefore the separation between the DAO and asphalt is poorer separate from the solution. These heavier liquid droplets flow downward through the 
than that obtainable with a countercurrent multistage extraction tower. This poorer ascending continuour solvent-DAO solution and act as a reflux to improve the sharp- 
separation is evidenced by the higher nickel and vanadium cantent of the DAO pro- ness of the separation between the DAO and the asphalt. This type of extraction sys- 
duced by the single-stage system compared to the multistage system. Table 10.2.4 tem is analogous to the conventional distillation process. 

The most common extractor towers used commercially are the rotating-disk con- 
tartor (RDC) developed by Shell and the fired-element, or slat, towers. RDC eontac- 

TABLE 10.2.4 Solvent-Deasphalilng Kuwait Vacuum Residue tors have proved to be superior to slat towers because of the increased flexibility 
inherent in their operation as well as the improved DAO quality obtained by using the 

% of feed (Ni + V) in DAO RDC.'" 3 to 5 percent DAO-yield advantage has been found for the RDC at constant 

Alphait product, Single- Muiti~tagc DAO quality.'"'2 
vol % on crude sfage countercurrent Figure 10.2.3 shows a schematic of a rotating-disk contactor. The RDC contactor 

consists of a vertical vessel divided into a series of compartments by annular baffles 
(stator rings) fixed to the vessel shell. A rotating disk, supported by a rotating shaft, is 
centered in each compartment. The rotating shaft is driven by a variable-speed drive 
mechanism through either the tap or the bottom head of the tower. Steam coils are 

soure.: C. G. ~annem.  "some ~ s p r c i r  or ~ e a v y  Oil Pmccrsing," provided in the upper section of the tower to generate an internal reflux. Calming 
API 37th ~ i d y c a r  ~ e e i i n g ,  NEW rork. hlny 19BZ. grids a n  provided a t  the top and boltom sections of the tower. The number of com- 
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DAO YIELDS AND PROPERTIES 4. Pour point. At low OAO yields the pour point is high, consistent with the 
paraffinic character of the DAO. As DAO yield increases, less paraffinic material 
is dissolved, which in many cases is reflected in a decreasing pour point. As DAO By adjusting such variables as the solvent-to-feed ratio, type of solvent, and extraction 
yield continues to increase, the pour point will ultimately near the feed pour point 

conditions, it is possible to adjust the DAO yield to any value between 0 and 100 per- for OAO yields, approaching 100 percent. See Table 10.2.6. cent of the vacuum-residue feedstock. At very low DAO yields, DAO quality is at a 
maximum [low values for metals, nitrogen, sulfi~r, and Conrvdson carbon residue 
(CCRII; at very high yields DAO quality approaches feed quality."DAO quality does 
not vary linearly with the yield of OAO owing to the selectivity of the solvent for dis- 
solving the more paraffinic and lower-molecular-weight molecules: these molecules The sulfur distribution between the OAO and the asphalt is a function of DAO yield.' 
contain fewer impurities than the more aromatic and higher-molecular-weight mole- Figure 10.2.7 shows n typical relationship between the ratio of sulfur concentration in 
cules. This selectivity is shown qualitatively in Fig. 10.2.11. the OAO to sulfur concentration in the feed as a function of DAO yield. This figure For design purposes, optimal DAO yield should be established by an economic 

shows an average sulfur-distribution trend and also maximum and minimum ranger analysis that not only includes the SDA unit but also considers the impact of DAO 
for a wide number of vacuum-residue feedstocks. For a specific feedstock, 

quality on the investment and operating cost of the downstream processing units. the sulfur-distribution relationship is close to linear, especially as DAO yield increases DAO is an exceptianally paraffinic material" which is characterized by a high 
above 50 vol pour point, a Watson Kfactor* over 12, and a low specific gravity. As a virgin materi- 

Tables 10.2.7 and 10.2.8 give pilot-plant data on sulfur distribution for deaspbalt- al, DAO is essentially free of olefinic hydrocarbons and does not exhibit the stability 
ing heavy Arabian and heavy Canadian vacuum residues. problems present in "cracked" distillates such as coker or "isbreaker distillates. 

The ability of a solvent to reject the feedstock sulfur into the asphalt selectively is 
not as pronounced as its ability to reject metal contaminants such as nickel and vana- 
dium selectively.'6 This is illustrated in Fig. 10.2.11. The sulfur atoms are mare even- 

Physical Properties ly distributed between the paraffinic and aromatic molecules than the metal contami- 
nants, which are heavily concentrated in the aromatic molecules. In many cases, the 

OAO physical properties are affected as follows as OAO yield increases: fact that the metal content in the OAO is low makes hydrodesulfurization of high- 
yield OAO technically feasible and economically attractive. 1. Specl&+7c graviry. Specific gravity increases as DAO yield increases (DAO becomes 

heavier). See Table 10.2.6. 

2. Viscosity. Viscosity increases as DAO yield increases (which corresponds to a 
r heavier DAO). See Table 10.2.6. 

3. Heptone insolubles. Content of heptane insalubles (asphaltenes) remains very low 
as DAO yield increases. Nevertheless, the asphaltenes content of the DAO will 
increase, approaching the feedstock asphaltene content as DAO yield approaches 
100 percent. SeeTable 102.6, 

'The Wauon K factor is dcfinsd as K - (TBItn/sp 'lrpg W~EII TB is the meam average boiling poia io 
dcgrccr Rankinc md rp gr is ihs spcific gravity BL 6OoFI6OmF. Ttd~ fact01 in an appr~xirnrl~ index of par* 
finicify. and it ranger from 12.5 for paraffinic pmduitr to 10.0 far aromatic produca. 

TABLE 10.2.6 Solvent-Deaaphalting Heavy Arabian Vacuum Residue: 
DAO Properties 

vacuum DAO yield, vol % on feed 

residue 15.1 47.4 65.3 73.8 

Oravily, 'API 3.6 20.3 146 10.8 9.4 
Viscosity at 100°C. SSU 70,900 183 599 1590 2540 
Viscosity ar 150°C, SSU 3,650 82.5 132 263 432 
Pour point, "C 74 54 32 38 41 
Heptrne insolubles, wr % 16.2 0.01 0.01 0.01 0.03 

VOLD/.OAOIIELD 

Source: I. C. Dunmyn, "ReribiliQ for the Refining Indunly," Xea( Eng., 53-19 FIGURE 10.2.7 Ratio of sulfur concenVafian in DAO to sulfur concef~ation in Ule feedstock 
(O~tobsrhccmbrr ,977). vcrrv~ DAO yield. 
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VOL ZOIDII.LD 

FIGURE 10.2.10 Ratio of CCR in DAO to CCR in Redstock 
usnus DAO yield. 



SEPARATION PROCESSES FW SOLVENT DEASPHALTING 10.35 

OPERATING VARIABLES TABLE 10.2.9 Effecl of Solvent-to-Feed Ratio on DAO 

DAO properties 
~h~ SDA pmcess uses a light-hydrocarbon solvent to extract valuable paraffinic oils 
from asphaltene-rich vacuum residues. The SDA unit is usually required to be flexible 

Salvent-to-fwd DAO, vol % Viscosity, Gravity. 

enough to extract the desired quantity and quality of DAO from varying-quality feed- 
volume ratio yield on feed SSU ar 1 0 0 " ~  API 

stocks. Four basic operating variables are available to adjust the SDA process to opti- 2.8 37.5 51.4 30.1 
ma1 ~ ~ e r a t i n g  conditions:' 3.9 50.6 52.4 29.9 

11.4 76.0 59.0 28.8 . Solvent composition . Solvent-to-feed ratio 
Source: E. E. Smith and C. B. Fleming, PI!. Reliner, 36 141.144 (1957). 

. Extraction temperature . Extraction pressure value will result in only a very small (if any) increase in DAO ~t the same time, 

when the SDA unit utilizes an RDC, there are available additional operating vari- 
the energy required for solvent recovery increases in direct proportion to the quantity 
af solvent circulated. 

ables which provide improved flexibility to the process. These variables are 

. Temperature gradient. A temperature gradient also can be obtained in any counter- 
current extraction tower. Temperature 

In general, factors which tend to increase the density of the solvent will increase the 
capacity of the solvent to dissolve the oil. This capacity is referred to as $01. 
ubility. Consequently, an increase in temperature, which results in a lower.density SOIL 

Solvent Composition vent. reduces the DAO-product yield. As the solvent-extraction temperature is 
increased, the solvent approaches its critical temperature and its density and 

~ ~ d e r n  SDA units normally use blends of light-hydracarbon solvents (propane to are considerably reduced. 
hexane) to allow maximum operating flexibility. The solubility of oil in the solvent at 
fired conditions of temperature and pressure increases as the specific gravity of the 

From the point of view of DAO-product quality, there is a certain incentive to 

sobent increases. Moderate variations in the vacuum-residue-feed quality or DAO 
increase me operating temperature.' The corresponding ~ ~ o - y i e l d  can be 
compensated for by an increase in the solvent-to-feed ratio. The net result would be an 

yield can be handled by adjusting the temperature level and the temperature gradient 
across the RDC, but larger variations require adjusmentr to the solvent composition. 

impraved selectivity or separation between Ule DAO and the asphalt fractions and an 

For a given operation, there is a fairly narrow range of solvent compositions Ulat can 
improved DAO quality (i.e., less metals, nitrogen, and CCR). 

The SDA unit design basis is generally established by the of downitream 
be economically utilized. Proprietary correlations have been developed from pilot 
plant data so that the proper solvent composition can be selected to obrain an ecanam- 

units to process the DAO. The solvent-to-feed ratio, the temperature, and other ,,=ti. 

ical deasphalting operation with maximum flexibility for future operating able8 should be adjusted la produce the deasphalting operation that results in 
overall refinery economics, considering not only the deasphalter itself but 
and downstream processing units and the refinery-product slate. ~ ~ t r ~ ~ t i ~ ~  tempera. 
ture and extraction-temperature gradient are the variables which provide the usual 
methad of day-to-day operational control of DAO yield and quality. 

Solvent-to-Feed Ratio Table 10.2.10 illustrates the effect of extraction temperature an DAO yield and 

~t the normal extraction operating conditions used in commercial SDA units. an 
increase in the solvent-ta-feed ratio results in a larger DAO yield. The molecular 
weight, density, viscosity, and contaminant level of the DAO are also increased. Since 

energy is required to recover the solvent, there is an optimal solvent-to- TABLE 10.2.10 Effcct of Erlraction ~emperature on DAO yield and 

feed ratio for each operation. Pilot plant data and commercial experience are utilized DAO properlies 
to select this optimal ratio. 

~ ~ l ~ ~ t i ~ i r y  is the term used to describe the ability of the solvent to recover a paraf- Extraction DAO yiad on viscosity, Gravity, 
finic oil with a low level of contaminants from the vacuum residue. Selectiviry can be temperature, OC feed, vol % SSU at LOo°C 'API 

improved by increasing the solvent-to-feed ratio at constant DAO yield (which 90 58.1 54.4 
slightly increasing the extraction temperature). 

29.1 
93 41.8 52.0 

e able 10.2.9 illustrates the effect of the solvent-to-feed ratio on DAO yield and 
30.0 

98 23.9 46.0 31.4 
100 19.8 44.5 31.8 

~ ~ t e  that as the solvent-to-feed ratio is increased there is a diminishing effect of 
this ratio on DAO yield. increasing the solvent-to-feed ratio above some limiting Sourra: E. E. Smith and C. E. Fliming. PI,. nrfmnr, 36, 141-144 (1957). 
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TABLE 10.2.12 Effect of ROC Rotor Speed on Extraction Process 

~h~ solvent.cxtraction pressure has a direct effect on the density of the solvent. DAO proporties 

mgher pressure results in a denser solvent with more capacity to dissolve DAO and ~sphvl i  

consequently a larger DAO yield. The process dependence on pressure becomes mare RDC rotor DAO yield of Vircority. ~ravity,  CCR, penetmtion, 
us operating conditions approach the solvent critical point because the magni- speed, rlmin feed, vol % SSU at IOO'C OAPI wr % 0.1 mm at 25.c 

tude of the density change relative to the pressure ~ h a n g e  increases substantially. The 
extraction pressure is not normally used for day-to-day operational control. 

Source: R. J. R. 1. Wall, K. E. Train, md R. B. olncy. oil C " ~ J , .  59.90-94 8, 1961,. 
RDC Temperature Gradient 

It is possible to improve the quality of the DAO product at a constant DAO yield by 
maintaining a temperature gradient across the extraction tower. A higher temperature ASPHALT PROPERTIES AND USES 
at the top of the RDC as compared with the bottom generates an internal reflux 
because of the lower solubility of oil in the solvent at the top compared with the bot- The asphalt yield decreases with increasing DAO yield, and the properties of the 
torn. m i r  internal reflux supplies part of the energy for mining and increases the asphalt are affected as 

of the exu,action process in a manner analogous to reflux in a distillation . Specific gravity increases, Corresponding to a heavier material. . Softening point increases, and penetration decreases. 

DAO yield is essentially unchanged. - Sulfur content increases. 

Nitrogen content increases. 

Table 102.13 gives pilot-plant data which illustrates the trend of properties 
RDC Rotor Speed with decreasing asphalt yield. 

Since SDA preferentially extracts light and paraffinic hydrocarbons,l.~l the result. 
ing asphalt is more aromatic than the original feed. Further, it should be noted that 
high-softening-point (greater than 105 to 1 2 0 " ~ )  asphaltenes are free of wax even 
when precipitated from very waxy residues.2' 

Except far SDA units specifically designed to produce roofing or paving 
 he effect of rotor speed on product yields and product ~ r o ~ e r t i e s  is more evident the asphalt product is normally considered a low-value since there is a 
law throughputs and low rotor rates. At high throughputs much of the energy of very limited commercial market for these by-product asphalts, the refiner must 

mining is obtained from the counterflowing phases themselves: in this case low rator find some method of disposing of the asphalt by-product other than by direct sale. 

rates are ~"fficient to bring the extraction system up to optimal efficiency. The following are the main uses of the asphalt fraction: 
n b l e  10.2.12 illustrates the effect of rotor speed on a low-throughput operation. 

Note that the DAO yield is increased with little deterioration of DAO quality. 

TABLE 10.2.13 Solvent-Deasphrlting Heavy ~mbian  vncuum.~esiduc ~ ~ ~ h ~ l ~  ~~~~~i~~ 

residue Asphall yields, "01 % 

TABLE 10.2.11 Effect of RDC Temperature Gradient 0" DAO Quality feed 84.9 52.6 44 34.7 26.2 

DAO propertias SPecifrcErauit~.60'F/60~F 1.0474 1.0679 1.1185 1.1290 1.1470 1.1690 
Softening point (R&B),'C 62 79 128 139 164 
Penetration st 25'C. 0.1 mm 24 9 0 0 0 0 
Sulfur, wt % 5.5 5.9 6.6 7.3 7.9 8.2 
Nitrogen. wt 9'0 046 0.53 0.65 0.73 0.79 0.97 
Heptane, insoluble, wt% 14.1 71.8 26.8 ... 45.1 80.2 

R. I. Thcgre. R. J. wall, K. E. Train, rnd R, B. Olncy, Oil Gas 1. 59.90-94 
(May 8, 1961). 
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Typically, optimization studies involve large computers using linear programming 
techniques. This optimization is performed during the initial refinery-expansion study 
phase to determine the most economical conversion route. 

For the purpose of illustrating the integration of SDA units in bottom-of-the barrel 
upgrading, a refinery processing 50,000 barrels per stream day (BPSD) of Kuwait 
atmospheric residue was selected. The following processing routes are considered: 

Base Refinery. (See Fig. 10.2.12.) The basic processing route uses a conventional 
vacuum-flasher scheme together with vacuum gas oil (VGO) hydrotreating 
(hydrodesulfu~zation, or HDS) followed by fluid catalytic cracking.  his basic refin- 
ery scheme does not provide any vacuum-residue upgrading. The block flow diagram 
given in Fig. 10.2.12 summarizes the expected product yields when processing 50,000 
BPSD of Kuwait atmospheric residue. The products include 20,000 BPSD of heavy, 
high-sulfur vacuum residue. The main products are summarized in Table 10.214. 

Maximum-Naphtha Case. (See Fig. 10.2.13.) This processing route is similar to the 
sulfur oxides from the combustion gases. base refinery, but an SDA unit, which produces additional FCC-unit feedstock from 

the vacuum residue, has been included. The major change is that instead of the base- 
case 20,000-BPSD vacuum-residue production, 5400 BPSD of asphalt are produced. 

Commercial Asphalts Table 10.2.14 summarizes the main products and shows that naphtha production has 
been increased by 49 percent with respect to the base case. For this illustration FCC 

~ ~ ~ ~ ~ ~ c i a l  penetration-grade asphalts can be produced by simply blending SDA was used for the VGO-DAO conversion, although hydrocracking also can be an eco- 
~ i t h  suitable aromatic flux oils. In many cases, this can eliminate the need nomically viable route. 

for air.oridizing asphalts and thus present obvious economic and environmental 
advantages. when SDA asphaltenes (which are wan free) are blended with a no"- Maximum-Distillate Case. In this processing scheme the DAO together with the 
paraffinic flux oil, asphalts having satisfactory ductility can be made even from waxy VGO is cracked in a hydrocracking unit. Figure 10.2.14 shows the flow scheme for 
crudes.'  his eliminates the need to buy special crudes for asphalt manufacmre. this processing route and Table 10.2.14 summarizes the main products. This table 

shows that the naphtha yield was reduced by 50 percent and the distillate yields (jet 
fuel plus diesel) increased by 400 percent relative to the base case. 

Partial Oxidation 

~ ~ ~ h ~ l t ~ ~ ~ ~  can be used as a feedstock for synthesis-gas manufacture in partial-onida- 
tion units. This synthesis gas can be used to produce hydrogen for the refinery 
h$droprocessing units, thereby eliminating the need to rteam-re-form more valuable 
distillate oils or namral gas to produce hydrogen. 

INTEGRATION OF SDA IN MODERN REFINERIES 

Selection of the optimum residue-upgrading route depends on many factors such as: 

. Available feedstock characteristics 
, o ~ i ~ i i ~ i x  . Required flexibility for processing different feedstock . Feedstock cost . Product markets . Prodnct valuer . Existing refinery configuration and possibility far procers-unit integrations . Operating eosB I, r a r  

Unit capital-investment costs 168 rlim UFIALI . Unit stream factors EIGUH% 10.2.12 Integration of SDAin madern refmcriss: bare refincry (no SDA unit provided). 





CATALYTIC CRACKING CHAPTER 3.4 
MARKET SITUATION STONE & WEBSTERrINSTITUT 

FRANCAIS DU PETROLE The FCC process is one of the most widely employed refining processes. More than 
450 FCC units have been built worldwide since the process was first commercialized. 
As of late 1994, about 350 units were operating and about 20 additional new units RFCC PROCESS were in some phase of design or consuuction. O p e d n g  capacity data compiled in 
Late 1994 are listed in Table 3.3.10. 

On average, FCC charge capacity can be about one-third the capacity of the crude 
"nit, representing almost exactly the volume fraction of the VGO in the crude. This 
figure can go as high as one-half the crude capacity if a coker or ather process in the David A. Hunt 
refinery canvertr vacuum residue to additional FCC feed. However, some refiners will Refirzing Secfion 
send some part of the VGO directly to fuel oil product, and in these cases, the figure is Stone & Websrer Eqineering Corporulion 
much lower. Ho~<sion, Texas 

The FCC process will clearly be the conversion process of choice in future situa- 
tions in which gasoline rather than middle distillate is the desired ~roduct.  The large 
amount of FCC capacity in North America is shown in Table 3.3.10. The process has 
the =bility to produce middle distillate if desired, but in general, the yields and proper- 
' ties of jet or diesel fuels obtainable from hydrocracking are superior to those from 
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catalytic cracking," Cntolysis ~ ~ ~ i a w s :  Science and Engineering, 18(11), 1-150 (1978). smooth operatian and long run lengths. To process the heavy, viscous residual feed- 
stocks, which can contain metals in high concentrations and produce relatively high 
amounts of coke, the design incorporates an advanced feed injection system, a unique 
regeneration strategy, and a catalyst transfer system which produces extremely stable 
catalyst circulation. Recent technology advances have been made in the areas of riser 
termination, reactant vapor quench, and mix temperature conuol (MTC). 

TABLE 3.3.10 Worldwide FCC Capacity Today 23 full-technology S&W-IFP RFCC units have been licensed worldwide 
cmde capacity, Catalytic cracking, (revamp and grass roots), more than all other RFCC licensers combined. Within the 
million BPCD* million BPCD* Pacific Rim, S&W-IFP's 13 licensed units outnumber the competition 2 to I. ~ r o m  

1980 to 1995, there were 16 operating S&W-IFP FCC units totaling more than 80 
North America years of commercial Operation. A recently licensed RFCC, located in Japan, is shown 
Aria and Pacific Rim in  Fig. 3.4.1. A listing of all S&W-IFP (full-technology) licensed RFCC units is 
Western Europe shown in Table 3.4.1. 
Eastern Europe and former 
Soviet Union 

While the canccptian of this technology was based on processing residual feed, the 

South America and Cacibbean technology has been proven and is widely accepted for processing lighter gas oil feed 
Middle East stocks. Stone & Webster and IFP have ample experience revamping gar oil FCC units 

to upgrade the feed injection system, combustion air distributor, riser termination 
device, etc. At present more than 40 FCC units are processing over 1,700,000 barrels 
per day (BPD) of FCC feed employing the S&W-IFF feed injection technology. In 

*BPCD = bmels por caisndar day. fact, S&W-IFP systems have replaced feed injection systems of virrually every com- 
Sorrrr; Oil & Gar loumoi, Dambrr  1994. peting licenser, but never have been replaced by other technologies. 
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catalyst might otherwise react to form polymeric coke as the catalyst travels through varying the catalyst circulation rate through the catalyst cooler. Fine catalyst cooler 
the stripper. The stripper portion of this vessel utilizes four baffled stages. Steam from duty corrections can be made by adjusting the fluidization air rate in the cooler. 
the main steam ring fluidizes the catalyst bed, displaces the entrained hydrocarbons, Hot regenerated catalyst flows into a withdrawal well from the seeond-stage regen: 
and strips the adsorbed hydrocarbons from the catalyst before it enters the regenera- erator. The withdrawal well allows the catalyst to deaerate properly to standpipe den- 
tion system. A steam fluffing ring, located in the bottom head of the stripper, keeps sity before entering the vertical regenerated catalyst standpipe. This design ensures 
the catalyst properly fluidized and ensures smooth catalyst flow through the spent cat- smooth and even catalyst flow down the standpipe. Aeration taps, located stepwise 
alyst transfer line. down the standpipe, serve to reaerate the catalyst and replace gas volume lost by com- 

Stripped catalyst leaves the stripper through the 45' slanted withdrawal nozzle and pression. Flow rates for the aeration taps are adjustable to maintain desirable stand- 
then enters a vertical standpipe. The spent catalyst flows down through this standpipe pipe density, allowing for differences in catalyst circulation rates or catalyst types. 
and into a second 45' lateral section that extends into the first-stage regenerator. The The catalyst passes through the regenerated catalyst slide valve, which controls the 
spent catalyst slide valve is located near the top of this lower 45' transfer line and reactor temperature by regulating the amount of hot regenerated catalyst to the reactor. 
controls the catalyst bed level in the stripper. Careful aeration of the catalyst standpipe The catalyst then flows down the 45" slanted wye section to the riser base. Here, stabi- 
ensures proper head buildup and smooth catalyst flow. The flow rates from the aera- lization steam nozzles redistribute the catalyst as it travels up toward the feed nozzles. 
tion taps are adjustable to maintain stable standpipe density for different catalyst cir- Fluidization in the wye section, and the stabilization nozzles at the riser base, ensure 
culation rates or different catalyst types. The catalyst enters the first-stage regenerator stable and smooth dense-phase catalyst flow to the feed injection zone. A straight ver- 
through a catalyst distributor which disperses the catalyst onto the bed surface. tical section below the feed nozzles stabilizes the catalyst flow before feed injection 

Catalyst and combustion air flow countercurrently within first-stage regenerator and serves as a reverse seal preventing oil flow reversal. 
vessel. Combustion air is distributed into the regenerator vessel by an air ring. Air 
rings provide even air distribution across the bed, resulting in proper fluidization and 
combustion. Partially regenerated catalyst exits near the bottom of the vessel through Flue Gas Handling 
a hollow stem plug valve which controls the first-stage regenerator bed level. A lift 
line conveys the partially regenerated catalyst from the first-stage regenerator to the Each W C C  flue gas system is generally unique from one unit to the next because of 
second stage utilizing air injected into the line through the hallow stem of the plug local environmental requirements and refiner preference. An example of a basic flue 
valve. Carbon manaride-rich flue gaser exit the regeneratar through two-stage high- gas handling system is shown in Fig. 3.4.3. Each flue gas line will have a flue gas slide 
efficiency cyclones. valve and orifice chamber. The first-stage regenerator flue gas slide valve (FGSV) con. 

The operational severity of the first-stage regeneration is intentionally mild due to trols the pressure differential between the two regenerator vessels, while the second- 
~ a r t i a l  combustion. Low temperature results in the catalyst maintaining higher surface stage regenerator FGSV directly controls the pressure of the second-stage regenerator. 
area and =ctivity levels. The coke hum percentage can he varied by shifting the burn Each orifice chamber consumes the remaining available pressure from the system. 
to ihe second-stage regenerator, giving the RFCC the operating flexibility for residual A CO incinerator is located just downstream of the first-stage regenerator orifice 
as well as  gas oil feedstocks. For residual feed, nearly 70 percent of the coke is burnt chamber and oxidizes all CO gases to CG,, utilizing fuel gas and combustion air. Exit 
in the first-stage regenerator while approximately 50 percent is burned during gas oil temperature is typically 980°C with 1 percent excess 0,. Gases from the CO inciaera- 
operation. Essentially all the hydrogen on the coke is burned off the coke in the firrt- tor combine with second-stage regenerator flue gases and enter a flue gas cooler 
stage regenerator; this step, coupled with low regenerator temperature, minimizes where heat is recovered as high-pressure superheated steam. Flue gases are finally dis- 
hydrothermal deactivation of the catalyst. persed into the atmosphere through a stack. 

As the catalyst enters the second-stage regeneration vessel, below the combustion Large-capacity RFCC units may employ a power recovery train and tertiary 
air ring, a mushroom grid distributes the catalyst evenly across the bottom head. This cyclone system on the firsbstage regenerator flue gas stream to drive the air blower. 
grid distributor on the top of the lift line ensures proper distribution of air and catalyst. Depending on local particulate emission requirements, an electrostatic precipitator 
In the second-stage regenerator, the remaining carbon on the catalyst is completely (ESP) ar other particulate recovery device such as a third-stage cyclone system or flue 
burned off with excess oxygen, resulting in a higher temperature compared to the first- gas scrubber may he used to recover entrained particulates. Increasing SO? and NO 
stage regenerator. An air ring in this regenerator distributes a portion af the combus- emission requirements may necessitate a flue gas scrubber, So' capturing cataly< 
tion air, while the Lift air provides the remainder of the air. With most of the hydrogen additive, or similar process for SO, recovery andlor a selective catalytic reduction 
burnt in the first stage, moisture content in  the gases in the second-stage regenerator is (SCR) unit for NOx recovery. 
low. This allows higher temperatures in the second-stage regenerator without causing 
hydrothermal catalyst deactivation. 

The second-stage regenerator vessel has minimum internals, which increases tem- C a t a l y n  Handling 
peramre limitations. Flue gas leaving the regenerator passes through two-stage exter- 
nal cyclones for catalyst removal. The recovered catalyst is returned to the regenerator The W C C  catalyst handling system has three separate and unique functions: 
via diplegs and the flue gas flows to the energy recovery section. 

If the feed Conradson carbon residue is greater than 7.0 wt 8, a catalyst cooler will . Spent catalyst storage and withdrawal 

be required for the recond-stage regenerator (shown as optional in Fig. 3.4.2) to . Fresh catalyst storage and addition 
reduce the second-stage regenerator temperature ta less than 760°C. A dense-phase . Equilibrium catalyst storage and addition 
~ ~ t a l y s t  cooler will withdraw catalyst and return it, via an air lift riser, to just beneath 
the combustion air ring. Heat is recovered from the catalyst by generating saturated The spent hopper receives hat catalyst intermittently from the second-stage regenera- 
high-pressure steam. Large adjustments in the catalyst cooler duty can be made by tor to maintain proper catalyst inventory during operation. In addition, the spent cata- 
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tillate, gasoline, or maximum olefin operational modes. Conversion is 
decreased for maximum distillate operations and increased for the maximum olefin operations by adjusting riser outlet temperature and cntviyst activity. Typical range of 

ROTS required for the three operation modes are: manimum distillate, 51WC ROT 
minimum; maximum gasoline, 510 to 530DC ROT; and maximum olefins, 530 to 
550°C ROT. For maximum distillate operation. MTC, discussed in "Mix Temperature 
Control" below, is critical in order to maintain the required mix temperature to asstlre 

TABLE 3.4.2 Commercid RFCC TABLE 3.4.3 Heavy-Feed Pmcessing vaporization of the heavy residual feed at lower riser outlet temperatures. Likewise, 
~eedstock Operalion Experience Crprbilities of Various Heat~Rejeclion Systems reactant vapor quench technology, discussed in "Amoca Product Vapor Quench" 

Conrrdson carbon below, is especially critical during manimum olefins operations to reduce postriser 
thermal cracking at the elevated reactor temperatures. 

Other typical operating conditions of the RFCC unit are shown in Table 3.4.4. 
Concadson carbon residue, k 8  Single-stage regenerator Examples of observed commercial product yields from an S&W-IFP RFCC unit are 

Full combustion shown in Table 3.4.5. 
: Pa",, ,omb.,,io" 

Nitrogen, wl 5% Partial combustion + MTC 
Mefzls (Ni + V), wtppm 0-50 Catalyst cooler 
540'C + companen~s, 0-58 RFCC CATALYST 

Twa-stage regenerator - 
notp: -API - degrees on the   me ti- AIO,,C Catalyst Type  

can pIcroleum ~nntirure ~ c d a :  LV = liquid W i ~  MTC A successful RFCC operation depends not only on the mechanical design of the con- 
Catalyst coa1cr va t e r  but also on the catalyst selection. In order to maximize the amount of residual 
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content in the RFCC feed, a law-delta-coke catalyst must be employed. Delta coke is that for combustion to carbon dioxide, much less heat is transferred to the 
than a single-stage full-combustion regenerator. m or enample, a ~O,OOO-BPSD RFCC 
unit with a feed gravity of 22.5' API and a coke yield of 7.5 wt % at 66 percent coke 

Delta coke = wt % carbon an spent catalyst - wt % CRC bum in the first-stage regenerator has reduced the hear transferred to the by 
 here CRC = carbon on regenerated catalyst, or as approximarely 25 X 10' kcalih over a full-burn single-stage regenerator. 

The remaining carbon on the catalyst is burned in the second-~tage regenerator in 
(coke wt % feed) 

Delta coke = 
full combustian mode. Because of the elevated temperature, external are 

(catalyst-ta-oil ratio) employed to minimize regeneratox intemals and allow c a r b o n - ~ t ~ ~ l  construction. 

Delta coke is a very popular index and when increased can cause significant rises in 
regenerator temperature, ultimately reducing the amount of residual feed which can be Comparison of Two-S tage  Regenerat ion a n d  Single-Stage  ti^^ 
processed. Commercial delta coke consists af the following components: w i th  a Catalyst Cooler 

. catalytic coke (deposited slowly as a result of the catalytic reaction) Although both systems operate to control regenerator temperatures, the principles of . Feed-derived coke (deposited quickly and dependent on feed CCR) operation are significantly different. The advantages of the rwo.stage regeneration sys. 
tern become apparent us the feed becomes heavier andlor its metal content increases. . Occluded cake (entrained hydrocarbon) The benefits of a two-stage regeneration system over a $ingle-~tage system with a . contaminant coke (cake produced as a result of metal contaminant) catalyst cooler are briefly described as follows. 

Because the feed-derived coke becomes a large contributor to the overall delta coke in Lower Catalyst Particlo Temperature. A catalyst cooler removes heat after it is pro. 
processing residual feeds, it is crucial that the overall delta coke be minimized in a duced inside the regenerator, while less heat is pioduced in a two-stage regenerator 
RFCC operation. design. This results in a lower catalyst particle temperature during combustion, reduc. 

Stone & Webster-1FP typically recommends a catalyst with the following proper- in8 overall catalyst deactivation. Since the combustion is occurring in two steps, the 
ties which characterize it as a low-delta-coke catalyst: combustion severity of each step is low. In the first~stage regenerator, the catalyst 

. Low rare-earth ultrastable Y (USY) zeolite 
enters the bed from the top through the spent catalyst distributor the combustion 

. Equilibrium microactivity test (MAT) activity 60 to 65 

At high metal loadings the operator may also consider catalyst with vanadium traps. 

C a t a l y n  Addition 

Virgin residual feeds may contain large amounts of metals, which ultimately are 
deposited on the catalyst. Because of the mild two-stage regeneration, the catalyst 
metal content can be allowed to approach 10,000 wt ppm (Ni + V) before product 
yields are significantly affected. For an RFCC operation, catalyst addition is b a e d  on 
maintaining catalyst activity as well as metals on catalyst as opposed to maintaining 
only *&"ity far typical FCC gas oil operations. The most economical way to maintain 
both activity and metals is to add both fresh catalyst and equilibrium cata- 
lyst. Equilibrium catalyst is an effective metal-flushing agent; however, equilibrium 
catalyst does not contribute much cracking activity.' As a result, equilibrium catalyst 
is added with fresh catalyst in order to economically control bath the unit catalyst 
activity and metal content. 

TWO-STAGE REGENERATION 

1n the S&W-IFP two-stage regeneration process, the catalyst is regenerated in two 
steps: 50 to 70 percent in the first-stage regenerator and the balance in the second- 
stage regenerator. The first-stage regeneration is controlled by operating the first stage 

Carbon burned, % of lnltlal Carbon 

in an oxygen-deficient environment, producing significant amounts of carbon monox- FIGURE 3.4.4 Hydrogen and hydrocarbon 
ide. since the hear of combustian of carbon to carbon monoxide is less than one-third bum rates. 
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Betfar Mtfol Resisto>>ce. When ~efiners run high-metal feeds, it is very advnnta- . No tube sheet required 
geous to be able to run with high metal levels on the equilibrium catalyst. Studies High mechanical reliability 
have clearly shown that high metal levels (particularly vanadiumj leads to excessive 
catalyst deactivation in the presence of steam and oxygen. Since most of the steam in Cold wall design 

a regenerator comes fiom the hydrogen in the coke, the moisture content can be calcu- All carbon-steel construction 
lated in a straightforward manner. For a single-stags regenerator this will usually he High heat uansfer-low tube wall temperature 
more than 10 percent moisture. When steam and vanadium react in the presence of 
oxygen, vanadic acid is formed, which attacks the alumina in the catalyst zeolite struc- . 100 percent on-stream factor 

ture Massive dealurnination causes the collapse of the zeolite structure, and the result- 
ing catalyst is Left with little activity. The equations 

Cata1yst cooler duties can range from as low as 2 x 106 kcal/h up to 35 x 106 kca]h. 
In the event that more than a 35 x lo6 kcalh is required, catalyst 

2V + XO, + V,O, coalers can be employed on aregenerator. 
A schematic diagram for a catalyst cooler coupled to a regenerator (second.stage 

regenerator in a two-stage regeneration system) is shouzn in ~ i ~ .  3.4.5. catalyst level 
inside the cooler is controlled by the inlet catalyst slide valve. G~~~~ temperature con. 

V,O, + 3H20 + ZVO(OH1, trol of the regenerator is achieved by the bottom catalyst slide valve and fine tempera. 
vanadic acid ture control is made by the cooler fluidization air. 

describe the generation of vanadic acid. As a result, catalyst in a single-stage regener- 
ator operating in the presence of excess mygen and steam is prone to vanadie acid 

Staging the regeneration can be particularly effective in this situation. In the first- 
Sew-IFP TECHNOLOGY FEATURES 

stage regenerator, most of the hydrogen (and subsequent water vapor) is removed at 
low tempcrabre without the presence of oxygen. This is followed by a full-burn set- S a W - I m  offers many technology features which improve the product seiectivity, ",,it 
ond-stage regenerator where there is excess oxygen but very little moisture. Vanadium capacity. and operability of our RFCC designs. These same features are to 
destruction of the catalyst structure is minimized, since very little V,O, is present in refiners who wish to upgrade existing FCC units. In fact, various aspects ~ f t h ~  S&W. 
the first-~tage regenerator because of the lack of oxygen and lower temperature, while IFP FCC process have been applied to over 50 FCC revamps. 

vanadie acid is minimized in the second-stage regenerator by lack of water. In other 

2 v  + XO, + v,05 
proceeds very slowly in the tirst-~tage regenerator because of a lack of oxygen while 
the reaction 

V,O, + 3H,O + 2VO(OH), 

proceeds slowly in the second-stage regenerator because of low steam content. 
The two-stage regeneration is clearly less severe with regard to catalyst deactiva- 

tion and this, coupled with the newer generation of catalyst with vanadium traps, will 
allow refiners to run heavier crudes more efficiently and economically than ever 

Catalyst Cooler System 

The S&W-IF'P heavy residual RFCC units (feed CCR greater than 6.0 wt % or 7.0 wt 
%with MTC) design includes a well-proven catalyst cooler system. The same catalyst 
coaler design can also be provided for an existing FCC regenerator. This design is 
aperating in more than a dozen units, with several more in the design and construction 
stages. A few features of the Stone & Webster catalyst coaler system are 

. Dense-phase, downward catalyst flow . Slide-valve-confrolled catalyst circulation . Turndown capability from 0 to 100 percent 

I 
I 
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Feed Injection S y s t e m  the oil into thin sheets that the steam shears as it moves across and through the oil. 
The oil mist is injected into the riser through a specially designed tip which ensures 
maximum riser coverage without impinging and damaging the riser wall. 

This feed injection system was developed for RFCC operations where the residual 
feed is highly viscous and difficult to atomize. In order to provide adequate atamiza- 
tion of the residual feedstock, this nozzle design uses oil pressure, steam pressure, and 
steam rate. For vacuum gas oil feedstocks which are considerably easier to atomize, 
oil pressure and steam rates can be reduced below those of residual operations. . ~ ~ ~ ~ ~ . ~ h ~ ~ ~  flow of catalyst up to the feed injection point, employing small quanti- 

ties of to stabilize catalyst flow and maintain a uniform catalyst flux across 

Mix Tempera tu re  Control . ~ ~ ~ ~ i ~ ~ ~ i ~ ~  of the feed to the riser using steam in a simple but efficient 
two.fluid not involving internals subject to plugging and erosion. An important concern in processing heavy feedstocks with substantial amounts of 

residual oil is ensuring rapid feed vaporization. This is critical to minimize unneces- . ~n t ro~uc ing  feed into an upward.flowing dense phase of catalyst in a manner which 
achieves the penetration and turbulence necessary to accomplish rapid heat transfer svry coke deposition due to incomplete vaporization. Unfortunately, in conventional 

from the hot ~ata lys t  to the fine oil droplets, ensuring rapid vaporization. designs, the mix temperature is essentially dependent on the riser outlet temperature. 
Typically the mix temperature is about 20 to 40°C higher than the riser outlet temper- 

~ ~ b l ~  3.4.6 lists actual yield improvements observed after replac- ature and can be changed only marginally by catalyst-to-oil ratio. 
ing an older feed injection system with the S a w - W  design. In many cases, raising the riser outlet temperature to adjust the mix temperature is 

~~~i~ elements S&W.IFP feed injection nozzle are shown in Rg .  3.4.6. This not desirable since this may result in undesirable nonselective cracking reactions with 

two.fluid works by injecting oil under pressure against a target plate to break high production of dry gas. The problem becomes even mare critical with less severe 
operating conditions for manimum distillate production. To address this problem and 

TABLE 3.4.6 Incremenral SBW-IFP Feed Injection 
System Product Yields 

Delta Yields 

. An upstream zone, characterized by high temperature, high catulyst-to-oil ratio, and 
Dry gas, wt % very short cantact time. 

A downstream zone, where the reaction proceeds under more conventionnLand 
Gasoline, LV 9% milder catalytic cracking conditions. 

Creating two separate cracking zones in the riser permits fine tuning of the feed 
vaporization and cracking to desired products. With MTC, it is possible to raise the 

conversion, LV % mix temperature while maintaining or even lowering the riser outlet temperature. 
Figure 3.4.7 illustrates the MTC nozzle arrangement and the three temperature zones. 

The primary objective of the MTC system is to provide an independent control of 
the mix temperature. However, as a heat-sink device similar to a catalyst cooler, MTC 
can be used to increase the amount of residual feed processed in the unit. 

Riser Termination Device 

Numerous studies have shown that postriser vapor residence time leads to thermal 
cracking and continued catalyst cracking in the reactor vessel. Unfortunately, these 
Postriser vapor-phase reactions are extremely nonselective and lead to degradation of 
valuable liquid products, high dry-gas make, and high hydrogen transfer in liquefied 
petraleum gas (LPG) olefins (low olefin selectivity). The factors that contribute to 
these phenomena are temperature, time, and surface area. S&W-IFPs riser termina- 
tion technology is designed to control all three factors. 

S&W-lm's Ramshom riser termination device, shown in Fig. 3.4.8, quickly sepa- 
ncunE 3.4.6 s a w - m  feed injection nozzle. rates the catalyst from the vapor. Reactant vapors are ducted to near the reactor 
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f 

FIGURE 3.4.7 Mix zone tcmperatvie control 

ncum 3.4.8 Ramshorn riser rsrmina~ion dcvicc. 

TABLE 3.4.7 Impact of Reactor Vapor Quench 
on FCC Yields 

Unit A Unit B 

Temperature. 'C: 
~ i e r  outlet 513 549 
After quench 484 519 

Yield shifts, wt 46: 
Dry gar -0.23 -0.80 
Gasoline + 0 4 3  + I 8 0  
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New Second 
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REGENERATOR 

The fluid catalytic cracking (FCC) unit is the most important and widely used heavy 
w Feed Nonies  oil conversion process in the modern refinery. Histaricdly, the FCC unit has operated 

FIGURE 3.4.10 Sideby-side regenerator RFCC revamp design. in maximum gasoline and maximum distillate modes, depending on seasonal product 
demands and refinery locale. Recently, with the advent of reformulated gasoline 
requirements, the FCC unit has been increasingly required to operate in the maximum 
alefin mode. Light isaolefins, isabutylene and isoamylene, from the FCC unit are a 

REFERENCES necessary feedstock for methyl tertiary butyl ether (MTBE) and tertiary amyl methyl 
ether (TAME) oxygenated reformulated gasoline blending components. Increased 

I. Mott. Raymond, "FCC Catalyst Management for Raid Pmccssing," Finf FCC Forum, Stone alkylate demand to meet reformulated gasoline requirements also necessitates an 
& Webster Engineering Coipoiation, The Woodlands, Tei., May 11-13. 1994. increase in light olefins. 

2. Reynolds, B. E., E. C. Brown, and M. A. Silverman. "Clean Gmoline via VRDSIRFCC;' At the same time as these changes are occurring in the refining industry, the peuo- 
Hydrocarbon Processing, April 1992, pp. 43-51. chemical industry is experiencing increased demands far propylene for the manufx-  

lure of polypropylene products. Nearly half of the propylene used by the chemical 
industry is obtained from refineries, and the remainder from steam cracking (SC).' As 
a result, the demand for propylene from both FCC uniu and SC units is rising. 

It is certain that the isoolefin demand for oxygenated gasoline blending compo- 
nents will continue to grow through the end of the century. In addition, the demand for 
propylene, both as an alkylation feed and for polypropylene production, is also expect- 
ed to grow. This of course places a considerable suain on the FCC unit and SC in 
order to meet the demand. Obviausly, a need for an economical light olefin generating 
pmcess is required to meet the demand of these light olefins (C, through C,). 

To this end, Stone & Webster has entered into an agreement with the Research 
Institute of Petroleum Processing (RIPP) and Sinapec International, both located in 
the People's Republic of China, to exclusively license RIPP's deep catalytic cracking 

3.101 
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ed by adjusting the catalyst bed height (hydrocarbon weight hourly space velocity) 
The flue gas haddling qystem, downstream of the DCC regenerator, requires con- 

above the riser distributor. Two-stage high-efficiency reactor cyclones remove siderations no different than those of a FCC system. It consist8 of a flue gas slide 

entrained catalyst from the reactor vapors. Products, inerts, steam, and a small amount valve ta control the differential pressure between the reactor and regenerator followed 

of catalyst flaw from the reactor into the base of the main fractionator to begin prod- by w orifice chamber. Heat is recovered by a flue gas coolei in the form of high-pres- 
sure superheated steam. Depending on local particulate emission specifications, the 

The catalyst slide valve controls the reactor bed temperature by regu- system may contain a third-stage cyclone separator upstream of the flue gas slide 

lating the amount of hot regenerated catalyst entering the risei. Nominal reactor tem- valve or an electrostatic precipitator (ESP) upstream of the stack. SOx or NOz emis- 

pervtures and pressures are listed in "Operating Conditions" below. sion requirements may necessitate a nue gas scrubber or S0;capturing catalyst addi- 

The stripper portion of the reactor vessel uses baffled stages and staged stripping. A tive to reduce SO,r emissions and/or a selective catalytic reduction (SCR) process for 

prestripping steam ring, located beneath the first stripper baffle, strips the volatile 
hydracarbon material just as the catalyst enters the stripper. Without this initial sttip- 
ping, volatile hydrocarbon adsorbed on the catalyst might otherwise react to form poly- 
meric coke as the catalyst travels down the stripper. Steam from the main steam ring 
fluidizes the catalyst bed, displaces the entrained hydrocarbons, and strips the remain- 
ing adsorbed hydrocarbons from the catalyst before it enters the regeneration system. A 
steam fluffing ring, located in the bottom head of the stripper, keeps the catalyst prop- The most critical part of the DCC process is the catalyst. RIPP's research and devel- 
u l y  fluidized and ensures smooth ~ ~ t a l y s t  now into the spent catalyst standpipe. opment efforts have resulted in the development of several proprietary catalysts, each 

Spent catalyst leaves the stripper through a slanted standpipe. Aeration taps, locat- 
ed stepwise down the standpipe, serve to reaerate the catalyst and replace gas volume 
lost by compression. The spent catalyst slide valve, located near the point where the 
standpipe enters the regenerator, maintains proper bed level in the reactoristripper. 
Reactor bed level is optimized with respect to conversion and unit operability. selectivity and low hydrogen transfer reactions. The catalyst also exhibits a high 

Spent catalyst is dispersed inside the regenerator by a catalyst distributor just above degree of hydrothermal stability and low coke selectivity. 
the combustion air lings. Combustion air rings provide even air distribution across the CS-I and CZ-l were developed to produce high isabutylene and isoamylene selec- 

bed, resulting in proper fluidization and combustion. The regenerator oper- tivity as well as propylene selectivity. Again, these catalysts are -ow-hydrogen-trans- 
ates in a full combustion mode with approximately 2 vol %excess oxygen. Regenerator fer catalysts with good hydrothermal and coke-selective properties. 
flue gases exit through two-stage high-efficiency regenerator cyclones which remove All three types of catalyst are currently manufactured by Qilu Petrochemical 
eltrained catalyst from the flue gas. Typical regenerator temperature is near 700'C. Company's catalyst facility in China. Stone & Webster is currently qualifying a sec- 
Regeneratorlreactor differential pressure is controlled by a flue gas slide valve. ond DCC catalyst supplier outside China. 

Hot regenerated catalyst is withdrawn from the regenerator, just below the regener- 
ator bed level, into a catalyst withdrawal well. The withdraupal well allo~ua the catalyst 
to deaerate properly to standpipe density before entering the vertical regenerated cata- 
lyst standpipe. A small air ring located in the withdrawal well serves to maintain prop- FEEDSTOCKS 
er catalyst fluidization. Aeration taps, located stepwise down the standpipe, serve to 
reaerate the catalyst and replace gas volume lost by compressian. Catalyst passes 
through the regenerared catalyst slide valve, which controls the reactor temperature by 

The DCC process is applicable to various VGO feedstocks for prapylene and iroolefin 

regulating the amount of hot catalyst entering the riserlreactor section. A straight ver- 
production. Feedstocks may also include wan, naphtha, and residual oils. Paraffinic 

tical section below the feed nozzles stabilizes the catalyst now and serves as a reverse 
feedstocks are preferred: however, successful pilot plant trails have also been per- 

real, preventing oil reversals into the Here, stabilization steam nozzles formed with naphthenic and hydrotreated aromatic feeds. 

redistribute the catalyst, maintaining a dense catalyst phase, as it travels up toward the 
critical feed injection zone. 

The DCC gas recovery section a low-pressure-drop main fractionator 
design with warm r d u n  overhead condensers to condense the large amounts of steam 

OPERATING CONDITIONS 

used in the converter. A large wet gas compressor is required, relative to FCC opera- 
tion, because of the high amounts of dry gas and liquefied petroleum gas (LPG). The A range of typical operating conditions for both Type I (maximum propylene) and 
absorber and sttipper columns, downstream of the wet gas compressor, are specifically Type I1 (maximum isoolefins) is shown in Table 3.5.2. Also indicated are typical FCC 
designed for enhanced C, recovery at relatively low gasoline rates. Following the tra- and SC operating conditions for comparison. A more severe reactor temperature is 
ditional debutanizer and depropanizer for contaminant removal, a deethanizer and C, required for the DCC process than for FCC. Type U DCC reactor temperature is Less 
splitter are required to produce palymer-grade propylene. For DCC units in or near a severe than Type I, to increase isoalefin selectivity, but still more than FCC. Steam 
petrochemical process, a cryogenic ethylene recovery unit utilizing Stone & Webster's usage for DCC operations is more than for FCC, but considerably less than for SC. 
Advanced Recovery System (ARS) technology may be of interest for ethylene recov- DCC catalyst circulation rates are higher than FCC operations, while regenerator tem- 
ery and essentially complete propylene recovery. peratares are similar or less. 





CATALYTIC CRACKING 

TABLE 3.5.5 DCC Maximum Isaolefin 
Yields (Type 11) 

Component Yield, wt % of feed 

TABLE 3.5.6 Olefin Isomer Distribution DCC Type I1 
operation 

Equilibrium DCC msx 
component value isoo1efln 

Butylene isomers: 
I-butene, wf % 
t-2-butenc. wt % 
c-2-buiene, wf % 
isobulylcne, wr % 

Amylene isomers: 
1-pcnrene, wt % 
I-2-pentene, wt % 
c-2-penrene, wt % 
isoamylene, wt % 

Source: Z. T. U. W. Y. Shi, N. Pm, andP. b lain%, "DCC 
Flexibility for lsoolefins Produolion," Aduonirr in Fluid 
Carrlyiic Cmrking. ACS, vol. 38, no. 3, PP. 581-583. 
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highly endothermic, is favored by high reaction temperature and low pressure, and is low pressure. this ratio is 0.67 for methylcyclopentane and 0.81 for dimethyicyclo. 
by the metal catalyst function. Because this reaction proceeds mpidly and 

piodllces hydrogen as well as aromatics, naphthenes are the most desirable component 
in the Platforming feedstock. 

~sor ter i ra t ion of Pareffins a n d  Naphthener. The isomerization of an alkyicy- 

clopentane to an alkylcyclohexane must take place before an alkylcyclopentane can be 
converted to an aromatic. The reaction involves ring rearrangement, and thus the pos- 
sibility for ring opening to form a paraffin exists. The paraffin isomerization reaction 

rapidly at commercial operating temperatures. Thermadynamic equilibrium, 
however, slightly favors the isomers that are more highly branched. Because 
brunched-chain isomers have a higher octane then straight-chain paraffins, this reac- 
tion makes a contribution to product octane improvement. Isomerization reactions are 
promoted by the acid-catalyst (unction. 

Deltydrocyclizafion of Paraffiir?~. The most-difficult Platforming reaction to pro- 
mote is the dehydracyclization of paraffins. This reactian consists of difficult molecu- 
lar of a paraffin to a naphthene. Paraffin cyciization becomes easier 
with increasing molecular weight of the puraffifin because the probability of ring for- 
mation increases. Partially offsetting this effect is the greater likelihood of the heavy 
paraffins to hydracrack. Dehydrocyciization is favored by low pressure and high tem- 
perature and requires both metal and acid catalyst functions. 

Crocking: Hydrocrocking andDeolkykztion. The difficulty of naphthene isomeriza- 

tion and paraffin cyclization combined with the acid function dictates a high probabii- 
ity for paraffin hydracracking. Paraffin hydrocracking is favored by high temperature 
and high pressure. As paraffins crack and disappear from the gasoline boiling range, 
thp ~emaining aromatics became concentrated in the product, thereby increasing prod- 
uct octane. However, hydrogen is consumed, and the net liquid product is reduced. 

The dealkylation of aromatics entails either making the alkyl group (a side chain 
on the aromatic ring) smaller or removing the alkyl group completely. An example of 
the latter is converting toluene to benzene. If the alkyl side chain is large enough, the 
reaction is similar to paraffin cracking. Dealkylstion is fzvorzd by high temperature Percentage of Catalyst 

and high pressure. FIGUBE 4.1.7 Hydrocarbon-type pmfi!es. 

Relative Reaction Rate  

The primary reactions for the C, and C, paraffins proceed at vastly different rates. 
Because the hydrocracking rate for hexane is at least 3 times greater than lhe dehydm- 
~ ~ c l i z a t i o n  rate for henune, only a small fraction of normal hexane is converted into 
aromatics. The rate of heptane dehydracyclization is approximately 4 times that of 
henane. Therefore, u substantially greater conversion of normal heptane to aromatics 
occurs than for hexane. 

Reactions of naphthenes in the feedstock show significant differences between the 
alkylcyeiopentanes and the alkylcyclohexanes. The vlkylcyclopentanes reart slowly 
and follow two ~ompeting paths. The desired reaction is isomcrizatioo to an alkyicy- 
cloherane followed by dehydrogenation to aromatics. The competing reaction is decy- 
clization to form paraffins, In contrast, the aikylcycloheranes dehydrogenate rapidly 
and nearly completely to vlomatics. 

The relative ease of isomerization to an alkylcyclohexane increases with increasing 
carbon number. The ratio of aikyicyciopentane isomerization rate to total alkyi- 

Percentage ol Catalyst 

cyciopentane reaction rat* demonstrates the selectivity to farm aromatics. At EIGURE 4.1.8 Reaclmt-type conueniii PPPf i~e~ ,  
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clopentanes are more reactive and selective than paraffins. they still produce a signifi- 
cant amount of nonaromatic products. Alkylcyclohenanes are convened rapidly and 
quantitatively to aromatics and make the best reforming feedstock. As n general rule, 
heavier components convert more easily and selectively to aromatics than do the 
lighter components. 

Heats of Reaction 

Typical heats of reaction far the three broad classes of Platforming reactions are pre- 
sented in Table 4.1.1. The dehydrocycliration of paraffins and dehydrogenation of 
naphthenes are endothermic. In commercial Platforming units, the majority of these 
reactions take place across the first two reactors, as indicated by the large negative- 
temperature differentials observed. In the final reactor, where a combination of 

Percentage of Catalyst fin dehydrocyclizatian and hydrocracking takes place, the net heat effect in the reactor 
may be slightly endothermic or exothermic, depending on processing conditions, feed 

FIGURE 4.1.9 cyclopsntsns canver~ion by carbon number. characteristics, and catalyst. 

Platforming catalysts are heterogeneous and composed of a base support material 
(usually AlzO,) on which catalytically active metals are placed. The first Platforming 
catalysts were manometallic and used platinum as the sole metal. These catalysts were 
capable of producing high octane products; however, because they quickly deactivated 
as a result of coke formation on the catalyst, they required high-pressure, low-octane 
Plalforming operations. 

As refiners needed more activity and stability to move to lower pressure and higher 
octane, UOP introduced bimetallic catalysts in 1968. These catalysts contained plat- 
inum and a second metal, rhenium, to meet increasing severity requirements. Catalyst 
metals are typically added at levels of less than 1 wt % of the catalyst by using tech- 
niques that ensure a high level of metal dispersion over the surface of the catalyst. To 
ensure the dual functionality of the catalyst, a promoter such as chloride or fluoride is 

Percentage 01 Catalyst added. The dual function refen to the faet that some Pletfonning reactions are metal- 
catalyzed and others are acid-catalyzed as described in the "Reactions" section of this 

FIGURE 4.1.10 pamffln conversion by carbon number. chapter. Most catalyst development for SR Platforming has followed the path of maxi- 
mizing the efficiency and balance found in the dual-function catalyst system. 

The performance of UOP commercial fixed-bed catalysts is shown in Fig. 4.1.11. 
pigure 4.1.8 illustrates the conversion of the three reactive species in the The R-56* catalyst, which was first commercialized in 1992, is UOP's most stable and 

Platforming feedstock. rates of conversion are markedly different. In the most active SR Platforming catalyst. In addition to R-56, UOP has recently introduced 

first 20 percent ,,f the 90 percent of the cyclohenanes are converted, but con- the R-72' catalyst, which is a high-yield, bimetallic catalyst. The key feature of the 

version is  15 percent for cyclopentanes and 10 percent for paraffins. R-72 catalyst in comparison to conventional platinum-rhenium (Pt-Re) catalysts is its 

c ~ ~ I ~ ~ ~ ~ ~ ~ ~ ~  are much less reactive than cyclohexanes. 
~i~~~~ 4.1.9 $how$ the relative reaction rate of cyclopentanes by carbon number. *Trademark nndior service mild of UOP. 

Heavier components, which haye a greater probability of isometizing from a five- to 
six.carbon ring, convert more readily thm do the Lighter components. The most-diet- 
cult reaction, the conversion of paraffins, is characterized by carbon number in Figure 
4.1.10. with the cyclopentanes, the heavier paraffins convert more readily than do TABLE 4.1.1 neat$ of ~ e a ~ t i o n  AH 

the lighter paraffins, ~h~ ease of conversion associated with increasing carbon ~erction AH, Wlmol H, 
number for alkylcyclopentanes and paraffins explains why higher-boiling-range feed- 
stocks are easier to process. Paraffin to nvphthene t43.93 (endothermic) 

In summary, paraffins have the lowest reactivity and selectivity to aromatics and Naphthene to aromatic 170.71 (endothermic) 
are the most difficult to process in a Platforming unit. Although alk~lcy-  Hydrocracking -56.48 (exothermic) 
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R-I30 series catalyst have further optimized the CCR Platforming process. with the 
R-I30 series, new units can be built with a lower inventory of catalyst, and throughput 
or octane or both can be increased in existing units. Other benefits of the R-130 series 
catalyst include low attrition, longer life, constant yields, and characteristics that lead 
10 lower utilities and reduced environmental emissions. 

PROCESS VARIABLES 

This section describes the major process variables and their effect on unit perfor- 
mance: catalyst type, reactor pressure, reactor temperature, space velocity, hydrogen- 
to-hydrocarbon (H21HC) molar ratio, chargestock properties, catalyst selectivity, and 
catalyst activity. The relationship between the variables and process performance is 
generally applicable la both SR and continuous regeneration modes of operation. 

Catalyst Llle 

FIGURE 4.1.11 performance summary of commsrcial fired-bed UOP 
Platforming cafdyso. Catalyst selection is usually tailored to the refiner's individual needs. A particular cat- 

alyst is typically chosen to meet the yield, activity, and stability requirements of the 
refiner. This customization is accomplished by varying basic catalyst formulation, 

ability to mare convert paraffins and naphthenes to aromatics with less chloride level, platinum content, and the choice and quantity of the second metal. 

cracking to light end  he R-72 catalyst consistently gives a 1 to 2 LV % C5+ Differences in catalyst types can affect other process variables. For example, the 

advantage to ~ t - ~ e  catalysts. However, the R-72 catalyst is not so sta- required temperature to pioduce agiven octane is directly related to the type of catalyst. 

ble as the p t . ~ ~  TO address the stability requirement, UOP has developed a 

unique staged.loading in which the R-72 catalyst is loaded into the 
front reactors and the R-56 catalyst is loaded into the back reactor. In this manner, the Reanor Pressure 
refiner obtains the full benefit of the R-72 catalyst and the activity and stability 
of the R-56 catalyst. The average reactor operating pressure is generally referred to us reactor pressure. 

with the introduction the UOP CCR Platforming process in 1971, Platforming For practical purposes, a close approximation is the last reactor inier pressurcThe 
development began a second parallel track to address the specific needs of the 

continuous process. ~h~ first UOP CCR Platforming unit used a conventional Pt-Re 
but UOP developed the R-30* series catalyst to provide higher yields 

of gasoline and hydrogen. catalyst development far the CCR Platforming Process has 
focused on the following broad areas: 

. ~~~~r coke make to reduce regenerator investment. . ~ i ~ h ~ ~  tolerance to regeneration cycle to maximize catalyst life and mini- 
mize catalyst costs.  hi^ area includes improvement (reduction) in the rate of sur- 
face area decline, which is imponant because reduced catalyst surface m a  increas- 
es ale difficulty of dispersing the metals on the catalyst surface. Reactor Temperature . ~~~~~~~d to reduce attrition in the unit as a result of catalyst trans- The primary control for product quality in the Platforming process is the temperature 

of the catalyst beds. Platfarming catalysts are capable of operating over a wide range . ~~~~l~ to reduce the metal content of the catalyst and thus reduce the of temperatures. By adjusting the heater outlet temperatures, a refiner can change the 
refinery working-capital requirement. octane of the reformate and the quantity of aromatics produced. 

The reactor temperature can be expressed as the weighted average inlet tempera- 
I,, 1992, UOP the R-1301 CCR Platforming catalyst series. The lure (WAIT), which is the summation of the product of the fraction of catalyst in each 

R.130 series is characterized by high surface-area stability, activiry, and strength. The reactor multiplied by the inlet temperamre of the reactor, or as the weighted average 
bed temperature (WABT), which is the summation of the product of the fraction of 

r ~ ~ ~ d ~ ~ ~ k a n d l ~ ~ r e r v i s s  mmkoiUOP. catalyst in each reactor multiplied by the average of its inlet and outlet temperatures. 
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Temperatures in this ~hapter  refer to the WAIT calculation. Typically, SR Platforming which is not converted to valuable aromatics products; serve to dilute the final prod. 
units have a WAIT range of 490 to 525-C (914 to 922DF). CCR Platforming units uct; and have a negative impact on the design of the unit. F O ~  this ieason, feedstocks 
operate at a WAIT of 525 to 540°C (977 to 1004°F). are generally C6+ naphthas. The endpoint of the chargestock is set by the 

gasoline specifications for the refinery with the realization that a significant rise, typi. 
cally 15 to 25°C (27 to 45°F). in endpoint takes place between the naphtha charge 

Space Velocity 
refomate product. 

The effect of hydrocarbon types in the chargestock on aromatics yield was dis. 
space ~e loc i ty  is a measurement of an amount of naphtha processed over a given cussed in the "Process Chemistry" section and can be further illustrated by 

amount of catalyst over a set length of time. Space velocity is an indication of the resi- a broad range of chargestock compositions. Licensers typically develop a large data. 

dence time of contact between reactants and catalyst. When the hourly volume charge base of feedstocks that have been analyzed and tested under conirolled to 
rate of naphtha is divided by the volume of catalyst in the reactors, the resulting qua- characterize expected reforming yields over a range of octanes. m i s  database allows 

tient, expressed in units of h-l ,  is the liquid hourly space velocity (LHSV). yields to be predicted for future chargestacks of known composition. pour charge. 

Alternatively, if the weight charge rate of naphtha is divided by the weight of catalyst, stacks of widely varying compositions were chosen from such a database and are sum- 
the resulting quotient, also enpressed in units of h-', is the weighted hourly space marized in Fig. 4.1.12, 

~eloci ty  (WHSV). Although both terms are expressed in the same units, the calcula- The chargestock range chosen covers lean through rich feeds. 'rhe aromatics.plus. 

tions yield different values. Whether LHSV or WHSV is used depends on the custom- cyclohexanes content is a measure of their ease of conversion, and the paraffins.plus. 

ary way that feed rates are expressed in a given location. Where charge rates we nor- cyclopentvnes content indicates the difficulty of reforming reactions. ~h~ effect 

mally expressed in barrels per stream day, LHSV is typically used. Where the rates are feedstock composition an aromatics yield is shown in Fig 4.1.13. conver. 
expressed in terms of metric tons per day, WHSV is preferred. sion leads to an increase in the total yield of aromatics for each the feedstocks, 

space velocity works directly with reactor temperature to set the octane of the Feeds that are easier ta process produce the highest yield of aromatics at any level of 

~ raduc t .  The greater the space velocity, the higher the temperature required to produce conversion. 

a given product octane. If refiners wish to increase the severity of a reformer opera- 
tion, they can either increase the reactor temperature or lower the space velocity by 
decreasing the reactor charge rate. At constant severity, a change in space velocity Catalyst Selectivity 
with the corresponding change in required WAlT has, at best, a small impact on prod- 
uct yields. Higher space velocities may lead to slightly higher yields as a result of less 
time available in the reactors for dealk~lation reactions to take place. This advantage 
i4partially offsfset by the higher rate of hydrocracking reactions at higher temperatures. 

Hydrogen-to-Hydrocarbon Molar Ratio 

The H,MC ratio is the ratio of moles of hydrogen in the recycle gas to moles of naph- 
tha charged to the unit. Recycle hydrogen is necessary to maintain catalyst-life stabili- 
ty by sweeping reaction products from the catalyst. The rate of coke formation on the 
catalyst is a function af the hydrogen ~a r t i a l  pressure present. 

An increase in the H P C  ratio increases the linear velocity of the combined feed 
and supplier a greater heat sink far the endothermic heat of reaction. Increasing the 
ratio also increases the hydrogen partial pressure and reduces the coking rate, thereby 
increasing stability with little effect on product quality or yields. Directionally, lower 
HJHC ratios provide higher C,+ and hydrogen yields, although this benefit is difficult 
to measure in commercially operating units. 

Chargestock Properties 

Chargestack characterization by hydrocarbon type (paraffin, naphthene, and aromat- 
ics) and a distillation analysis are required to predict the performance of the 
Platforming unit in terms of total liquid reformate and hydrogen yield as well as cat- P = Paraffin 
dytic activity and stability. Chargestocks with a low initial boiling point (IBP), less N = Naphthene 

than 75'C (167OF) measured according to American Society for Testing and Materials 
A = komatics 

~ ~ ~ c i f i c a t i o n  ASTM D-86, generally contain a significant amount of C5 material, FIGURE4.1.12 Naphthacharactsrization by hydmcarbon typs. 

! 
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Movable-Catalyst-Bed Sys tem 

In a conventional SR Platforming unit, the reactors are configured side by side. The 
CCR Platfo~ming unit user a UOP-patented reactor stack. The reactors are stacked one 
on top of another to achieve a compact unit that minimizes plot area requirements. The 
catalyst flaws gently by gravity downward from reactor to reactor and this flow simpli- 
fies catalyst transfer and minimizes attrition. Catalyst transfer is greatly simplified in 
comparison to other reforming technologies, which employ side-by-side reactor config- 
urations that require the catalyst to be pneumatically lifted from the bottom of each 
reactor to the downstream reactor. In contrast, with the reactor stack, catalyst is lifted 
only twice during each cycle: from the bottom of the reactor stack to the tap of the 
regenerator and then from the bottom of the regenerator back to the top of the reactor 
stack. The catalyst transfer requires no operator intervention. Catalyst transfer rates 
have been designed from as low as 91 k # %  (200 ihh)  to as high as 2721 kg/h (6000 

Feed Conversion, % lbh), depending on the capacity and the operating severity of the Platforming unit. 

FIGURE d1.D Fredstock convsrrian mnd aromatics yield. 

The ability to continuously regenerate a controlled quantity of catalyst is the mostsig- 
Catalysi Activity nificant innovation of the CCR Platforming unit. The catalyst flows by gravity from 

the last reactor into an integral (to the reactor) catalyst collector vessel. The catalyst is 
Activity is the ability of a catalyst to promote a desired reaction with respect to reac- then lifted by either nitrogen or hydrogen lifting gas to a catalyst hopper above the 
tion rate, space velocity, or temperature. Activity is also expressed in a relative sense regeneration tower. Catalyst then flows to the regeneration tower, where the catalyst is 
in that one catalyst is more active than another. In motor fuel applications, activity is reconditioned. Regenerated catalyst is then returned to the top of the reactor stack by a 
generally expressed as the temperature required to produce reformate at a given transfer system similar to that used in the reactor-regenerator transfer. Thus, the reac- 
octane, space velocity, and pressure. A more-active catalyst can pmduce the desired tors are continuously supplied with freshly regenerated catalyst, and product yields are 
octane reformate at a lower temperature. maintained at fresh catalyst levels. 

The regeneration and reactor sections of the unit are easily isolated to permit a 
shutdown of the regeneration system for normal inspection or maintenance without 
intempting the Platforming operation. 

CONTINUOUS PLATFORMING PROCESS Improvements are continuously being made in the CCR regeneration section design. 
In addition to its atmospheric and pressurized regenerators, UOP introduced the 

In parallel with bimetallic catalyst improvements and SR Platforming process and CycleMax* regenerator in 1995. The CycleMax regenerator incorporated the latest inno- 
regeneration advancement, UOP began to develop the CCR Platforming process. To vations and combined them wiUl the best aspects of previous generations at lower cost. 

provide continuous Platforming operation, UOP eliminated the necessity of regenera- 
tion in sit" by implementing continuous regeneration. In the CCR Platforming unit, 
partially aged catalyst in the reactors is continuously replaced with catalyst that has Low-Pressure-Drop Features 
been freshly regenerated in an external regenerator (CCR section) to maintain a low 
average age for the reactor catalyst. Thus, continuous high-selectivity and high-activi- Minimum pressure drop in the reactor section is critical for efficient ultralow-pressure 
ty characteristics associated with new catalyst can be achieved at significantly higher operation. Low pressure drop minimizes recycle gas compressor differential pressure 
severities than with the SR Platforming process. For example, a SR Platforming unit and horsepower. The result is lower utility consumption. The cost for even one pound 
operates at a severity that steadily builds coke up on the catalyst surface over the of additional pressure drop across the compressor is high. Minimum pressure drop 
length of a cycle (6 to I8 months), at which point the unit is shut down and the cata- also permits the operation at the lowest possible average reactor pressure, which 
lyst regenerated. Throughout the cycle, yields decline. In contrast with a modern CCR increases reformate and hydrogen yields. 
Platforming unit, the catalyst is regenerated approximately every 3 days, and yield UOP employs a variety of special equipment to minimize the pressure drop 
aaes not decline. throughout the plant circuit. Either vertical combined feed-effluent exchangers 

The CCR Platforming flow scheme incorporates many engineering innovations. (VCFEs) or new PACKINOX* welded-plate exchangers introduced in the 1990s are 
Depending on the size of the unit, many SR Platforming units are also built to include used to maximize thermal efficiency and minimize pressure drop. The patented reac- 
some of these innovations. This design allows for an easier transition between SR and 
CCR Platforming units if the SR Platfarming unit is later converted to meet future 
operating requirements. -~ndcmark and/or rervics msrk of UOP. 
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- .  . . 
increased as a result of more-selective processing. This advantage car; be lost if a 
recovery system is not installed downstream of the reactor section. At low operating 
pressures, the flash pressure of the separator has been reduced. The vapor Liquid equi- 

. . " 
elevated pressure to obta~n ,"creased hqu~d  recovery and hydrogen purlty 

Another method tnvolves chtlltng the net-separator gas Depending on downsueam 

that improves thekeco;ery of the liquid prod& a t  minimum operating costs. 

Advantages of CCR Platforming 

From both economic and technical standpoints. the C C R  Platforming process is supe- 
rior to the SR Platforming process. The following reasons are provided to substantiate 
that claim: 

The CCR Platforming unit allows for the lowest possible pressure operation and the 
hi~hest  oaasible yields. At these conditions, the SR Platforming catalyst is com- 

~Tradernarkandiorscrvice markof UOP. 
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TABLE 4.1.6 Operating Economics 

. -~~ 

SR CCR 

Product value: 

C5+. SR at $23ibbl and CCR at$24601bbl* 358,640" 392.790 
H,, $0.34/Ib 38.990 61,585 
LPG, SI4lbbl 7,155 11,380 
Fuel gas. $O.O5nb 30,860 11,220 

Total value 435,645 476,975 
Total value, million $/year 145 172 
Operating dayslyear 333 360 

operating costs: 

Wedstock cost. 618501hbl 370,000 370,000 
Utility costs: 

Electric power. 5 centsikwh 300 7.370 
Fuel fired, $2.I0/1O6BLu 8820 11.090 
Cooline water. 0.10 $/I000 eal 190 140 

~ ~ 

Boiler jcedwafer, 0.40 $/10iO Ib 350 460 
Condensate reLum. 0.40 $11000 ib (+)I80 (+I235 
Steam make, at$3.4511000 lb (+)I140 (+)I740 

Total coi l  378.340 387,285 
~ o t u l  cast, million $/year 126 139 

*At 97 RONC and 102 RONC. rerpeclivdy. 

TABLE 4.1.7 Economic Summary 

. . ~-~ ~ ~ 

Raw matcrlalst less by-pr0ducts.i million $/year 98 Lo3 
Consumables,B million Slyear 0.3 0.75 
Uti1itia.T million Slyr 2.8 6.2 
Total fixed coro,p million Slyeai 5.5 6.5 
Capital charges, million $/year 3.5 5.2 
Net cost of production, million $/year I10 122 
pretax pprofi, ,"illion $/year 10 20 
Pretax return on investment, 96 30 41 

. . ~ ~ 

tvsnahlr sosrs 
*DEfm$d rr the hcd Eosl minus ihe value of rho by-pro*ur,s, which arc 

LPG, hydrogen, and fuel gar. 
~hcluder  catalyst and platinum makeup fmm attrition and recovery iorsn. 
Plnclvdss tabor, maintenance, ourrhcad.'snd capful expenses. 
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TABLE 4.1.8 UOP Nomenclature for Economic Analysis 

Definition 

A measure of net receipts exclusive of all capital and operating 
erpenscs 

Variable costs: Manufacturing costs that are directly related to the production rate 

Fixsd cosw Manufacturing costs Ulat are constant regardlers of Ule production ratc 

DEHYDROGENATION 
The total net income prior to considering income tax deductions (key 

product rcvenve minus cash cost of pmduction) 

Capital charges: Depreciation and amortization expenses associated with the capital 
plan, investment 

Net cost of production: Total manufaclvring costs inclusive of capital charges 

Pretax return: Ponion of the gross profit that is subjen to income taxes; also tcrmed 
tarnldo incoma 

Prelax return on simpliflsd ?pprorima!ion of thc annual percentage of return that can 
investment (Ron: bc expected for each dollar invested. Expressed as the ratio of 

pretax profits to total plant investment; docs not consider com- 
pounded interesr effects 

seeam day (BPSD). The feedstocks range from benzene-toluene (BT) cuts to full- 
range, lean Middle East naphthas and rich U.S. and African naphthas and hydroc- 
racked stocks with capacities ranging from 150 to 60,000 BPSD. Research octane 
numbers run from 93 to 108 over a wide range of catalysts. 

The UOP CCR Platforming process is the most S U C C ~ S S ~ U ~  reforming process 
offered by any Licenser. As of mid-1995, UOP's unparalleled commercial experience 

. 130 UOP CCR Platforming units operating today araund the world . 17 units operating at state-of-the art reactor pressure 50 lb/inz gage 
38 units operating at or below 90-lb/in2 gage reactor pressure . 2,876.100 BPSD CCR Platfarming unit operating capacity . More than 1200 operating unit-yean of experience in CCR Platforming area - Every CCR Platforming unit ever started up still operating 

41 more UOP CCR Platforming units in design and consuuction. 

UOP also has extensive experience in  revamping fined-bed reforming units to CCR 
Platfonning units. 

5.1 





UOP OLEFLEX PROCESS FOR LIGHT OLEFINS DEHYDROGENATION 

FIGURE 5.1.1 oleflex pmEcs~ now. 

. Removes the excess moisture . Reducer the ~atalyst prior to returning to the reactors 

The slowly moving bed of catalyst circulates in a loop through the reactors and the 
regenerator. The cycle time around the loop can be adjusted within broad limits but is 
typically mywhere from 5 to LO days, depending on the severity of the Oleflex opera- 

Product Recovery Section tion and the need for regeneration. The regeneration section can be stored for a time 
without interrupting the catalytic dehydrogenation process in the reactor and reEovery 

A simplified product recovery section is also shown in Fig. 5.1.1. The reactor effluent sections. 
is cooled, compressed, dried, and sent to a cryogenic separation system. The dryers 
serve two functions: (1) to remove trace amounts of water formed from the catalyst 

and (2) to remove hydrogen sulfide. The treated effluent is partially con- 
densed in the cold separation system and directed to a separator. 

DEHYDROGENATION COMPLEXES 
Two products came from the Oleflex product recovery section: separator gas and 

separator liquid. The gas frorn the cold high-pressure separator is expanded and divid- Propylene Complex 
ed into two streams: recycle gas w d  net gas. The net gas is recovered at 85 to 93 mol 
% hydrogen purity. The impurities in the hydrogen product consist primarily of oleflex process units typically operate in conjunction with fractionators and other 

methane and ethane. The separator liquid, which consists primatily of the oletin prod- process units within a production complex. In a propylene complex Figure 5.1.3), a 
uct and unconverted paraftin, is sent downstream for processing. propane-rich liquefied petroleum gas (LPG) feedstock is sent to a depropanizer to 

butanes and heavier hydrocarbons. The depropanirer overhead is then directed 
to the Oleflen unit. The once-through conversion of propane is approximately 40 per- 

Catalyst Regeneration Section cent, which closely approaches the equilibrium value defined by the Oleflen process 
conditions. More than 90 percent of the propane conversion reactions are selective to 

The regeneration section, shown in Fig. 5.1.2, is similar to the CCR" unit used in the propylene and hydrogen: the result is a propylene mass selectivity in excess of 86 wt 8. 
UOP Platformi~g* process. The CCR unit performs four functions: TWO product streams are created within the C, Oleflex unit: a hydrogen-rich vapor 

product and a liquid product tich in propane and propylene. 
s Burns the coke off the catalyst Trace levels of methyl acetylene and propadiene are removed from the Oleflex liq- - Redistributes the platinum uid product by selective hydrogenation. The selective diolefin and hcetylene hydro- 

genation step is accomplished with the Hlllr SHP process, which is available for 

tTr&dcmark andlor service mark of UOP. license through UOP. The SHP process selectively saturates diolefins and acetylenes 
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TABLE 5.1.1 utility, peed, and Product valuations for Economic Utility Requirements 
Calculations 

Utility requirements for a complex producing 250.000 MTA of propylene are summa- 
utility vriues riled in Table 5.1.3. These estimates are based on the use of an extracting steam tur- 

bine to drive the Oleflex reactor effluent compressor. A water-cooled surface con- 
denser is used on the steam turbine exhaust. An electric motor drive was chosen in this 
example for the propane-propylene splitter heat-pump compressor. Other types of dri- 
vers, such as back-pressure steam turbines, condensing steam turbines, or gas turbines, 

Condensate SO.4Oiklb S0.881MT are suitable alternatives for either of these compressors. 
Cooling water S0.08ikgal $0.02/m3 Some high-pressure steam is generated within the convection section of the Oleflex 
Elccttic power $O.OSlkWh SO.05lkWh heater, and the rest is imported from an off-site boiler. The requirement for the boiler 

feed water identified in Table 5.1.3 is for the inside battery limit (ISBL) steam genera- 
~ e e d  and product valves tion within the Oieflen heater, and the high-pressure steam value in Table 5.1.3 is the 

S1771MT 
net requirement from the off-site boiler. 

c, LPG (95 wt % propane) S0.34lgal 
~ydrogen (99.99 mot %) SI08lkSCF S4501MT 

No fuel gas credit is taken for the net hydrogen product, but fuel gas credits were 

pmpylene (99.5 wt 8 )  6022ilb S485IMT applied for the depropanieer bottoms and deethanizer overhead streams. The fuel gas 
produced in the propylene complex is  more than enough to supply the Oleflen heaters. 

NO(#: MT = mcmic tonr: SCF = standad cubic fssi. Any excess fuel gas is exported to the off-site boiler or fuel gas system. 

Propylene Production Costs 
TABLE 5.1.2 Material Balance for a 250,000-MTA Propylene 

Representative costs for producing 250,000 MTA of polymer-grade propylene using 
the Oleflen process are shown in Table 5.1.4. These costs are based on feed and prod- 
uct values defined in Table 5 .11 .  The fixed expenses inTable 5.1.4 consist of estimat- 
ed labor costs and maintenance costs and include an allowance for local taxes, insur- 
ance, and interest on worliing capital. The hydrogen product in Table 5.1.4 is applied 
as a credit when determining the per-ton propylene production cost. 

Products: 
Propylene (99.5 wr %) 
Hydmgen (99.99 mot 8 )  

Capital Requirements 

Fuel by-products The ISBL erected cost for an O l d e x  unit producing 250,000 MTA of poiymer-grade 
Total pmducfE propylene is approximately $116 million (U.S. Gulf Coast, mid-1995 erected cost). 

~ ~ t . :  M T , ~  = metric tons per hour: MTA = metric tons per This figure includes the reactor and product recovery ~ections, a modular CCR unit, a 
a"""m. 

TABLE 5.1.3 Net Utility Requirements for a 250.000-MTA 
Propylene Complex 

250,000 MTA, based on 8000 operating hours per year. The fresh LPG feedstock is 
to be 95 wt % propane with 3 wt 9% ethane and 2 wt % butane. The native Utility cost 

=thane in the feed is rejected in the deethanizer along with light ends produced in the Utility requirements Consvmption 
olenex unit and used as process fuel. The butanes are rejected from the depropanizer 

Slh SIMTAC, 

bottoms. This small butane-rich sneam could be used as either a by-product or as fuel. Elecuic power l0,OSS kW 503 16.10 
1" this example, the depro~anizer bottoms were used as fuel within the complex. High-pre~sure steam 62.9 MTIh 478 15.30 

 he Oleflex process coproduces high-quality hydrogen. Project economics benefit Boiler feed watcr 21.7 MTib 19 0.61 
when a hydrogen consumer is available in the vicinity of the prapylene complex. If Steam condensate (83.8 MTlh) -74 -2.37 

hydrogen cannot be exported, then hydrogen is used as process fuel. A pres- 
Cooling water 3,604 m'lh 72 2.30 

sure.swing adsorption (PSA) unit has been included in the complex t o  generate a 
Net fuel gas (24.2 milllo" kcallh) -202 -6.46 

chemical hydrogen coprod~ct  from the net hydrogen soeam; this evaluation assumes 
Net utilities 25.48 

that hydrogen is sold as a separate product. The PSA technology is available through Note: Parentheres indicate utility srprl. MTA = mcVis ions per annum; 
mfi - meinc tons per hovr 

I 
1 
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TABLE 5.1.4 cost for producing 250,000 MTA of Polymer-Grade 
propyienc using me Oletlex Process UOP PACOL 

Revenues, miilion DEHYDROGENATION 
million Slyear Slyear OIMTC, 

~ropylene product 
PROCESS 

Hydrogen product 
Propane feedstock 
~~t utilities Peter R. Pujado 
Catalyst and chemicals UOP 

Des Plaines, lllinois 

earsnlhcses indicate crrdir. MTA = metric toor pcr mnurn; MT = 
metric toni. 

~~~l~ S H ~  ,,,,it, and a fractionation section consisting af a depropanirer, deethanizer, 
and heat.pumped p-P splitter.  he costs are based on an extracting steam turbine dn- 

for the reactar effluent compressor and a motor-driven heat pump. Capital casts 
are highly dependent on factors, such as location, cost of labor, and the relative 
workload of  equipment suppliers. 

outside battery limit (OSBL) costs for an Oleflex complex vary widely depending 
on [he of existing infrasnuclure. For a grassroots project, the OSBL expendi- 
tnre could be as much as 60 percent of the ISBL cost. 

~~~l project costs inelude ISBL and OSBL erected costs and all owner's costs. This 
eZample assumes inclusive mid-1995 total project cost of $220 million including: 

INTRODUCTION 

. ISBL erected costs for all process units Paraffins can be selectively dehydrogenated to the corresponding monoolefins by . OSBL erected costs (off-~ite utilities, tankage, laboratory, warehouse, for example) using suitable dehydrogenation catalysts. Iron catalysts have long been used for the 
dehydrogenation of ethylbenzene to styrene, and catalysts made of chromia (chrome . Initial catalyst loadings oxide) supported on alumina have long been used for the dehydrogenation of light . Capitalized loan interest during construction paraffins (for example, n-butane to n-butene) and the deeper dehydrogenation of . project development including site procurement and preparation olefins to diolefins (for example, n-butene to 1.3-butadiene). However, newer com- 
mercial processes for the dehydrogenation of light and heavy paraffins are based on 
the use of noble-metal catalysts because of the superior stability and selectivity of 
these catalyst systems. 

Overall Economics In the late 1940s and through the 1950s, the pioneering work done at UOP* by 
Vladimir Haensel on platinum catalysis for the catalytic reforming of naphthas for the 
production of high-octane gasolines and high-purity aromatics showed that platinum 
catalysts have interesting dehydrogenation functions. This research area was later pur- 
sued by Herman Bloch and others also within UOP. In 1963-64, UOP started develop- 
ment work on heterogeneous platinum catalysts supported on an alumina base far the 
dehydrogenation af heavy "-paraffins. The resulting successful process, known as the 
Pacol* process (for paraffin conversion to olefms), was first commercialized in 1968. 
The advent of the UOP Pacol process marked a substantial transformation in the deter- 
gent industry and contributed to the widespread use of linear alkylbenzene sulfonate 
GAS or LABS) on an economical, cost-effective baris. As of mid-1995, more than 30 
Pacol units have been built, and practically all new linear alkylbenzene (LAB) capaci- 
ty built on a worldwide basis over the last two decades makes use of UOP's Pacol cat- 
alytic dehydrogenation process. 

. T r n d d ~ k  andlor orcsrvise mark of "OP. 

5.11 
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FIGURE 5.2.1 Dehydragrnaiion reaction pathways. FIGURE 5.2.2 Integrated LAB complsr. 
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dehydrogenation reactor effluent, and a part of this hydrogen gas is recycled back to TABLE 5.2.1 Typical olex Exriacr coalposition 

the dehydrogenation to minimize coking and enhance catvlyrt stability. The 
liquid is an mixture of linear alefins and unconverted ri-paraf- With PEP. Without PEP, 

fins, Which charged to ~ ~ ~ i ~ e  reactor for the selective conversion of diolefins to 
monaolefins. A near.stoichiometric amount of hydrogen is also charged to the DeFine Lineur monoolefins 95.0 92.5 

reactor. ~ j , ~  D ~ F ~ ~ ~  effluent is stripped to remove dissolved light hydrocar- Other manoalefins 

bans. The I , ~ ~ ~ ~ , ~ ~ ,  mintl~re of manoolcfins and unconverted a-paraffins, is 
then together ~ i t h  benzene to the alkylatian unit, where benzene is alkylated Total 98.5 96.0 

the manoolefins to produce LAB. small amounts or heavy vlkylate and, if HF is oiefinr 98.6 
used, polymer from the acid regenerator bottoms are also formed. Benzene and a- 

0.2 3.0 
96.0 

Arolnvtics (see text) 
are fractionated from the alkyiatian reactor effluent and then recycled to the 

alkylation and pvcol reactors, respectively. The final column fractionates the LAB 
and recovers heavy alkylate as bottoms product. 

A similar process scheme can be used to produce concentrated 8,-olefins. Figure 
5.2.3 illustrates the flow scheme of an integrated complon featuring the Pacol, DeFine. 

processes. I,, this the Pacol and DeFine processes are the plenes were operating with a total production capacity of approni~nvtel~ 230,000  met^ 

as described 'rhe stripper bottoms stream, which consists of an equi- ric tons (MT) of detergent alcohols per year. Surfactants made from detergent ulcohols 
jibrium mintuie of ,L-monaolefins, is now sent to an Olen separation manufactured according to this combination of technologies show superior properties 
",,it, ~h~ a l e r  uses ~ ~ ~ t i n t ~ o u s  liquid-phase, simulated coullfercurrenc adsov- in terms of detergency and solubility. 

tive technology to recover high-purity n-olefins out of the mixture. The 
,,lefinic and the paraffinic raffinate streams that leave the adsorption chamber 
both desorbent. mese two streams are fractionated for the removal and recov- PACOL PROCESS IMPROVEMENTS 

of the desarbent, which is then recycled back to the adsorption chamber. The 
raffinvte is to the Pncol dehydrogenation unit for complete conver- 

$ion of unconverted n.paraffins to the ultimate n-alefin product. Table 5.2.1 shows 
Repeated succossfui attempts have been made over the years to increase the per-pass 
conversion of n-paraffins across the Pacol reactor and still preserve a high selectivity 

the olefins composition of a typical Olex Process. and high overall yield of linear olefins. 
~h~ LIO produced by the pvcol process and recovered in an Oler unit is premium 

material for the production of detergent alcohols via hydroformylation. 0 x 0  technolo- The more severe operating conditions used for higher reactor conversions also 
result in faster deactivation of the dehydrogenation catalyst. The catalyst used in the 

gies, such as shellss,  E X X O ~ ' S  (formerly Narsolor's and Ugine Kuhlmann's), or 
~ ~ i ~ h ~ ~  ~ ~ ~ ~ ~ t ~ . ~  can be used. 1n mid-1995, three integrated Pacal-01en-Oxo cam- Pacol process has a direct impact on the reaction kinetics but not on equilibrium con- 

version, which is governed by thermodynamic principles. Therefore, most of the 
process improvements have been associated with modifications in reactor desigdor in 
operating conditions. 

A high-canversion Pacol process was developed partially in reaponre to the ~ i g ~ i f i -  
cant increase in feedstock and utility costs that occurred between 1974 and 1981. 
Operating the process at higher per-pass conversions affords several advantages. A 
smaller combined-feed stream to the dehydrogenation reactor permits a smaller-size 
unit and results in lower capital investment and utility costs. As the unconvened n- 
paraffins pass through the alkylation reaction zone and are separated by fractionation 
for recycle to the Pacol reactor, the reduction in the recycle stream also decreases the 
capital investment and operating cost of the detergent alkylation unit. All recent units 
are of the high-conversion type. 

Criteria for the high-conversion design were to maintain the same selectivity to lin- 
ear olefins and increase conversion. This approach required changes in operating con- 
ditions. Figure 5.2.4 shows the effect of pressure on olefin selectivity at constant tem- 
perature and hydrogen-to-feed mole ratio. At lower pressures, higher "-paraffin 
conversion can be obtained and selectivity can be maintained because of the more 
favorable dehydrogenation equilibrium. 

A similar effect can be observed when the hydrogen-to-feed ratio is lowered. The 
latest designs of the Pacol process take advantage of bath of these variables. The net 
result is a 30 percent increase in n-paraftin conversion compared to the earlier designs. 

Overall, the Pvcol catalyst possesses an attractive catalyst life in terms of metric 
tons of LAB produced per kilogram of catalyst. A typical run an a single Pacol cata- 
lyst load ranges from 30 to 60 days, depending on operating severity. As shown on 
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FIGURE 5.21 ~ f f e v t  a1 pnsrure an conversion. 
Compressor Gar 

pig. 52.5,  two parallel reactors were used for most units built through 1987. In this 
design, one reactor operates at any given time and the second reactor is on standby. 
when the decline in catalyst activity warrants a change, the reactors are switched. To 

the ~hange  and minimize interruption in production, a start-up heater is pro- 
vided. For safe operation and isolation, each valve shown in the drawing actually rep- 
resents a double block and bleed valve. Thus, 16 large valves are required on process FIGURE 5.2.5 Two-reactordesign. 

lines. These valves cycle from cold-to-hot and hot-to-cold service at each change of 
the reactors and require regular maintenance to control leakage. To minimize mainte- 
nance and simplify the operation, a new reactor design (Fig. 5.2.6) is now used com- 
mercially in two units. This design provides a catalyst hopper on the top and on the economic benefits over comparable reciprocating machines in terms of lower installa. 
bottom of a single reactor and a hydrogen and a nitrogen purge system. When catalyst tian costs and not requiring a spare. 
activity has declined sufficiently, the catalyst from the reactor is withdrawn to the Changes in engineering design also resulted in increased energy efficiency, 
lower hopper, and fresh catalyst is loaded from the top hopper, thereby eliminating the reduced fractionation losses, and improved operational stability. some ,,f these design 
need for valves in large-diameter process lines. An additional catalyst volume inside changes concerned the Pacol unit itself, but many more closely associated with 
the reactor vessel is provided as a preheating zone. A portion of the hydrogen-rich the associated downstream units. 
recycle g a  passes through a heat exchanger and is used for preheating the catalyst. As in  the design of other process units, significant energy savings were achieved 
'rhe hydrogen-rich gas is also used to purge hydrocarbons from the catalyst that leaves by relatively small incremental expenditures in increased area and by 
the reactor.  his design is similar in concept to that used commercially in more than rearrangement of the heat exchanger network. hr a ~ ~ ~ . ~ ~ ~ ~ ~ ~ ~ ~ . d ~ ~ ~  con. 
100 UOP CCR Platforming* units. tact condenser was advantageously introduced to COO! the reactor effluent after the hot 

other improvements have been carried out aver the years on the overall Pacal combined-feed effluent enchanger. Also, the application of efficient mixing technola. 
design. some reactor design changes that are in the demansuation stage are expected gY in the reaction zone enhanced the quality of the reaction environment and allowed 

to make a positive impact on future unit designs and operating performance. operation with recycle ratios close to their minimums. 

Outside the reactor sector, other process design changes made over the past few 
years have also contributed to enhancing the reliability and economies af the Pacol 
process. One, for example, reflects the introduction of rotary screw compressors 
instead of the reciprocating or centrifugal machines used in earlier Pacol units. Rotary 
screw compressors are especially effective when lube oil contamination of Ule process 

YIELD STRUCTURE 

gas cannot be tolerated. Nonlubrieated screw compressors can deliver gases with the 
same reliability as a centrifugal compressor, and the positive displacement of screw If expressed on a weight basis, the yield of linear olefins from n.paraffins in the pacol 
compressors makes them well suited for applications that require high compression Process depends on the molecular weight of the feedstock. I" the in 
ratios and large changes in gas molecular weights. In addition, screw machines offer which linear olefins are produced for the manufacture O ~ L A B ,  typically from n.paruf. 

fins in  the Cj0 to C,, carbon range, about 1.05 kg of feed is required per 1.00 kg oftin. 

~ ~ ~ d ~ ~ k  andlor semice msrk or UOP. 
earolefins, or about 97 percent of the theoretical ~ t ~ i ~ h i ~ ~ ~ t t i ~  yield. 

i 
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Waltz Mill facility. In 1984, ownership of the technology and management of the pro- 
gram was taken over by The M. W. Kellagg Company. Operation of the PDU was 
continued until the facility was decommissioned in 1988. The cost of the development 
program over that period of  time was approximately $150 million (U.S.). 

The primary goals of the program were the development of a process to produce 
low-Btu fuel gar for fueling a combustion turbine combined-cycle power plant and the 
development of a process to produce a medium-Btu industrial fuel or synthesis gas 
that could be used as a feedstock for substitute natural gas or liquid synfuels. 

Development began in 1972 under the sponsorship of the Office of Coal Research 
and was directed toward development of a two-stage, air-blown gasification system 
consisting of  a coal devolatilizer and a gasifier-agglomeralor. In 1979, GRI became a 
part of the program, and greater emphasis was placed on the development of a medi- 
um-Btu, orygen-blown process. On the basis of experimental breakthroughs in the 
process design, it was demonstrated that caking coals, highly reactive coals, and coals [Fines Disengaging) , 
with wide ranges of ash content could be processed successfully in a single-stage gasi- 
fication process. 

A s  part of the development program, a calcium-based sulfur sorbent was added to the 
coal feed to the gasifier. Both limestone (CaCO,) and dolomite (CaCO, . MgCO,) were 
tested. A hot-gas cleanup (HGC) system also wus built and tested at Waltz Mill. The Fluid Bed Gasification 
HGC system included a barrier filter to remove particulate from the gas and a fired-bed and Desulfurization 
desulfurization system to remove hydrogen sulfide (H,S) and caibonyl sulfide (COS). 

A cold-flow model of the lower section of the gasifier was built to assist in the 
scaleup of the gasifier to commercial size. The model was 3 meters in diameter, about 
the maximum size of the combustion section of a large commercial gasifier. An off-line 
hot-gas filtration test cell also was built to permit testing of  a number of alternative fil- 
ter designs. Ceramic and sintered metal candles, as well as Westinghouse-designed 
ceramic cross-flow filter elements, were tested either in the test cell or in the PDU. 

KRW SINGLE-STAGE GASIFICATION PROCESS 

The KRW single-stage gasification process was designed to operate in an air- or oxy- 
gen-blown mode to produce either low- or medium-Btu gas. Run-of-mine coal is dried Transpon Gas + 
to a surface moisture of about 5 percent (which is needed for satisfactory pressuriza- 
tion and lransfer into the gasifier) and is crushed in an impact mill to u typical feed 
size of -3 mm. The dry, sized coal is conveyed to a lockhopper system, where it is 
pressurized, discharged through a rotary feeder, and pneumatically transported by air 
or recycle process gas into the gasifier through a central feed jet. The gasifier is a 
refractory-lined pressure vessel. 

As indicated in Fig. 6.1.1, steam and oxidant (air or oxygen) are injected as a mix- 
ture into the gasifier through an annulus surrounding the feed tube. The coal rapidly 
devolatilizes in the jet, and the volatiles, recycle gas, and some of the char combust, 
supplying the heat for the endothermic gasification. The high jet velocity and the rapid 
devolatilizvtion and combustion in the jet induce vigorous mixing and dispersal of char 
in the bed, allowing even highly caking coals to be processed. The high temperature of Ash Agglomerate and Spent Sorbent 

the cornbusting jet assures that the products of devolatilization (tars, oils, and light FIGURE 6.1.1 KRW nuibbed gasifier. 
hydrocarbons) are cracked and gasified to methane, carbon monoxide, and hydrogen. 

I 
! 

The high velocity of the jet causes the surrounding char bed to be well buck-mixed, 
assuring that the steam present continues the gasification of the char, leaving particles 
that are rich in ash. The unique fluid dynamic design of the gasifier allows the ash- 
rich particles ta agglomerate as they =re heated by the jet and cooled by the reacting 
fluid bed. The ash-rich panicles contain mineral compounds that form eutectics with 
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FIGURE 6.1.4~ L valve used lo return secondary cyclone fines lo the grriflcr. 

tion of the gasifier through a sloped dipleg and a nonmechanical L valve, respectively. 
The feeds were pressurized in a lockhopper system, passed through rotary valves, Fines captured in the third, nonrecycle, cyclone were quenched with water in a yen- 

and pneumatically conveyed by u i ~  to a central jet in the bottom of the gasifier. When turi, depressurized, and recovered in a filter press. 
the oxidant was air, it was preheated to about 565°C prior to injection into the gasifier. For the hat-gas cleanup test program, the product gas from the third-stage cyclone 
Superheated steam was mixed with the oxidant and entered the gasifier via altannulus was adiabatically humidified and cooled to about 650'C with water injected through an. 
surrounding the fuel jet. Agglomerated ash and spent sorbent were cooled and dis- atomizing nozzle. The cooled gas entered a barrier filter where the balance of the par- 
charged through a rotary valve at the bottom of the gasifier to depressurizing lockhop- ticulates was removed from the gas. A small slipstream of recycle gas was quenched 
pers. A delumper upstream of the rotary valve was included ta crush the occasional with water and was recompressed to use for fluidization and ash cooling in the gasifier. 
large agglomerate formed in the gasifier. The particulate-free gus then proceeded to the zinc ferrite desulfurization reactor 

Fines escaping the gasifier with the product gas were separated in three cyclone for H,S and COS removal. The desulfurized fuel gas then was depressurized and cam- 
stages. Solids captured by the first two cyclones were returned to the combustion sec- bustea in a thermal oxidizer. The desulfurirer was a single fined-bed unit, which oper- 
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ated either in the absorption or regeneration mode. The reactor was designed to 
remove all the sulfur from the gas when no sulfur sorbent was used in the gasifier. It 
was later modified (reduced in size) to operate in cleanup made following primary 
desulfurization in the gasifier. The zinc ferrite was regenerated with steam and air. 
When a sulfur sorben1 was used in the gasifier, the spent regeneration gas was 
returned to the gasifier for reabsorption of the SO,. 

TEST RESULTS OBTAINED IN THE PDU 

The PDU tests have provided an extensive database characterizing the effects of feed- 
stock propenies and process ~peiating variables an gasification performance. A sum- 
mary of the characteristics of the feeds tested in the PDU is given in Table 6.1.1. The such balances. Various luboiutory and bench~cvle  studies have contributed to the funda- 
principle operating variables were coal feed rate, sorbenf/coal ratio, recycle gar ratio, mental understanding of fluidization phenomena, particle attrition and elutriation, pani- 

cle collection and analysis, materials selection, and reactor mathematical modeling, bed height, temperature, and pressure. Reports are available in the literature describing 
each test campaign." Test data included all input and output flows and compositions, The gasifier test program also included tests with in-bed derulfurizatian. Limestone 
axial temperature and pressure profiles in the gasifier, and pressurea and temperatures or dolomite sorbent was added with the coal, and most of the sulfur in the feed was 
at each major piece of equipment. Solid samples were collected and analyzed every captured on the sorbent. The formed calcium sulfide is rejected with the ash and needs 
hour or, at least, every shift from the gasifier, cyclones, and barrier filter. to be oxidized before disposal as landfill. Downstream hot-gas cleanup testing included 

The gasifier test program included more than 13,000 hours of hot operation, while particulate removal and removal of the balance of the sulfur to low levels. 
the hot-gas cleanup test program compleied more than 3000 houn of apcmtion. The test Initially in the PDU, sintered metal candle filters were used to remove particulate 

data were reduced, steudy-state operating periods were defined, and complete heat and from the hot product gas. The candles were attacked by sulfur, which resulted in pre- 

material balances were prepared for each period. The database includes more than 250 mature blinding and, ultimately, mechanical failure of the candles. The sintered metal 
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The agglomerates that formed consisted principally of compounds of iron, aluminum, 
and silica, all of which tended to concentrate in the agglomerates. 

Since the amount of ash in petroleum coke is small, the addition of a calcium- 
based sorbent to modify the ash-melting characteristics should be considered. 
Vanadium and nickel are found in most petroleum cokes in concentrations far greater 
than in coals or lignites. These metals remain in the ash product and do not appear to 
have a material effect on the gasification or ash-agglomerating process. 

The carbon conversion level in a fluidized-bed gasifier is determined by the operat- 
ing temperature of the gasifier, the volume of the bed, and the reactivity of the cake 
itself. Coke reactivity is readily determined by a thermagravimetric analyzer (TGA), 
which subjects the coke to gasification conditions, measuring the reactivity of the 
coke with increasing conversion level by change in weight with time. 

The operating-temperature limits in a fluidized-bed gasifier can be determined by 
measuring the ash-melting characteristics of any candidate coke feed on a hot-stage 
mierorcope. The melting characteristics of the ash in the coke feed and the ash pro- 
duced in the TGA both should be measured, since the melting points of the various 
eutectic mines can be substantially different than in the raw coke. 

COMMERCIAL-SCALE DESIGN 

Extensive testing was done on a 3-m-diameter cold-flaw scaleup facility (CFSF) of 
the combustion zone of a commercial gasifier. A picture of this facility is shown in 
Fig. 6.1.6. The CFSF tests confirmed the effectiveness of the central jet design on 
mixing in a large gasifier, the aeration requirements of the grid area surrounding the 
jet and the interaction of jet velocity and jet submergence an flow patterns. The com- 
bination of bench-scale CFSF and PDU data was used to develop mathematical mod- 
el$for design and prediction of performance of commercial gasifiers and the elutriu- 
tion of fines from these units. 

The capacity of a KRW gasifier depends on the operating pressure of the gasifier, 
whether it is air- or oxygen-blown, whether sorbent is added with the feed, the amount 
of fines that are in the feed and are formed in the gasifier, and physical constraints, 
such as vessel shipping clearances. A typical gasifier is 3.7 m in internal freeboard 
diameter and 24 to 27 m tall. FIGURE 6.1.6 Cold-flaw scaleup fariliv. 

In air-blown mode, when using in-bed sorbent desulfurization and operating at 
300-lbiinz pressure, this size gasifier processes about 800 tonlday of coke. This con- 
figuration probably would be used if the product gas were to be used for electric 
power generation. In oxygen-blown mode, the feed capacity would be 1000 to 1500 separate economic choice affected by the level of sulfur in the feed and whether a sep- 
tadday, depending on whether sorbent war used. The addition of a calcium-based sor- a n t e  sulfur product is desired. 
bent to the gasifier has several efffects: Many applications of petroleum coke gasification are expected to include require- 

ments for combinations of hydrogen at synthesis gas and steam and electric power 
It increases the reactivity of the carbon, requiring a smaller bed volume to achieve production. Integration of the refinery with the gasifier island and the power island 
the desired conversion level. often gives substantial capital aod operating cost savings to each. 
It increases the density of the bed and permits higher gas velocity and, thus, higher 
feed capacity. 

APPLICATION The choice of hot-gas cleanup technology depends on the application. For electric 
power production, gasifier in-bed desulfurization followed by hot-gas filtration and 
hat-gas desulfutization is generally most economic and results in the highest cycle A simplified block diagram of a petroleum-eoke-bused gasification unit associated 
efficiency. For pioduction of hydrogen or synthesis gas, onygen-blown gasification with a refinery is shown in Fig. 6.1.7. A 15,000 metric ton per day (mtpd) refinery 
with cold-gas cleanup (e.g., alkaline wash) is often preferred because of the down- processing a heavy crude or a reduced cmde produces approximately 1900 mtpd of 
stream processing sequence. The decision to use a sulfur sorbent in the gasifier is a petroleum coke. 
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processes 800 mtpd of western bituminous coal in an air-blown gasifier to produce 
LOO MWe of electric power. It is expected to be in operation in early 1997. 
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FIGURE 6.1.7 Pctsoke commcrcirl schrmalic. 
5. "Assessmenl of Coal GnsificrfionlHot~Cas Clean-up Based Advanced G ~ S  ~ ~ ~ b i ~ ~  

Systems: Southern Company Services, prepared for U.S. Department of E ~ ~ ~ ~ ~ ,  
Washington, D.C. 

sufficient coke is fed to the onygen-blown gasifiers to produce the gas required for 
hydrogen and methanol synthesis gas. In this scheme, the unconverted char from the 6. "Southern Company Services' Study of m (Oxygen-Blown) KRW-Based GCC Power 

gasifier and u portion of the feed coke is directed to a coke combustor for generation Plant: EPRl report GS-6876, Southern Company Services, prepared far E I C C ~ ~ ~ C  power 
Research Inrtituie. Palo Alto. Calif. 

of steam. The products produced are 1.ZX106std m'lduy of hydrogen and 260 mtpd of 
methanol. The methanol is used to make methyl tertiary butyl ether (MTBE), an ony- 
genvte used in the refinery gasoline pool. Approximately 300 metric tons per hour 
(mtph) of steam is generated that could produce up to LO5 MWe of electric power. 

A wide ";mation in the of Lhese streams is possible to match the needs of 
the refinery. The gasifier can fuei for the gas turbine in a combined-cycle 
configuration, or steam can be produced for a simple cycle turbogenerator arrange- 
mbnt The choice requires an economic and operating availability study for each par- 
ticular application. In the case shown in Fig. 6.1.7, one gasifier would process about 
1400 tonlday of coke, bypassing the balance to the combustor. 

If availability considerations required two gasifiers, the full 2900 mtpd of coke 
could be processed, with the excess gas going to the gas turbine. If electric power ! 
availability is critical, different combinations of gas and steam turbines might be 
selected to satisfy this criteria. An oxygen-blown gasifier is required for synthesis gas 
production, but an air-blown gasifier would satisfy the gas turbine and would reduce 
the size of the oxygen plant required. 

I 

CONCLUSIONS 

Extensive pilot plant testing of lignitic, subbiturninous, and bituminous coals in the 
KRW fluidized-bed gasifier indicate that a wide variety of carbonaceous feeds can ! 

successfully be gasified to produce fuel gas or synthesis gas. In the air-blown mode, a 
low-Btu (100 to I50 BtulSCF) fuel gas is produced. In the oxygen-blown mode, a 
medium-Btu (250 to 300 BBISCF) gas can be produced for use as fuel or synthesis 
gas. Both coke breeze and petroleum coke werc successfully fed to the gasifier. In 

i 
petroleum coke, the high hydrogen and carbon monoxide content of the 

gas suggests its subsequent processing into hydrogen for use in the refinery 
or for ~roduction of oxygenates to "pgrade the refinery gasoline pool. The economics 
of producing oxygenates may not be attractive in smaller capacity units. 

The first commercial KRW gasifier is currently being designed for use by Sierra 
pacific Power Company at its Tracy power station near Reno, Nevada. The project 

i 

I 
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TABLE 6.2.1 Hydrogen Consumption Data 
Chernicnl mns~<mpiiori arxly 

Process wr % on fecd SCFibbl Wt % on crude 

FCC nnphthaicokcr naphtha 
Kerosene 

Hydrodes"tf"rization: 
Low-sulfur gas oil ro0.2% S 
High-sulfur gas oil to 0.2% S 
Low-sulfur gas oil to 0.05% S 
~igh-sulfur gas oil to 0.05% S 
FCC gas oillc~ker gas oil 

Cycle oil hydrogenation 
Hydrocracking vacuum gas oil 
D C E ~  residue convcrrion 2-3.5 1200-2200 

N ~ L ~ :  FCC = nuid catalytic cracker: SCF = standard cubic feet. 
sourer: Lambutcr al.' 

Hydrogen Demand 

The early use of hydrogen was in naphtha hydraueating, as feed pretreatment for cat- 
alytic reforming (which in turn was producing hydrogen as a by-product). As environ- 
mental regulations tightened, the technology matured and heavier streams were 
hypotreated These included light and heavy distillates and even vacuum residue. titularly where heavy oil is available at low cost. However, oxygen is then required, 

Hydrotreating has also been used to saturate olefins and make more stable prad- and the capital cast for the oxygen plant makes partial oxidation high in capital cost. 
ucts. For example, the liquids from a caker generally require hydraueatiting, to prevent Figure 6.2.1 shows a typical modem hydrogen plant. This unit produces 82 million 
the formation of polymers. SCFD (at 60°F and 14.7-lblii absolute) [92,000 (N) m 3 h  (N represents norm* tem- 

At the same time that demand for cleaner distillates has increased, the demand far Perature and pressure at O'C and 1.0332 kg/cm2 abso1ute)l of hydrogen from natural 
heavy fuel oil has dropped. This has led to wider use of hydracracking, which causes a gas for a Far Eastem refmery, at a purity of 99.9 vol %. The Foster Wheeler Terrace 

further large increase in the demand for hydrogen. Wdl* steam reforming furnace i s  visible in the background, with the 12 absorbers 
Table 6.2.1 shows approximate hydrogen consumption for hydrotreating or hydroc- two surge drums of the pressure-swing adsorption unit in the foreground. 

racking of various feedstocks. Table 6.2.2 shows approximate hydrogen production from various processes. 

*REgl3trrcd trmd~mad of Pe~ler  Whceler. 

HYDROGEN PRODUCTION 

Hydrogen has historically been produced in catalytic reforming, as a by-product of the TABLE 6.2.2 Hydrogen Production Data 

of the high-octane aromatic compounds used in gasoline. Changes in this 
process have had a large impact on the refinery hydrogen balance. 

Process Wt % on feed SCFibbl Wt % on crude 

As reforming has changed from fired-bed to cyclic to continuous regeneration, Continuous regeneration reformer 
pressures have dropped and hydrogen production per barrel of  reformate has Semiregenerative reformer 1.4-2.0 600-900 0.15-0.30 
increased. Recent changes in gasoline composition, due to environmental concerns, Rcridue gasification 
have tended to reduce hydrogen production, however. Besides limits og aromatics, Catalytic cracking 
requirements for oxygenates in gasoline have resulted in reduced reforming severity, Thermal cracking 
as the high-octane oxygenates have displaced reformate from the gasoline pool. The Ethylene cracker 

only safe statement is that the situation will continue to change. stcam (methane) reformer 

Where by-product hydrogen production has not been adequate, hydrogen has been Source: Lamben e l  d l  
manufactured by steam reforming. In some cases partial oxidation has been used, par- 



- 
can be used us a pretreatment to allow heavier feeds to be used without coking. A pre- 1 t r-7 
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where maximum hydrogen is required, the entire gas stream may be shifted to convert 
CO to H,, and a PSA unit used on the total stream. 

Catolylie Parlinl Oxidoliorr. Also known as auiorhemol reforming, catalytic partial 
oxidation reacts oxygen with a light feedstock, passing the resulting hot mixture over 
a reforming catalyst. Since a catalyst is used, temperatures can be lower than in non- 
catalytic partial oxidation. which reduces the oxygen demand. 

Feedstock requirements are similar to steam reforming: light hydrocarbons from 
refinery gas to naphtha may be used. The oxygen substitutes for much of the steam in 
p ~ v e n t i n g  mking, so 8 lower steilm:cahon ratio can be used. Since a large excess of 
steam is not required, catalytic POX produces mare CO and less hydrogen than steam 
reforming. Because of this it is suited to processes where CO is desired, far as 
synthesis gas for chemical feedstocks. Partial oxidation requires an oxygen plant, which 
increases costs. In hydmgen plants, it is therefore used mainly in special cases such as 
debottlenecking steam reforming plants, or where oxygen is already available on site. 

By-Produet Recovery 

Carbon dioxide and steam are the major by-products from hydrogen manufacture. 
FIGURE 62.4 ~ydrogen production by pi~rial oxidatiii. 

Carbon Dioxide. Where there is a market for CO,, recovery can be veiy attractive. 
Historically the major use has been in the food industry, with recent growth being for 

TABLE 6.2.7 Asphalt 
composition-~aitial Oxidation i~ject ion in enhanced oil recovery. A substantial amount of CO, is available from 

~eedstock hydrogen plants: 8 plant making 10 million SCFD [11,000 (N) m3h] of hydrogen from 
natural gas vents 2.5 million SCFD or 145 tans (132 tonnes) per day of COY 

uensity nr lSaC 1.169 kg/L Recovery of CO, is easiest in older plants using wet scrubbing. These produce a 
carbon 85.05 wt % cancentrated CO, stream which needs only final purification to remove traces of H,, 

CO, and CH,, fallowed by compression. 
More recent plants, using PSA, can use a vacuum-swing adsorption (VSA) system 

for CO, recovery (Fig. 6.2.5). Tail gas from the PSA system is compressed and fed to 

required to make POX economic, hydrogen may be more attractive if produced us a 
by-product, with electricity as the primary product. 

pigure 6 . 2 4  is a block flow diagram of a unit to produce clccrridty from nsphrlt, 
with hydrogen as a by-product. Besides being high in carbon, the asphalt contains 
large amounts of sulfur, "itrogen, nickel, and vanadium (Table 6.2.7). Much of the 

of the plant is associated with dealing with these components. 
asphalt is first gasified with oxygen in an empty refractory-lined chamber to 

produce a mixture of CO, CO,, and H,. Because of the high temperature. methane Pro- 
duction is minimal.  as leaving the gasifier is first quenched in water to remove 
solids, which include metals (as ash) and soot. Metals are removed by settling and fil- 
u;ltion, and the soot is recycled to the gasifier. The gas is further cooled and H,S is 
removed by scrubbing with a selective solvent. Sulfur remaval is complicated by the 
fact that significant earbony1 sulfide (COS) is formed in the gasifier. This 
must be hydrolyzed to H,S, or a solvent that can remove COS must be used. 

~~d~~~~~ processing in this system depends on how much of the gas is to be 
recovered as hydrogen, and how much is to be used us fuel. Where hydrogen produc- 
tion is a relatively small part of the total gas stream, a membrane unit can be used to 
withdraw a hydrogen.rich stream. This is then purified in a PSA unit. In the case XIGURE 6.2.5 C02 by-product recovery. 
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the VSA system, which uses a separate set of adsorber vessels. BY using vacuum Shgt Conversion. The second important reaction in a steam plant is the 
regeneration, the system can split the tail gas into a CO, product stream. a hydrogen- shift conversion reaction: 
rich stream which is recycled to the reformer, and a nitrogen-nch reject Stream. 

 id^^ recovesing CO,, the VSA system increases averail hydrogen produetion by CO + H20 = C02  + H2 
recovering hydrogen which would otherwise have been lost in the tail gas. 

A wet scrubbing system can also be installed upstream of a PSA unit to recover The equilibrium is dependent on temperature, with low temperatures favoring high 
conversions. CO,.  hi^ can also be used in a revamp to increase capacity by reducing the load on 

Two basic types of shift catalyst are used in steam reforming plants: ironlchrome 
the PSAsystem. high temperature shift catalysts, and copperlrinc low temperature shift catalysts. 

~ t ~ ~ , , , .  M,,s~ hydrogen plants generate steam, mainly far use as process Steam with High-Teniperoture Shiff. High-temperature shift catalyst operates in the range of 

the for enport. A typical 50 million SCFD L56,000 (N) m"h1 unit 600 to 80VF (315 to 43VC). It consists primarily of magnetite, Fe,O,, with chrome 

based on PSA  ill export between 70,000 and 160,000 lblh (between 30 and 70  oxide, Cr,O, added us a stabilizer. The catalyst is supplied in the form of Fe,O, and 

tonner,h), depending on configuration. Plants with air preheat are at the lower end of CrO,, and must be reduced. This can be done by the hydrogen and carbon monoxide 

the stem production range, while s t e m  export can be further increased by adding in the shift feed gas, and occurs naturally as part of the start-up procedure. 

auxiliary burners between the radiant and convection sections. If the steam:carbon ratio of the feed is too low, the reducing environment is too 
strong and the catalyst can be reduced further, to metallic iron. This is a problem, 
since metallic iron will catalyze Fischer-Tropsch reactions and form hydrocarbons. In 
older wet scrubbing plants this was rarely a problem, since the steam:carbon ratio of 
the process gas was in the range of 5 to 6, too high for iron formation. In some newer 
plants with steam:carbon ratios belaw 3, the shift catalyst is slowly converted to iron, ~~d~~~~~ plants are one of the most extensive users of catalysts in the refinery. 
with the result that significant amollnts of hydrocarbons are farmed over the high-tern- catalytic operations include hydrogenation, steam reforming, shift conversion. and 

methanation. sulfur and halogen removal are actually done by reaction with solid perature shift catalyst. 

adsorbents, but they are included here for completeness. To slow down (but not eliminate) overreduction, the catalyst can be doped with cop- 
per, which acts by accelerating the conversion of CO. It increases activity at lower tem- 
peratures, but also makes the catalyst sensitive to poisoning by sulfur and chlorides. 

I 
I 

~h~ active agent in reforming catalyst is nickel, and normally the reaction is con- 
uolled by both diffusion and heat transfer. The catalyst is therefore made in rings to 

i 
provide increased mass and heat transfer at minimum pressure drop. To further Low-temperature shift catalyst is economic primarily in wet scrubbing plants, 
increase heat transfer, most catalyst vendors now offer specially shaped catalyst. which use a methanator for final purification. The main advantage of the additional 

E~~~ ~ i t h  a high-strength eartier, catalyst life ir limited as much by physical conversion is not the exua hydrogen that is produced, but the lower CO residual. This 
breakdown as by deactivation. Thermal cycling is especially hard on the catalyst: reduces the temperature rise (and hydrogen loss) across the methanator. 

PSA-based plants generally do not use LT shift, since any unconverted CO will be when the tubes are heated they expand and the catalyst tends to settle in the tube. then 
,,,hen the tube cools and the tube contracts the catalyst is crushed. This can cause recovered as reformer fuel. Since an LT  shift increases hydrogen production for a I 

to form in the rubes, leading to hot spots and ultimately to ruptured tubes. fined reformer size, it may be used in revamps to increase production. 
ne main poisons are sulfur and chlorides, which are present in small quantities in Law-temperature shift catalyst is sensitive to poisoning by sulfur and chlorides. It I 

is also mechanically fragile and sensitive to liquid water, which can cause softening of most feedstocks. sulfur poisoning is theoretically reversible, and the catalyst can often 
the catalyst followed by crusting or plugging. be restored to ,,ear full activity by steaming. However, in practice the deactivation 

may cause the to overheat and coke, to the point that it must be replaced. The catalyst is supplied as copper oxide on a zinc oxide carrier, and the copper 1 
chlorides are an irreversible poison: the chlorine combines with the nickel to form must be reduced by heating it in a sueam of inert gas with measured quantities of 

nickel which is volatile. The nickel migrates and recrystallizes, reducing the hydrogen. Reduction is strongly exothermic and must be closely monitored. 
catalyst activiri. 

~h~ catalyst is also sensitive to poisoning by heavy metals and arsenic, although Methonotion. In wet scrubbing plants, final hydrogen purification is by methanation. 
which converts CO and COX to CHc The active agent is nickel, on an alumina carrier. 

The catalyst has a long life, us it operates under clean conditions and is not 
exposed to poisons. The main source of deactivation is plugging from carryover of 
CO, removal solutions. 

The most severe hazard is overtemperature, from high levels of CO or CO, This I 
can result from breakdown of the CO, removal equipment or from exchanger tube 

! 
i 
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leaks which quench the shift reaction. The results of breakthrough can be severe, since than it can build up. Heavier feeds produce more carbon. Unless the process condi- 
the methanation reaction produces a temperature rise of 125°F per I percent of CO, or tions or the catalyst is changed, the carbon can accumulate. 

Standard methane reforming catalyst uses nickel on an alpha-alumina ceramic car- 
rier. The alumina is acidic, which promotes hydrocarbon cracking and can form coke . , 

with heaviei feeds. Some catalyst for~nulations use a magneaialalumina spinel which 
is more neutral than alpha-alumina. This reduces cracking on the carrier, and allows 

~ e e d  Pur@calioa. Long catalyst life in modern hydrogen plants is attributable to a somewhat heavier feedstocks to be used: typicaily into the LPG range. The drawbacks 
great extent to effective feed purification, pvrticulvrly sulfur and chloride removal A typ- to this approach include difficulty in reducing the catalyst unless there is a supply of 
ical natural gas or other light hydrocarbon feedstock contains traces of H,S and organic hydrogen in the reducing gas, and the possible damage to the cdtalyst by hydration of 
sulfur. Refillery gas may contain organic chlorides from a catalytic reforming unit. the catalyst during start-up. 

In order to remove these it is necessary to hydrogenate the feed to convert the Further resistance to coking can be achieved by adding an alkaii promoter, typical- ! 
organic sulfur to HB,  which is then reacted with zinc oxide: organic chlorides are ly some form of potash (KOHL to the catalyst. Besides reducing the acidity of the 
converted to HCI and reacted with an alkali metal adsorbent. Purification is done at carrier, the promoter catalyzes the reaction of steam and carbon. While carbon contin- 
approximately 700'F (3700C), since this results in best use of the zinc oxide, as well ucs ta be formed, it is removed faster than it can build up. This approach can be used 
as ensuring complete hydrogenation. with naphtha feedstocks up to a boiling point of 350'F (about 180°C). 

Under the conditions in a fired reformer, potash is volatile, and it is incorporated 
Coking of Rafofonrri,zg Catalyst. Coking of the reformer catalyst is the most churac- into the catalyst as a moie complex compound which slowly hydrolyzes to release 
teristic problem in a hydrogen plant. While it may he similar in appearance to the KOH. The promoted catalyst is used only in the top half of the catalyst tubes, since this 
fouling of heater tubes found in other units, additional precautions are necessary here. is where the hydrocarbon content, and the possibility of coking, is the highest. In addi- 
A major reason for the high reliability of modem units is the reduction in catalyst cok- tion, this keeps the potash out of the hottest part of the tube, reducing potash migration. 
ing.  his is due to advances in catalyst technology and in reformer design. Alkalized catalyst allows the use of a wide range of feedstocks, but it does have 

While light, methane-rich streams such as natural gas or light refinery gas are the drawbacks. In addition to possible potash migration, which can be minimized by prop- 
most common feeds to hydrogen plants, there is often a requirement to process a vari- er design and operation, the catalyst is also somewhat less active than conventional 
ety of heavier feedstocks, including LPG and naphtha. because of seasonal variations 
in feedstock price, an interruptible supply of natural gas, or turnarounds in a gas-pio- 
ducing unit. Feedstock variations may also be inadvertent, for example, changes in Prorofornring. Another option to reduce coking in steam reformers is to use apiere- 
refinery offgns composition from another unit. former. This uses a fined bed of very active catalyst, operating at a lower temperature, 

Whet) "sing heavier feedstocks in a hydrogen plant, the primary concern is coking upstream of the fired reformer (Fig. 62.6). Inlet temperatures are selected so that 
of the reformer catalyst. There will also generally be a small capacity reduction due to there is minimal risk of coking. Gas leaving the prereformer contains only steam, 
the additional carbon in the feedstock and additional steam required. This increases hydrogen, carbon oxides, and methane. This allows a standard methane catalyst to be 
the load on the shift and CO, removal section of the plant. The size of this effect will used in the fired reformer. This approach has been used with feedstocks up to light 
depend on the feedstocks used and on the actual plant. Coking, however, is of more kerosene. The drawback to this approach is the need for a separate prereformer rbactor 
immediate concern, since it can prevent the plant from operating. and a more complicated preheat train. 

Coking is most likely about one-third the way down the tube, where both tempera- Since the gas leaving the prereformer poses reduced risk of coking, this also makes 
ture and hydrocarbon content are high enough. In this region, hydrocarbons can crack the fired reformer more "forgiving? It can compensate to some extent for variations in 
and polymerize faster than the coke is removed by reaction with steam or hydrogen. catalyst activity and heat flux in the primary reformer. 
Once the catalyst is deactivated, temperature increases further and coking accelerates. Besides its use for feedstock flexibility, a prereformer can be used to reduce the I 
Farther down the tube, where the hydracarbon-to-hydrogen (HCIH,) ratio is lower, fuel consumption and steam production of the reformer. Since the prereformer outlet 
there is less risk of coking. Coking depends to a large extent on the balance between 

I 
gas does not contain heavier hydrocarbons, i t  can be reheated to a higher tempera- 

catalyst activity and heat input; more active catalyst produces more hydrogen at lower ture than the original feedstock without the risk of carboo formation. The higher 
temperature, reducing the risk of coking. Uniform heat input is especially important in 
this region of the catalyst tube, since any catalyst voids or variations in catalyst activi- 
ty can produce localized hot spots, leading to coke formation or tube failure. 

Coke formation results in hot spats in catalyst tubes, and can produce characteristic 
patterns known as giraffe "necking or tiger tailing. It increases pressure drop, reduces Reformer Design 
conversion of methane, and can cause tube failure. Coking may be partially alleviated 
by increasing the steam:hydrocarban ratio to change the reaction conditions, but the Equipment Configuralio,t. Designs for steam reforming furnaces must deal with the 
most effective solution is to replace the reformer catalyst with one designed for heav- problems caused by the extremely high process temperatures. These include thermal 

expansion, cracking, and overheating. The high temperatures also mean the use of 
1n addition to the reforming and shift reactions over reforming catalyst, a number exotic alloys; as an example, a common tube material is HP-45, which contains 25 

of side reactions occur. Most of these include the production or removal of carbon. percent chrome and 35 percent nickel, with the element niobium added to stabilize the 
Carbon is continuously formed on the catalyst, but ordinarily reacts with steam faster grain structure. 
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PREREFORMING 

ution. This helps to avoid localized overheating and carbon laydown. The process gas 
flow is downward and the flue gas flow upward. The convection section is located 
above the radiant section. Larger furnaces often use two radiant cells located side by 
side, and sharing a common convection section. 

The radiant wall design provides uniform hevt flux and is resistant to localized 
overheating, even in the event of catalyst caking. The vertical stacking of the furnace, 

FIGURE 6.2.6  rer re farmer now schcrne. 
with the convection section located above the radiant section, results in smaller plat 
area for most sizes. 

The updraft arrangement minimizes power required for fans, and the furnace can 

,Tube expansion at reforming temperatures is approximately I0  in (250 mm) for a be designed to operate in natural draft, without fans. 

typical 40-ft (12-m) tube. This expansion is taken up at the cold end of the tube by 
Side-Fired. This design is similar to the terrace wall furnace, with burners locat- 

connecting the tubes to the inlet header with long, relatively flexible tubes called pig- ed at multiple levels (often six levels). Special burners are used to direct the flames 

tails. A counterweight system is used ro support the tube and ensure that the tube is 
back against the walls. It is possible to get additional control of firing from the larger 

kept in constant tension to prevent bowing. 
number of burners. 

Down-Fired This design uses burners located on the roof of the furnace, firing 
The combination of light components and good thermal conductivity results in a 

relatively low danger of thermal cracking compared to heavier hydrocarbons. This downward (Fig. 6.210). Multiple rows of tubes are used, alternating with rows of 

that high nun mates, typically above 20,000 B ~ l h  . ft2 (63,000 Wlm2), may be burners. Special burners are used to ensure the proper flame pattern. This is 
I 

used.  his in tum requires that heat flux be very uniform to avoid hot spots. In larger in order to get good heat distribution along the length of the tube. Both process gas 
and flue gas flow is downward. 

furnaces, firing is from both sides of the tube, and measures are taken to ensure that 
heat flflux is relatively uniform over the length of the tube. This may be done by using The multiple rows allow reduced cost for extremely large units, as is required in 
a radiant wall design such as a terrace wall unit, or positioning the flame next to the large methanol or ammonia plants. The convection section is located at grade; this 

coldest part of the tube in down-fired units. 
allows goad fan access and more stable fan mounting but increases the plot area 

since catalyst is packed into the tubes, many multiple passes are used to keep pres- required. Fewer (but larger) burners are required. 

sure drop to a manageable level. There are several hundred ~aral le l  passes in a large 
Cylindrical. The furnace is in the shape of a vertical cylinder, with burners locat- 

furnace. Careful packing of the catalyst into the tubes ensures even flow distribution. ed in the center of the floor. The tubes are arranged in a ring around the burners. 
Several reformer configurations have evolved to deal with these factors: Terrace Ample spacing between the tubes allows radiation to be reflected from the furnace 

Wall, side-fired, down-fired, and bottom-fired furnaces are used. These designs are walls and reach the backs of the tubes, in order to provide good heat distribution. Bath 

summarized below. 
process gas and flue gas flow is upward. 

Terrace Wail. Foster Wheeler's Terrace Wall reformer was developed to handle This design is used for smaller units, with an upper plant size limit of 5 to 10 mil- 

the high temperatures and high heat fluxes used in steam reforming. This design uses lion SCFD [5500 to 11,000 (N) m3h] of hydrogen with a single reformer. Since the 
a long, relatively nanow firebox, with the tubes in a single row down the center (Figs. hot end of the tubes is at the top, the tubes can be anchored ar the top and expand 
6.2.7 to 6.2.9). The burner. are located in terraces along the sides, and fire upward downward. The counterweights or spring hangers used on larger units are not neces- 
against sloping, refractory lined walls. Generally two terraces are used. The hot refrac- sury ,  reducing the cost of the furnace. These units are generally shop-fabricated. Size 
tory then radiates heat to the tubes, resulting in a very uniform, controlled heat distrib- is therefore limited by shipping restrictions. 
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limits, including temperature limits on the catalyst tubes. To avoid tube failures, many 
plants now monitor tube metal temperatures each day, or even each shift. Optical 
(actually infrared) pyrometers are used to measure temperatures, since thermocouples 
do not survive the 1700 to 1800°F (930 to 980PC) conditions. 

Besides measuring metal temperatures, it is important to identify variations in temper- 

, . 
tinctive patterns, known as tiger taifing or giraffe necgng. cataiyst breakup f roh  thermal 
cycling can also cause similarpatterns, as well as hot tubes from plugging. 

Whether one is measuring temperature or identifying patterns, accurate readings 
require a clear view of the cutalysttubes, preferably from a direction perpendicular to 
the metal surface. The Tenace Wall or side-fired furnaces provide an advantage in this 
case, since most furnaces include viewing ports to allow measurement of temperature 
on virtuallv all tubes. The multiole tube rows common in down-fired furnaces reauire 
viewing from theend of the tube rows, making accurate measurement difficult. 

Tube Damage and Pinching. The life of the catalyst tubes depends to a large extent 
on the condition of the catalyst, which in turn is subject to damage by poisoning or 
mechanical stress. Poisoning is possible from sulfur or chlorides, either in the feed- 
stock or low-quality steam, while mechanical stress is usually from thermal cycling. 
The metal tubes have a higher coefficient of thermal expansion than the catalyst. As 
the tubes heat up they expand and the catalyst settles farther down the tube. When the 1, 
tube cools, it contracts and the Catalyst is fractured. After a number of cycles, the cata- 
lyst can break up, plugging the tube or forming voids. I 

at  smaller drameters, leading to more stress an the catalyst Dunng process upsets a 
becomes eater to exceed the crush strength of the catalyst, and the catalyst fractures 

As the condltlon of the catalyst worsens, hot spots can develop in-tuber and the I 
tuh: r i n  rupture 'ihuutnp,doun the turnace a in#\  l>o##ll lor~.p.tir I ~ C .  I J ~ C <  IOUIJ ICIJ 
10 I ~ r i  prcJu;tiur.. 1 s  w;ll :I> cxtrr hcrL#ny ;.h,.~n,; c)clc. Ind#\1du3l tub,,, ; ~ n  b.. L ~ J -  

lar.1 on lhne to <till  lhct18 off rod ; O I L ~ I ~ ~ L # L  UUCI-~L~O~.  l l t i*  3s J<mc hv O I I I C ~ ~ ~ ( ~  tile m e -  , . - . -  
tails shut with a hydraulic clamp whilc the unit is operating. Many operators shut off 
hydrocarbon feed while this is done, keeping steam flowing to the tubes. 

I 
The tubes themselves are also subject to damage from thermal cycling. As the i 

tubes heat up, the outside and hotter part of the tube wall expands more than the inner 
portion, leading to high stress levels. The metal will creep in operation, normalizing 
the stress. The process is then reversed when the tube cools. Continued cycling can 
lead to cracks. ! 
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. Cost (investment and operating) . ~ydrogen  recovery 

Product purity . Pressure profile . Turndown . Proven reliability 

~ e r  serdbing. Wet scrubbing systems, particularly amine or potassium carbonate 
systems, are used for removal of acid gases such as H,S or CO,. Most depend on 
chemical reaction and can be designed for a wide range of pressures and capacities. 
They were once widely used to remove CO, in steam reforming ~lants ,  but have gen- 
erally been replaced by PSA units except where CO, is to be recovered. They are still 
used to remove H;S and CO, in partial oxidation plants. 

wet scrubbing systems remove only acid gases or heavy hydrocarbons, but not CO-CURRENT 

methane or other light gases, hence have little influence on ~raduc t  purity. Therefore, DEPRBSURIZATION 

wet scrubbing systems are most often used as a pretreatment step, or where a hydm- 
gen.rich stream is to be desulfurized for use as fuel gas. COUNITRIURREM PURGE 

ADSORPTION DEPRESSURIIAllON 

PSA. pressure-swing adsorption uses beds of solid adsorbent to scparate impure (BLOWDOWN) 

hydrogen streams into a very pure high-pressure product stream and a low-pressure FIGURE 6.112 PSA process steps. ! 
tail gas stream containing the impurities and some of the hydrogen. The beds are then 
regenerated by deprcssuring and purging (Fig. 6.2.11 and 6.2.12). Pan of the hydro- 
gen-typically 10 to 20 percent-is lost into the tail gas. PSA is generally the first choice for steam reforming plants because of its combi- 

The cost of the system is relatively insensitive to capacity. This makes PSA more nation of high purity, moderate cost, and ease of integration into the hydrogen plant. b 
economic at larger capacities, while membrane units tend to be favored far smaller is also often used for purification of refinery offgases, where it competes with mem- 

brane systems. 
Turndown is simple to about 30 percent offlow, where it is limited by the accuracy 

of flow measurement. Systems can be designed to go somewhat lower by adding low- 
I 

range transmitters. Reliability is very high. 
It is not generally economic to design a PSA unit to process synthesis gas from 

both steam reforming and hydmgenhydrocarbon gas. Doing so causes problems with 
both the fuel balance and the adsorbenu. Tail gas from the steam reforming unit con- 
sists largely of COX and is returned at low pressure to the reformer furnace as fuel. 
The plant fuel balance requires that the tail gas from the hydrocarbon PSA be com- 
pressed into the fuel system. Combining these two units would result in too much fuel 
gas to supply the reformer furnace. with much of the C0,from the synthesis gas being 
compressed into the refinery fuel system. In addition. the adsorbents far the two sys- 
tems are different, and combining them would affect the hydrogen recovery. 

Memhanes. Membrane units separate gases by taking advantage of the difference 
in rates of diffusion through membranes. Gases which diffuse faster (including hydro- 
gen) become the permeate stream, and are available at low pressure. The slower gases 
become the nanpermeate and leave the unit at close to feed pressure. 

Membrane units contain no moving parts or switch valves and have potentially 
very high reliability. The major threat is from components in the gas (such as aromat- 

FEED pllE88U-E 
l a o ~  lrrq ies) which attack the membranes, or from liquids, which plug them. 1 

FIGURE 6.2.11 This figure ilturtrares thc now through a PSA unit far the different steps in the Membranes are fabricated in relatively small modules: for larger capacity more 
,CIO. I" the OR$ strp impure hydiogen enters the bottom of the bed, wiUl pure hydmgsn leaving Ule modules are added. Cost is therefore virNally linear with capacity, m&ing them more 
top. L the next step pvre hydrogen is rseovered as the bed is pmianiallg dspresrurized into anolher bed st competitive at lower capacities. 
lower prsrsure. ~h~se"cqualilations" are a key to the high rwovery of hydrogcn in modcrn PSA units. Design of membrane systems involves a tradeoff between pressure drop (or diffu- 
The bed is then vrnted to the tail gas system and purged with pure hydrogen fmm anorh~r bed. sion rate) and surface area, as well as between product purity and recovery. AS the I 
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Refinery Gas. Light refinery gas, containing a substantial amount of hydrogen, can 
be an attractive steam reformer feedstock. Since it is produced as a by-product, it may 
be available at low cost. Processing of refinery gas will depend on its composition, 
particularly the levels of olefins and of propane and heavier hydrocarbons. 

Olefins can cause problems by forming coke in the reformer. They are converted to 
Cryogenic Separation. Cryogenic separation units operate by cooling the gas and saturated compounds in the hydrogenator, giving off hear. This can be a problem if the 
h on den sing same or all of the gas stream. Depending on the product purity required, olefin concentration is higher than about 5 percent, since the hydrogenator will over- 
separation may be by simple flashing or by distillation. Cryogenic units tend to be heat. A recycle system can be installed to cool the reactor, but this is expensive and 

more than other processes, especially in smaller sizes. This is partly wastes heat. 
because of the feed pretreatment required to remove compounds which would freeze, Heavier hydrocarbons in refinery gas can also form coke, either on the primary 
such as water or CO,. They are therefore used either in very large sizes or where they reformer catalyst or in the preheater. If there is more than s few percent of C, and 
offer a unique advantage, such as the ability to separate a variety of products from a higher compounds, a promoted reformer catalyst should be considered, in order to 

single feed sueam. One example is the separation af light olefins from a hydrogen avoid carbon deposits. 
When hydrogen content is greater than 50 vol % and the gas is at adequate pres- 

sure, the gas should first be considered for hydrogen recovery, using a membrane or 
pressure-swing adsaprtion unit. The tail gas or reject gas-which will still contain a 
substantial amotlnt of hydrogen-can then be used as steam reformer feedstock. 

Refinery gas from different sources varies in suitability as hydrogen plant feed. 
Catalytic reformer offgas, us shown in Table 6.2.9 for example, is saturated, very low 

Feedstocks in sulfur, and often has a high hydrogen content. This makes excellent steam reformer 
feedstock. It can contain small amounts of chlorides. These will poison the reformer 

The best feedstocks for steam reforming are light, saurated, and low in sulfur; this catalyst and must be removed. 
includes natural gas, refinery gas, LPG, and light naphtha. These feeds can be canven- The unsaturated gas from an FCC or coker, an the other hand, is much less desir- 
ed to hydrogen at high thenual efficiency and low capital cost. able. Besides olefins, this gas contains substantial amounts of sulfur, which must be 

removed before the gas is used as feedstock. These gases are also generally unsuitable 
Norural Gas. Natural gas is the most common hydrogen plant feed, since it meets all for direct hydrogen recovery, since the hydrogen content is usually too low. 
the requirements far reformer feed, and is low in cost. A typical pipeline naural gas Hydrotreater offgas lies in the middle of the range. I1 is saturated, so it is readily 
(Table 6.2.8) contains over 90 percent C, and C,, with only n few percent of C, a d  used as hydrogen plant feed. Content af  hydrogen and heavier hydrocarbons depends 
hekvier hydrocarbons. It may contain traces of CO,, with often significant amounts of to a large extent on the upstream pressure. Sulfur removal will generally be required. 
N,. The N, will affect the purity of the product hydrogen: it can be removed in the PSA The process scheme shown in Fig. 6.2.13 uses three different refinery gas streams 
unit if required, but at increased cost. to produce hydrogen. First, high-pressure hydrocracker purge gas is purified in a 

Purification of natural gas, before reforming, is usually relatively simple. Traces of membrane unit. Product hydrogen from the membrane is available at medium pressure 
sulfur must be removed to avoid poisoning the reformer catalyst, but the sulfur con- and is combined with medium pressure offgas, which is first purified in a PSA unit. 
tent is low, and generally consists of H,S plus some mercaptans. Zinc oxide, often in Finally, low-pressure offgas is compressed, mined with reject gases from the mem- 
combination with hydrogenation, is usually adequate. brane and PSA units, and used as steam reformer feed. The system also includes a 

recycle loop to moderate the temperature rise across the hydrogenator from the satura- 
tion of olefins. 

TABLE 6.2.8 Typical Natural 
Gas composition 

TABLE 6.2.9 Typical 
Component Volume 96 Crtrlyfi~ Reformer Offgas 

C~mposilion 

Component Volume % 

Total 100.0 
Total 100.0 

No<<: B H  = rnCX*PtanS. 
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TABLE 6.2.10 Economics of Air Preheat versus Steam Generation' 

Fuel fired, Steam 
Effect of air prcheheac million Bru produced, klb BFW, klb Total 

Reduction per hour 85.4 22.9 22.9 + blowdawn - I %  

Unit cost (low fvel cost): 0.95 4.40 0.888 
1 

Cost per hour. $ -81.17 100.66 -20.53 -1.04 
Cost per year, $ -8700 

Unit cost (high fuel cost): 3.00 10.00 1.40 
Cost per hour, S -256.33 228.77 -32.65 -60.22 
Cost per year. $ -505,800 

'Baris: 45 mmillion SCFD 110.000 (Nl m'ihl, 8400 hiyear. 
Note: BFW = boiierfccdwnar. 

reducing firing, such as prereforming or heat exchange reforming, do not affect the 
flame temperature and will therefore reduce NO, production. Any of these methods 
can also be useful if there is a limit on the total amount of fuel fired, such as when a 

FIGURE 6.2.13 Feed handling and putifififition wilh multiple feedstocks. plant is to be expanded under an existing permit. 
Capital cost and operability will generally favor steam generation. This is the sim- I 

plest scheme, and is favored wherever the additional steam can be used (Table 6.2.10). 
No additional catalysts are necessary, and if a Terrace Wall or a side-fired reformer is 

I 
used, it is possible to build the reformer as n natural draft unit. This eliminates the Liquid Feeds. Liquid feeds, either LPG or naphtha, can be attractive feedstocks 

where prices are favorable. Naphtha is typically valued as low-octane motor gasoline, forced and induced draft fans and further improves reliability. In cases where steam 
has little value, air preheat, prereforming, or heat exchange reforming will be favored, but at some locations there is an excess of light straight-run naphtha, and it is avail- 

able cheaply. Liquid feeds can also provide backnp feed, if there is a risk of natural although capital cost will be increased with these options. I 

gascurtailments. 
The feed handling system needs to include a surge drum, feed pump, and vaporiz- 

er, usually steam-heated. This will be followed by further heating, before desulfuriza- Prereforming 
tion. The sulfur in liquid feeds will be in the form of mercaptans, thiaphenes, or heav- 
ier compounds. These compounds are stable and will not be removed by zinc oxide, In prereforming, the reformer feed is processed in an adiabatic fined bed, with d high- I 
therefore a hydrogenator will be required. Aa with refjnery gas, olefins must also be ly active catalyst because of the lower temperature. 

hydrogenated if they are present. The reformer feedstock is mixed with steam and passed over the prerefoming cat- 
The reformer will generally use a potash-promoted catalyst to avoid coke buildup alyst, as is shown in Fig. 6.2.6. As reforming proceeds, the temperature falls. The gas i 

from cracking of the heavier feed. If LPG is to be used only occasionally, it is often is then reheated and sent to the primary reformer. For feedstocks heavier than 

~assible  to use a methane-type catalyst at a higher steam:earbon ratio to avoid coking. methane, hear of cracldng will tend to raise the temperature and can result in a temper- 

~ ~ ~ h t h ~  will require a promoted catalyst unless a prereformer is used. ature rise for liquid feeds or heavy refinery gases. The technology is well proven, and 
1 

the catalyst has been used for ather applications in naphtha reforming. Other than the 
reactors, the only additional equipment required is a preheat coil in the reformer. 

On the other hand, only a limited amount of heat can be recovered, since the reac- 
HEAT RECOVERY tor inlet temperature is limited to about 9 3 0 9  (500°C) to avoid cracking of the feed- 

stock. Much of the savings in energy comes from the ability to reheat the feed to a 
In selecting a heat recovery system for a new plant, a number of factors must be bal- high temperature. Since the pre-reformer outlet contains no hydrocarbons heavier than 
anced: environmental regulations, capital cost, operating cost, and reliability. The rel- methane, there is little risk of cracking. 
ative importance of these will vary from project to project. The high activity catalyst is also sensitive to deactivation, and provision must be i 

The environmental regulations with the most impact on plant design are typically made to allow catalyst changeout during operation. 
NOx limitations. Other impacts such as SOz or water emissions are minimal, because 1 
low sulfur fuel is typically used and there are few emissions other than flue gas. The 
choice of heat recovery system can have a major effect on NOL production, since both Heat-Exchange Reforming I 

the amount of fuel fired and the flame temperature will be affected. PreheaIing.com. 
bustion air will reduce firing, but since NO, formation is strongly influenced by flame The process gas leaving the reformer can be used as u heat source for additional 
temperature, there will be an overall increase in NO, farmatian. Other methods of reforming. Reforming catalyst is packed in the tubes of a heat exchanger, and the pri- 

I 
1 

1 .  
I: 
I 



GASIFICATION AND HYDROGEN PRODUCTION FW HYDROGEN PRODUCTLON 6.49 

TABLE 6.2.11 Utility Comparison Hert Enchrngo Reformor 

Heat-erehange rcrormer 
I 

Base case Coldair Air preheat 

Hydragcn, million SCFD 
Primary relonncr. 'F IS00 1550 1600 

Natural gas, million SCFD: 
Feed 20.9 18.9 17.6 

- - - 
Total 22.6 20.1 18.4 

Steam export lbih 159,000 77.000 21,000 

FIGURE6.2.14 Hert-exchimgsr 

mary reformer outlet gas flows in the shell. Various arrangements are used to cope 
with tube expansion, such as the one shown in Fig. 6.2.14. Here the hot gas from the 
primary mines with the gas leaving the open-ended catalyst tubes, and then flows 
along the outside of the catalyst tubes. An advantage of the heat exchange reformer is 
that it can reach higher temperatures and recover more heat than the prereformer, i 
although at higher equipment cost. I 

The temperature in the heat exchange reformer is lower than that in the primary, 
I. 

PEA SMR POX SMR POX (RESID) t 
and the steam:carbon ratio in the heat enchvnge reformer is increased to improve equi- 
librium and reduce the methane leakage down ro the same range as in the primary. NAT. GAS (NAT. GAS) (NAPHTHA) 1 
This also shifts the reforming heat load to a lower temperature, improving the heat FIGURE 6.2.15 Production con of different cosbpmce~s routes. PSA = 

preirure~swing rdrorpiion: SMR = steam-melhans reforming: POX = par- 

The main effect of the heat-exchange reformer is to reduce the fuel demand and iiri oxidufion. 

steam generation. Table 6.2.11 shows this reduction: from 159,000 Iblh (72 tonnesih) 
with the primary reformer alone, to 77,000 lblh (35 tonneslh) with the addition of the 
heat-enchange reformer. By combining the heat enchvnge reformer with air preheat, 
there is a further reduction in the steam generation and fuei demand for the plant: 
export steam is reduced to 21,000 lbih. already available in sufficient quantity, it is cheapest to merely purify it as required. In 

mast cases this is not sufficient, and it is necessary to manufacture it. 
Figure 6.2.15 illustrates why steam reforming is favored over partial oxidation. For 

ECONOMICS light feedstocks, ~ap i t a l  cost for the inside battery limit (ISBL) plants are similar for 
steam reforming or partial oxidation. However, when the cost of oxygen is included, 
the cost for partial oxidation (POX) rises substantially. Naphtha reforming is slightly 
higher in capital cost than reforming of natural gas. Feedstock cost will depend on the 

Pmeess Route value of the naphtha: where the naphtha is valued us motor gasoline it cannot compete 

Capital costs for hydrogen production are illustrated in Fig. 6.2.15, which compares with natural gas. Where there is a surplus of low-octane naphtha, it may be valued at 

costs for purification, steam reforming, and partial oxidation. Where hydrogen is fuel cost or even below; in this case steam reforming of naphtha can be attractive. 

! 
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 or oxidation of residual fuel, u substantial amount of equipment is required hydrogen, while concentrating their cerourcer (both financial and technical) on refining, 
to handle the soot, ash, and sulfur (Fig. 6.2.4). The cost for this additional equipment, where their valtle added is greatest. Over-the-fence suppliers can typically achieve suv- 
as well as the additional oxygen required, means that heavy oil must be much cheaper ings on both capital and operating costs, which are passed on to the hydrogen pur- 
than natural gas to justify partial oxidation. Alternatively, partial oxidation may be chasers. Additionally, once a supply agreement has been reached, the refiner's hydrogen 
used as a wily to dispose of a stream such as coke or asphalt, which is can- costs ate fined and known. Ail potential uncertainties, such as capital cast overruns and 
sidered a waste product. opemting cost variance become the responsibility of the hydrogen supplier. 

Capital savings over what an individual iefiner can achieve can come about for 
several reasons. Some of these are 

1. Multii~le pion! experlenee. A typical refiner wouid add only one hydrogen 
Where capacity, feedstock, and method of heat recovery are known for a steam plant at a time while a hydrogen supplier would typically build several hydrogen 

plant, a reasonable estimate may be made of capital cost, typically to an plants a year. This ongoing plant construction effort allows for savings in standardiza- 

accuracy of *30%. For a 50 million SCFD [56,000 (N) m31h] hydrogen plant. based on tion of design and procurement of major equipment as well us ongoing efforts to mini- 

natural gas feed, and using steam generation for heat recovery, capital cost is approxi- lnize plant capital. 

mately $30,000,000. 2. Allioncer with fechnology providers. Several industrial gas companies are 
This assumes a battery limit process unit, including the equipment shown in Fig. now allied with major engineering procurernentlconstruction (EPC) companies to pra- 

6.2.3, on the U.S. Gulf Coast constructed in first quarter 1995 through mechanical vide aver-the-fence hydrogen supply. These alliances help ongoing capital reduction 
~ a ~ p i e t i o n .  It also assumes that the site is free of above- and below-ground obstruc- and value engineering efforts to further reduce capital costs. 
tions. It does not include the cost of land, taxes, permits, warehouse parts, escalation, 3. Maltiple~customer, multiple-plonr networks. In those areas where gas compu- 
catalyst, and support facilities. nies can supply multiple customers from a single plant or a network, there are signifi- 

cant economy-of-scale benefits that would not be available to a refiner. As an exam- 
ple, the capital costs of one 50  million SCFD plant would be significantly less than 
that af  two 25 million SCFD plants. I r i s  also possible in these situations to provide 
product sharinz between plants as a backup or as additional purchase flexibility. 

In recent years refiners have been presented with a viable alternative to building their 
own hydrogen plant. It is possible to buy hydrogen like a utility ''over the fence" from The cumulative effect of these benefits could be a plant capital reduction of over 10 
one of the major industrial gas companies, such as BOC Gases. These companies typi- percent (significantly more if multiple customers can be combined). 
cally have expenence producing and selling many industrial gases such as hydrogen, In some instances operating costs for hydrogen suppliers can also be lower than for 
"itrogen, and oxygen and several have entered alliances with plant manufacturers the refiner. Operating experience for a collection of plants can be monitored and indi- i 
which allow them to produce hydrogen more efficiently and more cheaply than refin- viduai plant performance can be compared to collective norms. Minor variations in 
ers can do on an individual plant basis. performance can be noted earlier and preventive action can be taken to avoid inajor 

outages and problems. Also, purchases for catalyst replacements and spare parts for 
Adventages of Making Hydrogen (Building and Owrting a Plant). Historically many units can be pooled, leading to additional savings. 
most refiners have built their own hydrogen plants as needed. These plants have been 
fully integrated into the refmery, in many cases as part of the hydrotreating or hydroe- Summary. Unlike in the past, refiners looking to add hydrogen capacity now have 

I 

mdiing complex. This approach allows the refiner to maintain complete control over a viable alternative to investing their own capital to add capacity. There are advan- 
both the poject and the ongoing supply. If the hydrogen plant is combined with other tages and disadvantages to both building a plant and buying hydrogen over the 
investments or is a duplicate of an existing plant, there can be capital swings com- fence, but there are potentially significant savings associated with buying hydrogen 
pared to a stand-alone hydrogen plant. However, most hydrogen plants are of a suffi- as a utility. Any refiner considering an increase in hydrogen requirements should I 
cient scale that they can be efficiently managed as individual c o t t s t ~ c t i ~ n  projects. seriously consider hydrogen purchase, if only as a mechanism to minimize its own ! 

There can also be other benefits to owning the plant from an operations standpoint. capital outlays. 
Typically control of the hydrogen plant would be combined with that of ather process- 
ing units which can lead to operating labor efficiencies where the s m e  operatois are 

for multiple units. A view can also be taken that operations between 
hydrogen-producing units and hydrogen-consuming units can be better managed when UTILITY REQUIREMENTS 
everything is owned by the refiner. This point has become more difficult to argue as ! 

computerized process control has become more commonplace and output signals can Typical utility requirements for a 50 million SCFD hydrogen plant feeding natural gas 
be shared between operations. are as follows (no compression is required). 

Advanloges of Buying Hydrogerr "over the Fence." With a properly structured gas 730 million Btulh (770 Gllh) 
supply agreement it is possible to be guaranteed the necessary security of hydrogen sup- I 

while achieving both a lower total hydrogen cost with less total risk to the refiner. 150 million Btulh (158 Gllh) 

Refiners can capitalize on the experience of companies whose business is to produce Export steam, 600 iblini gage17009 120,000 iblh (54 tonneslh) 
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INTRODUCTION 

The increasing market demand for middle distillates and the need for lower-sulfur, 
cleaner-burning transportation fuels has directed the refining industry's attention to 
adding cooversion capacity by hydrocraeking. Hydrocracking is a highly flexible 
process option that can be used to convert virtually any refinery stream into value- 
added products. It is particularly well suited to the production of low-sulfur, high- 
quality middle-distillate fuel components and can be integrated synergistically with 
other conversion technologies, such as fluid catalytic cracking (FCC) and coking. 

In the 1960s and 1970s. the most common application of hydrocracking was the 
maximum production of naphtha for gasoline reforming. As the growth in demand for 
middle-distillate products has increased and the demand for gasoline has begun to 
level off, the application of hydrocracking technology for maximum conversion of 
vacuum gas oil (VFO) to jet and diesel fuel has gained in importance. 1 

The maximum conversion of heavy vacuum gas oils to diesel and lighter products 
typically has required that hydrocracking plants be designed for operating pressures in 
excess of 140 bar gage. The capital costs for both new high-pressure hydrocracking 1 

! 
7.3 
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TABLE 7.1.1 Typical Hydrocracker Operaling Conditions TABLE 7.1.2 Hydrocracker Cost Comparison 

High-pressure High-prcssure 
hydrocracking MAK-MPHC hydrocracker* base MPHC 

Conversion, wt % Tofrl pressure, bar gage >I40 100 70 
~ressure, bnr gage Conuerrion, % 90-100 70 50 
~iqnid  hourly space velocity 0.5-2.0 0.5-2.0 Relative installed cart ISBL hydracracker 100 73 62 
~ ~ c r a g e  reactor lemperaturo. OC 340425 340-425 Relative installed cost plus H, plant? 134 94 62 
~ ~ d ~ ~ ~ ~ n  circulation. (N) m3im3 650-1700 35CLlZ00 ~eivfive operating cost$ I 0.7 0.6 
~ ~ d r o g e n  consumption, (N) m3im3 200-600 7a-200 

'Arrumei 140-bar gage cold high-prcsrurc ispnrnoi, 60% recycle mrio (70% crack pcr pnir) 

No,#: (N) = i irndrd trmpirnivce rnd pLEsrurc. rnd 100% convrrsion to aisssi an6 lighrcr. 
tCorl including hydrogen plmnl for incrrrncnl;ll hydmgen domrnd rbave that rcrjuired for r 10 

bar gage. 50% conversion MPHC. 
? h c b d ~ r  all urilities, catalyst costs. nnd hydmgogen valued n $0.08 U.S, pci norm81 ~ ~ 8 b i c  otet~c. 

equipment and the incremental hydrogen to feed that equipment hus made such facilities 
difficult to justify within increasingly capital-constrained operating environments. ! 
Operating at less than total conversion can open up opportunities ta optimize the rela- 
tionship between pressure, conversion, catalyst life, hydrogen cansumption, and product acceptable rates. In general, heavier, higher endpoint feedstocks will necessitate higher 

quality, leading to substantially reduced capital investment and highly ~rofitable returns. design pressuies for a given conversion level and catalyst life. Also, the aromaticity of 
hydrocracked products will be directly proportional to hydrogen partial pressure. 

i 
Moderate-pressure hydrocracking (MPHC) is a once-through hydrocracking i 

process for the conversion of heavy gas ails to low-sulfur distillates and unconvetted While MPHC will yield n high-quality diesel fuel component, the kerosene fraction 1 
will, in general, not qualify as a specification turbine fuel. In many refining situations, ail that is highly upgraded relative to raw feed. Operating at lower pressure signifi- 

cantly reduces capital investment and results in rubstantivlly less hydrogen consomp- however, the kerosene cut will be  suitable for blending into the jet fuel pool. ! 
tion. Furthermore, the process requirements for MPHC are within the range of many Designing a hydrocracker to produce high smoke-point specification jet fuel can result 

VGO desulfurization units. The typical range of operating conditions for in significant quality giveaway in the naphtha and diesel fractions and inefficient use 

MPHC is shown in Table 7.1.1. of hydrogen resources. 
Mobil Research and Development Corporation, Akzo Nobel Chemicals, and The Designing a hydracracker for single-pass, partial-converrian operating mitigates to 

M.W. Kellogg Company have formed a partnership to offer MAK-MPHC and other a large extent the need for high aperating pressures. The single-pars hydrocracker is 

f ~ t l - ~ ~ ~ ~ e r s i o n  hydrocracking rechnologies for license to the refining industry. not subject ta fouling or high catalyst deactivation rates that can result from the I 
buildup of polynuclear aromatics in the recycle oil stream. The kinetic impact of lower Mobil and Akzo Nobel have actively engaged in MPHC research for more than 10 

years.l-4 ~ o b i l ' s  first commercial MPHC installation was successfully started up in hydrogen pressure is compensated for by a decreased conversion level and by 1,ower- 
1983. Mobil operates f ive hydrocrackers, two of which are pdal-conversion MPHC ing of liquid hourly space velocity (LHSV) if necessary. The naphtha, diesel, and 
designs that process heavy VGO into middle-distillate products. This research and unconverted bottoms products are not oversuturated, and hydrogen consumption there- ! 
operating experience has led to an advanced capability to apply hydrocracking canver- by is minimized. The economic keys to MPHC are the values of the law-sulfur distil- 

i 
sion technology to heavy feedstocks under moderate-pressure conditions. late and upgraded bottoms products relative to the unveated feed. 

Akza Nobel has commercialized a family of hydrotreating and hydrocracking cata- Relative installed costs [inside battery limits (ISBL)] based an curve-type esti- 
lysts that are combined to achieve the optimal balance between activity and selectivity mates for a full-conversion hydracracker and two MPHC options are shown in Table 
for each specific refining application. Akeo Nobel zeolite-based hydrocracking cutu- 7.1.2. The relative operating costs shown include estimated utility, hydrogen, and cat- 
lysts have been selected for application in nine units around the world, with an excess alyst costs. The grass-roots MPHC unit that utilizes available refinery hydrogen can 

require leas than half af  the capital investment associated with a high-pressure hydro- of 1.1 million kilograms produced. 
M.W. Kellogg is a leading technology-based international engineering and con- cracker. As will be illustrated, it is possible to revamp existing moderate-pressure I 

struction firm that has experience in the design, engineering, and construction of 22 hydroprocessing equipment to achieve canversion levels of 30 to 50 percent. In such 

hydracrackers. 
situations, the capital investment is substantially below that stated inTable 7.1.2. 1 : 

HYDROCRACKING COSTS TECHNOLOGY DEVELOPMENT 
I 

The high installed costs for hydrocracking equipment is related to high-hydrogen par- A simplified flow diagram of a typical moderate-pressure hydrocracker is shown in 
tial-presrure requirements and process conditions requiring the use of erotic construc- Fig. 71.1. Advanced reactor internals design technology allows the application of 
tion materials. The required operating-pressure level is determined by a complex rela- multibed reactors while maintaining stable operations and maximizing catalyst utiliza- 
tionship between feed properties, desired conversion level,  catalyst life, and tion In most cases, catalyst requirements are such that only a single reactor vessel is 
product-quality cons~ainrs.  To operate at near 100 percent of total conversion with needed. Bath high- and Low-temperature separators are utilized in a reaction section to I 
extinction recycle, high hydrogen pressures are required to limit catalyst deactivation to enhance operability and heat integration with the fractionation section. Because of the 

i I 
~ 

I 
I 
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uid and distributes both phases across the next catalyst bed. Uniform wetting at the top 
of the packed bed is critical because liquid distribution generally does not improve as 
the phases proceed downward. Maldistributian at the top of the catalyst beds therefore 
must be minimized to realize full catalyst utilization in the reactor. Mobil has eonduct- 
ed extensive experimentation and modeling in this area and has developed very effee- 
tive gas-liquid distribution equipment that has a high degree of flexibility. 

The advantage of the Spider-Vortex is clear and sttiking. This system transfers to 
the catalyst bed a spreading, highly atomized spray of process liquid scattered within 
the process gas. At the catalyst surface, the individual gas-liquid sprays actually over- 
lap to achieve complete coverage of the solids surface, resulting in full utilization of 
the catalyst volume. The alternative hardware creates comparatively little liquid 
breakup, instead producing discrete liquid systems that cover smaller, nonoverlapping 
regions of catalyst and leave large areas of catalyst ""wetted. 

Detailed fluid mechanic and reactor modeling calculations of several cases have 
shown a catalyst activity advantage of between 3 and l l 0 C  for the Spider-Vortex 
redistribution system compared to the commonly used device. The advantage varies 
considerably with gas and liquid flow rates and could be even larger for certain high- 

~ s y s  on Stream severity applications. The Spider-Vortex system and Mobil's engineering design are 
available as featutures of the MAK-MPHC process. 

Catalyst Selection 
with dramatic ~ a d i a l  temperature differences across the top of the catalyst 

beds dropped fro,,, about sac to about 3"c (see Fig. 7.1.7). The bed outlet radial tern- 
Another key feature of the MAK-MPHC process is the specification of a dual catalyst 

perature differences decreased from 1 7 0 ~  to 19-C with the previous quench system. The system consists of a pretreat catalyst formulated for high hydrodenitro- 
design to about 3-c (see pig. 7.1.8). ~ h e s e  improvements in temperature distribution genation (HDN) activity followed by a hydrocracking catalyst with both activity and 

catalyst utilization translate into better yields, longer catalyst life. and more effi- selectivity tailored to meet specific conversion objectives. Since organic nitrogen 

"ient use limited hydrogen resources. A complete description of the Spider-Vortex compounds are poisons to acidic hydrocracking catalysts, nitrogen must be converted 

d~velopment program can be found elsewhere.' to low levels in order to achieve significant hydracracking activity. As can be seen in 
A second important feature of the spider-Vortex is the gas-liquid redistribution Fig. 7.1.9, hydrotreating catalyst formulations optimized for HDN are substantially 

equipment.  hi^ hardware achieves small-scale contacting of the process gas and liq- more active for nitrogen removal than are hydrocracking (MHC) catalysts. Only at 
very high temperatures does the denitcogenation activity of the MHC catalyst begin to 

F I G U R ~  1.1.8 ~~~~l~~~ bed tsmperarures improvsd with Mahil 
quench design. FIGURE7.1.9 Compeiran of denitragenation acrivip. 

1 

1 
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TABLE 7.1.3 Pilot Plnnr Feed 
Properties-%bur Studies 

Specific gravity at lSDC 0.907 
Sim. diitillrtion. D-2887. mC 

10% 352 

Sulfur, w, % 
Nitrogen. wt ppm 860 
CCR, 0.4530, wt % 0.4 

Note: IBP = ini t ial  boiling point: FBP = 
Snll boilitig point. 

TABLE 7.1.4 MPHC Pilot Plant Yields Caralyrts: KF 843lKC 2600 

canversion. LV % (to 343°C-) 37 46 
Average reactor temperature, 'C Bare Bassi4 i 

FIGUREI.I.10 Required tsmperaiure for 60 percent con~crsiii. Yields, vol %of feed: I 
C,-166'C. naphtha 9.2 13.7 
166-227'C. kerosene 7.8 10.4 1 
227-343-C, light gas oil 23.8 26.6 

match that of the HDN material. Hydrotreating catalysts also are significantly less 343-388'C. heavy gar ~ i l  18.5 17.1 
j 

than hydrocracking caralysts and are less sensitive to temperature instabili- 38S1C+. LSFO 449 37.1 ! 
ty. Therefore, it is best to carry out the high-heat-release desulfurization and denitro- Hydmgen consumption, (N) m3irn' 

genation reactions in the beds that contain only hydrotreating catalyst. 
?igure 7.1.10 is a plat of the required operating temperature versus the percent Nola: LV % = liquid volume percenr: LSFO - lov~rvihi furl oil. 

hydrocracking catalyst employed in the system. The plot shows the pilot plant average 
reactor temperature adjusted to achieve 60 wt % conversion to 343-C-minus product 
at constant overall liquid hourly space velocity. For this particular feedstock, the low- 
est temperature required for 60 wt % conversion was obtained with a catalyst system was consistent with a greater than 2-year catalyst cycle at the highest conversion level. 
~ ~ n s i s t i n g  of 60 percent HDN catalyst followed by 40 percent MHC catalyst. The The yields and hydrogen consumptions are presented in Table 7.1.4. 1 
optimal catalyst distribution will depend on many factors, including feedstock proper- Total middle-distillate (166-343'C) yields of 31.6 and 37.0 percent were achieved 
ties and processing objectives. Lower overall catalyst requirements and the use of less at 37 and 46 percent conversion, respectively. Hydrogen consumptions were only 84 
expensive hydrotreating catalysts result in substantially reduced cost. and 103 (N) rn31m3, respectively. While these yields do not represent the maximum 

distillate selectivity for Akzo Nobel catalysts, the high activity and stability of KC- 
2600 allows for an extended operating cycle and better cumulative yield compared to 

Pilot Plant Yields and Properties less active catalyst alternatives. 
Middle-distillate and unconverted bottoms product properties at the 46 percent 

The results of pilot ~ l a n t  tests conducted at both 54-bar and 82-bar hydrogen partial conversion level are shown in Table 7.1.5. 
pressure arc presented in this section. These data represent the range of expected oper- The kerosene and light gas oil fractions are excellent blending components for jet 

' 

ations for both grass-roae MPHC and potential revamp applications. fuel and diesel products in this refinery. The heavy gas oil and unconverted bottoms 
are excellent law-sulfur, low-viscosity fuel oil components. The law density and nitro- 

Results 0154-bur Hydrogen Pressure. A series of pilot plant runs was made in 1990 gen content of the heavy gas oil (HGO) and bottoms products also would make them ! 
to support the application of Akzo Nobel catalysts in an existing Mobil MPHC unit. excellent feedstocks for KC. j 

The were conducted at 54-bar hydrogen pressure and 500 normal cubic 
meters [(N) mi] of recycle gas per cubic meter of feed, with yields, product properties, Resulls o l  82dor Hydrogerr Pressure. A pilot plant program to study a different 
and ~ata lys t  deactivation rates determined at two conversion levels. Properties of the Akzo Nobel catalyst system, KC-83431KC-2300, at 82-bar hydrogen pressure has 

! 
VGO feedstock used in these studies are shown in Table 7.1.3. recently been completed. The higher pressure level is indicative of what might be spec- 

The VGO feed was processed at two different temperature levels, resulting in "om- ified in a grass-roots MPHC application designed to achieve in excess of 50  percent 1 
inal conversion levels of 37 and 46 percent. The catalyst system consisted of Akzo conversion. Properties of the VOO feed used in these runs are provided in Table 7.1.6. 

I 
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TABLE 7.1.5 MPHC Typical Product Properties Catalysts: KF 8431KC 2600 TABLE 7.1.8 MPHC Typical Product Properties Catalysts: KF 8431KC 2300 

at 46% Conversion at 64% Conversion 

Kerosene LOO HGO LSFO Heavy Full-rmge 
Kerosene diesel diesel LSFO 

specific gravity at 15°C 0.834 TBP cut, 'C 149-266 266460 149-360 360t 

Sulfur, wt ppl" Specific gravity at 15'C 0.839 0.862 0.848 0.857 

~itrogcn, wt ppm Sulfur, wt ppm 10 <I00 <SO <I00 
Nitrogen, wt ppm 20 ~romatics, wr 4r 35.8 

smoke poinr, mm Aromatics, w l  % 28 

viscosi,y at SO'C, "Sf Smoke poinc mm 15.5 

viscosity at 65'C. cSi Freeze point, -C -50 

Cetvne index Celrne index 51 45 

Pour poi"<, "C 

Notd: LGO = light gar ail: HGO = hcavy gar oil. the need for incremental hydrogen production facilities. A unit can be designed to 
vary the conversion level over a wide range in response to changing market needs for 
distillates and low-sulfur gas oil. Typical product properties from this pilot study are 

TABLE 7.1.6 Pilot PlantPeed shown in Table 7.1.8. 
Properties-82-bar Studies Again, ail three products are excellent blending components for use in jet fuel. 

Specific gravity at lSDC 0.916 highway diesel, and other low-sulfur fuels. ! 
Distiliation, D ~ I  160. 'C. 

315 IBP 1 
383 10% COMMERCIAL RESULTS 

50% 447 i 
90% 504 I 

FBP 537 The Mobii-designed moderate-pressure hydracracker located at Mohil's joint-venture 

Sulfur, wr % 2.25 Kyokuto Petroleum Industries Ltd. (KPI) refinery in Chiba Prefecture, lapan, went on 
Nitrogen, wt ppm 800 stream in September of 1983. An existing VGO desulfuriratian unit was converted to 
viscosity at 50n, cSr 31.2 an MPHC unit to add conversion capacity to the refinery while maintaining produc- 

tion of low-sulfur gas oil. Increased production of gasoline and distillate was desired 
and was accomplished by converting lower-valued high-sulfur VGO. The MPHC unit 

1 

The VGO feed was processed at three different temperature ievels, resulting in has been meeting or exceeding enpectationr far more than 10 years. The long-term 
I 

nominal conversion levels of 46, 64, and 73 percent. The recycle gas-to-oil ratio was reliability of this unit is testimony to the operating expertise of Mobil and KPI, the 

set at 674 (N) m3im3, and again LHSV was consistent with a greater than 2-year cata- quality of the process design, and the effective performance of Mobil's advanced reac- 
lyst life at the highest conversion level tested. The yields and hydrogen consumptions tor internals. The design and operation of the KPi MPHC unit has resulted in a lead- 

for the KF-8431KC-2300 catalyst system are shown in Table 7.1.7. ing-edge application of hydrocracking at modemte pressures. The unit design condi- 

Table 7 . 1 7  illustrates the ability of MPHC to deliver high levels of conversion and tions are summarized in Table 7.1.9. ! 

excellent middle-distillate selectivity at moderate pressure. The hydrogen consump- Japanese governmental safety regulations require shutdowns for mandatory yearly 

tions are substantially less than for extinction recycle hydrocracking, which minimizes inspections of refinery facilities. However, KPI's extremely safe operating history has 1 
allowed the relaxation of the mandatory inspection time period to 2 years. This is a 

: 
major advantage for KPI and significantly improves hydroprocessing unit stream time 

TABLE 7.1.7 MPHC Pilor Plant Yields Catalysts: KF 8431KC 2300 

TABLE 7.1.9 KPIChibr MPHC Design Conditions Conversion. LV % (to 360°C-) 46 64 
A~~~~~~ temperature, 'C Base Base+l4 Base+ZO 

I 
Feed 343-579'C VGO 

Estimated cyclc, months >36 32 904434 kglm' ! 
Yields, vol % of feed: 

C3-149DC, naphtha 11.1 21.0 
1.8-2.8 wl % sulfur 

149-266'C. kerosene 17.8 29.5 
186 m'lh 

26&360nC, diesel 23.0 20.7 
Conditions 55-bur gage separator pressure 

3601C-plus, ISGO 53.6 35.7 
674 (N) m'lm3 feed 

~ydrogen consumption. (N) m'lm3 i33 I76 
single stage, single pars 1 

Reactor intemals Mobil Spider-Vortex quench zone 

~ 
md proprietary redistribution rystem Nolr: LSOO = low-sulfur gar oil. 

i 
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and profitabilily. Pilot plant studies (including those previously described in Tables at approximately 650 days on stream, the conversion was maintained essentially can- 

7.1.3, 7.1.4, and 7.1.5) were initiated to identify a catalyst system capable of operating stant at 45 percent. The noimalized distillate yield was very stable throughout the 

for two yews at a nominal 45 wt % conversion to 343°C - products. On the basis of cycle, as seen in Fig. 7.1.12. The current cycle was started up with a fresh fill of the 

these pilot studies, a dual-catalyst system comprising Akzo Nobel's KF-843 same Akzo Nabel catalyst stream and continues to operate successfully. 

hydrotreating catalyst and Akzo Nobel's KC-2600 hydrocracking catalyst was chosen 
for the WI MPHC unit. 

 he unit was started up on Akzo Nobel catalyst in August of 1991 and shut down MPHC GRASSROOTS APPLICATIONS 
for a scheduled turnaround in July of 1993. At shutdown, the normalized reactor tem- 
perature was only about 3990C, which is well below the metallurgical limit of the unit. i 

Many options are available for integrating a grassroots maderate-pressure hydrocrack- 
The average catalyst temperature normalized to constant conversion and feed nitrogen 
is plotted against days of stream in Fig. 7.1.11. The least squares regression line er into basic refinery schemes. The simplest configuration would be the addition of an I 

through the data indicates an aging rate of only 1.2"C per month. MPHC unit to a hydroskimming refinery, as shown in Fig. 7.1.13. The MPHC would 

Figure 7.1.12 shows the actual 343'C+ conversion and the net distillate yield nor- 
be a minimum investment alternative for adding VGO conversion and increasing mid- 
dle-distillate and low-sulfur oil yield. The MPHC unit could be added along with cok- 

I 
rnalired to constant conversion and constant 343'C - distillate in the feed. During 
the first 100 days of operation, the conversion was increased from about 30 wt % in 

ing or visbreaking in an overall scheme to reduce fuel ail make and increase produc- 
tion of middle distillates. 

the first week to the target level of 45 wt %. R o m  100 days through the end of cycle Mast refineries with bottom-of-the-barrel upgrading capability are built around FCC 
as the primary conversion unit. The shift in product demand from gasoline to middle 
distillates and toughening restrictions on nllowvble sulfur emissions will make the 
addition of MPHC upstream of FCC, as shown in Fig. 7.1.14, an attractive option. The 
conversion achieved in the MPHC unit will unload the FCC and will provide apportu- 
nitier to recover incremental gas oils by deep-cut vacuum distillation, caking, visbreak- 
ing, and solvent deasphalting. A refinery with existing vacuum and FCC units may find 1 
the combination of MPHC and one of these vacuum bottoms upgrading alternatives 
attractive far increasing distillate and for reducing fuel oil production. The incremental 
gas oils iecavered by vacuum residue conversion methods are normally of poor quality, 
and substantial product upgrade can be achieved by hydrocracking. Additional FCC 
feed also can be purchased or the FCC can be converted to run incremental resid. 

The yield and selectivity changes for MPHC processing upsueam of an FCC unit 
are illustrated in Fig. 7.1.15. The total C,+ distillate yield for catalytic cracking 
untreated VGO is approximately 80 vol %, of which only one-quarter is middle distil- 
late (light cycle oil). When an MPHC unit running at nominally 45 percent conversion 

~ s y r  on Stream 

FIGURE 7.1.11 ~ormrlized remperrture versus crrrlyrt age. 

.................... 0 LSGO 

FIGURE7.1.1Z Conversion and yield venns catalyst sge. FIGURE 7.1.13 Addition of MAK-MPHC to iimpls hydmrkimming refincry. 
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I 
of low.sulfur distillate products increases relative to law-sulfur fuel oil, conversion to 
MPHC can result in quick payouts and high returns on investment. I 

REFERENCES 
Hydrocracking technology plays the major role in meeting the need for cleaner-burn- 
ing fuels, effective feedstocks for petrochemical operations, and more effective lubri- 
cating oils. Only through hydrocracking can heavy fuel oil components be converted 
into transporlatian fuels and lubricating oils whose quality will meet tightenipg envi- 
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use, and efficiency and profitability to achieve, all with the rradeoff advantage. This 
chapter explains the process chemisuy which pmvides these benefits. 

ISOCRACKING CHEMISTRY I 

Chevron's hydrocracking process was named lsocracking because of the unusually 
high ratio of isoparaffins to normal paraffins in its Light products. A high percentage 
of isoparaffins increases light naphtha product octane numbers and produces outstand- 
ing middle-distillate cold flow properties-kerorene/let freeze paint and diesel pour 
point. In 1992, Chevron enhanced its process capabilities in heavy paraffin isomeriza- 

7.21 
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TABLE 7.2.1 Product Quality from lsocracking 

. Kerosene with low freeze points and high smoke poinu . Diesel fuoir with low pourpoior$ and hrgh cetaoe numbers . Heavy naphUlss with a high conrent of single-ring hydrocarbons . ~ i g h t  naphulas with a high isoparaffin contcnt . ~ e a v y  products that arc hydrogen-rich for feeding FCC units, ethylene 
plants, or lvbc oil dewaxing and finishing facilities 

tion by commercializing the Chevron lsodewaning* process. When combined with 
hydracracking, Isodewaning is the mast efficient way to produce high viscosity index Bolling Point 
(VI), low pour point lube oil base stocks. 

Isocracking provides a unique combination of aromatic saturation and paraffin iso- 
merization which generates an attractive combination of product qualities (see Table 50 60 80 1W 150 250 500 
7.2.1). The process removes heavy aromatic compounds and produces middle distillates ! 
with ~~ts tanding burning qualities--high kemseneljet fuel smoke points and high diesel 

M~le~UiaVWBight 

cetane numbers. Thq heavy product is rich in hydrogen, making it a prime candidate for FIGURE 7.3.1 Stangeland diagram rhowing product hydrogen contsnt. Regions which 
feedstock to lube oil facilities, ethylene crackers, or fluid catalytic cracking (FCC) plants. mec, the rpeciacations for jerikeroiens, diesel, and lube producu all border the paraffin 

line. Aromatic compovnds hurt the quality of lhese praduels. 

THE IMPORTANCE OF HYDROGEN TABLE 7.2.2 Crude Oil Distillate Qualities 1 

Each crude oil coniainr disrilloias of different sulfur levels orzd burnins y~oiiries 
Hydrocracking removes the undesirable aromatic compounds horn petroleum stocks 

I 
by the addition of hydrogen. The amount of hydrogen required depends on the charac- Boiling rang* ! 
ter bf the feedstock. 'F 4OC-500 500-650 650-800 800-IWO I 

lsocracking produces cleaner fuels and more effective lubricants from a wide vari- 
ety of petroleum stocks-different crude oil sources and, in some cases, heavy oils 
generated by different processing routes. These technical challenges can be illustrated Smokepoint, Sulfur. Cetane Sulfur, viscosity sulfu. .Vi%cosity 
by focusing on feed and product hydrogen contents using a Stangeland diagram' as mm wr % Index w t %  index wt 8 index 
shown in Fig. 7.211. This relates the hydmgen content of hydrocarbons to lheir rnolec- 1.3 51 2.2 65 2.7 55 
ular weight and provides a road map for all hydrocarbons present in petroleum stocks. Sumatran light 27 0.1 60 0.1 75 0.1 60 I 

By comparing the characteristics of feedstocks and products, the processing schemes Chinese (Shenglil 20 0.4 52 0.6 40 0.7 26 ! 
required to go from one m the other can be represented. ~ussian (West Scbedal 20 1.1 49 1.8 46 2.3 35 

The upper line of Fig. 7.2.1 represents the hydrogen content of pure paraffins, 
which have the highest hydrogen content of any hydrocarbon series. Aromatic com- 
pounds have much lower hydrogen content and fall considerably below the paraffin also shown. Environmental pressures continue ro push product sulfur levels down. 
line. This diagram shows regions which meet the specifications for the most important Although the Stangeland diagram does not include this important contaminant, sulfur 
refined products-motor gasoline, jetkerosene, diesel, and lubricating oils. The regions occurs primarily in the aromatic component of the feedstock. Isocracking effectively 
for middle distillate and lubes all border the paraffin line. Aromatic compounds hurt eliminates sulfur as it saturates and cracks the heavy aromatics. 

! 

the qualities of these pmduee. The motor gasoline region is more complex becase The hydrogen contents of keroseneljet, diesel, and lube products are shown in Fig. 
both hydrogen-rich isoparaffins and hydrogen-poor aromatics improve acme numbers. 7 .22  Again, the paraff~nic nature of the Indonesian crude oil is clearly shown. The 

The Isocracking process handles variations in feedstocks easily. Table 7.2.2 shows Russian and Arabian distillates are much more deficient in hydrogen in the vacuum 
some of the important properties of the straight-nm distillates from four papular crude gas oil boiling range. Shengli distillates show less variation in hydrogen content from 
oils: Arabian light, Sumatran light, Chinese (Shengli), and Russian (Western Siberia). light to heavy distillates compared to the Russian and Arabian stacks. The refiner's 
Kerosene smoke paint, diesel cetane, and vacuum gas oil VIs reflect the overall aro- challenge is to upgrade the vacuum gas oils from these and other crude oils into more 
matic nature of the crude oil. Sumatran light is uniquely paraffinic and has the highest valuable, hydrogen-rich products. Using Chevron's hydrogen-efficient technology, 
hydrogen content. The sulfur levels of the distillates fmm these different crude oils are product specifications can often be exceeded. Consequently, greater blending of 

lower-quality straight-run or cracked stocks into product pools is possible, thereby 
'~rrdcmiirk of Chsvron. increasing the refiner's margin while keeping pmduct prices down. 
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Depending on the catalyst selected, a complete slate of desired products can be 
produced from a variety of available feedstocks. Feedstocks have ranged from light 

to dearphalted oils. FCC cycle stocks are commonly upgraded by hydroc- 
racking. The desired products vary from country to country, region to region, and 
refinery to refmew. In many regions, production of good-quality middle distillates and 
lube oils gives the best margins and hydrocracking is the only process that provides 
the ~equired feed conversion. 

Given the various performance characteristics available from the wide range of 
high-performance catalysts, Isocracking can deliver the fallowing advantages'": 

. outstanding activity and resistance to fouling, minimizing hydrocracker capital 
investment and hydrogen consumption . Higher yields of desired products . Product specifications are always met or exceeded . Long catalyst cycle lengths combined with successful regenerability .y 4: -3: -2: -1p 
consistent product yields and qualities through run cycle . Flexibility to change product mix -80 -60 -40 -20 0 20 40 60 (DF) 

Heavy Diesel Pour Polnt 

FIGURE 1.1.7 Yield and product quality of middle dirlllrter, lrociacking crc 

PRODUCT YIELDS AND QUALITIES dynr increase yields by 5 to 10 percent whik mainmining pour points rr  low ur 
- 40DF ( - 4O'C). 

Meeting the target product yield is the most important property af a hydrocracking 
~ata lys t  system. Figure 7.2.6 illustrates the different yield structures that lsocracking Amorphous catalysts like ICR 106 or ICR I20 are used far maximum production 
can provide by judicious choice of catalyst and design parameters. of middle distillates. lsocrackerr using these amorphous catalysts can achieve a 95 liq- 

uid volume percent (LV %) yield of total middle distillate (kerosene plus diesel) while 
producing only 15 LV % naphtha. 

Amorphous lsocracking catalysts give better cold flow properties than other hydroc- 
racking catalysts, but not at the expense of yields (see Fig. 7.2.7). lsocracking catalysts 
give a 5 to 10 percent higher yield of quality middle distillate with as much as 2ZPC 
lower heavy diesel pour point. Isocracking also gives better-quality end-of-run products. 
With some catalysts, an increase in product aromatic levels occurs as the run cycle pro- 
gresses. These aromatics cause the burning quality of middle distillates to deteriorate 
significantly. Isacracking catalysts provide consistent product quality throughout the 
length of the run. (See Fig. 7.2.8 for variation of jet quality.) 

Polynuclear aromatic (PNA) compounds are undesired by-products formed through 
a complex sequence of chemical reactions occurring during typical hydrocracking 
cond i t i~ns .~  In processing of heavy straight-run feedstocks using zealitic catalysts in a 
recycle configuration, PNAs deposit in the cooler parts of the plant. This disrupts 
hydrocracker operation. To prevent PNA deposits, most hydrocrackers must operate 
with a heavy product bleed sueam. By using amorphous cogel catalysts, which are 
much less prone to this phenomenon than zeolitic catalysts, and careful unit design, 
PNA formation can be controlled and unit downtime can be minimized. 

Dldlllate lsocracking for Middle-Distillate Production 
PrImaw'Oeslmd P r d Y C I  

FIGURE 7.2.6 Product yields from alternative crtrlyit systems. A two-stage Isocracker using amorphous lsocracking catalysts produces very high 

~arloting l~ocracking catalyst systems enables rsfincrr to praduce Ulsir yields of keroseneljet and diesel fuel. The burning qualities of middle distillates pro- 
czglgct product slate fmm a wide range of crudes. duced in the second (recycle) stage are much better than the equivalent stocks pro- 
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LV % LC0 in iCR DieselLC0 Blend 

HYDROCRACKING 

TABLE 7.2.6 lsocracking-Typical Yields and Product Qualities 

lsocmcring produces liish yields of 100 VI Iuba bnsr siochs. 

Feed 

Source Russian 
Gravity, OAPi 18.5 
Sulfur, wt % 2.28 
Nitrogen, wt 9% 0.28 
Wax, wf % 6.5 
D 2887 distillation, "C: 

10130 4601485 

Product yiclds Product quality 

Producl w l  % Lv % Chrircterislic 

180-290-C 15.4 17.4 Smoke point, mm 
cetvne indoi 

29&37O0C 16.4 18.1 Flash pain1,'C 
370425'C 13.7 15.0 

425475'C 19.3 21.0 Solvent dewaicd 240N Deactivation 
Rate 

475-C+ 27.4 29.6 Solvcnl dewaxed 500N 

lite catalyst provides a lower liquid yield but a higher yield of C,- gas and isobutane, 0 
a higher-octane light naphtha, and a more aromatic product naphtha. The selection of 

12 24 36 

a noble metal or a base metal catalyst for a hydracracker depends on the ecanamics of Time Onstream, Months 
the particular refinery situation. 

Chevron has developed and commercialized a number of improved zeolitic 'Normalized to Base Css s  Conditions 
Isocracking catalysts (ICR 208, 209, and 210)9 capable of giving high naphtha yields FIGURE 7.2.11 Deactivation rate of zeolific catalysts. Zeolitic catalyst. ICR 208, has demanrrrated 
(see Fig. 7.2.6) and long run lengths in many commercial plants. Figure 7.2.11 shows long life in Cheumn's Richmond Refmsry. mmh~iaining pmduct qualify throughout Uls run. 
the very low deactivation rate that is typical of operation with ICR 208 in the Chevron 
U.S.A. Richmond two-stage Isocrackec. 

Refiners may t&e advantage of the high activity and long cycle length of Chevmn's lsocraeking for Lube Production 
zeolitic catalysts by: 

The lube oil industry faces constant change resulting from environmental legislation, . Increasing plant throughput new engine designs, consumer demands, competitive pressures, and availability of . Processing more difficult, lower-value feeds lube-quality crudes. Lube oil manufacturers must manage these changes to stay com- 
petitive. Improved fuel economy and environmental requirements are driving the . Decreasing first-stage severity to balance catalyst life in both stages demand for higher-quality, lower-viscosity multigrade oils. Using conventional miner- . Decreasing the hydrogen partial pressure to reduce hydrogen consumption al ail technology, it is very difficult to meet stringent requirements on volatility. Base 
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TABLE 7.2.7 Solvent Extraction-Typical Isodewaxing 
Yields and Product Qualities 
~,,rfu,oi extracis conrain high kveis ofireovy oron2or- The waxy lube oil produced from hydrocracking must be dewaxed in order to produce 

its and can be t<sedoniy infuel oil or as F C C f d  lube base stocks which meet quality requirements for finished lubricants. Chevron's 
Isodewaning process outperforms traditional solvent oi catalytic dewaning processes 

Characteristic Typical inspections in producing high-quality base oils. Traditional dewaxing processes remove wan from 
lube oils by crystallization (solvent dewaning) or by cracking the normal paraffin wan 

Gravity, -API 13.3 
0.977 

molecules ta light gas (catalytic dewaxing). In contrast, Chevron's Isodewaxing cata- 
Specific gravity 

4.3 
lyst isomerizes the normal paraffin wax to desirable isopnraffin lube molecules, result- 

Sulfur, wt % 
1900 ing in high-VI, low-pour-point base oils, while coproducing small quantities of high- 

NiMgen, ppm quality middle-distillate transportation fuels. 
Aromatics, wt % 
conradsan carbon, wt % Operating conditions for Isodewaning are very similar to conventional lube oil 

Aniline point. 'F hydrotreating, thus it is generally possible to combine the Isodewaxerhydrofinisher 

TBP distillation. 'P: operations in the same process unit or use an existing hydrotreater for a revamp project. 
Generally speaking, the higher the VI, the better the cold flow and thermal stability 

10% 788 properties of the lubricant. Isodewaning economically produces conventional base oils 
(CBOs) with VIs of 95 to 110 or unconventional base oils (UCBOs) with Vlr over 110 
from either hydrocracked feedstocks or hydrotreated feedstocks from a solvent-extrac- 
tion process. In fact, with Isocracking, the higher the wax content in the feedstock, the 

Carbon, wt % 84.82 higher the product VI. UCBOs up to about 130 VI are today typically prepared by 
Hydrogen, wt % 10.68 severe hydrocracking of vacuum gas oils derived from lube crudes fallowed by sol- 
Viscosity index -50 vent extraction and solvent dewaxing. Isodewaxing can also produce this type of 

UCBO lubes from hydrocrackate, or from wany vacuum gas oil, but at a lower cost 
NO,. TBP = *Ye boilin. pail. because solvent dewaring is not required. Table 7.2.8 shows the capabilities for 

UCBO manufacture by Isodewaning on a Sumatran light vacuum gas oil. Isodewaning 
produces 2% times the UCBO yield of conventional dewaning. 

Chevron Isodewaning catalyst ICR 404 produces mineral-oil-based lubricants that 
,,its very high ~a ra f f in  content have low volatility for their viscosity and much approach the performance of synthetic lubricants, but at a much lower manufacturing 
higher viscosity indexes than more aromatic oils. cost. Isodewaxed base oils have: 

A single.stage  through Isocracker removes heavy aromatics very effectively. 
hereby producing highly paraffinic lube base stocks. Isocracking has several advan- - Better cold flow properties to ensure adequate Lubrication during cold engine s-ps 

over the more traditional solvent extraction approach to lube base oil production: 
Low viscosity (for fuel efficiency) combined with low volatility (to reduce ail con- 
sumption and emissions) . solvent upgrades the VI of feed by physical separation: i.e.. low-V1 cam- 

are removed as extract and high-VI components remain in the raffinate. . Higher VI for improved lubrication in high-temperature, high-shear conditions 
~ ~ ~ ~ ~ ~ ~ k i ~ ~  upgrades VI by removing low-VI components through aromatics satu- . Greater oxidation stability for longer lubricant life and fewer engine deposits 

and naphthenic ring opening. By creating higher-VI components, Isocracking 
the use of unconventional crudes for lube production. Isodewaning is the most cost-effective method to produce a mineral-oil-based lubri- . peedstock (unconventional crudes) and operating costs are lower with Isocracking cant which will meet strict engine performance requirements. 

than with solvent extraction. . ~h~ of Isocracking include valuable high-quality transportatian fuels, TABLE 7.2.8 Unconventional Base Oil from Sumatran Light VGO 
,,,hereas solvent refining produces a highly aromatic extract which is used in fuel Isodewingprodveer 2X times the UCBO thor rr mehiwed by soivera dewaring. 
oil or as FCC feed ~ y p i c a l  Isocracking product yields and qualities from a Russian 
feedstock are shown in  able 7.2.6. For comparison, typical extract qualities are lsocracklng Dewaxlng nydrofinianing 

shown in Table 7.2.7. . ~ , ,b~  ~ ~ ~ ~ ~ ~ ~ k e r s  are easily adapted to meet other processing objectives. For enam- 
"GO 

pie, during times of low lube demand, Isacrackerr can produce transponation fuels 
and prepare premium FCC feed. (A corollary of this is that Isocrackers designed for product Chevron Isodewaxing Solvent dewaxing 
transportation fuels can also be adapted for lube operation.) 

Visco~ity at LW'C, cSt 4.5 3.8 

~ ~ ~ ~ ~ d i ~ ~  on the refiner's processing objective, Chevron amorphous and amor- VI 130 133 
Pour point, 'C phous,zeolite cogel catalysts are used in Isocrackers operating in base oil production -12 -12 
Yield, LV % VGO feed 65 25 
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o VGO TABLE 7.2.9 Ethylene Plant Feed Production via ~socracking. 
+ Panlally Hydrogsnated VGO SSOTlsocracking upgrades VGO into o high yield ofgood~gnnliiy ethyl. 
+ AGO enr plonrfo~d. 
o ~artially Hydrogenatad AGO 
rn Hydmgenated AGO Feed 
X Kerosene 
6 ~ydrngenated Mmssna Source: Chinese (Shengli) 
(B ~ignt Naphtha Gravity, 'APl 21.4 

Restdue olVGO Hydrosracklng Sulfur, wf % 1.03 
7 Salved Rsfined AGO Nitrogen, wl % 0.21 
v ~ n r a o t  or solvent~xtractlon QIAGO D 2887 Distillation, 'C: 

ST15 3141353 
10130 3711414 
50 44 l 
70190 4631500 
95iBP 5181551 

Product yields Product quality 

Ethylene Plant Feedstock Quality (BMCI) Product WL % LV % Chvmcteristic Value 

FIGURE 7.2.11 Correlrtion bcfween sthylene yield md Bursnu of Mines correlation index. C5-129DC 13.31 17.05 
Bthylsns cm bs produced from many different feedslocks. 129-280aC 34.63 39.41 Smoke point, mm 26 

Freeze point, OC -62 

lsocracking for Petrochemical Feedstock Production 280-350°C 12.40 13.64 Cetrne index 57 
Pour point, OC -12 

Both aromatics and olefin users within the petrachemicvl industry benefit from hydrac- 35PC+ 
racking processes. The aromatics industry taker advantage of the eonservatian of sin- 37.04 40.45 Sulfur, BMCI ppm 15 

7 

gle-ring compounds in hydrocracked naphthas. These compounds are precurson for the 
bedzene, toluene, and nylenes produced when the naphtha is catalytically reformed. Note: BMCI =Bureau oihllnss conslation lndeX. 
The Isocracking catalysts and configurations used in this application are the same as 
those used for gasoline production. The olefin industry requires hydrogen-rich feed- 
stocks, since increasing the hydrogen content invariably improves the yield of olefins 
and decreases the ~ ~ o d u c t i o n  of heavy, undesirable products. Figure 7.2.12 shows the 
correlation10 between the ethylene ~ i e l d  and the Bureau of Mines Correlation Index. 

SUMMARY 

This index is closely related to feedstock hydrogen content. Sinopec is operating a 
Chevron SSOT Isocracker at the Qilu Refinery. The heavy product from that unit is fed Chevron's Isocracking configurations and catalyst systems have produced 

to an ethylene cracker, Typical product yields and qualities are shown in Table 7.2.9. qual ie  products, from a variety of feedstock, all around the world. l h e  ~ ~ ~ d ~ ~ ~ ~ i ~ ~  

~ o t e  the excellent quality middle distillates ~roduced in the same operation. technology has heralded in a new era of cost-effective, superior-quality lube 

Chevron is the only major operator of high-pressure hydroprocessing unis  that also 
develops refining technology. Chevron's Richmond Refinery contains the largest hydro- 

INVESTMENT AND OPERATING EXPENSES cracking complex in the world (see Fig. 7.2.13). Within the same plot space, there are 15 
high-pressure reactors representing a 45,000-barrels-per-ope~ati~~-d~~ @POD) two. 

The capital investment required for an Isocracking Unit depends on the type of feed- Stage Isocracker, two SSOT Irocrackers (with a total feed rate of 30,000 BPOD) produc. 

stock to be processed and the quality of the products which are desired. For middle- ing lube stocks which are then Isodewaxed, and a 65,000-BPOD deasphalted oil 

distillate and lube oil base stock production, the greater the difference in hydrogen hydrotreater. This experience guides Chevron's development of new hydrocracking eat. 

content between the feedstock and the desired products, the greater the capital require- alysts and processes. The Isacracking process is offered for license by: 

ment. Feedstock impurities, such as metals, usphaltenes, nitrogen, and sulfur, increase 
refining difficulty. Care must be taken in the feedstock preparation facilities in order Chevmn Products Company, 1nc. 

to minimize their effect. Global Lubricants and Technology 
Table 7.2.10 gives a rough idea of typical onplot investment ranges for installing Marketing Division 

Isocracking units on the U S .  Gulf Coast. Table 7.2.11 shows typical utility iequire- 
ments for the same plants. 555 Market Street, San Francisco, California, U.S.A. 94120 
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too high, the coke formed generally is very hard and difficult to remove from the cake Recycle Ratio 
drum with hydraulic deeoking equipment. Higher temperatures also increase the 
potential of caking the furnace ~ b e s  andlor transfer line. Thus, the furnace outlet tem- Recycle ratio has the same general effect as pressure on product distribution; i.e., as 
perature and the corresponding cake-drum vapor temperature must be maintained the recycle ratio is increased, the coke and gas yields increase while the and 
within narrow limits. Although there is an incentive to increase the cake-drum temper- heavier liquid yield decreases. The recycle ratio is used primarily to c o n ~ o l  the 
ature to offset the lass in liquid yield associated with the trend to heavier feedstocks, point of the eoker gas ail. The same economies which are forcing the of 
there is often very little latitude available to do so. coke18 to lower operating pressures are also at work on recycle ratios. units operating 

at recycle ratios as low as 3 percent have been reported. In general, a refinery operates 
at as low arecycle ratio as product quality and unit operation will permit. 

At constant temperature and recycle ratio, the effect of increased pressure is to retain Other Variables 
more of the heavy hydrocarbons in Ule cake drum. This increases the coke yield and 
 lightly increases the gas ~ i e l d  while decreasing the pentane and heavier liquid-product Although our discussion in this section has been directed solely to operating (or 
yield. The trend in the design of delayed cokers which maximize the yield af clean liq- Process) variables, it is possible to consider delayed coking as dependent three 
uid products is to design for marginally lower operating pressures. This tendency is the interrelated classes of variables." These are feedstock variables, processing variables, 
result of close scrutiny of conditions which affect refining profit margins. The use of a 
heavier coker feedstock which produces fuel-grade coke having a market value 15 to 
30 percent of that for aluminum-grade coke drives design economics to the absolute 
minimum coke yield, even though it results in an increased expense for vapor-handling i -CHARI\CTERIZATION FACTOR 

capacity. As a result, units ace currently being designed with coke-drum pressures as 1 
low as 15 Iblinz gage. Table 12.29' compares the effect on delayed-coker yields of a -DE(IREE OF REDUCTION 

15-lblin2 gage coke-drum pressure with that of a more traditional 35-lblinl gage pres- 
sure for the same feedstock at constant conditions of recycle ratio and temperature. F~EDSTOCI 

YARIkBLES 
CONRADSONCARBON 

This tendency to operate at lower pressure applies to most standard operations but 
does not apply to the special case of needle coke production. For needle coke produc- 
tion, a pressure as high as 150 1b/in2 gage may be r e q ~ i r e d . ' ~  -SULFURCONTENT 

TABLE 12.2.9 Estimated Effect of Pressure on Delayed- 
-MET&LLICCONSTITUSNTS 

Coking Yields 

Feedstock 

Crude source Alaskan North Slope T I M E - T E M P E R A T U R E - ~ R E U U R I  

TBP cut poinl. 'C CRACIINO INTIRRIUTIONI 

Density, 'APl DELAYED- PROCLSSINB 

Conradson carbon. wt % COKING 
VARIABLES RECYCLE-TDFEEOITO~Y RAT10 

Sulfur, wt % 
VARIABLES 

Estimated yields at constant recyclc ratio -COK~RIMOVAL FACTORS 

Coke-drum pressure 

products 15 iwinZgage 35 lUin2grge 

Dry gas + C,, wt % -BATCh SIMlCONTINUOUS. OR 
Cs - 380DF, naphtha, wt % CONTINUOUS 

Density, 'API 
sulfur. wr % ENGlNlERlNO 

C W A C I T Y  ANDSIZE FACTORS 

380°F+, gar oil. wt % 
Density, 'API 

VARIABLES 

Sulfur, wt % 
C O X F - R E M O V A L  EOUIPMLNT 

Coke, wt % 
Sulfur, wt % 

C O K E  HANDLING. STORAGE. 
ANLITRANOPORTATAON 

sourrc R. ~ c ~ i a s s  md I. D. ~liioir. " ~ ~ c s n f  Trends in Delayed FIGURE 12.2.15 Interrelated ddayed-coking variables [counaxy o f ~ c ~ r o w . ~ j j j  nook 
Co!&p.il NPRA Annual Meeting, San Antonio, M m h  1982. Com~ony IVirgilE Gulhtia, Permlmm Praducta Handbook, McGrow-Hill, New ~ o r k ,  1960).1 
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and variables. 12.2.15 gives an interesting graphical representation Heater Design 
of each of these variables. Figure 12.2.16 is a simple sketch of a typical delayed-coker heater. Coker heater 

design has been modified in recent years in response to refiners' needs for longer mn 
lengths between decoking while processing heavier, higher-CCR feedstocks. There is 

COKER HEATERS a trend to design for higher cold-oil velocities in the order of 6 ftts and provide for the 

careful heater design is critical to successful delayed-coking operation and to the 
achievement of desirable long run lengths. The major design parameters which influ- 
ence heater operation are discussed below. there has been a tendency to specify lower allowable average radiant-flux rates in the 

order of 9000 Btu/(h . fti) to provide for longer run lengths, future capacity 
allowances, and, in general, a more conservative heater design. By way of compari- 
son, traditional allowable average radiant-flux rates range from 10,000 to 12,000 
Btu/(h. ft2). 

During the operation of the delayed coker unit, coke slowly deposits on the inside 
Of the heater tubes. This results in higher pressure drop and higher tube metal temper- 
atures. When one or both of these operating variables exceed design levels the heater 
must be decoked. The duration of time from the time the heater is put on-stream until 
it is shut down is defined as the run length. 

Heater run length is affected by feedstock quality, operation conditions and the 
consistency with which they are maintained, and the frequency and handling of upset 
operations. Run lengths varying between 9 and 12 months can be expected, with run 
lengths of 18 months or longer being reported. 

On-line spalling is a technique that is sometimes used to extend the heater run 
length of multipass heaterr beyond these values. On-line spalling does not require a 
heater shutdown with a resultant loss of unit production. In this technique, the passes 
of the heater are decoked one at a time while the ather passes remain in coking ser- 
vice. For the pass being spalled, the hydrocarbon fresh feed is shut off and a spalling 
medium, either steam or condensate, is immediately introduced to that pass. The rate 
and temperature of the medium are cycled in a prescribed manner so that the coke is 
thermally stressed until it breaks off the heater tuber and is swept into the coke drums. 
The flow of hydrocarbon to the other passes is sometimes increased to cornpensite for 
the loss from caking service of the pass being spalled. 

The effectiveness of on-line spalling is shown in Fig. 12.2.17, a plot of tube skin 
temperatures versus time for each pass of a four-pass heater. There are temperatures in 
a band between 1140 and 11809F which are the target temperatures for applying the 
on-line spalling procedure. The figure illustrates the effect of the on-line spalling pro- 
cedure on skin temperatures when practiced at the end of April and the beginning of 
August. It shows that the heater run length would have been only 3 months if the on- 
line spalling procedure had not been used. It has been reported by some refiners that 
the effectiveness of the procedure deteriorates after every cycle and that ultimately the 
heater needs to be shut down and decoked; other refiners have reported that the effee- 
tiveness is constant and that the heater can be mn indefinitely by practicing on-line 
spalling. In any event, refiners have reported run lengths greater than 2 years. 

The alternative to on-line spalling is to shut down the heater and decoke it by 
either steam-air decoking or by pigging. Steam-air decolang utilizes steam and air to 
first spall some of the coke from the heater tubes and then to bum off the remaining 
coke. In pigging, the pig, a semiflexible plug with projections, is inserted into the 
tubes and circulated in u water stream. The projections scrape the coke off the inside 
of the tubes. 

The effect of energy conservation on modem heater design is discussed in the sec- 
tion 'Typical Utility Requirements." 
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FIGURE 12.2.18 Follec Wheelsr's advmced coke drum unheading system. 1 I I 
! '  

In hydraulic decoking, the coke is cut as the water jet impacts an the coke. Both 
boring and cutting tools are used: each tool produces several jets of water from high- 
pressure nozzles. The coke is removed in essentially two operations: 

1. The boring tool, with jet nozzles oriented vertically downward, is used to bore 
hydraulically a pilot hole, which is typically 2 to 3 ft in diameter, down through 
the coke from the top. SeeFig. 12.2.19 for a typical sketch of a boring tool. 

Effective boring and cutting by the water jets are accomplished by rotating and ! FIGURE 12.2.20 Final cutting tool for 

lowering the respective tools into the drum. The boring and cutting tools are attached 1 hydraulic decoking. (Coicrtesy of Worihinsrr~~ 

I 
. , 

ply line to the drill stem. Sequence of Operations 
The high-pressure water is supplied to the utting assembly by the jet pump and 

delivered via a piping manifold and rotary drilling hose connected to the power swivel. 

....-~~~~~~ . . 
guides. A drill rig i L s e d  to support the entire assembly. Figure 12.2.21 indicates the El. 2. Keplace the borlng too l  with the t m a l  c 

relationship of the mqor components in the hydraulic-decolang system. hole. 
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I 

Pit Loading 

Pit systems are similar to both direct-railcar-loading and pad-loading operations: In pit 
sy*rcm<, hosever rhr coke md urlcr cmply lnlo d mcmngulnr cun;rete yrc pcuerall) 
laca1r.J b;lon g r d c  'The dc.ukln2 w:tk.r Jrlin, uul lhr< ugh pl>r!r rt .me or hob  c n J ~  
or the m r ,  denendme 018 llle w e  or ihc fac#l#lr A "ll-el" ~f c ~ k c  lu.ictd in Iron, ui 
these iorts acts to $ter fines from the water..~hhe remainine cake fines settle out in 
the maze before the clear water is pumped to the decoking-wzer storage tank. 

Pit design inherently provides several days' storage of coke, presenting an advan- 
tage over pad loading. An overhead bridge crane with a clamshell bucket is required 
to remove the coke from the pit. Figure 12.2.25 depicts a general pit-loading opera- 
tion. 

il Dewatering Bins 

Foster Wheeler has recently developed two different dewatering-bin systems. Both 
designs evolved from the concept of the traditional slurry-type dewatering-bin system 
commercially in use for several decades. Dewatering is accomplished through the use 
of special vessels, known as dewatering bins or drainage silos, for dewatering coke. 
The two types of dewatering-bin systems are known as s lurv  and groviry-pow. In 
both designs, coke and cutting water pass through a coke crusher. Either system may 
be totally enclosed to meet exceptional environmental requirements or to prevent eoke 
contamination in areas where sandstorms may present a problem. Conventional unen- 
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FIGURE 122.25 Coke handling: pit operation. 

closed slurry-type dewatering-bin systems employing an open sluice have been avail- 
able for more than 30 years. 

Sluny System. The slurry system allows coke and water from the crusher to drop 
into a sluice, where the mixture is washed into a slurry sump. From this sump, a sluny 
pump transports the coke and water to the dewatering bin. Here the cake settles, and 
the water is drained off. Final sepmtion of coke fines from the water is accomplished 
either by a clarifier or by a special decanter. The dewatered coke is moved from the 
bin onto a conveyor or directly into railcars or mcks. The slurry system provides a 
relatively clean operation that allows the coke drums to be located close to the grade. 
This system, however, requires recirculation of relatively large volumes of water. 
With appropriate know-how, the slurry system can be adapted as a totally enclosed 
system which will meet exceptional environmental requirements. Figures 12.2.26 and 
12.2.27 provide a schematic of a totally enclosed slurry system and illustrate a typical 
elevation view of the coke-drum smcture. 

Gravity System. In the innovative gravity-flow system, coke and water from the 
crusher drop into a dewatering bin located directly beneath the crusher. The coke- 
water mixture is d a w e d  to settle, and the water is drained off. Final separation of 
coke fines from the water is accomplished by special decanters, and the dewatered 
coke is typically fed from the dewatering bin onto a conveyor. Although this design 
requires a very tall coke-drum structure, it provides a clean operation that eliminates 
dependence on the slurry pump and the need for large volumes of recirculated water. 
Another advantage of the gravity-flaw sysfem is that it produces fewer cake fines than 
the slurry system. Figures 12.2.28 and 12.2.29 provide a schematic and elevation 
drawing of a totally enclosed gravity-flow dewatering-bin system. 

12.59 
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FIGURE 12.2.28 schematic now diagram ofa gravity-now d~watenng-bin system. 

Glossary of Terms 

FIGURE 12.2.27 ~levatian view of a totally enclosed slurry dswarering ~yncm. Solids handling requires expertise which traditionally is not part of the refining indus- 
try. Table 12.2.10'a gives a glossary of terms associated with solids handling which 
should prove useful to those who are normally involved in this area. 

USES OF PETROLEUM COKE 

Depending on the fundamental type produced Bnd the specific impurity levels present 
in the final product, petroleum coke is basically used for three types of applications. 
These applications can be classified as fuel, electrode, and metallurgical. A fourth and 
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TABLE 12.2.10 Glossary of Terms (Co,!iinuad) TABLE 12.2.11 Typical Spongecoke Specifications 

A suuctural member on each side of a belt conveyor to which idlers, covers. Item Green cokc Calcined coke 
and support9 are attached. Moisture 6-14s 0.1% 
A structural support for transfer chutes and related equipment between con- Volatile mrlter 8.14% 0.5% 
veyors. Fixed carbon 86-92% 99.5% 
A S C ~  of avxiliary pulleys between the head md tail pulleys of a belt convey- Sulfur 1.0-6.0% 1.0-6.0% 

or which fold the belt and cavsc it to discharge at intermediate locatians. Silicon 0.02% 0.02% 
Iron 0.013% 0.02% 

Source: Robcrt C. Howell and Richard C. Kern. Hydrocorb. Procasr. 60(3). I07 (1981). Nickel 0.02% 0.03% 
0.25% 0.4% 

Vmadiom 0015% 0.03% 
Bulk density 45-50 lb/ft3 (720-800 kg/m3) 42-45 lb/ft3 (670-720 kg/mi) 
Real density 2.06 gkm' 
Grindability 50-100 

(Haidgrove number) 

shows the various ways in which there three types of green coke (uncalcined coke) 
were used in 1980 for both the green-coke market and the calcined-coke markct. It is 
interesting to note that, unlike liquid petroleum products, of which nearly all are con- 
sumed domestically, over 60 percent of the petroleum coke produced by the United 
States was exported. 

So far, we have discussed only the types of coke which are considered to be desir- 
able products. There is, however, another type of coke which is often considered an 
undesirable product because it may lead to difficulty during the decoking cycle. It is 0 O r e m  coke 6619 usually produced from very heavy feedstock, especially at low pressure and low recy- 

FIGURE 121.30 United Ssacea pcuolsum-coke cle ratio. It is known as shot o k e .  Shot coke is spheroid in shape, with sizes that range 
markmta in 1980. [Courtesy of Pennwnll from as small as buckshot to as large as basketballs.' Shot coke may be used as a fuel, 
Publishing Company, publisharr of rha Oil and but it is less desirable in this usage than is sponge coke. 
Oar loumal. 80, 145 (0cr 25, 1982). 76 ( N o v  1. 
1982). aid 198 (Nov. 8, 19821, and thr Pocr 
company, which davalopad the informorion con- 
ruined in rhrfgure.1 Use as Fuel 

The use of petroleum coke as a fuel generally falls into two major categories, fuel for 
steam generation and fuel for cement plants. For either of these ilpplicntions coke is 

relatively new usage classification, which is gasification, is currently under evaluation generally blended with bituminous coal or used in cambination with oil or gas. In gen- 
by many companies but does not represent a significant application at this time. eral, coke as a fuel used in combination with biruminous coal has the following advan- 

Rgure 12.2.30 shows how United States coke production was allocated in 1980. tages over bituminous coal alone: 
Each of theuses is described below. 

1. Grinding. Coke is easier to grind than bituminous coal, resulting in lower grinding 
costs and less maintenance. 

2. Hearing value. The heating value of petroleum coke is more than 14,000 B m b ,  

As described in the section "Feedstocks," sponge eoke is the most common type of 
compared with 9000 to 12,500 Btuflb for coal. 

regular-grade petroleum coke, while needle coke can be made only from special feed- 3. Ash content. The very low ash content (less than 0.5 wt %) of coke results in lower 
stocks. The name sponge coke is used because the lumps of coke that are produced are ash-handling costs. 
porous and at times resemble spongelike material." Typical sponge-coke specifica- 
tions both before and after calcination are given in Table 12.2.1 1 

Figure 12.2.31 shows that, of the total petroleum coke produced in the United Steam Generation. Steam generation by coke burning can be accomplished either in 
States in 1980, 90 percent (14,320,000 short tons) was conventional delayed coke, specially designed utility bailers or in fluidized-bed boilen. 

while 2 percent (318.000 short tons) was needle coke. The other 8 percent (1,275,000 Utility Boilers. Industry has been firing petroleum coke, typically in combination 
short tons) was fluid coke produced by a totally different process. Figure 12.2.31 also with other fuels, in large and small boilers far over 50 yem.  This usage includes in- 
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TABLE 12.2.14 upgrading-scheme cost Summary: Estimated Erected Costa, First Quarter. will depend on the specific set of conditions prevailing for the particular refinery in 

Typical Refinery Schemes Utilizing Delayed Coking 
14.5 346 
99.5 2278 We have shown in a simplified manner, in the section "Feedstocks," how the overall 

109.1 2602 yield from delayed coking may be enhanced if it is employed in conjunction with 

X X X 115.7 2760 residue desulfurization. To develop this topic further and to show how delayed co!&g 
72.3 1725 can he integrated in various possible ways within the swcture  of a refinery, we refer 
82.0 1956 to the following case study.19 
80.8 1927 Consider a grassroots refinery processing 100,000 BPSD of Alaskan North Slope 

X 27.8 663 crude to produce transportation fuels. Additional considerations include: 
X X 30.6 730 

X 41.2 983 Gasoline pool: 40 percent premium unleaded, 40 percent regular unleaded, 20 per- 
cent regular leaded 

*B=;$: 41.921 bb~~dcndz day ofreduced crude. . Refinery fuel oil: 0.5 wt % sulfur maximum 
s ~ ~ ~ ~ :  couilesy of P ~ ~ ~ ~ ~ I ~  ~~b~irhing company, pubtiihcn of tho Oil und Cm Jaumol [John 0. 

siko,ia, pranrstolfa. and ~ m - i  e. ~ ~ t ~ h i n g s ,  oil car,.. 19,258 (oct. 19,198111 and UOPPmrerr Divislon. Consistent approach to the processing of light ends and catalytic re-forming of 
developEd the jniormation contained in the labls. D-X, BOC unlbon, and RCD Unibon anr=sin=d straight-run naphtha and thermal naphthas far all cases 

rr.dcmzks -"re mmks of UOP. X = unlu lnclvdedinflow ~chcms. 
Isobutane requirements for slkylation to be met without requiring any outside pur- 
chase 

All refinery fuel requirements m be met internally 

The base case and two alternative conversion routes for processing a typical North 
Slope atmospheric residue may be simply described as follows: 

Dt~ignation ~ ~ ~ ~ n ~ f i ~ ~  

Bare case Vacuum flashing, vacuum gas oil dcsulfurining. fluid catalytic cracliing 
Alternative A Vacuum flashing, delayed coking, desulfunzarian of vacuum gas oil and coker 

gas oil, fluid catalytic cracking 
Alternative B Residue desulfirization, vacuum flashing, delayed coking, fluid caraytic cracking 

Simplified black flow diagrams Figs. 12.2.36, 12.2.37, and 12.2.38) for the base 
refinery and the two alternative conversion refineries indicate the net product yields 
from each. The net product yields are given in metric tons per calendar day and, when 
appropriate, in barrels per calendar day (BPCD). To simplify this presentation, some 
of the required process units such as LPG and naphtha treaters, amine regenerator, sul- 
fur recovery, and tail-gas-mating unit are not shown on the diagrams. However, the 
investment costs, operating requirements, and effect on product yields and qualities of 

F r ~ ~ ~ ~  12.2.35 ~ i ~ ~ i d  vrrjvr c~timatcd cost for various residue-~iosc~sing these units, as well as the support facilities required, have been taken into considera- 
achames. ~ ~ t i ~ t ~ d  colts a for ~ l c  fxr~ qnansr of 1981. Demsr. BOC Unibon. and RCD tion throughout. 
"oibon are raginred tcadcmmh andlor rcmis~ marks of UOP 1°C. [Cour*es~ 0fPIn"wPli 
p.blirhing campony, pdii~hrrr of ths Oil and Gas Journal, 79,258 (Ocr. 19,19811, and UOP 
p,oceaa ~ j ~ j ~ i ~ ~ ,  which developed thr informnrian contoinad in thefi8ure.l Bme Refinery. The processing route for the base refinery (Fig. 12.2.36) uses a con- 

ventional-crude-vacuum-flasher scheme coupled with vacuum gas oil (VGO) desulfur- 
ization fallowed by fluid catalytic cracking (FCC). Straight-run naphtha is catalytical- 
ly re-formed to improve octane, straight-run middle distillates are desulfurized, and 
kerosene is hydrotreated to reduce aromatic and naphthalene contents in order to meet 
Jet A fuel specifications. Olefinic light ends from the FCC are polymerized and also 
alkylated with internally produced isobutnne to produce gasoline blend stocks. In 
addition to improving FCC product yields, the use of FCC feed desulfurization results 
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Power consumed Wday kW 

Jcf pump 5 2000 
Blowdown circulating-oil cooler 8 45 
Blowdown candenser 

Pvrchased electric power, kWhlh 5 207 
Coke-drum condensate pump 

Catalyst and chemicals, Slday' 5 6 
Slop-oil pump 

Operating personnel 6 8 
Coke-drum cooling-water pump 6 69 

-mu not include pmdu~bblendin~ chemicals i u L  a= tetraethyl lead. Clear-water pump 4 19 
Venr-gas compressor 5 100 average 
Overhead bucket crane 7 200 

chased. ~ l l  fuel requirements have been met internally. This is reflected in the net-  levat tor . . . 10 
product slates given on each of the simplified block flow diagrams. Lights and insmmenrs . . . 25 
NO can be reached as to which of three cases presented above is best, steamconrumed 

since any such conclusion must necessarily depend an the specific set Of economic Wday Iblh 

conditions for the refinery under study. Coke-dmm steam-our ro fracdanaror 1 10,000 
Coke-drum steam-out to blowdown drum 1 20.000 
Cokcr blowdown drum 8 750 
Blowdown c i i c u l a ~ i ~ ~ - ~ i l  cooler 8 2,000 

TYPICAL UTILITY REQUIREMENTS Cooling-water required May  gallmin 

1et pump 
~h~ total utility requirements for any delayed coker may be considered as consisting 5 25 

of two separate ~ ~ t s .  one part is the continuous requirement, and the second Part is plane air consumed hiday scwmrn 
the intermittent requirement. Typical values for each part sre given below. Hoist 5 600 

~oiary motor 5 200 

Continuous Utilities 

sunlmarized below are typical continuous utility requirements far a delayed coke1 In Energy-Conservation Measures 
order to facilitate preliminary evaluations, values are given for the type of unit shown 
in ~ i ~ .  12.2.4 and are listed on the basis of 1000 BPSD of fresh feed or. in the case of The trend toward increased energy efficiency to reduce utility consumption has affect- 
raw waer, for each short ton per day of green coke produced. Actual utilities will vary ed the design of delayed cokers in much the same way as it has ather conventional 
from the typical shown below on the basis of individual heat- and material- refinery process units. A review of the methods used in achieving this increased effi- 
balance calculations and specific requirements for downstream processing. ciency follows. 

Coker-Furnace Air Preheat. The refining industry ir moving more and more in the 
Fuel liberated 5,100,000E1uI(h~ 1000 BPSD) direction of  air preheat for  process furnaces. Coker furnaces are no exception. 
Power consumed 150 kWllOOO BPSD Traditionally, delayed cokers h a ~ e  had high furnace inlet temperatures, in excess of 
Steam exported 1700 lbl(h . 1000 BPSD) 260°C. and have had to rely an the generation of steam to improve fuel efficiency. 
~ ~ i l e r  feedwater consumed 2400 IbKh . LOO0 BPSD) Preheating of relatively cold boiler-feedwater makeup together with steam generation 
cooling water, Ar = 14'C 5-25 gal/(min . 1000 BPSD)* has not usually proved to be a viable economic alternative to air preheat. Air preheat 
Raw water consumed 20-35 gallday p a  short LoddaY c o b  not only provides fuel efficiencies as high as 92 percent, compared to typical steam- 

- 8 ~ ~ ~ d o o  mniimum use of air cooling. 
generation efficiencies of 87 percent, but requires less fuel. This is uue because it 
does not achieve its efficiency by increasing the absorbed heat, which would be neces- 
sary to generate steam. 

Many of the new coker projects include air preheat to improve heater efficiency. 
intermittent Utiliies 

intermittent "tilities are required for the decoking and coke-dmm blowdown systems. Increased Recovery of Fractionator Heat. Traditionally, the top section of the 

~h~ consumptions given are typical for delayed cakers having coke-drum diam- coker fractionator, above the light gas oil draw-off, was considered to be too cold for 
eters of 20 ft or greater.   he time required for the utilities is typical for a two-drum the economic recovery of heat. However. this type of conventional design must be 

delayed coker operating under a 211-h coking cycle. Actual utilities will vary with coke evaluated when there is a greater economic incentive for the recovery of iaw-level 

production and drum size. 
AII intermittent utility requirements are consumptions. Several recent designs have recovered heat from the fractionator by using a light 

gas oil pumparound. Heat from this pumparound may be used to generate low-pres- 
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sure to preheat cold process streams, and to reboil low-temperature vapor- ABBREVIATIONS 
reeovery-unit towers. 

conventional recovery of very low level heat may also be accomplished through Abbreviations used in this chapter are listed in Table 12.2.17. 
the use of a hat-water circulating system tied into a central refinery circulating-hot- 
water belt system. A portion of the heat recovered could be used for tempering cold 
fresh air to the furnace preheater. 
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Supporl facilities waste heat 
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oil Gos I., 80,134 (Dec. 27. 19821. Visbreaking is a well-established noncatalytic thermal process that converts atmor- 
~ ~ a e ,  K. E.: ~ ~ d m c o r b .  Process.. 50(7). 85 (1971). phetic ar vacuum residues to gas, naphtha, distillates, and tar. Visbreaking reduces the 
sikonb, J O ~ G . ,  ~ ~ ~ ~ k s t o l f a ,  and LeRoiE. Hutchiogs: Oil Gos*. 79,141 (Oct. 5 ,  1981). quantity of cutter stack required to meet fuel oil specifications while reducing the 

zahsfecher, L. w., R. ~ ~ ~ i a r e ,  R. L. oodino, and A. A. Kutler: Oil Gos L. 68,92 (Apt. 6, overall quantity of fuel oil produced. 
The conversion of these residues is accomplished by heating the residue material to 

high temperatures in a furnace. The material is passed through a soabng zone, located 
either in the heater or in an external drum, under proper temperature and pressure con- 
straints so as to produce the desired products. The heater effluent is then quenched 
with a quenching medium to stop the reaction. 

With refineries today processing heavier crudes and having a greater demand for 
distillate products, visbreaking offers a low-cast conversion capability to produce 
incremental gas and distillate products while simultaneously reducing fuel oil viscosi- 
ty. Visbreaking can be even more attractive if the refiner has idle equipment available 
that can be modified for this service. 

When a visbreaking unit is considered for the upgrading of residual streams, the 
following objectives are typically identified: 

Viscosity reduction of residual streams which will reduce the quantity of high-qual- 
ity distillates necessary to produce a fuel oil meeting commercial viscosity specifi- 
cations. 

Conversion of a portion of the residual feed to distillate products, especially crack- 
ing feedstocks. This is achieved by operating a vacuum flasher downstream of a 
visbreaker to produce a vacuum gas oil cut. 
Reduction of fuel oil production while at the same time reducing pour point and 
viscosity. This is achieved by utilizing a thermal cracking heater, in addition to a 
visbreaker heater, which destroys the high wax content of the feedstock. 

12.83 
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Specific refining objectives must be defined before a virb~eaker is integrated into a therefore reduce the requirement for fuel oil cutter stack. The conversion of the 
refinery, since the overall processing scheme can be varied, affecting the overall eco- residue to distillate and lighter prodl~cts is commonly used as a measurement of the 
nomies of the project. severity of the virbreaking operation. Percent conversion is determined as the amaunt 

of 650"F+ (343"C+) material present in the atmospheric residue feedstock or 900°F+ 
(482"Ct) material present in the vacuum residue feedstock which is visbroken into 

COIL VERSUS SOAKER DESIGN 
lighter boiling components. 

The extent of conversion is limited by a number of feedstock chnl-acteristics, such 
as asphaltene, sodium, and Conradson carbon content. A feedstock with a high asphal- 

Two ~ i ~ b r e a k i n g  processes are commercially available. The first process is the coil, or tene content will result in an overall lower conversion than a normal asphaltene feed- 
prnoce, type, which is the type offered through Foster Wheeler and UOP. The coil stock, while maintaining production of a stable fuel oil from the visbreaker battoms. 
process achieves conversion by high-temperature cracking within a dedicated soaking Also the presence of sodium, as well as higher levels of feed Conradson carbon, can 
coil in the furnace. With conversion primarily achieved as a result of temperature and increase the rate of coking in the heater tubes. Minimizing the sodium eonrent to 
residence time, coil visbreaking is described as a high-temperature, short-residence- almost a negligible amount and minimizing the Conradson carbon weight percent will 

result in longer cycle run lengths. 
Variations in feedstock quality will impact the level of conversion obtained at a 

specific severity. Pilot plant analyses Of a number of different visbreaker feedstocks 
heater provides for a high degree of flexibility in heat input, resulting in better conuol have shown that, far a given feedstock, as the severity is increased, the viscosity of the 
of the material being heated. With the coil-type design, decoking of the heater tubes is 400"F+ (204'C+) visbroken tar initially decreases and then, at higher severity levels, 
accomplished more easily by the use of steam-air decoking. increases dramatically, indicating the formation of coke precursors. 

Foster Wheeler's coil-type cracking heater produces a stable fuel oil. A stable vis- The point at which this viscosity reversal occurs differs from feed to feed but typi- 
broken product is particularly important to refiners who do not have many options in i 

cally coincides with approximately 120 to 140 standard cubic feet (SCF) of C, - gas 
blending stocks. production per barrel of feed (20.2 to 23.6 normal m3/m1). It is believed that this 

The  alternative soaker process achieves some conversion within the heater. 1 reversal in viscosity defines the point beyond which fuel ail instability will occur. 
However, the majority of the conversion occurs in a reaction vessel or soaker which 1, Fuel ail instability is discussed in the next section of this chapter, "Yields and Product 
holds the two-phase effluent at an elevated temperature for a predetermined length of Properties!' 
tima Soaker "isbreaking is described as a low-temperature, high-residence-time route. j i  The data obtained from these pilot tests have been correlated. The viscosity rever- 
The soaker process is licensed by Shell. Foster Wheeler has engineered a number of 1 sal point can be predicted and is used to establish design parameters for a particular 
these types of visbreakers as well. 

By providing the residence time required to achieve the desired reaction, the soaker 
drum design allows the heater to operate at a lower outlet temperature. This lower 
heater outlet temperature results in lower fuel cost. Although there is an apparent fuel 
savings advantage experienced by the soaker-drum-type design, there are also some 
disadvantages. The main disadvantage is the decoking operation of the heater and 
soaker drum. Although decoking requiremenu of the soaker drum design are not as 
frequent as those of the coil-type design, the soker design requires more equipment 
far coke removal and handling. 

The customary practice of removing coke from a drum is to cut it out with high- 
pressure water. This procedure produces a significant amount of coke-laden water 
which needs to be handled, filtered, and then recycled for use again. Unlike delayed 
cok~rs ,  visbreakers do not normally include the facilities required to handle coke- 
laden water. The cost of these facilities can be justified for a coker, where coke cut- 
ting occurs every day. However, because of the relatively infrequent decoking opera- 
tion associated with a visbreaker, this cost cannot be justified. 

hoduct  qualities and yields from the coil and soaker drum design are essentially 
the same at a given severity and are independent of visbreaker configuration. 

FEEDSTOCKS 

Atmospheric and vacuum residues are normal feedstocks to a visbreaker. These 
residues will typically achieve a conversion to gas, gasoline, and gas oil in the order FIGURE 12.3.1. Rcllive run length vrrsus conversion at 
of 10 to 50 percent, depending on the severity and feedstock characteristics. This will various fced qurlitiea. 



YISBREAKWG AND COKING FWNOPVISBREAKWG 12.87 

feedstock to avoid the formation of an unstable fuel oil, while maximizing conversion. YIELDS AND PRODUCT PROPERTIES 
Pilot plant work has also been done relating virbreaker hkter  run length to canver- 

sion and feedstock quality. Figure 12.3.1 graphically represents the decrease in heater Product stability of the visbreaker residue is a main concern in selecting the severity of 
run length with increasing feedstock conversion. This graph has been plotted with data the visbre&er operating conditions. Severity, or the degree of conversion, if improper- 
for three atmospheric residues with varying feed Conradson carbon. Figure 12.3.1 ly determined, can cause phase separation of the fuel oil even after cutter stack blend- 
shows that, for a given conversion, as the feed quality diminishes (i.e., as 
Conradson carbon grows higher), coking of the heater tubes increaser, resulting in 

ing. As previously described, increasing visbreaking severity and percent conversion 
will initially lead to a reduction in the visbroken fuel oil viscosity. However, visbroken 

shorter run lengths. fuel oil stability will decrease as the level of severity-and hence canversion-is 
It has been found that "isbreaking susceptibilities bear no firm relationship with increased beyond a certain point, dependent on feedstock characteristics. 

API density, which is the usual chargestock property parameter utilized in thermal Until a few years ago, fuel oil stability was measured using the Navy Boiler and 
cracking correlations. However, feedstocks with low n-pentane insalubles and law Turbine Laboratory (NBTL) heater test. The NBTL test was the accepted test to me&- 
softening points show good susceptibility to visbreaking, while those having high val- sure fuel oil stability. However, in the late 1980s there was a general consensus that the 
ues for these properties poorly. Figure 12.3.2 shows the capability of greater NBTL test did not accurately measure fuel oil stability and therefore American Society 
conversion at lower rr-pentane insolubles for a 900"F+ (48ZaC+) vacuum residue. for Testing and Materials (ASTM) discontinued the test in 1990. Refiners today use the 

Residues with low softening paints aria low n-pentane insolubles cqntain a greater Shell hot filtration test or some variation of it to measure fuel oil stability. 
portion of the heavy distillate, nonasphaltenic oil. It is this heavy oil that cracks into Sulfur in the visbroken fuel oil residue can also be a problem. Typically the sulfur 
lower boiling and less viseour oils which results in an overall viscosity reduction. The content of the visbreaker residue is approximately 0.5 wt 90 greater than the sulfur in 
asphaltenes, that fraction which is insoluble in n-pentane, goes through the furnace the feed. Therefore it can be difficult to meet the commercial sulfur specifications of 
relatively unaffected at moderate severities. The table below shows the typical normal the refinery product residual fuel oil, and blending with law-sulfur cutter stocks may 
pentane insolubles contentof vacuum residues prepared from base crudes. be required. 

The development of yields is important in determining the overall economic attrac- 
Crude-fypc source ~ a n g e  of n-penrane tiveness of uisbreaking. Foster Wheeler uses its own in-house correlations to deter- 

of vacuum residue insolubles, w < %  mine yield distributions for W U O P  visbreaking. Our correlations have been based 

2-10 
on pilot plant and commercial operating data which allow us to accurately predict the 

Paraffinic 
10-20 

yield distribution for a desired severity while maintaining fuel oil stability. A typical 
Mired 
Nsphthenic l a 2 8  

"isbreaker yield diagram showing trends of gas and distillate product yields as a func- 
tion of percent conversion is presented in Fig. 12.3.3. 

0 5 10 15 20 

CONVERSION, % 

FlOURE 12.3.2. V i r b d n g  suseepfibitity (9Q0°F+ charge FIGURE 123.3. Typical yield trend, gas and disfillsle 
converted). products. 
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TABLE 12.3.1 ~ypical~ields  andProductPropenies operation at this level can cause premature unit shutdowns. There is also a tendency to 
produce unstable fuel oils at these more severe conditions. 

Light Arabian 
atmospheric residue vacuum nsidue 

PROCESS FLOW SCHEMES 

Presented in this section are three "isbreaking process schemer, with a diagram and a 
general descriptioll of each: 

At 210DF (99'C) 1. A typical virbreaker unit (Fig. 12.3.4) 

Estimated yields W, % -API kglm3 S. wt % wr % OAPI kglm". wr % 2. A typical visbreaker unit with vacuum flasher (Fig. 12.3.5) 
3. A typical combination visbreaker and thermal cracker (Fig. 12.3.6) 

Typical Visbreaker Unit 

. 3 1 0 - 6 6 2 ~ ~ ( ~ 6 6 3 ~ 0 ~ ~ )  cu t~or~ igh t  kmhim vacuum IESUYC. 
+ 6 6 2 ~ +  (SOT+) cut for ~ i p h r  kahianvacuumrswdus. A typical visbreaker (Fig. 12.3.4) can be employed when viscosity reduction of resid- 

ual streams is desired so that the need for high-quality distillate cutter Stack can be 
reduced in order to pmduee a commercial-grade residual fuel ail. 

The visbreaker unit is charged with atmospheric or vacuum residue. The unit 
~ l s o  note in Fig. 12.3.3 that, as the percent conversion increases, the gas, gasoline, charge is raised to the proper reaction temperature in the visbreaker heater. The reac- 

and gas oil product yields also increase. However, the conversion can be increased tion is allowed to continue to the desired degree of conversion in a soaliing zone in the 
Only to a certain paint before risking the possible production of an unstable fuel oil. It heater. Steam is injected into each heater coil to maintain the required minimum 

also be kept in mind that, at higher percent conversion, some of the gas oil velocity and residence time and to suppress the formation of cake in the heater tubes. 
product will fnrther crack and be converted into gas and gasoline products. This will After leaving the heater soaking zone, the effluent is quenched with a quenching 
occur particularly when high conversion is achieved at higher heater outlet tempera- medium to stop the reaction and is sent to the visbre&er fractionator for separation. 

The heater effluent enters the fractionator flash zone where the liquid portion flows 
to the bottom of the tower and is steam-stripped to produce the bottoms product. The 
vapor portion flows up the tower m the shed and wash section where it is cleaned and 
cooled with a gas oil wash stream. The washed vapors then continue up the tower. Gas 
oil stripper feed, as well as pumparound, wash liquid, and the gas oil to quench the 

the same for the same conversion. charge are all removed on a side drawaff tray. The pumparound can be used to reboil 
gas plant towers, preheat boiler feedwater, and generate steam. The feed to the gas ail 
stripper is steam-stripped, and then a portion of it is mixed with visbreaker bottoms to 

OPERATING VARIABLES 
meet viscosity reduction requirements: the remainder is sent to battery limits. 

The overhead vapors from the tower are partially condensed and sent to the over- 
head drum. The vapors flow under pressure control to a gas plant. A portion of the 

~h~ main operating variables in visbre&ing are temperamre, pressure, and residence condensed hydrocarbon liquid is used as reflux in the tower and the remainder is sent 
time. Increasing any one of there three variables will result in an increase in overall to a stabilizer. Sour water is withdrawn from the drum and sent to battery limits. 
severity. TO achieve a certain severity, these variables can be interchanged within lim- 
its. For a given severity, as measured by conversion, distribution and quality 
are vinually unchanged. Typical Visbreaker Unit with Vacuum Flasher 

An increase in yields of distillate and gaseous hydrocarbons can be achieved by 
increasing visbrealang severity-for example, by raising the heater outlet temperature. The flow scheme for this configuration (Fig. 12.3.5) is similar to the first scheme 
increasing visbre&er severity will also result in a reduction of cutter stock required to except that the "isbreaker tower bottoms are sent to a vacuum tower where additional 
meet fuel oil specifications. However, the higher severities will cause the heavy distil- distillate products are recovered. This scheme may be desirable since a portion of the 
late oils to break down and crack to lighter components. These heavy distillate oils act residual feed is converted to a cracking feedstock. 
ta so~ubilize (peptize) the asphaltic constituents. The asphaltic constituents will then In this scheme, the "isbreaker bottoms are sent to the vacuum tower flash zone. 
tend to separate out of the oil and form coke deposits in the furnace tubes. Visbreaker The liquid portion of the feed falls to the bottom, section of the tower, where i t  is 
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REACTION PRODUCT QUENCHING 

In order to maintain a desired degree of conversion, it is necessary to stop the reaction 
at the heater outlet by quenching. Quenching not only stops the conversion reaction to 
produce the desired results, but will also prevent production of an unstable bottoms 
product. For a coil-type visbie&er, quenching of the heater outlet begins from approx- 
imately 850 to 910°F (454 to 488°C) depending on the severity. The temperature of 
the quenched products depends on the overflash requirements and the type ~f queneh- 
ing medium used. The overtlash requirements are set by the need to maintain a mini- 
mum wash liquid rate far keeping the visbreaker fractionator trays wet and preventing 
excessive coking above the flash zone. Typically, the temperature of the quenched 

used quenching mediums are gas oil, residue, or a combination of both. These are dis- 
cussed below. The decision as to which quenching medium is to be used must be made 
very early in a design. This decision will greatly affect the unit's overall heat and 
material balance as well as equipment sizing. 

Gas oil is the most prevalent medium used for reaction quenching. The gas oil 
quench works primarily by vaporization and therefore requires a smaller amount of 
material to stop the conversion reaction than a residue quench. The gas oil quench 
promotes additional mining and achieves thermal equilibrium rapidly. The residue 
quench operates solely by sensible heat transfer rather than the latent heat transfer of 
the gas oil quench. 

The gas oil quench is a clean quench and thus minimizes the degree of unit fouling. 
It is believed that the use of a residue quench gives way to fouling in the transfer line duty versus residue quench. 

and fractionator. Also the "isbreaker bottoms circuit, from which the residue quench 
orig+nates, is in itself subject to fouling. The gas oil quench arrangement increases the 
vapor and liquid loadings in the tower's flash zone, wash section, and pumparound. 
This will result i n s  larger tower diameter than if residue queneh was used alone. ments, even if exchangers in the residue circuit become fouled. These exchangers can 

In order to achieve the same reaction quenching, residue quench flow rates need to be bypassed without excessive turndown. 

be greater than for gar oil quenching. This, as noted above, is because gas ail quench- Additionally, the residue and gas oil quench can be used to vary the fractionator 

es the reaction by vaporization and residue quenches by sensible heat. In addition, the flash zone temperature. In virbreaking, many refiners try to keep the flash zone tem- 

quenching duty goes up as the percentage of residue quench increases. The actual peramre as low as possible in order to minimize the potential for coking. When evalu- 

quenching duty increaser because more residue is required in order to achieve the ating the flash zone temperature for a fixed overflash, increasing the percentage of 

same enthalpy at the flash zone. The use of residue quench means more tower bot- residue will reduce this temperature. The flash zone could vary by as much as 50°F 

toms, product plus recycle, ace processed. (28°C) between the extremes of total gas oil and residue quench. Figure 12.3.8 shows 

Residue quenching provides the potential for additional heat recovery within the the basic relationship of the quench feed temperamre to the flash zone as a function of 

unit at a higher temperature level than gas oil quenching. For example, heat recovery the percentage of the reaction quench performed by residue quench. The total reaction 

from a recycle residue stream may be between 680 and 480°F (360 and 249'C), while quench duty as a function of percent quench by residue for a fixed overflash is also 

heat recovery for a gas oil stream may be from 620 to 4 8 0 P  (321 to 249'C). With the shown. 

increase in visbreaker bottoms, additional residue steam shipping is required, which 
dso increases the size of the overhead condenser. 

Some visbreaker units designed by Foster Wheeler and UOP employ a combination 
of bolh gas oil and residue quenching. It has been found for several visbreaker designs 

HEATER DESIGN CONSIDERATIONS 

that using a combination quench rather than 100 percent gas oil will shift a significant 
amount of available heat from steam generation, in the gas oil pumparound, to feed The heater is the heart of the coil-type "isbreaker unit. In the design of ill visbreakerr, 
preheat. This is normally preferred as it results in a smaller "isbreaker heater and min- Foster Wheeler prefers using a horizontal tube heater far FWNOP "isbreaking to 
imizes utility production. ensure mare uniform heating along the tube length. A horizontal-type heater allows 

Selection of a combination quench system is preferred for its overall unit flexibili- the flow pasem far each pass to be as symmetrical as possible. Overheating of one 
ty. However, it is more expensive because of duplication of coaling services on the pars can result in thermal degradation of the fluid and eventual coking of that pass. 
residue and gas oil circuits. It is believed, however, that additional cooling is advanta- Horizontal-type heaters are also preferred since they have drainable type systems, and 
geous since the "isbreaking operation can continue by shifting gas oillresidue require- liquid pockets cannot develop as in vertical type heaters. 
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Some refiners use a relief valve, located at the heater outlet, to lower the design pres- 
sure required far the tubes. Foster Wheeler and UOP do not rely on a relief valve in 
this service, as the inlet to the valve tends to coke up. 

Turndown on a visbreaker heater is typically limited to 60 percent of design capac- 
ity. On some projects, clients have installed two healers, which provide greater unit 
turndown capability. The additional heater also allows decoking of one heater without 
shutting down the unit. A two-heater visbreaker may be economically justified far 
larger units. 

The visbreaker heater can be fired on fuel gas, fuel oil, or visbreaker tar. It is eco- 
nomically attractive to fire the visbreaker heater on visbreaker tar since no external 
fuel source would be needed. However, tar firing requires correctly designed burners 
to avoid problems of poor combustion. The burners typically require tar at high pres- 
sure and low viscosity. Therefore the tar system needs to be maintained at a higher 
temperature than a normal fuel oil system. Although refiners may prefer to fire the 
heater with visbrehker tar, many are being forced to burn cleaner fuel gases so as to 
comply with environmental regulations. 

TYPICAL UTILITY REQUIREMENTS 

The fallowing represents typical utility consumptions for a coil-type visbre&er: 

Power, kWlBPSD [kW/(mL h) feed] 0.0358 [0.00938] 

Fuel, 10' Btulbbl (kWhim3 feed) 0.1195 (220) 

Medium-pressure steam, lblbbl (kgim3 feed) 6.4 (18.3) 

Cooling water, gallbbl (m31/m feed) 71.0 (1.69) 

Fhr the coil-type design, the heater is designed with two independently fired zones. 
The first is a preheat cell which heats the feed to reaction temperature, approximately 
800°F (427°C). The second is a reaction cell which provides the heat input and resi- ESTIMATED INVESTMENT COST 
dence time required for the desired reaction. The visbreaking reaction continues as the 
flnid leaves the furnace, where it is stopped by quenching. Figure 12.3.9 shows a typi- 
cal temperature curve for the preheat and reaction zones of a "isbreaker heater. This Estimated capital costs for a coil-type visbrehker without vacuum flasher or gas plant 
figure shows an 865°F (463°C) heater outlet temperature; however, this temperature are $16 million in 10,000 BPSD (66.2 m'ih) capacity and $31 million in 40,000 BPSD 

can be over 900°F (48Z°C), depending on the severity of the operation. (265 m31b) capacity. 
In order to achieve the desired residence time in the heater, coil volume in the reac- These are conceptual estimates with ~ 3 0  percent accuracy. They apply to battery- 

tion section is very important. The coil volume will directly affect the cost of the limits process units, based on U.S. Gulf Coast, first quarter 1995, built according to 
heater. The coil volume specified by Foster Wheeler in designing these heaters is instant execution philosophy, through mechanical completion only. The estimates 

bared on previous experience and operating data. During operation, the residence time assume that land is free of aboveground and underground obstructions. Excluded are 
can be adjusted by conuolting the heat input to the reaction cell, the back-pressure on cost of land, process licensor fees, taxes, royalties, permits, duties, warehouse spare 
the heater, and the injection steam rate. parts, catalysts, forward escalation, support facilities, and all client costs. 

Visbreaker heaters typically have a process preheat coil and a steam superheat coil 
in the convection section. The steam coil is used for superheating steam for residue and 
gas oil stripping. Steam generation is normally not required in the heater convection 
section, since the visbreaker produces steam in its bottoms and pumparound circuits. 
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CHAPTER 13.1 
HULS ETHERS PROCESSES 

Scott Davis 
UOP 

Des Plaines, Illinois 

INTRODUCTION 

During the 1990s. the oxygenate portion of the gasoline pool has been the fustest- 
growing gasoline component, and the majority of this growth has been in methyl ter- 
tiary butyl ether (MTBE). The major reasons for this growth are generally considered 
to be environmental concerns and octane upgrades. Countries such as the United 
States, Korea, and Taiwan have mandated the use of oxygenates in gasoline to pro- 
mote cleaner-burning fuels. Lead phasedown programs, the introduction of midgrade 
and higher-octane premium gasolines, and newer, more sophisticated car engines have 
all contributed to a steadily increasing demand for higher-quality gasoline and thus a 
continuing need to increase the octane of the refinery gasoline pool. 

An important source of MTBE, as well as other ethers, is the refmery. In 1994, 
installed refinery MTBE capacity of more than 5.57 million metric tons per annum 
(MTA) [129,000 barrels per stream day (BPSD)] represented about 28 percent of the 
worldwide MTBE production. Other major sources of MTBE production are from the 
dehydrogenation of isabutane (see Chap. 5.1). as a by-product from propylene oxide 
production and from naphtha cracker C,'s. 

Although MTBE is the mast common ether, it is not the only ether used in gasoline 
blending today. Tertiary amyl methyl ether (TAME), ethyl tertiary butyl ether 
(ETBE), and diisopropyl ether (DIPE) are also used as gasoline blending ethers. Table 
13.1.1 pmvides a list of the gasoline blending properties of ethers being used in gaso- 
line pools. In addition to providing a gasoline oxygenate source, these ethers have 
excellent research and motor blending octanes. 

Ethers are generally favored over alcohols in gasoline blending for two reasons: 
they have a very low solubility in water compared to alcohols, and they have a low 
blending vapor pressure compared to alcohols. 

13.3 
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TABLE 13.1.1 Refinery Oxygenates In the absence of a small excess of alcohol, isoolefin dimerization, also exother- 
mic, can take place rapidly. This rezclion can result in a sharp temperature rise in the 

Blendingoctane Blonding RVP resin bed. Such an increase causes irreversible catalyst fouling, and catalyst desme- 

~ t h ~ ~ ~  RONC MONC (R + MY2 kgicmi Iblin' Oxygen, Wt 9% tion can occur if the temperature rise is excessive. 
Under proper conditions, the etherification reaction is nearly one hundred percent 

MTBE 118 100 109 0.56-0.70 8-10 selective except for minor side reactions resulting from the presence of certain feed 
DIPE 112 98 105 0.28-0.35 4-5 impurities. Water contained in the feed results in equivalent amounts of tertiary butyl 
TAME 111 98 105 0.214.35 3-5 alcohol (TBA) in the MTBE or ETBE product. Water in isaamylene feed yields 
ETBB 117 110 0.21-0.35 3-5 tertiary amyl alcahol (TAA) in the TAME product. In small quantities, these alcohol 

,vota: RYP = ~ e i d  vapor pressurs; RONC = research octrne number dear: MONC = motor by-products are unimportant. They need not be separated from the ether product 
numbEr clear: (R + ~ ) 1 2  (RONC + MONCIR (~omctimes rrfcrred to as road oclsne). because they have high octane values w d  can be used as gasoline blending agents. 

Either a one-stage or two-stage Htils design can be used for MTBE, TAME, or 
ETBE production. A simplified flow diagram of the single- and two-stage designs is 

HULS ETHERS PROCESS FOR MTBE, ETBE, AND shown in Figs. 13.1.1 and 13.12, respectively. The two-stage unit produces higher 
canversion levels but costs more compared to the one-stage design. 

Because of the lower cost, the Htils one-stage design is by far the most common 
inside the refinery. Two-stage units are typically built only when extremely high puri- 

~h~ Hiils ethers process is marketed under the names Hi& MTBE process. Hulr ETBE ty raffinate is required, such as in butene-l production, or when the reffinate i s  used in 
process, and Hiilr TAME process and is jointly licensed by Htils AG in Marl, a recycle Operation. Typical one-stage olefin conversions are shown in Table 13.1.2. 
oermany, UOP* in ~ e s  Plaines, Illinois. This process can be used to produce the 
ethers for gasoline blending from olefin feedstocks available within a refinery. 
Depending on the type of hydrocarbon and alcohol feed, the following etherification 
reactions take place: PROCESS FLOW 

CH, = C(CH,), + CH,OH + (CHJ,-C-O-CH, The fresh hydrocarbon feed must be treated in a water wash if it comes from a fluid 
~ ~ ~ b ~ t i l c " c  M I U ~ ~ ~  MTBE catalytic cracking (FCC) unit. The treatment step is needed to remove basic "ifrogen 

compounds, which are catalyst poisons. This procedure is not necessary if the feed 
CH, = C(CH,), + CH,CH,OH+ (CH,),-C-O-CH2CH, (13.1.2) comes from either a steam cracker or from a UOP Oleflex* unit. In the case of TAME 

production, diolefins must also be removed in a hydrogenation unit (see Chap. 8.2). 
Figure 13.1.1 is a simplified single-stage process flow diagram. The clean fresh feed 

CH,CH = C(CH,), + CH,OH CH,CH,(CHJiC-O-CH, (13.1.3) is mixed with fresh and recycled alcohol and charged to the reactor section. The reac- 
r r r n ~ ~ ~ a  ~ ~ r h ~ a >  TAME tor can be a tubular reactor, or more typically, two adiabatic reactors with recyble are 

used. The majority of the reaction occurs in the first reactor. The second reactor com- 
~h~ reactions proceed in the liquid phase at mild conditions in the presence of a pletes the reaction of isoolefins to ether. Cooling between reactors is required to m a i -  

acidic catalyst. The catalyst typically is a sulfonic ion-exchange resin. The reac- mize the approach to equilibrium in the seeand reactor. 
tion temperature is kept low and can be adjusted over a fairly broad range. Higher The product from the reactor section primarily contains ether, excess alcohol 
temperatures are possible, but excessive temperatures are not recommended because (meUlanol or ethanol), and unreacted C, or C, hydrocarbons. This stream is sent to a 
resin fouling from can occur.  round 130°C (266"F), sulfonic ion-enchange fractionation column, where high-purity MTBE, ETBE, or TAME is recovered from 
resins become unrtable. operation in the lower temperature range ensures stable OPer- the bottoms. The unreacted hydrocarbon, typically referred to as the rof/inaie stream, 
atian and long catalyst life. and alcohol are taken off the top of the fractionator. Before it leaves the unit, the raffi- 

The reaction of an isoolefin with alcohol is conducted in the presence of a small nate is water-washed to remove excess alcohol. The water-alcohol mixture from the 
of alcohol relative to that required for the stoichiometric reaction of the water wash is fractionated in the alcohol recovery section. The recovered alcohol is 

isaolefin contained in the hydrocarbon feed. Operation with a small excess of alcohol recycled back to the reactor, and the water is recycled back to the water wash. 
has a number of advantages and practically no drawbacks because any excess alcohol 
is recovered and recycled. Some of the advantages are . ~h~ equilibrium is displaced toward the production of ether to favor higher per-pass YIELDS 

conversion. . Production of high-octane ether is maximized, and production of lower-octane The yields in Table 13.1.3 are representative of the oxygenate production from FCC 
01i~imers is minimized. olefins using a single-stage Htils process to separately process the C, and C, cuts. The . process temperature is more efficiently and securely controlled. 

TAME is assumed to be pretreated in a dime saturation unit. 

1 T m d ~ m i k  andlor smw1ii i i k  of UOP. 'Tmddmar* andlor s d d i i i  i i k  of UOP. 
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CHAPTER 13.2 
ECONOMICS AND OPERATING COSTS 

The estimated erected cost of a UOP-designed single-stage Hills MTBE process unit 

UOP ETHERMAX 
for the production of 60,000 MTA (1520 BPD) of MTBE in 1995 is $8.2 million. This 
capitel estimate is foran inside-battew-limits unit erected on the U.S. Gulf Coast. 

PROCESS FOR 
The "tilily requirements for a 60,000-MTA (1520-BPD) MTBE unit w d  75,000- 

MTA (1825-BPD) TAME, respectively, are estimated in Table 131.4. 
MTBE, ETBE, AND TAME 

PRODUCTION 
COMMERCIAL EXPERIENCE 

Scott Davis 
Twenty Hills MTBE units have been brought on-stream. The first unit started up in 
1976 in Marl, Germany. Operating plant capacities range up to about 600.000 MTA 

UOP 
(15,200 BPSD) of MTBE. The units cover the entire range of feed compositions, prod- Des Plaincs, Illinois 
uct qualities, i ~ ~ b u t y l e n e  conversions, and end uses for MTBE. 

TABLE 13.1.4 Utility Requirements 

Utilities 

Power, kwh 
Low-pressure sfeam, MTh (kibih) 
Condensate,' MTh (Llbih) 
Cooling water, m'lh (gaVmin) 

.Denotes export 
Note: Wh = mst" rtons per hour 

PROCESS DESCRIPTION 

The Ethermax* process, licensed exclusively by UOP,* can be used to produce methyl 
tertiary butyl ether (MTEE), tertiary amyl methyl ether (TAME), or ethyl tertiary 
butyl ether (ETBE). This process combines the Hiils fixed-bed etherification process 
with advanced RWDt  catalytic distillation technology from Kach Engineering 
Company, Inc. The combined technology overcomer reaction equilibrium limitations 
inherent in a conventional fined-bed etherificvtion process. 

The Ethermax process reacts tertiary olefins, such as isobutylene and isoamylene, 
over an acid resin in the presence of alcohol to farm an ether. The reaction chemistry 
and unit operating conditions are essentially the same as those of a conventional ether 
process, such as the Hills MTBE process (Chap. 13.11, except that KataMaxt packing 
has been added to increase the overall conversion. 

KataMax packing represents a unique and proprietary approach to exposing a solid 
catalyst to a liquid stream inside a distillation column. Thereactive distillation zone of 
the RWD column uses KvtvMan packing to overcome reaction equilibrium constraints 
by continuously fractionating the ether product from unreacted feed components. As 
the ether product is distilled away, the reacting mixture is no longer at equilibrium. 
Thus, fractionation in the presence of the catalyst promotes additional conversion of 
the reactants. Isobutylene conversions of 99 and 97 percent, respectively, for MTBE 
and ETBE are typical, and isoamylene conversions of up to 94  percent can be  

Tradcmarkandiorrcm~ce m k x i U 0 P .  
,Trademark oiKoEh Engineering company, Inc. 
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the hydrocarbon in a simple countercurrent extraction column, and a distillation eol- 
achieved economically with this process. These design specifications are typical for umn is used to recover the alcohol. The recovered alcohol is recycled to the reactor 
gasoline blending: however, practically any olefin conversion is achievable by design- section. The hydrocarbon raffinate is generally sent downstream to an alkylation unit 
ing a unit to accommodate individual refinery needs. For example, the Etherman in the ease of C,'s or to gasoline blending in the case of C,'s. 
process can be designed to convert 99.9+ percent of the isobutylene when butene-l 
~ ~ o d u c t i o n  is a design objective. 

The flexibility of the Etherman process provides refiners with many routes to 
increase oxygenate or octane levels in their gasoline pool. Existing MTBE units can YIELDS 
he convefied to TAME or ETBE pmduction. Increaser in throughput and olefin con- 
version are possible in an existing ethers unit by revamping i t  to the Ethermax 
process. The revamp increases the oxygenate level of the gasoline pool, and the result- The example in Table 13.2.1 represents oxygenate production from fluid catalytic 
ing octane improvement gives a refiner the flexibility to optimize gasoline production cracking (FCC) olefins using the Ethermar process to separately process the C, and C, 

cuts. The TAME feed is assumed to be pretreated to saturate dienes. All units are in 
from other refinery processes. metric tons per year. 

PROCESS FLOW OPERATING COST AND ECONOMICS 

The process flow for the Ethermax process is shown in Fig. 13.2.1. The majority of 
the reaction is carried out in a simple fixed-bed adiabatic reactor. The effluent from The estimated utilities for a 60,000-metric ton per annum (MTA) (1520-BPD) 
this reactor feeds the RWD column, where the ethers are separated from unreacted Etherman unit producing MTBE and a 75,000-MTA (1825-BPD) Ethermar: unit pro- 
feed components. The bottoms from the RWD column are the MTBE, ETBE, or ducing TAME, respectively, are given in Table 13.2.2. The 1995 estimated erected 
TAME ~raduct .  The unreacted ~amponents move up the column and enter the catalyt- cost for an Ethemax unit to produce 60,000 MTA (1520 BPD) of MTBE is $8 million 
ic section of the fractionator for additional conversion. The catalytic section of the U.S. based on the inside battery limits of the process unit. 

RWD column uses KataMax packing to overcome reaction equilibrium constraints by 
simultaneously reacting the feed component and fractionating the ether product. 

The from the RWD column is routed to the alcohol (either methanol or 
&and) recovery section. In this system, water is used to separate the alcohol from 

ETHERMAX COMMERCIAL EXPERIENCE 

The first Ethermar process unit was commissioned at the Hiils AG, Marl. G e m y ,  
facility in March 1992. As of 1995. another four Ethermax process units have been 
placed on-stream. These five Ethermax units process a wide variety of feedstocks 
from FCC, stream cracking, and dehydrogenation units. The performance of all flve 
operating units has exceeded representations. An additional eight Ethermax units have 

TABLE 13.2.1 Oxygenate Pmdncfion fmm ~thermrm PPPPPPP 

W B E  operation. TAME operation, 
MTA (BPD) MTA (BPD) 

Total hydrocarbon feed 264,100 (8437) 305,700 (8971) 
Reactive components in the feed: 

39,600 (12471 - 
- 76.500 (2167) 

Methanol 22.500 (534) 33,000 (783) 
Ethanol - - 

Ethen product: 
MTBE 61,500(1558) - 
BTBE - - 

104.500 (2543) 

Note: MTA = ~ E V I S  cons a r  annum: BPD = b m b  par day; i = iao. 
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CHAPTER 13.3 

TABLE 13.2.2 Utilities for Ethermar Unit ProduFing MTEE and 
TAME UOP OLEFIN ISOMERIZATION 

Ethemrx Ethermar 
Utilities for MTBE for TAME 

E I C C ~ ~ ~ C  power, kwh Scott Davis 
Steam. MTh (klbhl: 

15.6 (34.31 
UOP 

Low pressure 1.1 (2.51 Des Plaines, Illinois 
Medium pressnre 

C~ndensnte,~ MTh (klbhl 8.6 (18.91 15.6 (34.3) 
Cooling water, m'h (gallminl 34 (1511 

'Denotes crporL 
Nola: MNh = metric toni pcrhaur. 

been licensed. Together these units represent more than 2.17 MTA (55.000 BPSD) of 
ethers capacity. 

I 
I 
t 
I 
E 

INTRODUCTION 

The production of ethers, notably methyl tertiary butyl ether (MTBE) and tertiary 
amyl methyl ether (TAME), is often limited by the isoolefin concentration in a pre- 
dominately normal olefin sheam. Olefin isomerizatian technology is aimed at increas- 
ing the overall yield of ethers from a given feed stream by the skeletal isomerization 
of normal olefins to reactive isoolefins. 

The idea of skeletal isomerization of normal olefins to isoolefins is not-new. 
During the 1960s. UOP scientisu, as well as others, worked on catalyst development 
based on chlorided alumina. However, these previous catalyst systems were not attrac- 
tive because they showed poor stability and low selectivity. The increasing demand 
for oxygenates has resulted in a higher demand for isobutylene and isoamylene to be 
used in ether production. UOP began active research in 1989 for a skeletal olefin iso- 
meriration catalyst. The timing of this demand was fortunate because of the emer- 
gence of a number of new catalytic materials. The challenge was to develop a catalyst 
with high selectivity and stability. With its unique expertise in the development of 
new materials. UOP developed a proprietary catalyst for skeletal isornerization of light 
normal olcfins. The catalyst was further improved, and a successful commercial man- 
ufacturing trial run was conducted at the end of 1991. 

DESCRIPTION OF THE PENTESOM PROCESS 

The UOP* Pentesom* process irornerizes normal C, olefins to reactive isoamylene 
for conversion to TAME. This  unit, coupled with an ethers unit, such as the 

.T*demsrksndior ssrviccmrrk of UOP. 

13.13 
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Etherman* process (Chap. 13.2) maximizes the production of TAME derived from Hz Makeup 
fluid catalytic cracking (FCC) unit C, olefins. The high-conversion Pentesom unit 
normally can increase the TAME production from an FCC unit by 1.7 times that of 
the stand-alone TAME Ethermax unit. The Pentesom-Etherman flow scheme con- 
sunles more than 80 percent of the available C5 olefins in a typical FCC feed stream. 
This consumption compares to only about 50 percent C, olefin utilization with stand- 
alone TAME production. 

UOP's analysis has shown that, in most cases, operating the Pentesom unit on a 
 through basis by adding a second Ethemar unit downstream of the Pentesam 
unit is preferable to recycling the Pentcsom effluent back to a single Etherman unit. 
The block flow diagram of this flow scheme is shown in Fig. 13.3.1. 

The primary benefit of this flow scheme is a savings in utilities. The FCC unit has 
a substantial amount of saturate unreactive C,'s contained with the C, olefins. When Feed Heater 
the Etherman-Pentesom units are operated in a recycle made, the resulting buildup of 
normal paraffins consumes both utilitiei and capacity that are not directed toward 
TAME production. The normal paraffins must be purged from the recycle loop by a 
bleed, which also results in a loss of normal pentenes from TAME production. 
Operation in a once-through flow scheme eliminates these concerns. 

To Ethermu2 
ReactorSectlon 

Pentesom Process Flow 
FIGURE 13.3.2 UOP Pentesom process. 

The Pentesom flow scheme consists of a single reactor containing a high-activity mal- 
ecular-sieve-based catalyst (Fig. 13.3.2). The Etherman effluent passer through a fired 
heater and is combined with a small amount of hydrogcn before entering the single, 
fixed-bed Pentesom reactor. The reactor effluent is coaled and condensed before DESCRIPTION OF THE BUTESOM PROCESS 

entering a separator. The separator overhead stream, which is rich in hydrogen, is 
cokpressed and recycled to the Pentesom reactor. A small amount of makeup hydro- The Butesom* process is UOP's C, olefin isomerization process. The process isomer- 
gen is added to the recycle stream. Separator bottoms are routed to a stri~pcr. Stripper izes normal butenes to isobutylenes, which can then be further convened to MTBE. 

bottoms are sent to a second Ethemar unit for additional TAME production. The Butesom unit is operated in a recycle mode with an ethers unit, such as IJOP.~ 
Etherman process (Chap. 13.21, for MTBE production. NO feed pretreatment other than that required for the Etherman unit is required for 

the Pentesom process. The catalyst operates for 1 year between regenerations. The The Butesom-Ethennax flow scheme is targeted for streams rich in C, oletins and 
regoneration is normally conducted in sit" using the existing process equipment. No low in Paraffins. Such a stream is that available fmm naphtha-based steam crackers. In 

additional regeneration equipment is needed. these simations, the ruffinate is typically a relatively low-value product because no 
other conversion processes are available. The overall olefin utilization for MTBE in 
these cases typically increases from below 30 to 80 percent with the use of the 

r ~ ~ ~ d ~ ~ ~ ~ r  andior rcrvise mark of UOP. Butesom-Etherman flow scheme. 
The feedstock from the FCC unit contains a high saturate C, concentration, which 

is normally not a goad fit for a Butesom unit. The primary reason that the Butesom 
unit is more effective on high-olefin feedstocks is that the conversion of normal 
butene to isobutylene is equilibrium limited to 40 to 50 percent under normal operat. 
ing conditions. This conversion level results in a recycle operation being required to 
m-imize the normal butene utilization to MTBE. However, the high paraffin coneen- 
nations present in FCC feedstocks require a substantial bleed on Ule recycle loop to 
purge the paraffins. The recycle bleed drags butenes out of the flow scheme, thereby 
reducing the availability of butenes for conversion to MTBE. 

TAME TAME 

"CURE 13.3.1 Typical FCCU C, pm~ss~ing ~ C h h h h .  'Tradcmsrk andlor scrvicr msrk of UOP. 



OxYGENAm PRODUCTION TECHNOLOGIES UOP OLEFlN ISOMERIZATION 13.17 

Butesorn Process Flow . Evacuation and N, pressure-up - Reactor on-line 
A simplified Butesom flow scheme is shown in Fig. 13.3.3. This simple unit uses a 
molecular-sieve-based catalyst and swing reactors. The Ethermax effluent passes The evacuation and pressure-up steps are accomplished by n common single-stage 
throngh a combined feed exchanger and tired heater before entering one of the swing steam ejector. Purge gas is minimized by designing the system so that only the reactor 
fzed-bed ~u tesom reactors. The reactors are operated in a swing mode with one reac- itself needs to go through the evacuation and purge steps. The carbon burn is the only 
tor on-line and the other in regeneration. The reactor effluent is exchanged with the catalyst regeneration step required to restore the catalyst activity; no promoters or spe- 
fresh feed in the combined feed exchanger and coaled before being compressed and cial activators are used on or with the catalyst. The carbon burn is controlled simply 
condensed in the effluent compressor system. The liquid is then pumped back to the by regulating the oxygen content and temperature in the burn zone. Utility air is used 
Etherman unit for conversion to MTBE. The small amount of light ends produced in  as the onygen source. No costly dryers or special utilities are required. 
theEutesom unit are removed in theEthermax unit. 

Regeneration Section ECONOMICS 

Unlike the UOP C, skeletal isomerization system, all C, skeletal isomerization cata- The Pentesom-Ethermax process flow scheme increases the typical FCC TAME pro- 
lyst systems have limited ~tability and require frequent regenerations. During the duction by about 1.7 times compared to a stand-alone Etherman unit for TAME 
process a progressive accumulation of coke on the catalyst occurs. If the production. The capital cost for an Etherman-Pentesom-Ethermax complex built on 
process ~ y c l e  were extended significantly without regeneration, the c o k  deposited the U.S. Gulf Coast in 1995 and producing 103,000 metric tons per year (MTA) [2500 
would cause a gradual decrease in  catalyst performance. Therefore, the regeneration barrels per day (BPD)] af TAME from FCC-derived feed is approximately $21 million 
step ia to the overall process economics. The Butesom process provides a 

system that is simple and low cost. The regeneration consists of a simple A Butesom-Etherman complex processing an FCC feedstock can typically produce 
carbon bum to remove the coke on the catalyst. Because the bum is conducted in the about 1.7 times the production of a stand-alone Ethermax unit. The estimated 1995 
reactor, less regeneration equipment is required. Consequently, the valving and main- U.S. Gulf Coast erected cost for a complex to produce 86,800 hlTA (2200 BPD) of 
tenaxe associated with moving catalyst are eliminated. MTBE is $23 million U.S. 

The regeneration sequence is as follows: 

Reactor isolation . Evacuation and N, pressure-up COMMERCIAL EXPERIENCE 

. Carbonburn The Butesom and Pentesom processes are UOP's newest technology to be offered for 
commercial license. The catalyst systems used in the Pentesom and Butesom process- 

Ellluent es were under development for almost 5 years. Pilot plant tests included process van- 
able studies as well as contaminant studies. The catalyst was tested under commercial 
conditions and exposed to multiple regeneration cycles. A commercial manufacturing 
test run was successfully conducted. The equipment and operating conditions for Ule 
Butesom and Pentesom processes were well within the normal refining engineering 
boundaries. The Butesom and Pentesom designs draw on the expertise gained in these 
commercial runs as well as on the experience gained in more than 80 years of process 
commercialization. 
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FIGURE 14.1.2 Hydrogen contents of rsfmed products. FIGURE 14.1.3 Hydmgen contents of potential fscdslocks. 

tion processes convert normal paraffins into isoparaffins. The initial boiling eharac- FCC. Neither of these processes consumes hydrogen, but both of them produce high 
ter of motor gasoline is set by the Reid vapor pressure specification. The hack end yields of light products. The liquid products are deficient in hydrogen and need further 
of the distillation specification is set by engine warm-up and crankcase dilution hydroprocessing if they are to become transportation fuels. The light liquid products 
considerations. also contain substantial olefin levels, which can cause unstable products. Straight-run 
Eerosene and aviation jethe1 (kero/jet). To make these products with acceptably distillates are generally easier to upgrade to finished products. 
clean burning characteristics. aromatic contents need to be low. The smoke point The Stangeland chart oversimplifies a very complex situation. Modem techniques 
specification characterizes this quality. The front end of the distillation specifica- for characterizing the compounds present in petroleum stocks have helped in our 
tion is set by flash point, the back end by freeze point. understanding of hydroprocessing reactions, particularly the harmful effects of heavy . Diesel fuels. Here the burning quality is controlled by the cetane number specifi- aromatics. This is illustrated in data measured by M. F. Ali and coworkers3 on VGOs 
cation which limits the aromatic content. The important cold flow properties are the from Arabian Heavy crude oil. These workers separated the 370 to 535'C distillate 

pour point, cloud point, and cold filter plugging paint, and one or more of these set fraction into compound-class fractions. They then cmim'ed out an elemental analysis on 

the distillation endpoint specification. As with keroljet, the front end of the distilla- the four major compound classes--saturates, monoaromatics, diaromatics, and poly- 

tion specification is set by flash point. aromatics. With molecular weights estimated from the other measured physical prop- 
erties, these four compound classes have been plotted in Fig. 14.1.3. The point labeled 

Lube oils. Aromatic compounds have very low viscosity indexes (Vls) so lube P represents the polyaromatics naturally present in this VGO. This compound class 
oils must, in general, have limited aromatic levels. Paraffin wax must also be mini- represents 22.2 wt % of the total VGO and is more aromatic than either of the cracked 
mized to achieve acceptable pour paints, so the more desirable compounds are stacks referred to previously. The sulfur content of the polyaromaties was reported ar 
isoparaffins or molecules containing a combination of naphthenic rings and 9.83 percent, showing that three-quarters of the sulfur in VGO resides in the polyaro- 

matics. Every polyaromatic molecule contains, on the average, one sulfur atom. The 
other compound classes in this VGO are shown as points S, M, and D, representing . Healing end fuel oils. Hydrogen content is not as important for heating oils or saturates, monacyclics, and dicyclics, respectively. 

residual fuel oils. However, hydroprocessing is often needed in their production in Boduszynski and Altgelts pointed out average molecular structure determinations 
order to limit sulfur and nickel content. Their boiling range is set by flash point and for heavy oils give very little indication of the nature of the aromatics in the oil. These 
viscosity considerations. aromatics must be upgraded if salable products are to be made from such oils. The 

amount and character of polyaromatics have a profound effect on the ease of upgrading. 
The Stangeland chart can be used to illustrate the differences between the feed- Most madem refineries produce transportation fuels from a blend of components 

stacks at the refiner's disposal and the required products. Figure 141.3 shows the made in different refining processes. Figure 14.14 shows the hydrogen content of a 
region representing distillable cuts from typical petroleum crude oils. It compares the variety of diesel boiling range products refined from Arabian crude oils. Components 
distillate products from two noncatalytic cracking processes--delayed coking and produced by hydroeraclang have much higher hydrogen content than those produced 
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FIGURE 14.1.4 Hydrogen contents af middle dirlillat~s.'~ S~lid 
boundmles ahow 250 la 700% (121 ro 37I0C) diesel range. Pmcess: (1) 
hydrocracker. (2) Slrcghf run, (3) delayed "aker. (4) nvid coksr, and ( 5 )  
fluid catalytic cracker. 

in nonhydrogen processes. Figure 14.1.5 shows a rough carrelatian exists between jet 
fuel smoke point and hydrogen content. A 1 percent change in hydrogen content cor- 
responds to a difference of 10 mm in smoke point in the range from 20 to 30 mm. 
Also consider the difference in hydrogen content between the components shown in 
Fig. 14.1.4. A 1 percent difference in hydrogen content here represents a difference of 
700 standard cubic feet (SCF) of hydrogen consumed per barrel when upgrading to the Hydmcn Conlent, WI !$ 
sameproduct specification. If hydrogen costs between $2 and $3 per thousand SCF, 
this amounts to a processing cost of $1.50 to $2.25 per barrel of oil processed. The FIGURE 14.1.5 The rclalionrhip between kerosene smoke point and hydrogen 
modem refiner must decide where to invest the hydrogen in order to maximize prod- EW1C"L 

uct values. Each refinery is faced with a different situation, depending on processing 
capabilities and product markets. 

than 200 SCFB, while hydrorefiners including residuum hydrotreaters typically con- 
sume between 500 ind I N 0  SCFB. 

The Extent of Commercialization North America uses the most hydroprocessing because residuum conversion is 
needed to achieve the high ratio of transportation fuels to fuel oil demadded by the 

Of every barrel of crude ail currently refined worldwide, aver 45 percent on average market. While delayed coking is the most popular residuum conversion scheme, liquid 
receives some hydroprocessing. This percentage varies with geographical area: products produced from it are hydrogen-deficient and, therefore, require further 

hydmprocessing. In order to produce salable light products, distillate hydrocracldng 
North America. has been widely installed because the proportion of jet fuel and naphtha can be varied 

to suit seasonal marketing demands. As definedinTable 14.1.3, 8.5 percent of the 

Asia (except People's Republic of China and former Soviet Union) 50% crude oil refined in North America i s  upgraded in a hydrocracker. 
By contrast, in Japan many residuum and VGO hydratreating units were installed 

Southern Hemisphere and Central America in the 1960s and 1970s in order to produce LSFO to reduce air pollution from station- 
Middle East ary power plants. 

Although the Middle East has less overall hydmproccssing than other regions, the 
Table 14.1.3 shows the crude refining capacity in each region, with the hydraprocess- Kuwait investment in hydrocracking is substantiak.52 percent of the crude oil refined 
ing capacity divided into three categories-hydrocraeking, hydrorefining, and in  Kuwait is processed in a hydrocracker. Middle East hydrocrackers are designed to 
hydromating. This table divides hydroprocesses according to the amount of hydrogen make middle distillates for export. They Consume less hydrogen per barrel of feed 
consumed in them. Typical hydrocrackers consume between 1400 and 2400 standard than most of the North American distillate hydrocracksrs, which are generally operat- 
cubic feet of hydrogen per barrel (SCFB). Naphtha hydmueaters usually consume less ed to prodube naphtha and jet fuel. 
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PROCESS FUNDAMENTALS 
Hydrotreating catalysts consist of a hydrogenation component dispersed on a porous, 

Chemical Reactions fairly inert, material. Hydracracking catalysts are dual-functional, containing both 
hydrogenation and cracking sites. The cracking sites are usually the result of using a 

The impurities which are removed in hydrotreaters are largely concentrated in the aro- porous support of an acidic nature. The best choice of a catalyst for a specific situation 
matic compounds in the feedstocks. Their removal is vccamplished therefore by the requires a particular balance between the cracking and hydrogenation functions.82 
hydrogenation of these compounds. Simple examples are shown in Fig. 14.1.7. Note Table 14.1.4 shows catalyst characteristics necessary to accomplish the reactions of 
that in these examples sulfur is removed without complete saturation of the aromatic indusuial importance. 
ring, whereas nitrogen removal generally involves saturation and destruction of the In hydracracking to LPG and gasoline, strong cracking activity is required. This is 
aromatic ring. Thus, hydradesulfurization can be accomplished with low hydrogen achieved by using strongly acidic materials including both amorphous silica-aluminas 
consumption at low pressures, whereas nitrogen removal needs high hydrogen partial and crystalline aluminosilicates. The acidity of these materials promotes reactions 
pressures and consumes more hydrogen. which lead to high iso-normal ratios in the light paraffin products, low methane and 

The reactions which occur in hydrocracking are much more complicated. ethane production, and conservation of monocyclic rings. The hydrogenation compo- 
Choudhary and Saraf18 have written an excellent survey article on early hydracracking nent reduces the concentration of coke precursors and maintains the effectiveness of 
work. The chemistry of hydrocracking is essentially the carbonium ion chemistry of the cracking sites. Catalysts can then be operated for long periods (1 to 4 years) at 
catalytic cracking coupled with the chemistry of hydrogenation. Langlois and economic processing conditions. 
sullivan" have reviewed the chemistry of hydrocracking. When the reactants are In hydrocracking gas oils to produce jet fuel and middle distillate, catalysts with 
paraffins, cycloparaffins, andior alkyl aromatics, the products obtained from both less acidity and stronger hydrogenation activities are used. This type of catalyst is 
hydrocracking and catalytic cracking are similar, but when the reactant is polycyclic valuable in producing high-viscosity-index lubricating oils by selectively saturating 
aromatics, wide differences in the product from these two refining processes are and converting the heavy aromatics, leaving behind the more valuable compounds. 
obtained. For instance, catalytic cracking of ~henanthrene over acidic catalysts pro- These catalysts are also used for hydrocracking residual fractions such as solvent-dea- 
dueed only coke and small quantities of gas, while hydrocracking of the same gave sphalted oils and residua where the high nitrogen content would poison strong crack- 
low-molecular-weight cyclic praductt.s9 This difference in the product is caused by ing activities. 
the hydrogenation component of the catalyst w d  the excess of hydrogen usually pre- For hydrotreating to remove impurities, catalysts with weak acidity are used, since 
sent in hydrocracking. After hydrogenation, these aromatics, which produce coke in cracking is usually undesirable. Strong hydrogenation activity is needed, particularly 
catalytic cracking, are converted into readily cracked na~hthenes.~'  Di- and palycyclic with heavy feedstocks containing high-molecular-weight aromatics. In recent years 
aromatics joined by only one bond rather than two common carbon atoms are readily there has been a great deal of interest in "mild hydrocracking" as refiners try to 
cleaved by hydrogen and converted into single-ring aromatics. These enhance the anti- increase the extent of cracking in their existing hydrotreaters. Mild hydrocracking 
knock characteristics of the product gasoline. usually refers to hydrocracking operations with less than 40 percent conversion to 

! 
lighter products but more than the 20 percent that occurs in a simple hydrotreater. This 
increase in conversion is accomplished by increasing the ratio of the cracking function 

! to the hydrogenation function in the catalyst or catalyst system. 
Besides the chemical nature of the catalyst, which dictates the hydrogenation and 

i cracking capabilities, its physical structure is also very important, particularly with 

I 
heavy feedstocks. With gas oils and residuum feedstocks, the hydrocarbon feedstock 
is present as a liquid at reacting conditions so that the catalyst pores are filled with liq- 
uid. Both the hydrocarbon and the hydrogen reactants must diffuse through this liquid 
before reaction can tzke place at the interior surface within the catalyst particle. At 
high temperatures, reaction rates can be much higher than diffusion rates and eoncen- 

I 
tration gradients can develop within the catalyst particle. This reduces the overall 
reaction rate and can lead to costly inefficiencies and undesirable side reactions. 

The choice of catalyst porosity is, therefore, very important. A high internal sur- 
! ~ydro~recklw: face area gives high local reaction rates; but if, in achieving the high surface area, the 

catalyst pore size is reduced to a point which hinders reactant diffusion, then the over- 

I 
C~-C-L.-C-C~*H~ .--- C.-LC +Cm all performance will suffer. 

I Certain generalizations can be made about catalyst p~rosi ty . '~  For hydrocracking to 
LPG and gasoline, pore diffusion effects are usually absent. High surface areas (about 
300 m2/g) and low to moderate porosity (from 12-A pore diameter with crystalline 
acidic components to 50 A or more with amorphous materials) are used. With s a c -  
tions involving high-molecular-weight impurities, pare diffusion can exert a large 

FIGURE 11.1.1 Thechemical reactions in h y d d d p ~ o ~ ~ ~ ~ i i g .  
influence. Such processes need catalysts with pore diameters greater than 80 A. 

i 
I 

j 
! 
I 
! 
I 

1 
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Reaction Kinetics 

The section "Hydraprocerring Objectives." dealt with the difficulty of characterizing 
hydroprocessing feedstocksa They may contain similar compounds with different 
boiling paints or have similar boiling points for widely different compounds. Knowing 
the rate of the hydroprocessing reaction is vital in the design of a unit or in deciding 
how much feedstock can be processed in an existing unit. It determines the sire of the 
reactor required. The rate of reaction is obtained in a pilot plant experiment by mea- 
suring the extent of reaction at different residence times and the same temperature. 
The rate invariably increases with temperamre. Designing for high-temperature opera- 
tion and high reaction rates has to be moderated because undesirable side reactions 
(including those which deactivate the catalyst) also are faster at high temperature. 

Hydrolrealing Kinetics. Despite the complexity of hydrapracesses, reaction kinetics 
can often be expressed in simple terms. Figure 14.1.8 shows the apparent Erst-order 
nature of the hydrodenitrification reaction. The data were obtained when a heavy 
California eoker distillate was processed in the pilot plant over a weakly acidic cata- 
lyst containing both a Group VI and a Group VIII hydrogenation component. First- 
order behavior describes the data over a range of product nitrogen covering four 
orders of magnitude.82 

Residuum desulfurization and demetalatian kinetics are generally not first-order. 
Chevron Research pilot plant desulfurization and demetalation kinetic data" for 
Arabian Heavy atmospheric residuum are shown in Fig. 14.1.9. The curves drawn 
through the experimental data  are based on a second-order rate expression. 
Surprisingly, the desulfurization data fit the seeond-order expression down to product 
sulfur levels of 0.25 percent. The true mechanism is probably one of the multitude of 

but also in predicting the impact of demetalation on catalyst life. Most of the feed 
metals react at desulfurization conditions to form metal sulfides. If these reaction 
products deposit in the interstices of the catalytic bed, then serious bed pressure drop 
increases can occur. If the reaction occurs inside the catalyst pores, then the sulfide 
deposit will ultimately deactivate the catalyst. Pilot plant demetalation kinetic data for 
Arabian Heavy atmospheric residuum are also shown in Fig. 14.1.9. Nickel and vana- 
dium have been added together for lhis plot although there are subtle differences in 
their individual behavior. Again, second-order kinetics give the simplest expression 
capable of describing the data. Just as in the desulfurizatian reaction, this is probably 
an oversimplification of the final reaction mechanism. However, it is useful in most 
aspects of design. 

Demethlation of this type is influenced by diffusion of the reactants through the 
catalyst pores. To explore this phenomenon, experiments with different-sized catalysts 
were carried out. The results are shown in Fig. 14.1.10. Here desulfurization and 
demetalation rate constants (second-order) are plotted versus temperature for both X6- 
in-diameter cylindrical catalyst and the same catalyst crashed to 28 to 60 mesh. The 
desulfurization data show no significant particle size effect over the temperature range 
considered. The demetalation data, however, show a substantial pore diffusion limita- 
tion at all temperatures above 550°F. Both catalyst activity and activation energy 
(change of reaction rate with temperature) are higher for the crushed catalyst. 
Residuum demetalation is a process which usually operates in a diffusion-controlled 

14.16 
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D ~ ~ u ~ ~ r l z ~ I l o n  
Seoond-Order Rate ErprelelDn 

Graulty. 'APl 11.0 

l/LHSV 

1/LHSV FIGURE 14.1.9 Dcsulfurizrtion and demstalarion kincticr-atmosphrric residuum 
FIGURE 111.8 Hydrodenitriflsalion kinetics for r California cokrr gas hom Arabian Heavy crude." 

  he theory used to describe isothermal reactions in  porous catalytic media was ticle-size and small-pore-diameter catalyst is the most active. The fact that small-parti- 
developed by Thiele9' and extended by Wheeler,'oi Weisz,lo' and others (e.g., Refs. cle-size, high-internal-surface area catalysts are optimum is intuitively obvious for a 
50, 79). It shows that catalyst effectiveness is a function of the ratio af the intrinsic pore-diffusion-limited reaction. Sometimes, however, one is forced to choose a larger 

I rate of reaction to the rate of reactant diffusion. A Thiele madulus is used to represent particle size (because of pressure dmp considerations in a fixed-bed reactor or fluidiz- 
this ratio in dimensionless form. Many e ~ ~ e r i m e n t e r s ~ ~ . ~ '  have compared hydrotreat- ing velocity considerations in a fluidized-bed reactor). In any case, there is an opti- 
ing data with this theory. Chevron Research investigated the effect of catalyst pore mum internal surface area and pore diameter for each catalyst size. The amount of 
size and particle size on the hydr~dem~talatian of Bosean crude oil." The catalysts hydrogenation component in the initial catalyst is also important." As Spry and 

I used were all of the same composition and all had unimodal microporous pore size Sawyers6 have painted out, each crude oil will have a different optimum combination 
distributions. They were each tested at the same pressure level and the same desulfur- of catalyst size and porosity for maximum activity. 
ization severity level. The demetalvtion data fitted well with pore diffusion theory and It has been suggested4 that maximum activity occurs with a combination of narrow 
predictions outside of the database were possible. Figure 14.1.11 shows the predicted pares which create sufficient surface area, and wide pores (above 1W A) to make this 
activity versus pore diameter with particle size as a parameter. surface accessible. 0 t h ~ ~ ' ~  have shown that among all catalysts with the same surface 

This plot, which assumes a catalyst pare volume of 0.5 cm2/g, shawr that Ule opti- area and porosity, the highest activity is attained for catalysts with a uniform pore 
mum pore diameter for catalyst activity varies with the panicle diameter. A small-par- 

I 
I 

! 
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Weakly acidic catalysts have a high ratio of hydrogenation to cracking activity and 
can hydrocrack raw feedstocks which have not been previously hydrotreated. 
Amorphous catalysts or catalysts with minor amounts of zeolites are used. 

Figure 14.1.12 shows the effect of feed molecular weight on the reaction rates 
observed with strongly acidic hydrocracking catalysts. These data, which were 

o - 2840 Mesh obtained with an amorphous catalyst, illustrate general Vends involving feed character 
n - 1116-In. Extrudate and molecular weight. 

First-order reaction rates normalized to a constant temperature and pressure are 
shown for a variety of pure hydrocarbons. For this display, a Line is drawn connecting 
the points for normal paraffins (n-paraffins). Other points are displayed for isoparaf- 
fins (i-paraffins), naphthenes, aromatics, and polycyclicr. 

The pure compound rate constants were measured with 20 to 28 mesh catalyst par- 
ticles and reflect intrinsic rates (ie., rates free from diffusion effects). Estimated pore 
diffusion thresholds are shown for M-in and &in catalyst sizes. These curves show the 
approximate reaction rate constants above which pore diffusion effects may be 
observed for these two catalyst sizes. These thresholds were calculated using pore dif- 
fusion theory for first-order re+~tions?~ 

The pure compound cracking rates may be compared with typical reaction rates 
found commercially with wide-bailing petroleum fractions. Commercial naphtha 

ikX 103,iPR 
FIGURE 14.1.10 ~ ~ ~ ~ i f ~ " ~ a l i ~ ~  and demetaiation kinstics-~ffects of !emperamre and 
partlclc $ize on a!mosphcric rssiduum from Arabian heavy crud=.le 

0 
0 

1 0 0 7  
Estlmaled Commemial Pore - Dltru.lon Thnlholds - 

h m  D1ametsr.A 

FIGURE 14.1.11 ~ ~ t i ~ ~ t ~ d  ~ f f ec t  of catsiyrt s h e  and pore diametei on 
Boscan demetalation kintticn." n.Parqfllns 0 angle-Ring AmmaUo8 

a)ldroerncking ~ i ~ ~ t i ~ s .  Considerable work has also been carried out on hydro- 0 l-PanMnr A Polycycliss 
craeung reaction kinetics. 11 is generally accepted that the reaction is first-order with 0 Naphlhsnsl 
respect m the hydrocarbon reactant. It is appropriate to consider two types of hydroc- 
mcking catalysts: 100 200 

Feed Mole~ular Welght . ~h~ s~ongly acidic ~atalysts are designed to process fairly clean feeds-light naph- 
thas or heavier feedstacks that have already been severely h~drotreated. Zeolites n G m  14.1.12 compa"~an a i  laboratory and eomm~mial reaction rates for stmngty 
are often used. 
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hydrocracking data are consistent. Gas oil hydrocracking rates are lower and decrease stiments, therefore, cnn be removed selectively with minimum hydracracking of the 
with feedstock molecular weight. This is probably caused by the heavy aromatic mole- parent molecule. 
cules inhibiting the acid function of the catalyst. Despite this suppression of reaction Two calculated pore diffusion threshold curves are shown in Fig. 14.1.13. These 
ratcs, careful balancing of hydrogenation and cracking functions produces catalYsu are the dashed lines which show the rate constants above which pore diffusion con- 
which efficiently at economical processing conditions. Consistent with the dif- uols for bath Ha-in and %-in catalyst sizes. For gas oil hydrocracking, the observed 
fusion limit curves, particle size effects have not been observed commercially with reaction rate constants are not high enough to lead to problems: this is supported by 
these catalysts. commercial hydrocracking experience. The high denitrification rate constants suggest 

~i~~~ 14.1.13 the effect of molecular weight on hydroprocessing rate con- that pore diffusion problems could occur with active catalysts at high temperatures. 
observed with typical catalysts of lower acidity and higher hydrogenation activ- The estimated diffusion limits for residuum processing with &in catalysts 

ity. ~h~ hydrocracking of residuum is nearly 10 times more difficult than gas oil that demetalation is influenced markedly and desulfurization to a lesser extent. 
hydrocracking.  his is because of the large asphaltenic molecules present in the resid- 
ua. ~h~ residuum eonversion rate constants shown in Figure 14.1.13 represent data for Spent Cotnlysl Analysis. Careful analysis of spent residuum hydrodemetalation cat- 
straight.run residua containing a wide range of molecular sizes. Other kinetic enperi- alysts have helped quantify the role of diffusion in the reaction. Examples of the depo- 
ments have showns2 that, if the heavy asphaltenic molecules are processed by them- sition profiles for nickel, vanadium, and iron at both the inlet and outlet of the catalyst 
selves, much lower reaction rates are observed. Solvent deasphalted ails are come- bedP%are shown in Fig. 14.1.14. This catalyst was used to hydrotreat Arabian Heavy 
spondingly easier to process than straight-run residua. The reaction rate constants for residuum. A number of important features are apparent in the spent catalyst results. 
deni~f icat ion of gas oils, and desulfurization and demetalation of residua. are sub- Iron is found primarily outside the catalyst particle as a thin scde. This is generally 
stantially higher than the hydrocracking rate constants. These nonhydrocarbon Con- 

Reslduurn Estimated Cornmerclal Pon 
Processing Dllluslon Thresholds: 

--- I l l 6  Psrllcler 
I 1 6  Particles 

- denltrlflcatlon 

Reactor Inlet 

React~r outlet 

~ e e d  Molecular Weight 
FIGURE 14.1.14 Typical depositional palterns for nickel, vanadium, and iron in residuum 

"CURE 14.1.13 me ~fr.a fed moie~ular wcighc on hydroconveraion rate-mod*rat=ly and hydmprocsrsing catatyrt." IAcabian Heavy almosph~ric residuum. reaction temperature = 700'F 
wddy acidic cataiyst~.'~ (37I0C), hydmgen panial pressure = 1825 ib1i~'abr. ha-in sxtrudate catalyst] 
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the case. Nickel generally seems to penetrate the catalyst to a greater extent than vana- CaI~~Iated 
dium. These differences in depositional patterns are a result of differences in the reac- - Egulllbrlvm Control 
tivitier andlor diffusivities of the orgvnometallic molecules. Both nickel and vanadium ---- Klnatlc Conlrd 
display a maximum concentration inside the edge of the particle, but the point of max- Observed 
imum concentration approaches the edge of the catalyst near the outlet of the reactor. 

The fact that maximum concentrations are fonnd inside the edge of the particle is 
difficult to explain. It may be due to hydrogen sulfide (H,S) being a reactant or it may 
be due to specific reaction intermediates being formed. It complicates data analysis, 
since pore diffusion theary ~aupled with a simple reaction mechanism does not predict 
an internal maximum. Despite this, it is interesting to compare the change in the maxi- 
mum deposit concentrations from reactor inlet to reactor outlet with the change in 
concentration of metals in the oil. During the test in which the pmfiles shown in Pig. 
14.1.14 were generated, the average vanadium removal was 58 percent and the aver- 
age nickel removal was 42 percent. The maximum deposit concentrations of both met- 
als decreased by approximately 80 percent from reactor inlet to outlet, clearly showing 
that dentetalation i s  not a simple first-order reaction. The change in the maximum 
deposit considerations is close to what one would predict using seeood-order kinetics, 
assuming that the concentrations of metals in the feed and product oil apply to the 
maxima at the respective ends of the reactor. This result is consistent with the kinetic 
measurements shown in Fig. 14.1.9. 

Hydrogenation-Dehydrogenation Equilibrium 

The saturation of aromatic compounds is important in both hydraheating and hydro- 
cracking. This reaction is reversible and the equilibrium between the forward and 
reverse reaction can hinder the extent of saturation at normal commercial conditions. 
Gully and Ballard3~summarized the early knowledge on aromatics hydrogenation 
equilibria. The hydrogenation reaction is favored by high hydrogen partial pressures Tempcratum. 'C 

and low operating temperatures. The higher-molecular-weight aromatic compounds FIGURE 14.1.15 Obrmmed and calcula~d per. 
need a higher hydrogen partial pressure to achieve the same extent of reaction at the cent aromatics hydrogenation at variour opendog 
same temperature as the lower-molecular-weight molecules. conditions (Arabian light gas oil).LM 

In some hydroprocesses, the heaviest naphthenic molecules are dehydrogenated 
while the lower-boiling ones are undergoing desulfurization. This occurs at end-of-run 
(EOR) temperatures in low-pressure VGO hydrotreaters. It was also the basis for the Reaction Selectivity 
Autofining process, developed by British Petroleum, for desulfurization of light oils 
using no outside source of hydrogen." Hengstebeck3' has proposed a hydrogenation- The modem refiner is very interested in controlling selectivity in hydroprocessing. 
dehydrogenation index for correlating experimental data. Yui and SanfordLo5tudied The refiner needs to encourage one chemical reaction while discouraging a numbcr of 
the kinetics of aromatics hydrogenation in order to improve the cetane number of an others. The products must meet certain specifications, without them 
LGO feed so that clean-burning diesel fuel could be produced. They measured the per- Consuming valuable hydrogen that could be used elsewhere in the refinery. seleetivify 
cent aromatics hydrogenation at different temperatures, pressures, and residence times is influenced by variations in catalyst properties and by variations in operating candi. 
[liquid hourly space velocity (LHSV)]. Data obtained with Arabian Light LGO are 
shown in Fig. 14.1.15 which is taken from their paper. The results were compared 
with a kinetic madel for aromatics hydrogenation based on a simple first-order RefS~uff l  Pmcessing. Whenever a hydroprocessing unit operates with some of the 
reversible reaction. Agreement with the model was excellent. This particular reaction reactants limited by the rate of diffusion to the active site, there are always opporN,,i- 
is limited by equilibrium at temperatures above about 360'C when operating pressures ties to influence reaction selectivity by modifying the pore size of the catalyst, 

of 5 to 10 MPa are used. Hensley and Q ~ i c k ' ~  have pointed out that small pore catalysts can be used for selec. 
For this reason the hydmgen consumption will parallel the extent of saturation. The tive desulfurization of low-metal feeds with moderate demetllation whereas large pore 

amount of hydrogen consumed will, therefore, first increase then decrease as operat- catalysts can be used to remove metals and asphaltenes with minimum sulfur removal 
ing temperatures are increased. The mast important design parameter in such a unit is and hydrogen consumption. Other researchers4' haw correlated se~ectiviry with a dis. 
the hydrogen partial pressure. It should be high enough to allow the achievement of tribution factor obtained from measuring nickciand vanadium deposition profiles 
the target cetane number, but not so high as to consume more hydrogen than is within spent catalyst particles. This factor is similar to the effectiveness factor ,,f pore 
absolutely needed. diffusion theory. 



HYDROGENPROCESSING HYDROGEN PROCESSING 14.27 

Catalyst operating temperature can influence reaction-selectivity also. The activa- Distillate Processing. Catalyst properties also influence in distillate 
tion energy far hydrotreating reactions is much lower than that for the hydrocracking hydrocracking. They can affect the product yield structure and the product qualities. 

reaction. Raising the temperature in a residuum hydratreater increases, therefore, the Sullivan and Meyergoshowed the results of a comparison of seven different catalysts 
extent of hydrocracking relative to hydrotreating. This, of course, also increases the described in Table 14.1.5 (with different relative strengths of acidity ta hydrogens- 
hydrogen consumption, Figure 14.1.16 illustrates the different operating strategies tion). Since they all can be classified as strongly acidic, they were rested on California 
which have been used when Arabian Light vacuum residuum is hydroprocessed." The heavy gas ails which had already been hydrotreated The tests were carried out by 
region below about 40 percent conversion represents normal residuum hydrotreating recycling the heavy product back to [he feed so that it was completely convened to jet 
which produces LSFO or goad-quality FCC feed. fuel and lighter products. 

T ~ C  relative hydrogen consumption is compared with the hydrocracking conver- The work focused on the octane number of the light product naphtha. A high 
 ion. These two reactions have different activation energies: i.e., the rates respond to octane number in the light naphtha is particularly desirable because it is more difficult 
temperature differently. Curves are shown depicting how the hydrogen consumption to upgrade this low-boiling fraction than the higher-boiling naphthas. 

varies from start to end of a variety of runs carried out at constant but different prod- Figure 14.1.17 shows the measured jet fuel yields plotted versus the iso to normal 
uct sulfur levels. Lines of constant temperature are drawn to show the approximate ratio measured in the light naphtha product. This ratio conelates well with P I  dear 

temperature levels required to achieve at least 6 months' catalyst life at different prod- octane numbers for light naphthas. In general, the catalysts which produce the highest 
sulfur levels (from 1.8 to 0.3 ~ercent).  One can see that the hydrocracking conver- light naphtha octane number produce the lowest jet fuel yields. Catalyst E, based on a 

$ion increases rubstantially during the run. The hydrogen consumption increase is less clystalline faujasite material, gave somewhat lower jet fuel yields than the amorphous 

noticeable, ~howing that the catalyst selectively loses its hydrogenation capability dur- catalysts. The authors were able to influence this selectiviry by adding nitrogen and 

ing the run. This operating snategy of maintaining constant ~ r o d u c t  quality tends to sulfur compounds to the feed. The resulting preferential poisoning of either the acid or 
minimize hydrogen consumption. the hydrogenation sites showed that the liquid yields and the light naphtha octanes are 

 noth her operating strategy which is becoming papular in commercial units" is to related to the ratio of the relative strengths of these sites. 
maximize conversion throughout a run cycle. This is represented by a vertical line on 
Fig. 14.1.16. The start-of-run (SOR) low-temperature condition achieves a very law 
sulfur product and requires a high hydrogen consumption. As the catalyst fouls, the TABLE 14.1.5 Experimental Hydrocracking Caralyst~Y" 
system moves downward on the chaa. The hydrogen consumption drops and the prod- 
uct quality deteriorates. Selectivity differences between SOR and EOR have always Catalyst Hydrogenation Metal 
been in residuum hydroproeessing. As refiners strive to maximize hydroc- identification component content, wf % Suppart material 
racking in hydrotreating, these differences will be even more striking. A Pd 0.5 Activated clay (low acidity1 

B Pd 1.0 Amorphous silica-aluminn 
C Pd 0.2 Amorphous ailics-alumina 

Resldvvm R ~ l d u r n  D Pd 0.5 Activated clay (moderne acidity) 
Dc8~lIud.aUon 0.5 Prujasite 
C__ 0.5 Amorphous silica-alumina (activated) 

10.0 Amorphous silicn-alumina 

rn 80 100 
50 I I I 

~ydmcracklng Conremion 0 I 
5 

yo1 l 8 ~ 1 ~  1050-F 10 15 20 
Imhe~an~./n-Hsxan~ 

FIGURE 14.1.16 A reprsrcntatian of hydrogen uragc in rrriduum Pro- 
cas~ing.n ( ~ ~ ~ b i ~ ~  ~ i ~ h t ,  1050°F+ feed, catalyst life greater than sir FlGURE 14.1.17 Relationship belwEen 280-550eF (138-288*C) product and 
months.) is~hexanssln-hexme at 580 to 6159 (3W324nCthydmcraebmg of California gas a11.'0 
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With mildly acidic hydracracking catalysts and raw feedstocks, catalyst properties 

can also influence selectivity for different product yield structures. Sta~geland" '~~ has I B: AT. = l T r T ~ i N o l u m ~  OI a* 
proposed a kinetic model far the prediction of hydrocracker yields. The model repre- In l8tBed 

~- ~~ ~~ r~~~~~~~ - ~~- . .~~ -~ ~~~ 

higher production of middle distillates with 1ess"naphtha." An easier way to change 
the ratio of middle distillate to gasoline in a hydrocracker is to change the operation of 
the product distillation unit. This will be covered in "Process Capabilities" below. 

Catolyst Stability ondLife. To quote 1. B. Butt:li 0.5 

mlhe discussion so frr has ignored the omnipresent fact of catalyst martrliiy. common I I 

~~ ..- ~~ ~ ~~~ 

iest aromatic compounds in the feed and the coking reaction is favored by high operat- 
in4  temperatures and low pressures. Plants are designed to run at sufficiently high 
pressure levels so that the coke precursors can be hydrogenated to control the fouling. 
Long run cycles can then be achieved. With heavy residuum feedstocks, deactivation 1 . 0 ~  n 

0.8 
monitoring early operation of the Nippon Mining Company Gulf-designed residuum 
hydrodesulfurization (HDS) unit, they observed a poisoning wave moving down 
through the reactor as shown in Fig. 14.1.18. The wave steadily caused the top bed 
heat release to drop off so that the lower beds had to operate at higher temperatures to 
compensate. 

There have been many studies of this poisoning phenomenon. Chevrong3 analyzed 
111 samples of catalyst at both different bed positions and lengths of time on-sneam (see 
I l l  
1 j Fig. 14.1.20) in a pilot plant run. Figure 14.1.19 shows how the peak concentrations of 5 
1 ,  vanadium varied with time at three different positions. g 0.2 - 

A simple calculation of monolayer coverage of vanadium sulfide suggests that at 3 

.,.+- ~~ ~~ .~ ~~~~ ~ ~ ~~~ 

in depth. For a catalyst with a pare diameter in the range ok 100 to 200 A, typical of 0 0.1 0.4 0.6 0.8 1.0 

many residuum hydroprocessing ~atalysts,'~." such a deposit would reduce the diame- FI~CIIOII~I Run ~ e n ~ t h  

ter of the pores significantly. FIGURE 141.19 Mmrimum vanadium dsporir rnnrsntratinn .i . i.,n.r;nn "f m.irinl 
The physical obstruction of the pore structure decreases the effective diffusivity for t i m P  

, 
fresh, it might well be expected to become diffusian-limited when the catalyst is heav- 
ily laden with metals. In this case, temperature would have to be raised at an ever- 
increasing rate to maintain conversion. Such a situation is typical of the later stages of 
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3.0- 
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OUtl.1 

FIGURE 14.1.20 Typical deactivation curve for residuum hydroprocessing ~rialyst.~" I 
(hnbian ~eavy atmorphcric residuum desulfurization, product ~vlfui = 1 wt 8, 1.6-mm. 0 0.5 1.0 
~rabian exvudars catalyst.) Normalized Reactor Porition,P 

FIGURE Y.111 Catalyst activity at end ofrun as a function of reactor poiitianP 
a hydroprocessing run as illustrated in Fig. 14.1.20. The effect of this pore mouth (Arabian Light atmospheric ~eriduum desulfurization.) 
plugging on catalyst activity was measured quantitatively in another experiment. A 
catalyst bed which had reached a typical EOR condition was divided into six sections, 
a9d the second-order desulfurization rate constant was measured independently for 
each section. cessing conditions. Their deactivation curves are compared in Fig. 14.1.22. The onset 

A dramatic activity profile was found (see Fig. 14.1.21). The top one-third of the of pore plugging at the top of the catalyst bed occurred at essentially the same time in 
bed was virtually dead, having little more than one-third the activiv of the average these two tests because the porous properties of the catalysts were the same and the 
bed and less than one-sixth the activity of the bottom of the bed. The bottom one-third processing conditions were the same (with the exception of the subsequent tempera- 
of the bed, while significantly deactivated relative to the fresh catalyst, was relatively ture program). However, the speed with which the pore plugging wave moved through 
unaffected by pare plugging and still hadsufficient activity to be useful. the bed is very different. Because a larger fraction of the catalyst volume is accessible 

This experiment confirms the commercial observation described earlier." Pore to the depositing metals with the small-size catalyst, more metal is accommodated at 
plugging occun as a wave which, after an induction time, moves from the inlet of the the top of the bed, and the metal concentration profile dawn the catalyst bed is rteep- 
reactor toward the outlet. ened. At the decreased concentrations of metal contaminants to which the lower part 

of the bed is exposed, mare time is required for the maximum deposit to reach its lim- 
Foctors AffPeting Pore Mouth Plugging. The onset of the pore plugging wave and iting value, and the rate of travel of the pore plugging wave is thereby slowed. 
the rapidity with which it moves through the bed are dependent on the details of the Catalyst particle sizes in residuum hydrotreating service have been reduced in 
catalyst pore strucmre and the disvibution of metals along the length of the catalyst some designs in order to maximize life. The pilot plant tests show how imponant it is 
bed. The pore structure directly determines the maximum local deposit buildup which to shldy this deactivation phenomenon over the complete mn cycle. Had the tests been 
can be tolerated before pore diffusion is adversely affected. The maximum concentra- terminated after just 20 percent of the time, the relative ranking of the catalysts would 
tion of deposit within a catalyst particle at a given time depends an process and cata- have been reversed. 
lyst variables. The mare uniform the intraparticle distribution, the lower the maximum 
concentration will be after a given time, and the later the onset of pore plugging will Foetors Aflecfing Inizinl Cafolysf Daae(ivonbn. The c a r a l p  deactivation which 
occur. The rate of advance of the pore plugging wave, on the other hand, is related to occurs before the onset of pore mouth plugging is more difficult to characterize, and 
the uniformity of the interparticle distribution along the length of the reactor. The there is controversy regarding whether it is due primarily to coke or metals deposition. 
more uniform this distribution, the more rapidly the wave will transverse the reactor. In the early stages of a hydroprocessing run, a fraction of the catalyst's surface 
This simple principle is illustrated by the following example. area is converted from its original state to a surface composed of mixed nickel and 

Two catalysts having identical properties, except for their particle size, were used vanadium sulfides. While these sulfides have catalytic activity for hydrogenolysis, 
to desulfurize Iranian Heavy atmospheric residuum to an equal extent at identical pro- they are considerably less active than the fresh catalysts used in these studies. Under 
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Multicatslyst Systems 

As our understanding of the hydrotreating and hydrocracking reactions has improved, 

1/16' C e t ~ y ~ t  the advantages of using multicatalyst systems have been recognized. They are panicu- 

0 1/30'' Cal.lys1 larly effective in the processing of heavier feeds where impurity removal can be 
accomplished in a guard bed which protects the major catalyst. They are also used in 
the hydrotreatment of pyrolysis naphtha where one stage is designed to saturate 

be mast active for sulfur, Ramsbottom carbon, and molecular weight reduction. 
In hydrocracking, the inhibiting effect of heavy aromatics on the cracking reactions 

also creates a need for a two-catalyst system. The first catalyst is sometimes jmt a 
hydrotreating catalyst and sometimes a moderately acidic hydrocracking catalyst. The 
catalyst saturates aromatics, removes sulfur and nitrogen contaminants, and, if a 
hydrocracking catalyst is used, causes some craclcing to lighter products. The second 
catalyst is designed to work on clean feeds. Sometimes, if motor gasoline is the major 
pmduct, a highly acidic catalyst is used. If middle distillate is the required product, 

Reduceanme then it is better to use a moderately acidic catalyst in the recand stage. Examples of 

FIGUm 14.1.22 The eifect of cata1y.t pnrriclE size on catalyrt dcrcrivation?VIranian Hsavy 
product yields achieved with such systems will he given in "Process Capabilities." 

atmo~phetic residuum, product sulfur = 0.5 wi %.I 

Commercial Catalysts 
these conditions, the catalyst temperature must be raised to hold conversion constant. 
This form of pamdal ru$ace poisoning may be the major cause of deactivation in the The successful application of hydroprocessing to heavy ail upgrading has been 
early part of a run. As illustrated in Fig. 14.1.20, tho period of initial catalyst deactiva- achieved because of emphasis on catalyst development. The Oil and Gas Journal 
ti& is characterized by a high, but declining, deactivation rate which asymptotically October 11, 1993, issue lists the catalysts available to the petroleum industry. Table 
approaches a constant value a quarter of the way through the run. Such behavior is a 14.1.6 summarizes the number of hydroprocessing catalysts on this list and comments 
reasonable consequence of the proposed partial surface poisoning mechanism if multi- on their general characteristics. 
layers of the contaminant deposit have the same catalytic activity as the initial mono- The chemical composition and physical properties of catalysts are, in general, pro- 

prietary. Various a u t h ~ r s ' ~ . ~ " ~ ~ ~  have summarized important aspects of the develop- 
A high level of coke forms rapidly in an outer annulus of the catalyst. However, it ment of such catalysts. In the case of residuum hydrotreating catalysts, early work 

declines slowly as feed rneials deposit and is offset by the increase of cokein theinte- centered an the type of alumina used to support the Group VIB and Group VUI metal 
tior of the catalyst. Since the initial depositional pattern of coke parallels that of the hydrogenation component? As more pilot plant and commercial data have shown the 
metals, both probably being due to the presence of high-molecular-weight species, it is subtleties of catalyst deactivation, the role that diffusion in the pores plays has become 
difficult to unequivocally assign responsibility for the initial deactivation to either better defined. Smaller particles sizes and unique particle shapes7' have been devel- 
contaminant. However, several arguments favor organomelallics as the primary deac- oped. Because of the high concentrations of metal poisons in such feedstocks, catalyst 
tivant when the metal content of the feed exceeds about 10 ppm. The length of the ini- consumption is high relative to what can be achieved in distillate processing. Effons 
tial deactivation period appears to be related to the concentration of organometdics in have therefore emphasized low-cost catalysts. Recent work has focused on rcjuvenat- 
the feed, but not to the concentration of coke precursors (as measured by Cornadson ing or regenerating spent residuum hydroprocessing cataly~ts.~'  
carbon content) in the feed. The period of accelerated coke lilydown is short relative to Pore diffusion considerations have also been important in the development of 
the entire initial deactivation period, and the deposited cake undergoes complex hydracracking catalysts. The driving farce for this approach has been quite different 
changes throughout this time. On the other hand, the metal deposits build up monoton- from that in residuum processing. Instead of tailoring catalysts to handle the largest 
ieally, and the time required to achieve monolayer coverage throughout the reactor is malecl~les contained in crude oil, the objective has been to find the optimum way to 
comparable in length to the initial deactivation period. There have been a number of use the small-pore-size crystalline siliea-alumina zeolitic materials first reported in the 
both experimental and theoretical studies aimed at developing mathematical models to late 1950s. Zeolitic hydracracking catalysts usually contain noble metal hydrogenation 
describe catalyst deactivation in residuum hydroproce~sing.'~,~' Commercially the components. They are active in the presence of hydrogen sulfide and, because of the 
problem is very significant, since large quantities of catalysts are consumed in this large number of active sites, maintain their activity in the presence of ammonia.54 
service. Increasing catalyst life by 20 percent saves the refiner about 10 to 20 cent\ They usually make a lighter product than the amorphous catalysts and, because of 
per barrel of feedstock processed. their small pare size, have difficulty in converting heavy polycyclic aromatics. 
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TABLE 14.1.8 Estimated Phase 
Holdups in Trickle-Bed Reactors* 

Cold-RecycleQuench Gas ~raction of reactor space 

Catalyst skeleton 0.24 
Liquid phase 0.49 
Gas phase 0.27 

lAsruming srfrudats salalyrt with ABD = 
0.79 gkmi and pore volume = 0.53 em'ig, wherc 
ABD = spparcnr bulk density in gmkm'of icac- 
torvol~rne. 

plus a fraction of the interstitial volume which, in Table 14.1.8, we have assumed to 
be 0.2 x 0.35 or 0.07 of the reactor volume. The gas phase flows through the remain- 
ing volume. Hydrogen diffuses from this phase into the liquid phase and through it to 

ReacIorEfn~ent reach the catalyst internal surface where the reaction takes place. 
With these estimates of liquid and gas holdups, the linear velocities of the two flu- 

FIGURE 14.1.23 Schematic diagram af trickle-bed reactorsi ids and typical reactor pressure drops per foot are as follows: 

Pilotplant Commercial 

Liquid rate, cmimin 0.5 40 
shown in Fig. 14.1.23. In the Shell hydroprocessing reactors," a liquid collector and Gas rare, cmlmin 8 640 
distributor tray is located at the top. Each bed is followed by a liquid-collecting Pressvre drop, lbiin2 per foot 0.000002 0.5 
quenching hay and a liquid distribution tray. In this way liquid distribution is restored 
after each bed. 

It is important bath in commercial units and in pilot plants to see that all the cata- Because we are trying to achieve the same reaction rate in reactors differing in length 

lyst particles are wetted by the hydrocarbon phase. Also, all the hydrocarbon must be by a factor of 80, the linear velocities differ by this same factor. Since pressure drop 

in idtimate contact with the hydrogen-rich gas phase in order to keep a uniform con- AP through packed beds is a strong function of linear velocity, the A P  between the 

centration of dissolved hydrogen in the hydrocarbon phase. Satterfield" has presented two reactors is extremely large. The pressure drop in the small-scale experiment can- 

a preliminary correlation relating contacting effectiveness with the liquid flow rate per not be measured accurately, since i t  is dwarfed by reactor end effects. Therefore, 

unit cross-sectional area. He recommends a rate of 5 kglm" s to ensure 100 percent small-scale experiments cannot show whether the reactor pressure drop is increasing 

contacting. Hofmann40 summarizes other work devoted to contacting effectiveness. during a cycle as accasionvlly happens in commercial units. 

Van Klinken and Van Dongen" suggested an inexpensive way to improve catalyst As was indicated earlier, it is easier to achieve good contacting at higher linear 

wetting in pilot plants. They dilute the catalyst bed by filling part of the interstitial velocities. Commercial operatian is likely to give better results than the pilot plant. If 

volume with small inert particles. In commercial operation, loading catalyst by a this is not recognized, a refiner may invest more capital in a project than is really 

dense bed loading technique8%1so helps to ensure uniform contacting and is very pop- needed. Besides the contacting effect, the amount of liquid held up in the interstices of 

ular with distillate feeds. Dense loading is less popular with residuum feedstocks the bed can be a function of linear velocity. Reaction rates will then be a function of 

because such feeds are more likely to contain solid contaminants. the scale of the experiment. In two-phase flow within fired beds, different flow 

Besides the problem of achieving good contacting on a small scale, successful regimes csn exist, depending on the relative rates of gas and liquid, catalyst charactw- 

scaleup of trickle beds from pilot plant to commercial scale requires extreme care. istics, and the scale of the In some of these regimes pressure drop puls- 

Consider, for example, the hydrodynamics of a 1-ft-long pilot plant reactor compared ing can occur, increasing the mean pressure drop substantially." Hydrodynamic stud- 

to those of an 80-ft-long commercial reactor. Imagine bath operating at a liquid hourly ies using liquids like kerosene, desulfurized gas oils, and raw gas oils have also 

space velocity of 0.5, an inlet gas rate of 5000 SCFB of feed, and a total pressure of experienced foaming. 

2000 Iblin2 gage. For these two systems to show the same extent of reaction, the liquid These have taught process developers to extrapolate the results 

residence times in each reactor must be the same. The residence times of both fluid obtained in small-sized pilot ~ l a n t s  with great care. Semicommercial plants are usually 

phases will, to a first approximation, be proportional to the fraction of the particular required to complete the successful scaleup of novel processes. 

fluid held up in the reactors. Table 14.1.8 shows typical values for a trickle bed. 
The catalyst particles occupy about 0.65 fraction of the reactor volume. The Moving-Bed Reactors. Every refinery in the world operates at least one fined-bed 

remaining 0.35 of the volume is in the interstices between the particles. The particles hydroprocessing reactor. They are simple and reliable and quite adequate for handling 

are porous so that the space they occupy can be divided into the volume occupied by all the distillate feedstocks which need hydrogen addition. 

the catalyst skeleton and the volume of the internal pores. When oil and hydrogen Since the introduction of residuum hydroproeessing, however, limitations in the 

flow uniformly through a reactor, the oil occupies all the volume in the catalyst pores application of fixed beds have been recognized. Very high nickel plus vanadium levels 
in feedstocks require more frequent catalyst changeouts, thereby reducing fixed-bed 
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operating factors. Undissolved particulate matter often is present in residuum feed- 

i 
stocks, and this can increase fined-bed piessure drops and sometimes reduce plant 
operating factors. 

1 Since heavy, high-metal crude oils generally cost less than light crudes, refiners 

1 
need this flexibility for handling tougher residua. Chevron has developed a moving- 
bed reactor to capture a large fraction of residuum feedstock contaminants so that a 
downstream residuum hydrotreater can achieve long run cycles. Chevron's on-sueam 
catalyst replacement (OCR) process contains a selective hydrodemetalation catalyst 
which moves intermitlently through a high-pressure vessel. Spent catalyst is with- 
drawn and fresh catalyst is added weekly. The combination of OCR plus fired-bed c Expanded Calalysl Bed 

i residuum hydratreating gives the refiner the flexibility to vary crude oil purchases in 

1 order to maximize refining margin. 
Chevron's OCR process was commercialized in Japan in 1992.66 A diagram of a - DI~lrlbUlor Plate 

I 
Chevron OCR syrtemis shown in Fig. 14.1.24. 

1 Ebullafing-Bed Reactors. Another approach toward the problems associated with 

I C ~ l ~ l y s l  WllhdrawaI 
handling heavy residua in a fined bed has been the use of ebullating-bed reactors. Two 

1 similar residuum hydracracking processes using ebullating beds have been commer- FIGURE 14.1.15 Ebuliated-bed rcrct0r.l' 

.I 
cialized. They are the H-Oil process" and the LC Fining process." A schematic dia- 

I gram of an ebullated-bed reactor is shown in Fig. 14.1.25. In such reactors, both the 
oil and hydrogen flow upward and the catalyst is suspended in the liquid in the form TABLE 14.1.9 cornpanson of ~bullated- and ~ i x e d - ~ e d  ~evctors for HydroprocessingU 

of an expanded bed. The characteristics of such a system is compared with those of a 
fixed-bed reactor in Table 14.1.9, which is based on the work of Kubo et 

The hydrodynamics which control the design and operation of ebullating-bed reac- Continuous catalyst Yes Yes 

I tors are quite different from those in trickle beds. Since the catalyst particles are sus- replacement 
pended by the liquid phase and the gas phase exists as discrete bubbles rising through R e a ~ f ~ r  size Set by catalyst makeuprate Set by rcactioniunetics I conversion level per reactar Limited by back-miring Set by reaction kinetics 

Catalyst temperature Constant Vanes with time 

I T~mperaturedisfribuIion Uniform Quench gas needed 
Product yields, qualities Set by catalystmaLeuprate Varies with time 

I Pressure drop Constant Can increase with time 
Feedstock mating None Desalting. Rllenng ! ~uxitiary unit design basis Nomal operation End-of-run operation 
Operability Complex: fluidization. cab- Simple 

lyrt addition,catalyrt 
entrainment 

i 
1 
i the liquid, particle dynamics predominate. To consider how this affects the scaleup of 

I such units, it is insuuctive to consider the liquid velocity required to fluidize a catalyst 

i By using Richardson and Z W s  correlation,'* fluidizing velocities are estimated as 
a function of average catalyst particle size from 0.01 to 2 mm in diameter. We have 
chosen typical residuum hydrocracking reactor conditions and have assumed that the 
bed is expanded to give a catalyst particle holdup of 0.4. The results are shown in 

1 Table 14.1.10. 
Besides showing fluidizing velocities, we have estimated the reactor height needed 1 to give the liquid a I-h residence time (liquid holdup assumed to be 0.5). The results 

! illusuate two points: 

1. Unlike the trickle-bed system in which residence times can be closely matched in 
different-sized reactors (by varying both the reactor height and the fluid velocities 

FIGURE 14.1.24 Chevron OCRreactor sys t~m.~  at the same time), the ebullating-bed local liquid rates must be maintained in all 

1 
1 

I 

i 
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TABLE 14.1.10 The Effect of Catalyst Particle Size on Fluidization Scaling up this technology will be difficult. Predicting the holdup of each phase in 
in Heavy Oil Hydrapmcessing* the reactor and separating the catalyst from the product are two areas requiring partic- 

ular attention. Regarding the first point, Dautzenberg" has suggested that the hydro- 
Catalyst particle Fluidizing Reactor height for dynamic studies that have been carried out on two-phase (gas-liquid) systems give 

diameter, em velocity, cm I-h residencetime, ft some insight into the flow regimes that can be encountered in the mare complicated 
three-phase systems. 

Flow Schemes 
-sared on rphcrical catalysts. particle density (dry) 1.19 gicm3. oil density 

0.79, oil viscosity 2.0 CSI: ~lchardron and zrki ~onclation~~: sacaiys~ parrick Hydrocrockirrg. The versatility of the hydrocracking process has been achieved by 
(wet) holdupO.4. developing specific families of catalysts and piocessing schemes which allow these 

catalysts to function efficiently. Also, optimum refining relationships between hydroc- 
racliing and other refining processes like catalytic reforming and fluid catalytic crack- 

reactor sizes if the same size catalyst is to be used in all. From a kinetic standpoint, ing are practiced. 
the same size catalysts should always be used in the scaleup process. The choice of processing schemes for a given hydrocracking application depends 

on the quality and quantity of feedstock to be processed and the desired product yield 
structure and quality. Figure 14.1.26 shows a Chevron two-stage Isocracking process 
flow arrangement. It converts straight-run heavy gas oils into high yields of diesel 
fuel, jet fuel, or naphtha. 

The commercial units operate with G i n  entrudate catalysts and have solved the prob- In the first stage the feed is hydroprocessed to saturate heavy aromatics and 
lem of insufficient residence time in a normal-shaped reactor by recycling liquid remove basic impurities like nitrogen. The second stage hydrocracks this product to 
through the reactor with an ebullating pump located either within the reactor or out- extinction recycle. The recycle cut point (RCP) is selected to maximize the yield of a 
side it. This recycling causes complete back-mining of products with reactants which desired product. Distillation facilities may be placed either between the stages or after 
lowers the reactor efficiency to that of a completely stirred ta&. the second stage. The intermediate distillation option shown in Kg.  14.1.26 reduces 

Back-mixing is also promoted by the flow of the gas phase through the system. In the size of the second stage. The tail end option allows more thorough hydrogenation 
the case of very small catalyst particles, the flow of gas bubbles upward through the of the light products. 
enppnded bed disturbs the upper surface of the fluidized bed and causes entrainment The most costly part of each stage is the equipment in the high-pressure reactor 
of catalyst into the product stream; Krin catalyst can give a stable ebullated bed with a loop. In this section, the feedstock is pumped to high pressure, mixed with recycle 
well-defined upper level. hydrogen, and heated in a shell and tube feedleffluent exchanger. The mixture is then 

The inefficiency of back-miring is most pronounced when high conversion levels passed through a charge furnace and heated to reacting temperature. 
are desired. High conversions can be achieved only if two or more ebullating-bed The reactor contains many beds of catalyst with quench and redistribution devices 
reactors are used in series. Catalyst makeup strategies from one reactor to the next between them. The reactor effluent ir cooled first in the feed effluent exchanger, then 
have been developed to funher improve system economics. On the whole, though, flu- further cooled by exchange with other streams like the product fractionator feed. 
idired systems are not likely to give any marked improvement in catalyst efficiency Finally, an air cooler then brings it to a low enough temperature that the hydrogen 

flashed off in the high-pressure separator can be recompressed and recycled back to 
the feed. Makeup hydrogen is added to the loop to maintain system pressure. Water is 
injected into the effluent before the final air cooler in order to prevent ammonium 
bisulfide from depositing in the colder section of the cooler. The hydrogen-rich stream 
from the high-pressure separator is recycled back to the reactor after being scrubbed 

Slurry Pkose Technology. A variety of heavy feedstock hydroconversion processes for H,S removal if the feedstock contains a high sulfur level. 
based on slurry phase operation have been reported." These include the M-Coke The hydrocarbon stream from the high-pressure separator is depressured and sent 
p r o ~ e s s , ~  the Aurabon process,' and the CANMET process." These processes are to the fractionation section after passing through a low-pressure separator in which the 
designed to take advantage of the intrinsic activity of even smaller catalyst particles hydrogen dissolved in oil is flashed overhead and sent to be recovered. The reactor 
(0.002 mm) than those used in ebullating beds. Refening to the fluidizing velocities of loop in the second stage is similar in principle, although less expensive consvuctian 
Table 14.1.10, the liquid flow rates are considerably higher than those required for materials can be used because of much lower H,S levels present in the streams. 
fluidization. This results in very low catalyst holdups (about 1 percent) in the reactor. The bottoms product from the high-pressure separator is recycled back to feed the 
Despite this law holdup, the number of particles per unit volume is 10 million times second stage. The boiling range of this recycle oil varies, depending on what products 
greater than in an ebullating bed? are desired from the unit. If a maximum yield of diesel fuel is needed, an RCP of 

The main reaction appears to be thermally induced in the liquid between these about 700°F is used. If naphtha for aromatics production is in demand. it can be as 
particles. The catalyst hydrogenates the unstable radicals produced in this thermal low as 350'F. In between, jet fuel or catalytic reformer feedstock can be maximized as 

needed. 
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in separate furnaces. Options of the type shown in this plant flow configuration should tribution of hydrogen consumption between saturates, aromatics, and olefins. Modern 
be explored from the point of view of capital investment, energy usage, and demon- analytical techniques can be used in small-scale experiments to determine the concen- 
strated reliability in the design phase of a project. tration of bond types in feedstocks and products. Jaffe obtained good agreement 

between predicted and measured hydrogen consumptions by this method. 
There are other important points that must be considered in the overall heat balance 

Design Considerations af the plant. Quench hydrogen rates between the catalyst beds should be minimized, 
consistent with safe operation and desired catalyst life. As in any process unit, the size 

The decisions made during the design of a hydroprocessing unit are all based on eco- of air coolers should be as small as possible and any steam generation should recog- 
nomic analyses-balancing changes in capital investment with corresponding but nize the refinery's overall steam balance. 

changes in operating costs. In a few cases there is the more difficult choice Both the capital investment and operating costs of the recycle compressor ace dic- 
of deciding whether to invest more capital in order to add flexibility to plant opera- tated by the reactor loop pressure drop. Designing this loop for too low a pressure 
tion During the 1970s. the cost of fuel in a refinery changed dramatically so that, for drop will result in poor heut-transfer coefficients in the heal exchangers and poor flow 
older plants, the design decisions are no longer relevant to the current situation. patterns within the reactor itself. It is important to calculate accurately what the indi- 
Ongoing economic studies must therefore be made to keep an existing plant operating vidual equipment pressure drops will be, as well as what flow regimes exist in them. 
in the optimum mode. This is particularly important in the reactor where a high fraction of the overall loop 

pressure drop occurs. 
Mqior Design Decisions. The high-pressure items are the most costly in the plant, Hofmann40 has summarized the correlations proposed far predicting pressure drops 
so most of the important design decisions concern them. The quantity of catalyst need- in trickle-bed reactors: "At low Loadings the pressure drop is approximately the same 
ed and the pressure level of the reactor section are based an knowledge of reaction as in single-phase gas flow. At higher gas loadings, the texture of the liquid is modi- 
kinetics, catalyst deactivation rates, and makeup hydrogen purity. The design pressure fled by gas-phase friction, and the pressure drop rises, together with a decrease of the 
level is also influenced by product quality considerations. As shown in Table 14.1.7, liquid holdup, in the transition to the pulsing flaw region." Figure 14.1.28 shows the 
heavier feedstocks generally require higher pressures. The quantity of catalyst is cho- different flow regimes that have been characterized in air-water systems. The regions 
sen to give low operating temperatures to avoid undesirable side reactions are represented on n plot of liquid Reynolds number versus gas Reynolds number. 
while staying below the reactor metallurgical limits. Also shown on the left-hand side is a contacting efficiency relationship similar to that 

The number of reactors required is based an a variety of considerations: proposed by Satterfield.'$ Talmorg2 has studied the pulsing region, in  which pressure 
drop oscillatians occur. He observed that in a partially pulsing situation, the overall . The reactor pressure drop must be high enough to promote uniform flow and tem- reactor pressure drop increases by as much us a factor of 2. Obviously this region 

peratures but within reason from the point of view of capital investment and operat- should be avoided whenever possible. 
4ng costs. Once this pressure drop is set, then the total cross-sectional area needed 
in the reactor section is proportional to the feed rate. Hjdrogen Management. Hydrogen is an important commodity in a modern refinery. . The refinery may not be able to accept the largest reactors which a fabricator can mere are often a variety of sources, each of different purities. Impurities, like methane 

build. Transporting the reactor to the refinery site may not be ~ossible,  in which 
case field fabrication should be considered. Soil conditions at the refinery may also 
preclude very heavy reactors. . The reactor fabricators have limits to the diameter and length of high-pressure ves- 
sels. Reactors weighing 1400 metric tons have been built. . In multireactor plants, particularly with residuum feedstocks, it is common to build 
more than one reactor train. Sometimes the trains are completely independent plants, 
since this gives the refiner the most operating flexibility. In other cases the trains 
share common feed pumps, high-pressure separators, and recycle compressors. 

Energ)l Conservotion. Hydroprocessing reactions are exothermic. The design af a 
process unit must take maximum advantage of this fact. The feed effluent exchanger 
must recover as much heat as is economically practical in order to minimize the fuel 
eonsumptian in the charge furnace or furnaces. An accurate estimate of the heat 
released in the hydroprocessing reaction ir essential to achieve this. 

Jaffe" has proposed a method for predicting heat release by following the chemical 
bonds formed and consequent hydrogen consumed by important classes of hydrocar- 
bons. There are three important categories: (1) saturates which consume hydrogen 
with cracking or ring opening and yield 7 to 10 kcallmol of hydrogen, (2) aromatics 
saturation which yield! 1 4  to 16 kcalimol of hydrogen, and (3) alefins saturation 
which yields 27 to 30 kcalimol of hydrogen. The total heat release depends on the dis- FIGURE 14.1.28 n o w  regions in uickle-bed rsacrors.' 
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in the makeup hydrogen f a  a hydroprocessing unit, build up in the gas recycle stream 
until equilibrium develops at the Low-pressure separator. The amount of methane dis- 
solved in the liquid effluent equals that coming into the system with the makeup hydro- 
gen plus whatever is produced in the reactor. The effect of this depends on whether a 
new unit or an existing unit is under consideration. In both cases, the reaction kinetics 
and catalyst deactivation rate are controlled by the hydrogen partial pressure within the 
reactor. Impure makeup hydrogen therefore results in new units being built at higher, 
more costly design pressures. The existing unit's performance is hurt if the makeup 
hydrogen purity becomes less than design and is helped if its purity can be upgraded. 
Many approaches have been developed to impcove the quality of hydrogen streams so 
that hydrocrackers and hydrotreaters can operate more profitably. These include pres- 
sure-swing and "semipermeable membrane" separators? 

Materials. The refining industry has an excellent safety record far operating high- 
pressure equipment. Special care is placed on the choice of materials of consvuction, 
on monitoring the fabrication of critical pieces of equipment, and on using operating 
procedures which protect the equipment. Most reactors are of the hot-wall variety, and 
low-alloy steels are required to resist hydrogen attack. Envin and Kernzi have written a 
comprehensive survey of 25 years of experience with a 2% Cr-1 Mo steel in the thick- 
wall reactor vessels of the pevoleum indusvy. Start-up and shutdown procedures have 
been developed to account for both temper embrittlement and hydrogen embrittlement 
in such steels. Nowadays stronger steels using 3 percent chrome and some that are 
vanadium-modified are available for high-pressure vessels. 

When used at temperatures above 500°F. 2% Cr-1 Mo has inadequate resistance to 
H,S corrosion. Corrosion by H2S in the presence of hydrogen is far more severe than 
by H,S alone." To overcome this, the reactors and hot exchanger shells are made with 
stainless-steel cladding. In addition, reactor internals and hot exchanger tubes are usu- 
ally made of stainless steel. 

Pmother part of n hydroprocessing facility which is subject to corrosion is the high- 
pressure air coolers where H,S and ammonia exist in the presence of water. Piehl" has 
studied this problem and suggested design and operating guidelines to overcome it. 

Emergencies. Design and operating procedures have been developed to minimize 
temperature runaways within hydroprocessing reactors and take proper action should 
one starl. 

Local hot spots are occasionally seen in such reactors. J z ~ f f e ~ ~  has explained them 
in terms of regions of low flow. He developed a mathematical model which accounts 
for the temperature rise with rapid reaction of the fluid in the affected region and for 
temperature drop with the eventual mixing of cooler fluid from the surrounding FIGURE 14.1.29 Conrrul af r hydronackn." 
region. By comparing the model with commercial temperature profiles, he estimated 
the velocity of the low flow region and its lateral extent. The cause of a low flow 
region could be the presence of catalyst fines, a physical obstruction, or a failure of 
the reactor internals. PROCESS CAPABILITIES 

One of the most serious operating problems for a hydrocracker is an unexpected 
recycle compressor shutdown. The loss of gas flowing through the reactor results in a Hydrogen Utilization 
sudden increase in the catalyst temperature, since the heat of reaction cannot be trans- 
ported out of the reactor. Effective procedures have been worked out for handling Except a t  very low hydrogen consumptions, hydroprocessing results in a volume 
such a situation. With reference to Fig. 14.1.29, which shows the normal hydrocracker expansion from feed to product. Figure 14.1.30 shows this for a heavy distillate feed- 
connolr, they involve bypassing the feedleffluent exchangers, cutting the charge fur- stock in a variety of hydraprocessing situations.a' The plot shows the percent expan- 
nace fires, and possibly stopping the makeup hydrogen flow. Gerdes et al." have sion for the $+ product versus the chemical hydrogen consumption. Below a con- 
described the results of a hydracracker simulator designed to vain operators to handle sumption of 500 SCFB, the data points were taken in a hydrotreating mode where 
such emergency situations. selective desulfurizatian is carried out at relatively lower hydrogen partial pressures 
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FIGURE 14.1.30 Hydroproce%ring Mideast vacuum gar o i l 9  

(see "Typical Processing Conditions," above). A volume shrinkage occurs with the 
first increment of hydrogen consumed since the initial removal of sulfur is more sig- 
nificant than the production of light products. 

Refinen have recently practiced mild hydrocracking in existing VGO hydrotreaters 
by using catalyst combinations with more acidity. The extra hydrogen consumption is 
assdeiated with more volume expansion increase, as shown in Fig. 14.1.30. The pres- 
sure levels in these units do not allow more hydrogen input because the hydrogenation- 
dehydrogenation equilibrium limits the desired reaction. At higher pressures, however, 
subslantial hydrocracking can occur so that a once-through hydrocracker on this same 
feed can consume 1200 SCFB of hydrogen and make 108 volumes of C,+ product out 
of 100 volumes of VGO feed. The maximum volume expansion is achieved in a recycle 
mode operating at a RCP of 700 to 735'F (which maximizes diesel fuel yield). More 
hydrogen can be consumed in a recycle hydrocracker if the RCP is dropped so that g! a 
lighter products are made. An RCP of 550°F maximizes the production of jet fuel while % a? 
consuming about 2000 SCFB of hydrogen. Motor gasoline yield is maximized at 380DF 
RCP and aromatics (via catalytic reforming) at somewhat lower RCP. 

With more aromatic feedstocks, the amount of hydrogen consumed and the amount 
of expansion will be higher than shown. Scott, Meyer, and Maye$' have taken this 
representation even further by assuming the heavy naphtha produced by hydracrack- 
ing will usually be catalytically reformed, so that some hydrogen will be recovered. 
Also, the light gases produced in the hydrocracker can be used as feedstock to a 
hydrogen plant. Therefore they are a potential source of hydrogen. If this is accounted 
for and net hydrogen consumption is the focus instead of the amount used in the 
hydrocracker, a more complete measure of hydrogen efficiency is given." 

Table 14,111 shows in tabular form the product yields which correspond to the 
hydroprocesses covered in Fig. 14.1.30. Again, these are based on experiments with 
Middle Eastern VGOs. Note that these are just examples of yield structures designed 
to show what is possible in hydroprocessing. Variations on Ulese yields occur by using 
different catalysts, process configurationr, or operating conditions. No correlation 
exists which allows apriori prediction of product yields. Experimental data are need- 
ed to support predictions aod extrapolations. 

14.49 
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TABLE 14.1.16 Chevron VGO Hydrotreating and Mild Hydrocracking2x 
TABLE 14.1.15 Unicrvckir~g far lsobutsnePmduction" 

Conventional 
Uder Light swaiphl- Reformer 

Severe Mild 
operation 

rafflnafe rungasoline fcedrtock derulfurinsrion desulfuriuition lsocracking Feedslock 
90.0 99.8 99.6 

Density. 'API Yields. LV 46: 

17.2 30.8 37.1 
ASTM D 86, O F  ('C): 84.0 

209 (98) 216 (102) 244 (118) 
70.0 62.5 

220 (104) 232 ( I l l )  289 (142) Density. "APl 22.6 22.6 23.0 
252(122) 263 (129) 351 (178) Sulfur, wr % 2.67 2.67 2.57 
288 (142) 294 (146) 382 (194) 720 720 

Isobutane yield, LV % 49-54 
617 

0.2 0.2 - 

H@nvy Distillate Hydrotrealing. In the 1960s. as more high-sulfur Middle Eastern Density, OAPl 30.9 37.8 34.0 
crudes were processed in the world's refineries, hydrodesulfurization facilities were sulfur. wr % 0.07 0002 0.005 
added to produce the LSFO that local and national governments were demanding. This Nitmgen, ppm 90 20 20 
was paRicularly the case in Japan. In the United States, some companies decided to Pour point. 'F 18 14 18 
invest immediately in direct atmospheric residuum hydrotreating plants. Others took Cetane index 51.5 53.0 53.5 
advantage of the fact that LSFO sulfur specifications were going to drop according to Distillation, ASTM, mF (DC) 433-648 298-658 311483 
a fixed timetable. These refiners built in stages-VGO hydrotreaters at first, the prod- Heavy isomate 
uct from which was blended with the virgin vacuum residuum to meet the specifica- Density, "API 27.1 29.2 30.7 
tions for the immediate future. Later the vacuum residuum was upgraded so that the Sulfur, wt % 0.26 0.009 0.013 
long-term specifications could be achieved. The VGO hydrotreaters were designed to Nitragen, ppm 400 60 47 
remove at least 90 percent of the feed sulfur with minimum hydrogen cansumption. Viscosity, cSt st 122'F (50'C) 26.2 19.8 17.2 

Most were designed at 600 to 1000 lbli"' hydrogen partial pressure.28 Distillation. ASTM. 'P (DC) 689-990 691-977 613-1026 

Today's refiner is faced with the need to convert the hewier components of the Nolr: HDS = hydradsrulbrizstion. 
c;ude barrel into lighter, more valuable products.12 An inexpensive and immediate 
step to achieve residuum conversion is to convert the operation of VGO hydrotreaters 
to VGO mild hydrocrackers. Table 14.1.16 consists of commercial data showing three 
different types of operation achieved in the same Chevron VGO hydr~ueater . '~  bottoms suem is a unique product. It not only is an ultralow-sulfur blend stock for 
Conventional desulfurization is compared with severe desulfurization (achieved by fuel oil but a prime feed component to the FCC unit, a superb source of lube ail base 
accepting a reduction of catalyst life). Both are then compared with a mild hydro- stock, and an attractive ethylene plant feed. 
cracking operation using a blend of derulfurization and hydracracking catalysts. The Table 14.1.19 shaws the heavy product quality at about 50 percent conversion. 
LGO product meets Japanese diesel specifications for sulfur, cetane index, pour point, Inspections are presented for the 700°F+ portion of this bottoms stream, before and 
and distillation. The yield of diesel produced can be varied by operating at different after dewaiing. Lube oil base stocks with viscosity indexes of 110 to 120 can be 
conversions. Figure 14.1.31 shows this variation. Note that synthetic conversion is obtained when running in this conversion range. In 1985, Chevron U.S.A. started up a 
total conversion corrected for the light stnight-run distillate material in the feed. lube oil complex based on the Chevron lsocracking pmcess.26 In connection with this 
Incremental conversion by mild hydrocracking preferentially produces diesel fuel. lube oil hydrocracking complex. Chevron has upgraded its dewaring facilities by 

installing its novel catalytic dewaxing process, Isodewaxing.lo3 This process isomer- 
H ~ n r y  Dislillaf~ Hydrocracking. A single-Stage once-through hydrocracker can izes the war: to make higher yields of high-viscosity-index base stocks. It allows the 
achieve higher conversions to lighter products than the lower pressure units which combination of hydrocracking and Isodewaxing to produce unconventional lubes with 
were originally designed for d e s u l f u r i ~ a t i a n . ~ ~  Table 14.1.17 shows Isocracking viscosity indexes greaterthan 130.55 
process product yields" at three different conversion levels--40, 55, and 70 percent For ethylene plant feedstock, the product at 70 percent conversion is more attrac- 
below 640'F. In this table the yields are expressed by two different sets of product cut tive. The high paraffin and naphthenic content of this product is consistent wiffi a 
points to show the flexibility for varying the relative motor gasoline to diesel fuel Bureau of Mines Correlation Index (BMCI) of about 10. This type of feed should pro- 
yields. With this Arabian Light VGO feedstock, the di'ksel yield peaks at the lower duce a high yield of ethylene and a low yield of pyrolysis fuel oil. 
conversions. At the 70 percent level, the diesel yield has dropped because some of it In cases where the bottoms product has low value, and during periods of Low crude 
has been converted to naphtha. At all conversion levels, the ratio of gasoline to diesel run when hydrocracker feed rate is less than design, the unit can be run in a partial or 
can be varied by about a factor of 2 by adjusting product cut points. total recycle mode. This shifts the product slate more toward diesel than gasoline. 

The product inspections are shown for the gasoline and diesel cuts in Table Table 14.1.20 compares the yields obtained in a once-through operation using gasoline 
14.1.18. The 18&390PF cut naphtha produced at 70 percent conversion is a high-qual- mode cut points to a total recycle mode operating to maximize diesel fuel. 
its reformer feed because of its high naphthene and aromatics content. The 640"F+ 
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TABLE 14.1.20 lsocracking Yicld Comparison-Once-Thmugh 
Versus Recycle*" 

Type of Operation Once-through Recycle 

Conversion below 640'F. (338-Cl, LV % 
Per pars canversion. LV % 
~ecycle  cut point, OF (OC) 
Yields: 

Gasoline, LV % 
C5-390°F (C5-1990C) 
C5-310DF (C5-154'CI 

Diesel fuel, LV % 
3 9 M 0 ° F  (199-338'Cl 23.5 
310-65O0F(154-343'Cl 

Bottoms product, LV % 
Oasolineldieiel ratio 

+Arabian Light YO0 fwd (67M020LF. 356549'C). 
TBP Cut Polnt Between Jet and Disael,o~ (.c) 

TABLE 14.1.21 Two-Stage lrocracking Middle Distillate Yields and Qualitiel" EIGURE 14.1.31 Estimated Chevron lsocnrking yields, ICR 
izo-ffect OF haoping ..t point on jet and diael pradu~tion 

C5-180 180-250 250-525 525-725 (constant tot01 jet plus diesel)." 
product cur, OF PC) (c,-82) (82-1211 (121-2741 (227-3851 

Yields, LV % 
Density, 'API 
Octane, F-I clear 76 68 The paraffinicity of the feedstock is even more critical if aromatics are a desired 
Paraffidnaphtheneslslslmsl~ics, vol % 4615014 25164111 

25 
product. Table 4.1.22 shows the typical yields of naphthenes plus aromatics (N + A )  

Smoke poinr, mm 
100 (38) 

in Unicracker naphthas as a function of fresh feed quality.5' Ring content of Ule feed 
Flash point, OF (OCI 

-75 (-59) 
is roughly indexed by its UOP characterization factor (UOPK). For low UOPK factors 

~reerepoinr, 'P rC)  
-lo(-231 (high feed ring contents), the yields of benzene, toluene, and nylene (BTX) precursors 

Pour point. OF ('Cl became very high, reaching 69 to 77 vol %of  feed for C,-C,IC,-C, N + A from 6 9.96 
Cloud point, 'F (DC) 
~ni l ine  point, 'FeCl 

UOPK steam-cracked gas oil. The most paraffinic feedstock shown (from Libyan 

Diesel index 
crude ail) gives yields of only 22 to 27 vol 8. 

Cerane number 
viscosity at 12Z0F, (50°C). cSt 

Residuum Hydrolreating. As shown in Fig. 14.1.16, the product from a residuum 
hydrotreater becomes lighter from SOR to EOR if the product sulfur level is held con- 

~ ~ ~ ~ d ~ t ~ c k 7 0 0 - I W O ' P  (311-538'C) lirabisnVG0. stant. This product yield structure variation is shown in Table 14.1.23 for a Kuwait 
vacuum residuum feedstock." Saito," with help from Chiyoda Corporation, has 
described experience with operating the Okinawa Oil Company Gulf-designed residu- 

$to& was 700 to 1 0 0 0 ~ ~  straight-run ~ r a b i a n  VGO. The aperation produces a yield af um hydrotreater at a consistently high hydrocracking conversion. Product yields are 

47.9 percent kerosene and 48.9 percent diesel, both meeting normal specifications. plotted versus IOOOOF conversion in Fig. 14.1.33. Unstable fuel oil production was 
~ ~ h i ~ ~ i ~ g  selectivity for middle distillate production depends on a Large number of observed at high conversions. A sludge f amed  which limited the maximum conwr- 
factors including the process configuration, the choice of catalyst, the feedstock to be sion that could be achieved with a particular feedstock because it deposited in flash 

used, and a number of other design parameters.'2 Amorphous catalysts give higher drums, the fractionator, the product rundown heat exchangers, and pmduct lines. The 

distillate yields than catalysts which contain zeolite components. Highly paraf- 
finic feedstocks give lower yields than less ~araffinic ones. 

 sides these characteristics of the reactor section, various aspects of the product Residuum hydrocracking has been practiced commercially in ebullating-bed reac- 
fractionation section can affect the yield and quality of the middle distillate products. tors in which product qualities can be kept constant by continually replacing a small 
Figure 14.1.32 shows what can be achieved by varying the cut point between jet and fraction of the catalyst inventory. Typical product yields and qualities are shown in 
diesel while keeping the jet initial cut p i n t  at flash ~ o i n t  specification and the RCP at  Table 14.1.25 for both long and short residuum feed~tocks. '~Also shown are theprod- 
725-F. Varying this intermediate cut point from 450 to 550'P gives a range of jet to uct yields achieved in the first operating fixed-bed unit designed specifically for 

diesel production ratios fmm 0.5 to 1.2. residuum conversion-NaUef's BOC Isomax unitgs designed by UOP. 
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TABLE 14.1.23 Effect af Operating Temperature on Chevron VRDS Hydrotreating 
yie1ds17 

6 0s VRDS rtrrtGof-run VRDS end-ofrun 
2 4  . S T ; ? " "  
d - N $ & & S E W  l05O'Fi (566-Ci) lO5O"Fi (566'Ct) - '0 -\OI Feed Kuwait Kuwait 

Product 
C,&, wt % 0.6 3.8 - C5-3509. LV 9% ($-177'C) 1.3 5.1 

0': , $ F T q o q  350-650°F, LV % (177-343'C) 2.8 20.8 
z - - $ & $ ~ s %  650-105O1F, LV % (343-566OC) 12.8 32.9 - 5  - -  1050'F+, LV % (566*C+I 86.1 44.7 

HI consumption, SCFB 1180 1320 

Nola: VRDS - vacuum roiiduum deivliurilrlion. 
-5 s3 ?s,;lx:z%: 
2 * 2% 

1000'F Conversion, Wt 

FIGURE 14.1.33 Convsrrion versus product 
yields-residuum hydratreating.'" 

Catalyd Consumption 

As feedstocks have become heavier, catalyst consumption per barrel of feedstock has 
increased. With residuum hydroprocessing, the cost of the catalyst is a significant 
operating expense. During the scoping studies and the design of a new unit, then, it is 
important that catalyst life be predicted accurately so that the size of the reactor and 
its pressure level are well-chosen. Improved catalysts and improved catalyst combina- 
tions are continually being developed by the licensors of this technology. They have 
tested there eatalyrts in  long pilot plant runs and have correlated the data with their 

14.58 
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Carredion lor 
High Metals Feeds At the 1930 American Chemical Society symposium on "Industrial High-pressure 

Reactions," the chairman of the symposium, Norman W. Krase, stated in his opening 
address that "oil hydrogenation promises to place the petroleum indusuy on a better 
economic basis." This promise has been fulfilled. New technological advances are 
continually being developed and commercialized. The madem version of distillate 
hydrocracking was introduced in the United States in the 1960s to convert excess fuel 
oil into motor gasoline and same jet fuel by using hydrogen produced with the natual 
gas which was in plentiful supply. FCC cycle oils were papular feedstocks at fint. 
The process was then used to upgrade tho liquids produced in delayed and fluid cok- 
ing and solvent deasphalting. 

While these residuum conversion schemes were being implemented, a demand for 
low-sulfur fuel oil developed and fxed-bed residuum hydrotreating was commercial- 
ized. Since then, LSFO demand has dropped. and these hydrotreaterr are being used as 
residuum mild hydrocrackers or as FCC feed pretreaters. The Chevron on-stream cata- 
lyst replacement technology has been commercihlized to extend the capabilities of 
fined-bed residuum hydrotreaters. Four ebullating-bed hydrocrackers are also now 

I. Reduce by 9% lorfixad-bsdproceuea. 30 40 50 60 IW refmers who need to make good-quality kerosene and diesel fuel. Besides this trend, 
2. Apply correction for high metslsleeds. Sullur Redudlon, "h hydrocracking is steadily replacing conventional extraction processes in lube oil base 

FIGURE 14.1.35 Chemical hydrogen cansumption in d~~ulivtizalion of 
stock manufacture. It results in much more valuable by-products than the older 
process. The introduction of Chevron's Isodewaxing process now gives refiners the 
opportunity to produce unconventional base oils with viscosity indexes greater than 
110. Hydroprocesses, in general, are clean processes in that feedstock sulfur and nitro- 

TABLE 14.1.28 Typicalutility Requirements gen end up as H,S and ammonia in a water stream that can easily be purified without 
harming the environment. 

Two-rage irocroctiqg (,!re Fig, 14.1.26). This interest in hydraprocessing has caused a tremendous increase in catalyst eon- 
sumption in the petroleum industry. The character of the catalysts has changed. With 
heavier feedstocks and more severe conditions, diffusion limits have been reached and 
smaller-size catalysts sre now used. Also, catalysts of unique shapes have been intra- 

Feed rate, BPOD 
duced. Novel reactor systems which use even smaller catalysts are also being con- 

39,000 
Fvel rired, BPOD-EFO* 
Steam at 200 Lb/in2 gage, Ibih Decisions to construct new hydroprocessing facilities involve some risk in view of 

Generated uncertainty in future crude oil prices and price differentials between light and heavy 

Con~umed produce. Rehers, therefore, need to optimize the operation of existing process units. 
They also want to t&e advantage of the poorer-quality, lower-pticed crudes. Applying 

Cooling water [I57 (8.3"C) AnT1, gallmin the howledge and understandig of hydroprocessing that has been developed in Ule past 

BFW, gallmin few decades will help them achieve these goals through the efficient use of hydrogen. 

Condensate, gdlmin (returned) 
power, kW 

*B-l of squiualsnf fuel oil (EFOI is qua1 to 6,000.OW Blu. 
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ABBREVIATIONS AND 
ACRONYMS 

AR Atmospheric residue DSD Deeocbent surge drum 

AC Adsorbent chamber E Extractor 

AS0 Acid-soluble oils EC Extraction colnmn 

ASTM ~ m e i i c a n  Society for Testing FC Flow con?Joiier 
and Matennis FCCWI Fluid catalytic crack in^ (unit) 

Bm or Barrels per day FF Fresh feed 
BPD FI Plow indicator 
BOC Black-oil conversion "." 

BT 

BTX 

CCR 

CFD 

CHPS 

COD 

CS 

Dcg APl 
(or -APII 

DAO 
DCC 

DM6 

DM0 

~ e n z e n e  and toluene 

Ecnzene, toluene, and xylene 

Conrad~on carbon nsidue 

Cold flash drum 

Cold, high-pressure separalor 

Chemical oxygen demand 

Cold separator or carbon 
steel 

Clay tower 
Cooling water 

Degree on arbitrary scale for 
density af liquid pe"0lelcum 
products 

Deasphalted oil 

Deep catalytic cracking 

Dimethylbutane 

Demefalliied oil 

HC 

HDM 

HDS 

HFD 

HHPS 

HS 

HVOO 

IBP 
ID 

KO 

LAB 

LC 

LC0 

LOO 

LHSV 

Hand contm11er 

Hydmdemefallizafion 

Hydrode~ulfurization 

Hot flash drum 

HOL, high-pressure separator 

Hot ~ e p m t o r  

Heavy vacuum gas oil 

Initial boiling point 

Inside diameter 

Knockout (pot) 

Linearalkylbenrsne 

Level controller 

Light cycle oil 

Light gar oil 

Liquid hourly space velocity 
1.eve1 indicator 



ABBREVIATIONS AND ACRONYMS 

LlAHL Liquid-indicator alarm: high or RVP Rcid vapor p r ~ ~ s u e  (of 
gasoline) 

Liquified natural gas SCF Standard cubic feet 
Liquefied petroleum yls SCFD St-dard cubic feel per day 

INDEX 
Level recorder SCFM Standard cubic feet per minute 

Low sulfur fuel oil SD Solvent drum 

Light r ~ a i g h t  run (naphtha) SCR Selective catalytic reduction 

Solvent deasphalring 
Methylcyclopenfane SRU Sulfur recovery ""it 

Micmcarban residue SSU Second8 Saybolt Univerral 

Motor octane number 

MONC Motor octane number clear TAA Tcaiary amyl alcohol A h d  technology, 1.50-1.52 BTX (sea Benzene, tolucnc, and xylylene 
TAEE Tertiasy amyl ethyl ether Alkymai, post fraclionation option. 9.3-9.4 production) 

MSCF Million standard cubic feet TAME Tertiary amyl mcUly1 ether Alpha-me&ylsryrene. 1.67 Burameiprocerr (see UOPButamcrpmcess) 

MTBE Methyl tertlacy bury1 ether TBA Tertiary bury1 alcohol 
ARC0 LAB pmcess, 1.54 Butane, in alkylafion pmcess, 1.7 

TBP True bailing point 
Ammatics-cetane reistionship, 8.57 Butylene. in alkylation. 1.4, 1.6 

NPSH Net positive suction head Aromatics complexes, 2.3-2.11 

Pressure controller TC Tcmperaf~re c~n!~oller case study, 2.%2.10 

Pmcess development unit TDS Total dissolved solids commercial experience, 2.10-2.11 Carom process, 2.10.2.21-2.22 

Partial oxidation TGA Thermogravimetic analyzer 
configurations. 2.4-2.6 posthactianatian option, 9.3-9.4 

THDA Thermal hydrodealkylafiii feedstock conriduations, 2.8-2.9 Cat Feed Hydmmating (Go-fming), 3.4 
Rafflnaie column imoduclion, 2.3-2.4 Cat.~oly pmcess, 1.21 

Reduced-crude desulfuri- TPSD Tans per stream day process flow, 2..42.8 Catalyst Chemicals Ind. Co. Lid. (OCIC), 
V~latllc combustible material Aromax f e d  injection system, 3.33-3.34 hydrotreating catalysts, 8.39 

Ramrboft~m carbon residue VGO Va~uum gas oil Catalytic refamlng, comparison wilh Onco 

Residuum dcrnlfunzation VPS Vacuum pipelill Thmugh Zcolitic Isometization. 9.33 
BenSatpmcesr: CaurtirFree Memx process, 11.40-11.41 

RFCC Residuum fluid catalytic VR Vacuum residue campared ro Penen-Plus, 9.19 CBAsub-dew-point reactor, 11.10 
cracker YRDS Vacuum residuum desulfun- frfrctionafim for benzene production, 9.3 CCR Cantinuour Catalyst Regeneration 

Refomulaed gasoline zation naphphm%rplitfff combination, 9.3-9.4 technology, 5.12 

Rerearch o c m  numb- WGS Wet gas scrubbing unit postfractionation option, 9.3-9.4 CCR Plaffoming procers: 

RONC Rcncarch octane number clew WH Waste heat (Sea o h  UGPBenSat pmcessl compared to Pacol unit, 5.16 
Benzene: descriptim, 4.184.26 

WHSV Weight hourly apace velocity as feed to cvmene pmduction, 1.17-1.18 design used in BP-UOPCyclar pmces, 2.27, 
from alkylbenlenes. 22-2.26 2.29 
rccovmy from reformate, 2.13-2.22 design used in Oleflex process, 2.33 
world consumption, 2.3 coordinated wilh Parex unit, 2d5.2.46.2.48 

Benzene, toluene, and iylenepmduction, in aromatics complcr, 2.14 
2.3-2.11 in conjunclion wilhParex-lsomarloop. 2.41 

Biodegradable soaps, 1.53 pmduction of rmmnfiu from naphtha at high 
EP-UOPCyclarpmcess. 2.27-2.35 scuerlty. 2.5-2.10 
"ass sfudy. 2.33 (sec also UOP Platforming pmcess) 
commmial experience. 2.33-2.34 Cetane number versus hydrocarbon rype, 8.56 
description of the pmcess flow, 2.29-2.31 Chevmn Isocrasking pmcess, 7.213.40,14.53 
qnipmentcon~iderations. 2.32-2.33 catalyst regeneration, 14.63 
feedstock considerations, 2.31 importance of hydrogen, 7.22-7.24 
in~duc t ion ,  2.27 invermnt and operating expenses, 7.36-7.37 
pmcess chsmirtry, 2.28-2.29 hocraclung catalysts. 7.24-7.28 
pmcess peffomncc. 2.32 isoeracking chemistry, 7.21-7.22 

1.1 



INDEX INDEX 1.3 

Chevmn lsacramng piocess (Con!.): Costs (Coa.): DeepCatalyticCracking. 3.101-3.112 Exxon Plexicoking including Fluid Coking 
isocaking configurafians, 7.24 FW Deiayed-Coking pmcess, 12.80-12.82 DeFineprocess (see UOPDeFineprocess) (co"~): 
product yields and qudities, 7.28-7.36 FW hydrogen production. 6.484.52 ~~hydrogcnation, UOPOldex pmcesr, specific process estimates, 12.5-12.14 
summary, 7.37-7.38 F W  solvent Deaiphalling. 10.24,10.26, 5.3-5.10 summary, 7.37-7.39 
utilities requirements. 14.63-14.64 10.42.10.43 Deisobumizer (Dm) column, 5.M.7 yields and product dispositions. 12.5-12.6 

Chevron Isodewaxingpracess, 7.22,7.33-7.35 Huls selective hydrogenation process. Delayed Coking (see FW delayed-coking Exxon Flwicracking 1nR Fluid Catalytic 
Chevron on-stream catalyst replacement (OCR) 8.28 pmcess) Cracking technology. 3.3-3.28 

process. 10.3-10.L3,14.3~14.39 Kerosene lsosiv process for pmductian of Demcx process: economics. 3.22-3.24 
applications, 10.9-10.11 normal paraffins. 10.72-10.73 with RCD unianfining. 8.46 ERBiEdesigned cornmurial FCC unifs, 
comeicial  operation, 10.7-10.9 linevrdkybenzene (LAB) manufacture, (See aho UOPDemex process ) 3.22-3.28 
development hisfory, 10.3-10.4 1.6b1.62 Delal process (reeUOPDetal pmcess) evolution of technology, 3.3-3.5 
ecanofic benefiu of OCR. 10.11-10.13 M.W. Kellogg Company Fluid Calalyllc Detergent manufacNis, 1.53 majorpr-8 features. 3.7-3.17 
introduction, 109 crackling process, 3.53 ~ i ~ ~ m ~ o r t i o n a t i o n ,  during dkylarion. 1.4 process description. 3.5-3.7 
pmce~s description, 10.4-10.8 sour water stripper., 11.9 Dow-Kellogg Cvmeneprocess. 1.15-1.20 reliability, 3.17-3.19 

Chevron RDSNRDS HydroVeafing pmcess, UOPBenSat process. 9.6 economics, 1.19 m i d  considerations, 3.19-3.21 
8.3-8.26 UOP Catalytic Condensation process, features, 1.17 selection rationale, 3.3 

cafalysls. 8.1M.15 1.25-1.26. 1.2a1.29 history. 1.15-1.17 summary, 323,328 
commercial application, 8 .18422  UOP Catalytic Dewaxing pracess, 8.53 i"mductio". 1.15 upgrading. 3.21-3.22 
feed pmcuring capability, 8.174.18 UOP Demex procesr, 10.60 plam, 1.16 Exion Sulfuric Acid Alkylation technology, 
future, 8.21 UOPlsamar process. 2.43 process description. 1.17-1.18 1.3-1.14 
history, L M d  UOPlsosiv pmcess, 10.65-10.66 pmduct spccificationr, 1.19 advantagcr oftheER&E reactor, 1.11-1.12 
intmduclion. 8.3-8.4 UOPMemi pmcess, 11.45 waam and emissions. 1.20 alkylation is a key pmcessingunir, 1A 
metala removal from feed, 10.3-10.13 UOPMalex process for production of normal yiclds and balance. 1.19 balancing pracess variables for efficiency, 
pmcess chemistry, 8.9-8.14 prraffaffm, 10.7M0.77 1.7-1.8 
pmcuts description. 8.68.8 UOPOleflex process, 5.7-5.10 chemistry, 1A1.5 
YRDS Hydroeeating, 8.15-8.16 UOP Once-Through Zeolilic Isomcrimtion ~conomics (see costs) chemistry overview, 1.4-1.5 

Chevron's kcdewaxing process. 14.5 process, 9.35.9.36 EX Aquimi~% molten sulfur degas pmcess, commClria1 experience. 1.13-1.14 
Chevron's vertical RDS (VRDS) pmcess, 3.87 UOP Pacol Dehydrogenation pmcess, comparisons, 1.11-1.12 
ChevmnVOO hydmrrealer, 14.52 5.18-5.19 Enviranrnenlal control, UOP HFAlkylarion economics, 1.13 
Clavr process, 11.9-11.12 UOP Parex pmcess, 2.52 technology, 1.41-1.52 in?~oductian, 1.3 
Coal gasification, (see KRW fluidized-bed gasi- UOPPenw pmcess, 9.24.9.27 ERBEfdckIe valves, 3.7 process description, 1.5-1.7 

fication process) UOP Plalioming process, 4.23426 E m E  (see Ethyl tertiary bulyl pmcesr variables, 1.7-1.8 
Cobalfmolybdenum catalyst composition, UOPQ-MAX process, 1.68-1.69 Ethyl tertiary bulyl ether, fm f flhfhfhfhl and reactionsla@ngresulls, 1.1&1.11 

UOPSulfolsnc process, 2.21 butanes, 5.6 reactor cwling, 1.8-1.10 
Continuour stined reactors, in alkylation, UOPTaioray pmcess. 2.62 m o n  Diesel Oil Decp Desulffrization via autorefrigeration, 1.8-1.9 

UOPThermal Hydrodeaikylrtion process. (DODD), 8.63-8.69 reactor improvcmcncr, 1.11-1.12 
2.25-2.26 background. 8.63 reactor rtsging, 1.10-1.11 

amine regeneration unit, 11.7 UOPTPprocess. 9.39 database. 8.6M.69 unit! built, 1.14 
aromatic camplexes. 2.9-2.10 UOP unicakmg, 7.4a7.49 hydmfining Eharacteristics, 8.63-8.65 Exion Wet Gas Scrubbing technology. 
BP-UDP Cyclar process. 2.333.34 UOP Unionfining RCD process. 8.48 s u m ,  8.68 ll.15-11.27 
Chevron kocracking. 7.21-7.40 UOP Unionfining technology, 8.37 teceolqgy. 8.65 abovegmuod PIZI: the latest generation, 
Chevron RDSNRDS Process, 8.21, wet gas scrubbing for FCCU, 11.27 Ewon Flcxicoking including Fluid Coling. 11.20-11.22 

8.234.25 Cracking, during alkylation, 1.4 12.3-12.24 advantages. 11.25-11.27 
Chewon's On-Sueam CaralyrlRcplacement Crerex, separated streams, 10.45 comme~cial f lexicokg experience, cleangas emission, 11.19 

technology, 10.11,10.13 Cmde oil distillate qualities, 7.23.7.24 12.15-12.17 EPA testing, 11.2211l.24 
Dow-Kellogg Cumenepmcess, 1.19 Crudeoils and vacuum residua, insptions of, Flwicoking options, 12.16-12.19 flu8 gas and scrubber liquid, 11.17-11.18 
E u o n  Fl8xicoking pmcess, 12.10.12.14 14.6 rneficoking unif seMcefactor, 12.15-12.16 inmduction, 11.15-11.16 
E u o n  F l e x i c a h g  IIIR Fluid Caodytic Cumene, as aviation gasoline, 1.15 inmduction. 12.3-12.4 m&tingenvimmnlal goals, ll.22 

C a k i n g  technology, 3.9-3.10.3.17, Cumenepmductian (raa Dow-Kellogg Cumene Investment and operating expenses, 7.36-1.38 operation, ll.1&11.17 
3.22,3.23,3.24 process) low-BU paa utilization, 12.8-12.15 p?rticulstc and SO, removal, ll.18-11.19 

Krron sulfuric AcidAlkylation technology. Cyclarprocesr (raa BP-UOP Cyclarpmccss) p m a  desmiption, 124-125 m duignr, 11.19-11.20 
Cymex, sepuated srreams, 10A5 purgecoke utiht ion,  U.15 pvrge liquid-i~es weammt, 11.19 
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0-TZcolitic lsomeriration process (see UOP Shell Higher Oiefins (SHOP) process, 1.54 TP-Plus. 9.37 UOP Catalytic Condensation pmcess for trans- 

TIPand Once-Through Zeolitic Shell hydroprocessing reactors, 14.36 portfractionation option, 9.3-9.4 ponation fuels (Conr): 

I some~at ion  processeS) Shell Hysomerprocess (sea UOPTIPand  once^ Tolucne: history of, 1.21-1.22 
OCR (see Chevron on-srream cnalyrtrcplace- Through Zeolitic Isom~rization~~ocesses) conversion to benzene. 2.23-2.26 infmduction, 1.21 

ment process) Shell Molten Sulfur Degas process, 11.9 recovery fmm refomate. 2.13-122 jet fuel praduction, 1.2&1.29 

Olsfin feeds, to aikylation, 1.31 Shift conversion. 6.28-6.29. 6.33 Total Petrolcum Inc. (sea Stone & process chemistry, 1.22-1.23 

Oleflex process (see UOPOldex pmcess) Sinopcc intcmsrional Dee Deep Catalpic Webrter-lnstituf Francis DD Petmle pmcess description, 1.23-1.26 

Olex process ( r rr  UOPOlw process) Cracking) RPCC process) pmcess thermodynamics. 1.23 
On-Swam Catalyst Replacement (OCR), added Soap manufacture, 1.53 productpropenies. 1.24 

to P.DsNRDs hydmheaiers, 8.4 Solvent Deasphalting (see F W  Solvent production of distillate-type fuels. 3.26-1.29 

OxoTmnoiogies. 5.1G5.15 Deasphalti~g) Udex pmcerr, t10,1.21-2.22 thermodynamics, 1.23 
sorhcx pmcers (see UOPSarbex family of Unicracldng process (sea UOP Unicraclung yields, 1.24-1.25.1.27-1.28 

technologies) process for hydmcrackilug] UOP Catalytic Dewaxing proccss, 8.494.53 
Pacol Dehydrogenation proccss ( r ~ e  UOPPacol Sorbw units, licensed worldwide, 2.52 UnicrackingiDW prncesa (see UOP Catalytic catslyst. 8.50-8.51 

Dehydmgenation process) SR Platfarming process. 4.3.4.4. 4.184.19, Dewaxing process1 commemial experience. 8.53 
Parex pmcess (sea UOPPuex pmcess) 4.224.26 Unionfining RCD pmcess (see UOP in&oduclion, 8.49 

P d r l  oxidation. 6.294.31 Steam Reforming. 6.2G6.27.6.35 Unionflning RCD pmcess) investment and operating cxpcnres, 

Penex, combined with naphthasplitter, 9.3-9.4 Stone & Webstec-InstitulFrancais Du Petrole Uniontinlog technology (re. UOPUnionfining 8.524.53 
RPCC process, 3.79-3.100 technology) process chemirhy. 8.50 

Pener pmcess (see UOP Penex pmcess) catalyst, 3.89-3.90 Uniontining-Unlrsr integration process flow, process flow. 8.51-8.52 

PETRESA Involvement in Detal pmcess, 1.54 FCC revamp to RFCC (second-stage regener- 8.60-8.61 yieldpatfems, 8.52 
Pemleurn coke gasification. 6.154.18 aroi addition). 3.995.100 Unlsarpmcess (seeUOPUnisar pmcessl UOPDeFine process, 1.56,1.59,1.60, 
Phcnol, production framcumene, 1.15 feedstocks. 3.88 Unocal: 5.13-5.14,5.18-5.19 
Platforming (see UOP Platfo-ng process) history, 3.79-3.81 UOPmerger, 8.39 UOPDemcr process, 10.53-10.60 
Polymerization, as side reaction of alkylation, mechanical design features. 3.98-3.99 UOPUnisupmcess for satursrion of DM0 processing, 10.58-10.60 

operating conditions. 3.88-3.89 aromatics, 8.554.62 introduction, 10.53 

Pressure-swing adsorption (PSA) unit, in UOP process description. 3.81-3.87 UOP-BcnSaf pmcess, 9.3-9.6 pmcws description, 10.53-10.55 
Oleflex pmcers. 5.8 S&W-IFP technology features, 3.9-97 catalyst and chemistry, 9.5-9.6 process economics, 10.60 

two-stage regeneration, 3.90-3.93 commercial experience. 9.6 process status, 10.60 

conversion to propylene, 5.5-5.6 Strangeland D i a g m .  7.23.14.7-14.10 feedstock requirements, 9.6 process variables, 10.56-10.58 
Sulfolane process (see UOP Sulfolane pmcess) process discussion, 9.4-9.5 product yields and quality, 10.55-10.56 

Suifrcen subdew-paintreactor, 11.10 pmcess flow, 9.5 (Sea olro Dcmer process) 
sulfur dioxide, formation in acid alkylation, 1.5, (see orsoBensat process) UOPDefaipmcess, 1.55,1.56,1.58, 1.60.1.62. 

as feed to cumene pmduction, 1.17-1.18 1.8 UOP-BP Cydarprocus. 2.8,+9,+10 5.13-5.14.5.18-5.19 
Sulfur management (see M.W. Kellogg UOPBulamerprocess, 9.7-9.13 UOP fluid catalytic cracking pmcess, 3.55-3.78 

Company refinery sulfur management) chemistry. 9.8-9.9 catalyst history, 3.64 
Q-MAX pmcesr (see UOP Q-MAX process) Sulfuric acid in alkylalion, 1.3-1.12 commercialexperience. 9.12-9.13 devdopment history, 3.565.60 

Superclaus oxidation catalyst, 11.10 c o ~ ~ a ,  9.10 FCC unit. 3.70-3.12 
introduction, 9.7-9.8 feedstock variahilily. 3.723.76 

R-130 CCR Platforming Catalyst Series, isomerization mcttrs, 9.i&9.11 infroduction, 3.55 
TAEE (see Tertiary amyl ethyl ethu1r) process description. 9.8 market sibation. 3.78 

ReCOVERY PLUS system, 4.20 TAME (see Tertiary amyl methyl ether) process flaw scheme. 9.11-9.12 process chemistry. 3.6M.63 

Refrigeration in aikyiation. 1.3.1.8-1.10 Tatoray process (re= UOPTmray pmeess) pmcsss variables. 9.9-9.10 PCWSS EOJls, 3.763.77 

Teni;uy amyl ethylether, fmm ethanol and UOP Catalyst Cooler design, 3.20 process description. 3.6G3.70 

isopenlane, M UOP Catalytic Condensation procass for thermodynamics of catalytic sracldng, 3.63 

Sarex process, reparatEd streams, 10.45 Tefiky m y 1  methyl ether, from mfrLhanoI and cumsneproducrion, 1.67 UOPHPAlkylation technology. 13-1.52 

SCOTBSR-MDEA(orc1one) TGCU. ll.13 isopentane, 5.6 UOPCatalytic Condensation process fortrans- chemistry, 1.32-1.34 

SDA (sea FW Solvent Deasphalti~g) Tam pmcesr, 2.10,2.21-2.22 ponation fuels, 1.21-1.29 commercial information, 1.41-1.42 

Shell CDC process, 1.54 Texaco-UOPAkadpmcess, 1.48-1.51 catalytic condensation. 1.21 design. 1.39-1.41 

Shell Clans OffgasTreatingiBeavon Sulfur Thermal Hydmdealkylation (THDA) pmcess commercial erperience. 1.29 economics. 1.41-1.42 

Reduction-MDEA (SCOT/BSR-MDEA), [see UOPThcrmal Hydmdealkylatioti distillate fuels pmdupmdtion, l.2M.28 envimmsntzl considerations, 1.41-148 

11.12-11.13 (THDA) process] economics, 1.25-1.26.1.28-1.29 in~odnction, 1.31-1.32 
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Wastes and emisriam: Wet gas scmbbing (see Exran Wet Gar 
in the Dew-Kellogg cumene process, Scrubbing technology) 

UOP HFAlkylalion technology. 
1A1-1.52 Xylener: 1 

WestinghovseElecfnc Corparation, recovery fmmrefomfe,  2.19 
6.34.4 world consumption, 2.4 
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SEPARATION PROCESSES FW SOLVENT DEASPHALTING 

SDA for lubricating oils $ZOOObbl of feedstock 
SDA far eraeking stock $iOOO/bbl of feedstock 

These investment costs are based on: 

. United States Gulf Coast location - Time basis in third quarter 1995; no forward escalation included 

Exclusions: cost of land, tvnes and owner's insurance, licenses, permits, duties, 
Space parts, start-up cost, interest, forward escalation, support facilities, intercon- 
necting piping, feed, solvent, and product srorage 

Symbols used in  the chapter are listed in Table 10.2.15. 

REFERENCES 

FIGURE 10.2.16 Inrsgralion of SDA in modern refineries: lubricating oil praducllan cars. 

more on the solvent-to-feed ratio than on the DAO yield and unit feed capacity. An 2 W. J. Rossi, B. S. Deighton, md A. J. MacDonrld, Hydrocar6 P ~ ~ c ~ s s . ,  56(5), 105.110 

accurate estimate of an SDA unit's utility requirements requires definition of these 
three parameters. 3. 1. G. Ditmvn and I. P. Van Hook, "Upgrading of Residual oils by solvent ueasphalting and 

As an example, the figures below give the utility requirements of an SDA unit used Delayed Coking." ACS Meeting, Atlanta. April 1981. 

for preparation of catalytic-cracker feedstock, with a yield of 73 uol % DAO from 4. P. T. Attcridg, Oil Gar J., 61,72-77 (Dec. 9, 1963). 
Kuwait vacuum residue: 5. 1. G. Ditman andR L. Godino. Hydrdcarb. Process.. 44(9). 175.178 (1965). 

6. J. C. Dunmser. R. L. Godino, and A. A. Kutler. "propane A way to ~ ~ ~ d l ~  
Fuel 76,000 Btubbl Residue," Heor Eng. (November-December 1966). 

Cooling warer Nil (maximum air cooling) 
Power 2 kwhlbbl TABLE 10.2.15 Abbreviations 

"API Degrees on American Petroleum 
These figurer are given per barrel of SDA unit feedstock and correspond to a double- 

LP Low pressure 
Institute scale; API = 

effect solvent-recovery system. Utility consumption far a supercritical solvent-recov- 
LPG LiqueBed petroleum gas 

(141.51~~ gr) - 131.5 
ery system is virtually identical to that far a double-effect solvent recovery. Fuel con- 

MP Medium pressure 
bbl Baml (42 U.S. gal) N Rotor rpced, rls 

sumption far the same unit using triple-effect solvent recovery can be expected to be BPSD Bsrrcls per stream day Ni Nickel 
10  to 20 percent lower than for doublseffect solvent recovery. CCR Conradson carban residue 0 Diameter of stator opening, ft 

C, Factor defined by tower internal PVHE Pressun vapor heat exchanger 
geometry R Rotor-disk dinmeter, i t  

ESTIMATED INVESTMENT COST 'C D ~ ~ C C C S  celsius 
RBIB Ring and ball (softening point) 

CWR Cooling-water return S Sulfur 
CWS Cooling-water supply SCFO Standard cubic feel per day 

SDA-unit capital-investment costs depend not only on unit feed capacity but also on DAO Dersphalted oil SDA Solventdeasphalting 
the solvent-to-feed ratio used in the extraction. SDA unill used for the preparation of D Tower diametei ft SP gr Specific gravity at 6O0F16o0F 

lubricant-bright-stock feeds are designed for relatively high salvent-to-feed ratios, and DBIE Delivered and erected (coso SSU Seconds Saybolt univeisal 
investment cost is higher than the corresponding investment for SA units for the E Energy input factor, fr21s3 (viscosity) 

preparation of cracking stocks, which operate at a much lower solvent-to-feed ratio. OF Degrees Fahrenheit TBP True bailing paint 
An accurate capital-investment cost for an SDA unit can be determined only by a FC Flow controller TC Temperamre controller 

detailed front-end design and a definitive estimate. Nevertheless, it is often necessary, FCC Fluid catalytic cmcker V Vanadium 
when carrying out economic evaluutians, to develop a budget-type estimate. Such esti- 

H Compartment height, ft V, Solvenl superflcinl velocity, f t h  
HDS Hydrodesulfuriration 

mates typically have an accuracy of +30 percent and require definition of unit capacity V, Residue superficial velocity, f a  
HP High pressure 

and product quality. Far preliminary studies, investment rates as low as the following LC Level controller 



l i York, May 1982. ." n . mc.... " I,,-', Y = ~rain,andR. B.  Olney, OilGnrL, 59,90-94(May 8, 1961). J John J. Jeanneret and John R. Mowry 

13. ti. H. ~emanana I .  u. vanae Vurre. Par Re/inrr. 34(9j. 129-134 (1955). .a 
UOP 

Des Ploines, Illinois 

. Paren*: separation of para-xylene from mixed Ca aromatic isomers . MX Sorbex*: mera-xylene from mixed C, aromatic isomers - Molex*: linear paraffins from branched and cyclic hydrocarbons . Olen*: olefins from paraffins 
Creser*: para-cresol or meto-cresol from other crerol isomers 

Cymen*: para-eymene or meta-cymene from other cymene isomers 
Saren': fructose from mined sugars 

In addition to these applications, numerous other commerciallv interestinz senarelions 

*Trademark andior s s ~ i c e  mark of UOP. 
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Some of these separations have been commercialized under tolling agreements at a area comparable to that of an adsorbent, maintaining uniform countercurrent flow of 
large-scale Sorber plant that UOP operates in Shreveport, Lallisiana. the vapor and liquid phases becomes difficult. This flow limitation is less troublesome 

The general principles of Sorbex technology are described in this chapter. Specific in an adsorptive system because only one fluid phase is involved. 
details an some of the Sorber applications may be found in Chaps. 2.6 and 10.7. 

THE SORBEX CONCEPT I 

PRINCIPLES OF ADSORPTIVE SEPARATION 
In spite of the potential advantages of adsorptive separation, it did not achieve wide 

Adsorbents can be visualized as porous solids. When the adsorbent is immersed in a commercial acceptance until the introduction of the UOP Sorbex process in the late 
liquid mixture, the pores fill with liquid, but the equilibrium distribution of compo- 1960s. Prior to the Sorben process, adsorptive processes were designed much like lab- 
nents inside thc pore is different from the distribution in the surrounding bulk liquid. oratory chromatographs. Feed was introduced in pulses, and the composition of prod- 
The component distributions inside and outside the pores can be relared to one another ucts varied with time. Integrating such an intermittent process with continuous 
by enrichment factors analogous to relative volatilities in distillation. The adsorbent is processes operating both upstream and downstream was difficult. The Sorben process, 
said to be selective for any components that are more concentrated inside the pares far the first time, offered a truly continuous adsorptive separation process that pro- 
than in the surrounding bulk liquid. duced products with essentially constant compositions. 

Adsorption has long been used for the removal of contaminants present at law con- The easiest way to understand the Sarben process is to think of it as a eountercur- 
cenvations in process streams. In some instances, the objective is removal of specific rent flow of liquid feed and solid adsorbent (Fig. 10.3.1). For simplicity, assume the 
compounds. In other cases, the objective is improvement of general properties, such as feed is a binary mixture of components A and B, and the adsorbent has a selective 
color, taste, odor, or storage stability. Common adsorbents are generally classified as attraction for component A. In practice, the feed to a Sorbex unit may contain a multi- 
polar or nonpolar. Polar, or hydrophilic, adsoibents include silica gel, activated alumi- tude of components from which one or more components would be selectively recov- 
nu, molecular sieves, and various clays. Nonpolar adsorbents include activated car- 
bons and other types of coal-derived carbons. Polar adsorbents are used when the The positions of injection and withdrawal of the four net streams divide the adsor- 
components to be removed are more polar t h m  the bulk process liquid; nonpolar bent bed in four zones: 
adsorbents are used when the target components are less polar. Particulvrly useful are 
those adsorbents based on synthetic ciystalline zeolites, which are generically referred - Zone I :  adsorption of component A. This zone is between the point of feed injec- 
to as nrolecular sieves. A wide variety of selectivities can be obtained in molecular tion and raftinate withdrawal. As the feed flows down through zone 1, countercur- 

sieves by varying the silicdalumina ratio, structure, and nature of the rent to the solid adsorbent flowing upward, component A is selectively adsorbed 

rehlaceable cations in the crystal lattice. 
I" one commercial separation, linear paraffins are separated from hranched-chain 

and ~ y e l i c  hydrocarbons by adsorption on 5A molect~lar sieves. The diameter of the 
I 

pores i s  such that only the linear molecules may enter, and branched or cyclic mole- 
cules are completely excluded. In this case, the selectivity for linear hydrocarbons is 
infinite, and the adsorbent acts as a true molecular sieve. Adsorbents thvt completely 
exclude unwanted components are rare. In most applications, the pores are large 
enough to admit molecules of all the components present, and selectivity is the result 
of electronic interactions between the surface of the adsorbent pores and the individ- En rac t .A+D L 
ual components. 

Adsorption is more efficient than conventional techniques such as liquid-liquid 
extraction or extractive distillation for many commercially important reparations. 
Considerable development work has identified many adsorbents that are much more 
selective for specific components than any known solvents. In addition, adsorptive 

exhibits much higher mass-transfer efficiency than conventional extraction 
or extractive distillation. Far example, laboratory chromatographs commonly achieve 

Raffinate, B + D - 
Thos, the number af theoretical equilibrium stages is essentially limited to the number 
of physical stages installed. In theory, this limitation can be partly overcome by the 
use of ~ a c k e d  columns. However, if the packing is small enough to provide interfacial FIGURE 10.3.1 Moving-h~d analogy. 

I 

I 
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from the feed into the pares of the adsorbent. At the same time, the desorbent (com- 
ponent D) is desorbed from the pores of the adsorbent to the liquid stream to make 
room for A in the pores. . Zone 2: desorpfion of component B. This zone is between the point of feed injec- 
tion and extract withdrawal. At the fresh-feed point, the upward-flowing solid 
adsorbent contains the quantity of component A that was adsorbed in zone 1. 
However, the pores will also contain a large amount of component B, because the 
adsorbent has just been in contact with fresh feed. The liquid entering the top of 
zone 2 contains no B, only A and D. Thus, B is gradually displaced from the pares 
by A and D as the adsorbent moves up through zone 2. At the top of zone 2, the 
pores of the adsorbent contain only A and D. . Zone 3: desorption of cornponenl A. This zone is between the point of desorbent 
injection and extract withdrawal. The adsorbent entering zone 3 carries only com- 
ponents A and D. The liquid entering the top of the zone consists of pure D. As the 
liquid stream flows downward, component A in the pores is displaced by D. A par- 
tion of the liquid leaving the bottom of zone 3 is withdrawn as extract: the remain- 
der flows downstream into zone 2 us reflux. . Zone 4: bolation zone. The main purpose of zone 4 is to segregate the feed com- 
ponents in zone I from the extract in zone 3. At the top of zone 3, the adsorbent 
pores are completely filled with camponent D. The liquid entering the top of zone 4 
consists of B and D. Properly regulating the flow rate of zone 4 prevents the flow of 
camponent B into zone 3 and avoids contamination of the extract. 

The desorbent liquid must have a boiling point significantly different from those of 
the feed components. In addition, the desorbent must be capable of displacing the feed FIGURE 10.3.2 Sarbei now diagram. 
components from the pores of the adsorbent. Conversely, the feed components must 
he able to displace the desorbent from the adsorbent pores. Thus, the chosen desorbent In the Sorbex process, four major streams a n  distributed to and from the adsorbent 
m ~ s t  be able to compete with the feed components for any available active pore space chamber by the rotary valve. These net streams include: 
in the solid adsorbent solely on the basis of conccntrvtion gradients. 

Feed in: raw mixture of all feed components - Dilute errroc1 out: selectively adsorbed component or components diluted with des- 

DESCRIPTION OF THE PROCESS FLOW . Dilute rof/rmfe ouc rejected components diluted with desorbent 

In practice, actually moving a solid bed of adsorbent is difficult. The biggest problem Desorbent in recycle desorbent from the fractionation section 
in commercial-size units is ensuring uniform plug flaw across large-diameter vessels 
while minimizing axial mining. In the Sorben process, the countercurrent flow of liq- At any given time, only four of the bed lines are actively carrying the net streams into 
"id feed and solid adsorbent is acc~mplished without physical movement of the solid. and out of the adsorbent chamber. The movement of the net streams along the adsor- 
Instead, countercumnt flow is sirnuloled by periodically changing the paints of liquid bent chamber ir effected by a unique rotary valve, specifically developed by UOP for 
injection and withdrawal along a stationary bed of solid adsorbent. In this rirnulated the Sorben process. Although, in principle, this switching action could be duplicated 
moving-bed technique, the concentration profile shown in Fig. 10.3.1 actually moves with a large number of separate on-off control valves, the UOP rotary valve simplifier 
down the adsorbent chamber. As the concentration profile moves, the points of injec- the operation of the Sorbex unit and improves reliability. 
lion and withdrawal of the net streams to the adsorbent chamber are moved along with Functionally, the adsorbent chamber has no top or bottom. A pumparound pump is 

used to circulate process liquid from the last adsorbent bed at the bottom of the adsor- 
A simplified flow diagram for a typical Sorber unit is shown in Fig. 10.3.2. The bent chamber to the first bed a t  the top of the chamber. The concentration profile in 

separation takes place in the adsorbent chamber, which is divided into a number of the adsorbent chamber move$ smoothly down past the last bed, through the pump, and 
adsorbent beds. Each bed of adsorbent is supported from below by a specialized grid back into the first bed. The actual liquid flow rate within each of the four zones is dif- 
that also contains a highly engineered flow distributor. Each flow distributor is eon- ferent because the rate of addition or withdrawal of each net stream is different. As the 
nected to the rotaly valve by a "bed line." The flow distributors between each adsor- concentration profile moves down the adsorbent chamber, the zones also move down 
bent bed are used to inject or withdraw liquid from the chamber or to simply redistrib- the chamber. The overall liquid circulation rate is controlled by the pumparound 
ute the liquid over the cross-sectional area of the adsorbent chamber. The number of pump. This pump operates at four different flow rates, depending on which zone is 
adsorbent beds and bed lines vary with the Sorbex application. passing through the pump. 
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The dilute extract from the rotary valve is sent to the extract column for separation adsorbent bed, between pulses of feed, where excess desorbent is required to keep the 
of the extract from the desorbent. The dilute raftinate from the rotary valve is sent to bands of component B from overtaking the bands of campanent A. 
the raffinate column for separation of the raffinate from the desorbent. The desorbent 
from the bottom of both the extract and raffinate columns is recycled bad; to the 
adsorbent chamber through the rotary valve. 

COMMERCIAL EXPERIENCE 

COMPARISON WITH FIXED-BED ADSORPTION 
Invented by UOP in the 1960s, the Sorben technique was the first large-scale commer- 
cial application of continuous adsorptive separation. The first commercial Sorbex unit, 
a Molex unit for the separation of linear paraffins, came on-stream in 1964. The first 

Camparing the characteristics of continuous Sorben operation with the batch operation commercial Paren unit came oo-stream in 1971. UOP has licensed more than 100 
of conventional liquid chromatography is interesting. In a conventional chromato- Sorber units throughout the world, including 59 Parer units, 1 MX Sorben unit, 32 
graphic separation (Fig. 10.3.3). pulses of feed and desorbent are alternately charged Molen units, 5 Olex units, 3 Sarer units, 1 Cresen unit, and 1 Cymen unit. 
to a fined bed of adsorbent. Once again, assume that the feed is a binary mixture of 
components A and B. As the feed components move through the adsorbent bed, they 
gradually separate as the less strongly adsorbed component B moves faster than the 
more s(rong1y adsorbed component A. A second pulse af feed must be delayed long BIBLIOGRAPHY 
enough to ensure that the fast-moving band of component B from the second pulse 
does not overtake the slow-moving band of component A from the first pulse. Johnson, 1. A. "Sorbex: Continuing Innovation in Liquid Phase Adsorption: Advanced Study 

Institute an Adsorption, Vimeiro, Portugal, July 1988. A mathematical comparison of the Sorbex process with batch chromatography has 
shown that the batch operation requires three to four times more adsorbent inventory Johnson, I. A., and A. R. Oroskar, '"Sorbex Technology for Indusrrial-Scale Separations:' 
than the Sorbex process does and twice as much circulation of desorbent. This large Intern8timal Symposium on Zeolites as Catalysts, Sorhcnts, and Deteigenf Builders, Wunburg, 

Oermany, September 1988. difference in adsorbent requirement can be explained in physical terms without going 
lohnson. 1. A. and H. A. Zinnen, "Sorbcx: A Commercially Proven Route to High punty into the details of the mathematical analysis. In the Sorben process, every portion of 

the adsorbent bed is  performing u useful function at a11 times. In batch chromatogra- Chemicals:' Proc. Royal Swedish Acodemy of Enghaering Sciences Symporium, Stockholm, 
phy, portions of the adsorbent bed at various times perform no useful function. This March 1987. 

situation is most clearly seen near Ule entrance of the batch chromatograph. As feed Millard, M. T., I. A. Johnson, and R. 0. Kabza, "Sorbex: A Versatile Tool for Novel 
enters the adsorbent bed, the adsorbent near the entrance rapidly comes ta complete Separations:' UOP Technology Conferences, vanous Locations. september 1988. 

epuilibrium with the feed. As feed continues to enter, this section of the adsorbent 
serves no purpose other than to convey feed further down into the bed. A similar situa- 
tion occurs when desorbent is introduced. Other nonproductive zones exist within the 

Liquidcomporitio" 

FIGURE 10.3.3 Batch adsorption. 



E. J. Houde 
IIOP 

The Demen* process is a solvent extraction process developed jointly by UOP' and 
the Instituto Mericano del Petraleo (IMP) for the processing of vacuum residue (VR) 
feedstocks. Developed as an extension of the widely used propane devsphalting tech- 

tom-of-the-barrel processing strategy 

PROCESS DESCRIPTION 

Consequently, the lower contaminant content of the recovered DM0 allows this mate- 
ria( to be used in many refining applications, probably the most imponant of which is 
as incremental feedstock to catalytic processes such as fluid catalytic cracking (FCC) 

. .. , 
tration value. Commercially, Demen pitch has been used in the manufacturing of 
asphalts and cement and as a blending component in refinery fuel oil pools. Other 

*Tradernab sndhr rlwics mark of UOP. 
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potential uses include the production of hydrogen, synthesis gas, ar low-Btu fuel gas To minimize solvent loss, any traces of solvent remaining in bath the D M 0  exiting 
and as a solid-fuel blending component. the D M 0  separator and the pitch from the extractor are recovered in the D M 0  and 

Unlike conventional propane deasphalting, the Demen process uses a unique com- pitch strippers, respectively. This recovered solvent is also recycled back to the 
bination of heavier solvenu, supercritical solvent-recovery techniques, and patented extractor. If the recovery of an intermediate-quality resin stream is desired-for 
extractor internals to efficiently recover high-quality D M 0  at high yield. A schematic instance, when specialty asphalts are produced or when independent control of D M 0  
flow scheme of a modern Demen design is shown in Fig. 10.4.1. This design, which and pitch quality is desired-a resin settler may be added between the unit's extractor 
has evolved from experience gained from both pilot plant and commercial operations and D M 0  separatoi. 
as well as detailed engineering analyses of its various components, minimizes operat- 
ing and capital costs and efficiently recovers the desired product yields at the required 
product qualities. 

Incoming VR is mined with solvent and fed to the vertical extractor vessel. At the PRODUCT YIELDS AND QUALITY 
appropriate extractor conditions, the VR-solvent blend is separated into its D M 0  and 
pitch components. The yield and quality of these components is dependent on the The VR fraction of a crude is the usual feedstock for the Demex process. Typical 
amount of contaminants in the feedstock, the composition and quantity of solvent properties of both the vacuum gas oil (VGO) and VR fractions of two common Middle 
used, and the operating conditions of the extractor. Eastern crudes are presented in Table 10.4.1. As this table illustrates, the VR fraction 

Within the extractor, the downflowing asphaltene-rich pitch component and the contains virtually all of the crude's asphaltenie (C, insolubles) and organometallic 
upflowing DMO-solvent mixture are separated by patented extractor internals. The (V+Ni) contaminants and mast of the crude's Conradson carbon residue. Each of these 
eruactor design also includes a unique liquid flow distribution system lo minimize the contaminants can significantly influence the choice of processing conditions and cata- 
possibility of fouling the ioternals. Compared to previous designs, the increased sepa- lysts used in fixed-bed processing units. 
ration efficiency achieved by these two featureq significantly reduces the size of the The Demer process can be used to selectively reject the majority of these contami- i 

extractor vessel and the overall cost of the Demex unit. "ants. Examples of D M 0  properties obtained at various extraction levels when pro- I 
The combination of heat exchange with recovered solvent and a direct-fired heater eessing the two Arabian-based VRs described in Table 10.4.1 are summarized in ! 

heats the DMO-solvent mixture leaving the top of the extractor to its critical tempera- Tables 10.4.2 and 10.4.3. The selectivity of the process for contaminant rejection is 
ture. The separation of the D M 0  and solvent components of this mixture is accom- illustrated by the absence of asphaltenes and the significantly reduced amounts of 
plished at supercritical conditions within the D M 0  separator. Recovered solvent is organometallics and Conradson carbon in the recovered DMO. These tables also illus- 
recycled back to the extractor. Because most of the solvent is recovered supercritical- trate that D M 0  quality decreases with increasing D M 0  yield. For the Arabian Light 
ly, this material can be effectively used for process heat exchange. Consequently, case, this decrease results in a variation in  demetallization ranging from roughly 98 
compared to earlier subcritical solvent-recovery designs, supercritical solvent recov- percent organometallic rejection at 40 percent D M 0  yield to approximately 80 percent 
erpcan reduce utilities requirements by more than one-third. 

TABLE 10.4.1 Feedstock Properties 
! 

Feedstock Reduced crude VGO Vacuum iesiduc 

Arabian Lighr: 

cutpoint, -C CF) 343+ @so+) 343-566 (65~bi050) 566+ (IOSO+I 
Cr"de. LV % 38.8 26.3 12,s 
Specific gravity 0.9535 0.9206 1.0224 
Sulfur, wf % 3.0 2.48 4.0 
~iirogen, wr % 0.16 0.08 0.31 
Concadson carbon residue, wt 5% 8.2 0.64 20.8 
Metals (V + Ni), wr ppm 34 0 98 
UOP K factor 11.7 11.8 11.4 
C, insolubler, wt % 3.5 0 10 

Arabian Heavy: 

Cutpoint, 'C CFI 343+ (650t) 343-566 (650-1050) 565+ (1050t) 
Clude, LV % 53.8 30.6 23.2 
specific gravity 0.9816 0.9283 1.052 
sulfur, wr % 4.34 2.92 6.0 
Nitrogen, wt% 0.27 0.09 0.48 
conradson cacbon residue, wr % 13.3 0.99 27.7 
Mctals (V + Ni), wt ppm 125 0 269 
UOP K factor 11.5 11.7 11.3 
C, insolubles, wt % 6.9 0 15 
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FIGURE 10.4.2 Effect of solventrate and extiasttt iitemte11. 

(S:O) ratio for 50 vol % DM0 yield. When the same feedstock is processed at a higher 
5:1 S:O, the organometallic content of the DM0 recovered at the same 50 "01% DM0 

-~~~ ~~~ ". 
quality achievable at higher solvent rates must be balanced against t i e  additional 
operating costs associated with the higher solvent recirculation and solvent-recovery 
re~uirements and the increased capital costs associated with the larger equipment 

...~ ~~ ~~~~ ~~ 

'I hc sddrtton of  p a c n t d  D.msh mtr.l;cJr inirrnals hou.c\ :I. n.udtilej the nldt8un- 
$hip bewren U\10 yteld and DhIO quall~y h) ~mpru\ing tile crrr~cror ' i  ;cprra#on 

rates are eliminated when the intervals are employed. 

DM0 PROCESSING B 
Because the most common application of the Demex process involves recovering 
additional feedstock for catalytic processes such as FCC or hydrocracking, the amount 
of DM0 recovered in the Demen unit can have a significant impact on the quantity 
and quality of the feedstock used in the conversion unit. Figurer 10.4.3 and 10.4.4 

~~~-~~~ -- 

Figure 10.4.3 idicates thatorocessine ;he Arabian Liaht feedstock at DM0 recov- 
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FIGURE 10.4.3 "GO-DMO-blend quality (Arabian Light case). 

20 40 60 80 

DemexEnraction Levelml-% 

FIGURE 10.4.4 VGO-DMCLblend qualify (Arabian Heavy case). 

~nclusron of the Demen u n ~ t  increased the mount  of feedstock used by the converscon 
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unit by approximately 35 percent. Figure 10.4.4 indicates that a similar percentage 
increase in conversion unit feedstock is obtained from the Arabian Heavy feedstock 
when producing a comparable VGO-DM0 quality. Because of the higher contaminant 

UOP ISOSlV PROCESS 
content of the Arabian Heavy crude, however, this VGO-DM0 quality limit is reached 
at a lower D M 0  recovery rate. Thus, hydratieating DM0 recovered from highly cont- 
aminated crudes may be an ecottamically feasible bottom-of-the-barrel processing Nelson A. Gusher 

UOP 
Des Plnines, Iiiinois 

PROCESS ECONOMICS 

The estimated battery-limits cost for a nominal 20,000 barrels per stream day (BPSD) 
two-product Demex unit consuucted to UOP standards at a U.S. Gulf Coast location is 
approximately $20 million. Sample utility consumptions for this unit are summarized 
in Table 10.4.6. 

DEMEX PROCESS STATUS 

UOP's first Demer unit was licensed in  1977. As of mid-1995, a total of 13 Demex 
units with capacities ranging from 500 to 42,000BPSD have been licensed. This num- 

INTRODUCTION 

her ~ e p r e s e ~ t s  a combined licensed capacity of roughly 260,000 BPSD. 
Approximately 150,000 BPSD of this capacity (nine units) has been placed in eom- Light straight-run (LSR) naphtha fractions made in the refinery are predominantly 
mercial service. These commercial applications have ranged from the recovery of C,'s through C,'s, with traces of C,'s. They are highly paraffinic and contain moder- 
incremental feedstock for downstream FCC and hydrocracking units to the production ate amounts of naphthenes, low aromatccs, and no olefins. The average clear research 
of road asphalt (or solid pitch) and have included both two-product and three-product octane number (RONC) is usually in the 60s. 

~ t m e n  process configurations. The paraffinicity of light naphtha is what makes it a desirable petrochemical crack- 
ing stack. The aromatic rings are too thermally stable for cracking, and the naphthenes 
produce more liquid products. The straight-chain normal paraffins produce more eth- 

TABLE 10.4.6 Typical Dernex Utilities* ylene and Less pyrolysis gasoline than the branched-chain paraffins. 
Figure 10.5.1 compares pyrolysis unit yields from a normal paraffin feed with 

ElecVic power, kW yields from a mixed natural gasoline feed. The yields are based on a single-pass pyrol- 
Fuel fired, 1 0 ~ t u t h  ysis operation at equivalent high furnace reverities for both feeds. The normal paraffin 
Steam. MTh (10'iblh): feed was extracted from a C, through C, natural gasoline stream. The natural gasoline 

High pressure feed contained 54.4 percent straight-chain paraffins and 45.6 percent branched and 
Medium pressure cyclic hydrocarbons. The ethylene yield is about 30 percent higher for the all-normals 
Low pressure fractions. Propylene, butene, and light-gas yields decrease slightly. The pyrolysis 

Cooling warer, m3h (LO3 gdh)  gasoline yield is considerably reduced. 

-8aris: ~0.000-BPSD rapacity. As the endpoint of naphtha is decreased, the paraffinicity of the stream increases: 
Note: M T ~  - metric tom per hour. as a result, ethylene production increases and the production of pyrolysis gasoline and 

fuel ail decreases. The LSR naphtha-specially the 700C (C5-160'F) portion, which 
is about 95 percent paraffinic-is therefore a prime substitute for natural gas liquids as 
an ethylene plant feed. The nonnormal components of the LSR naphtha fraction have 
higher octanes than the normal paraffins (Table 10.5.1) and are excellent gasoline 
blending components. 

The UOP* IsoSiv* process uses molecular sieves to physically remove normal 
paraffins from the LSR feedstock. In the pact, gasoline-range IsoSiv units were pri- 
marily used m produce ~pecialry chemicals. The normal paraffin product having a 95 
to 98 percent purity was cut into single-carbon-number fractions for special solvents. 
The normal-paraffin-free fraction was usually sent to the gasoline pool as an octane 

*Trademark andloi rrrvice r n ~  of UOP. 
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booster. The more recent IsoSiv units were built to produce high-octane gasoline com- 
ponents; the normal paraffin by-product was sold as petrochemical feedstock or sent 
to an isomerization reactor. 

GENERAL PROCESS DESCRIPTION 

The LSR naphtha fractions usually contain 40 to 50 percent normal paraffins. The 
IsoSiv process (Fig. 10.5.2) separates the normal paraffins from a hydrocarbon mix- 
ture by selective adsorption on a molecular sieve material. This material is a crys- 
talline zeolite having uniform pore dimensions of the same order of magnitude as the 
size of individual hydrocarbon molecules. The molecular sieve used for normal paraf- 
fin separation has pore openings in the crystalline structure that are sized to allow 
molecules of normal paraffin to pass through the pore openings into the internal crys- 
tal cavity, where they are retained. Nonnormal hydrocarbons, such as isoparaffins, 
naphthenes, and aromatics, have larger molecular diameters and are, therefore, enclud- 

FIGURE 1o.s.l Pyrolysis yield data. ed from entering the crystal cavity through the pore opening. 
The hean of the IsoSiv process is the adsorber section, which consisrs of vessels 

filled with molecular sieve adsorbent. The LSR feedstock is fed into one end of an 
adsorber vessel. The normal paraffins in the feedstock remain in the vessel by being ! 
adsorbed into the molecular sieve, and the remainder of the feedstock passes out the TABLE 10.5.1 Properties of Common Gasoline Compomntt 
other end of the vessel us a nonnormal product. In a subsequent process step, the nor- 

Molecular Boilingpoint, Density. ma1 paraffins are recovered from the adsorber vessel as a separate product by use of a 
Component weight 'C CF) kg/m3 (Iblgal) RONC purge material. All process hardware in an IsoSiv unit is conventional refinery equip- 

lrobutane 581 -11.7 (10.9) 562 (4.69) loo+ ment, such as pumps, furnaces, heat exchangers, and compressors, that is designed to 
n-butane 58.1 -0.5 (31.1) 582(4.86) 93.6 deliver the feedstock and the purge material to the adsaiber section. 
Neopenfane 721 9.4 (49.0) 596 (4.97) 116 Typical performance (Table 10.5.2) results in an isomer product that is 98  to 99 

72.1 27.9 (82.2) 623 (5.20) 92.3 percent free of normal paraffins and a normal paraffin product of 95 to 98 percent 
72.1 36.1 (96.9) 629 (5.25) 61.7 purity. The high-octane isomer product can have a RON approximately 15 numbers ! 

Cyclopentane 70.0 49.3 (1207) 749 (6.25) 100 higher than the feed, depending on feed composition. The IsoSiv-grade molecular 
2.2-dimeIhlyburane 86.2 49.7 (121.5) 664 (5.54) 91.8 sieve adsorbent is fully regenerable and has an expected life of 10 to 15 years. 
2.3-dimerhylbutane 86.2 58.0 (136.4) 664 (5.54) 101.7 
2-methylpenlane 86.2 60.3 (140.5) 667 (5.57) 73.4 
3-methylpentme 86.2 66.3 (145.9) 652 (5.44) 74.5 
n-heiane 86.2 68.7 (155.7) 657 (5.48) 22.8 
MeIhylcyclopentane 84.2 71.8 (161.3) 753 (6.28) 91.3 
2.2~dimeihylpenlane 1002 79.2 (174.6) 676 (5.64) 92.8 
Benzene 78.1 801 (176.2) 882 (7.36) loo+ 
2.4-dimethylpentane 100.2 80.5 (176.9) 676 (5.64) 83.1 
Cyclohexane 84.2 80.7 (177.3) 782 (6.53) 83 
2.2.3-trimethylbutane 100.2 80.9 (177.61 693 (5.78) 112 
3.3-dimethylpentane 100.2 86.1 (186.9) 696 (5.81) 98 
2.3-dimcrhylpenrane 100.2 89.8 (193.6) 699 (5.83) 88.5 
24-dimelhylpcnLme t00.2 90.1 (194.1) 681 (5.68) 55 

100.2 91.9 (197.5) 690 (5.76) 65 
921 110.6 (231.1) 870(7.26) LOO+ 

106.2 136.2 (2771) 870 (7.26) LOO+ 
Cumene 120.2 152.4 (306.3) 864 (7.21) LOO+ 
1-methyl-2-eulylbenzene 120.2 165.1 (329.2) 881 (7.35) 100+ 

142.3 174.0 (345.2) 732 (6.11) -53 

FIGURE 10.53 UOP IroSiv pmcssr. 

i 
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TABLE 10.5.2 Typical Performance liquid is taken as product. The uncondensed vapors are reused as part of the nonad- 
sorbable purge. 

Isomer product pudy 98.99% 
Isomer research octane -15 higherthan feed RONC 
Normal-paraffin product purity 95-9840 
Adsorbent enpecred life 10-15 years Desorption 

After the adsorption step, the beds are countercurrently purged with a "onadsorbable 

PROCESS PERSPECTIVE medium. This countercurrent purging desorbs the normal paraffins and sweeps these 
desorbed vapors from the bed, thus maintaining the average partial pressure of the 
desorbate below the value in equilibrium with the loading an the bed. The continuous 

me UOP ~ s o s i v  process gained early acceptance and has maintained a leading posi- removal of the desorbate vapor and the simultaneous transfer of the absorbed phase to 
tion to the present day. The technology of normal paraffin separation by adsorption the purge gas in an attempt to establish equilibrium drive the desorption stage to com- 
had its start in the late 1950s in the separation of normal paraffins from gasoline for pletion. A complete removal of the normal paraffin adsorbate is not achieved on each 
octane improvement purposes. The first commercial application was an IsoSiv unit desoiptian. An economic balance between the bed size, as determined by the fraction 
installed by the South Hamptan Company of Silsbee. Texas. In 1995, more than 45 of normal adsorbate removed (delta loading), and the purge required determines the 
IsoSiv units were operating as stand-alone units or as part of UOP's TIP* technology degree of normals removed. This stream is then cooled and condensed, and the liquid 
in the United States, Australia, Europe, Asia, and South America. These units range in is taken as normal product. The uncondensed vapors are reused as part of the purge 
size from 1000 to 35.000 barrels per stream day (BPSD) of feed capacity. medium. 

The elevated temperatures used for vapor-phase adsorption can cause a gradual 
formation of coke on the beds. To remove any accumulation, a burn-off procedure is 

DETAILED PROCESS DESCRIPTION incorporated to reactivate the adsorbent at required times. This burn-off capability provides a built-in safeguard against permanent loss of bed capacity as a result of 
operating upsets. An in situ regeneration procedure is used to burn off the coke 

The naphtha-mnge IsoSiv process makes use of the highly selective adsorption capa- deposits and restore full adsorbent capacity. 
bility of a molecular sieve. The process is run at a constant. elevated temperature and 

Vapor-phase operation is used to provide straightforward processing. Continuous 
processing is accomplished through cyclic operation that uses valves actuated by stan- PRODUCT AND BY-PRODUCT SPECIFICATIONS 
dud ,  fully automatic sequencing controls to switch adsorption beds. A steady flow of 
feed and products and constant product purity are maintained. All operating conditions The normal product purity is typically 95 to 98 percent. The purity of the isomer prod- 
are within the temperature and pressure ranges common to refinery and petrochemical uct is typically 98 to 99 percent. The high-octane isomer product c a  have i RON 
operation. The basic IsoSiv cycle consists of an adsorption and a desorption step. approximately 15 numbers higher than the feed, depending on feed composition. 

WASTE AND EMISSIONS 
The feed stream is pumped through the heat exchanger. where it is heated by the non- 
normal product, and then passes through a feed heater to an adsorption bed. It is then NO waste streams or emissions are created by the lsoSiv process. Isomer and normal 
passed upward through one adsarber vessel, where the normal paraffins are selectively products are usually stabilized, however. The result is a liquefied petroleum gas prod- 
adsorbed in  the bed. As the normal paraffins are adsorbed, the liberated heat of uct (C, + C,, rich in isobutane) and a stabilizer vent (Hz + C, + c,). 
adsorption creates a temperature frant that travels through the bed. This front closely 
coincides with the mass-transfer front and gives an indication of when the adsorption 
step should be terminated to prevent the normal paraffins from breaking through the 
effluent end of the bed. This temperature front is used in the field to set the cycle 
timer to prevent the frant from reaching the bed exit. The ""adsorbed isomers and 

PROCESS ECONOMICS 

cyclic hydrocarbons that pass through the beds are heat-exchanged against the feed 
stream to recover heat. This stream is then cooled and condensed, and the high-octane Many factors influence the cost of separating isoparaffins and normal paraffins. These 

factors include feedstock composition, product purity, and the capacity and location of 
the unit. Location affects casts of labor, utilities, storage, and transportation. With this 
in mind, Table 10.5.3 presents investment and utility requirements. 

In summary, commercially proven large-scale production technology is available 
. ~ ~ d ~ ~ ~ r ~  andlor remice msrk of UOP. today for the economic production of high-quality isoparaffins and normal paraffins. 
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GENERAL PROCESS DESCRIPTION almost doubled previous capacity. A third lsoSiv unit of more than 200,000 MTA 
(440,000 lblyear) came on-stream in 1976. Total installed capacity is more than 

The IsaSiv process separates normal ~araff ins  from a hydrocarbon mixture, such as 650,000 MTA (4,862,000 lblyear) of normal paraffin production. These units have 

kerosene or gas oil, by selective adsorption on a molecular-sieve adsorbent material. used feedstocks ranging from kerosene to gas oil and intermediate mixtures of both. 

This material is a crystalline zeolite having uniform pore dimensions af the same A seventh kerosene IsoSiv unit came on-line in Brazil in 1983. An eighth came on- 

order of magnitude as the sire of individual hydrocarbon molecules. The molecular line in China in 1992. 

sieve used for normal ~araff in  separation has openings in the cryrtalline structure that 
are sized to allow normal paraffin molecules to pass through the pore openings into 
the internal crystal cavity, where they are retained. Nonnormal hydrocarbons, such as DETAILED PROCESS DESCRIPTION 
isoparaffinr, naphthenes, and aromatics, have Larger molecular diameters and are 
therefore excluded from entering the crystal cavity through the pore opening. 

The hean of the IsoSiv process is the adsorber section, consisting of vessels filled 
The kerosene IsoSiv process employs the highly selective adsorption capability of 

with molecular-sieve adsorbent. The kerosene or gas-oil feedstock is fed into one end 
molecular sieves. The simplified process flow scheme is shown in Fig. 10.6.1. The 

of an adsorber vessel, the normal paraffins in the feedstock remain in the vessel by 
basic cycle consists of three steps: adsorption, copurge, and desorption. This section 

being adsorbed in the molecular sieve, and the remainder of the feedstock passes out 
describes each in detail. 

the other end of the vessel as a denarmalized kerosene gas oil. The normal paraffins 
are recovered from the adsorber vessel as a separate product by using a purged materi- 
al. All process hardware in an IsoSiv unit is conventianal refinery equipment, such as Adsorption Step 
pumps, furnaces, heat exchangers, and compressors, designed to deliver the feedstock Hydrocarbon feed at elevated temperature and slightly above atmospheric pressure is 
and the purge material to the adsorber section and to remove the products from the passed upward through an adsorber vessel, where the normal pardfins are selectively 
adsorber section. The kerosene IsoSiv process typically recovers 95 wt % of the nor- adsorbed in the bed. In processing gas oil feedstock, henane is added to the gas 

feed to dilute it and prevent capillary condensation from on the adsorbent 
bed. As the nonnal paraffins are adsorbed, the liberated heat of adsorption creates a 
temperature front that Uavels through the bed. This front closely coincides with the 
mass-transfer front and gives an indication of when the adsorption step should be ter. 

PROCESS PERSPECTIVE minated to prevent the normal paraffins from breaking through the effluent end of the 

ful, in that they resulted in molecuiu-sieve processes capable of separating long-chain 
normal paraffins from kerosene-range feedstocks at just the time when the detergent 
industry decided to switch to linear alkylbenzene sulfonates as a basis for its formula- 
tions of "soft" detergents. The consequent demand for long-chain normal paraffins led 
to a worldwide wave of construction: at least 12 adsorption plants were built to 
process kerosene-range feedstocks and use processes developed by Union Carbide, 
UOP, Esso, British Petroleum, Shell, and Texaco. Among the first units was the South 
Hampton Company's naphtha IsoSiv ""it, which was converted to the kerosene range 
in 1961. In 1964 Union Carbide Corporation installed at its Texas City, Texas, peoo- 
chemical complex an lsosiv unit producing 100,000 metric tanslyear (IVITA) (220,000 
Iblyear) of normal paraffins from kerosene. This unit was to remain the worles largest 
normal paruffin-producing plant for almost 10 years. 

At the beginning of the 1970% a further extension of adsorption technology was 
~equired. The normal paraffins used as subsvatea for protein production extend into 
the gas oil feedstockrange. Suitable modifications can and have been made la existing 
adsorption technology to allow successful application to the new requirements. in 
1972, Liquichimica S p A . ,  now Condea Augusta S.p.A. but then a subsidiary of the 
Liquigas Group of Italy, installed and started up in Augusta, Sicily, a modified IsoSiv 
unit to produce 110.000 MTA (242,000 lblyear) of normal paraffins from both 
kerosene and gaa-oil feedstocks. Plant expansions put on-stream in 1973 brought nor- 
mal paraffin production capacity at Augusta up to approximately 250,000 MTA 
(551,000 lblyear), meking it by a wide margin the largest single normal paraffin-pro- 
ducing installation in the world. A second unit that came on-stream in December 1974 FIGURE 10.6.1 Kerosene lroSiv process. 
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bed. This temperature front is used in pilot plant work to determine optimum design locks and alarms ace provided so that the plant can operate with a minimum of opera- 
conditions and can be employed in commercial units to set the cycle timer to prevent tor attendance. 

the front from reaching the bed exit. The unadsorbed isomer and cyclic hydrocarbons 
and some purge herane that pass through the beds combine with the copurge effluent 
and are heat-exchanged against the feed stream m recover heat. This stream is then Oxidative-Regeneration Description 
sent to a distillatian system, where the henane purge material is recovered as a distil- 
late product and the heavier isomers are taken as battoms products. As the adsorher beds are cycled at the elevated operating temperatnres, a carbona- 

ceous deposit gradually accumulates. This deposit reduces the capacity of the adsar- 
bent, and this reduction ultimately results in a breakthrough of normal paraffins into 
the isomer product stream <id decreased narmal paraffin recovery. The rate at which 

Copurge S t e p  this deposit accumulates depends on factors such as temperature, feed impurities, feed 

After the adsorption step, the normal paraffin-loaded beds are purged in the cocurrent 
properties, cycle time, and residual paraffin loadings. This type of adsorbent deactiva- 

direction with just enough vaporized hexane to displace the nonadsorbed feed and iso- 
tion is not permanent, and the original bed capacity can be restored by burning off this 

meric hydrocarbons from the void spaces in  the adsorber vessel. This step is important 
deposit under controlled conditions. Far a kerosene-type feedstock, a bed can be 

especially in the production of protein substrates because it ensures that u high-purity 
cycled for 15 to 30 days before oxidative regeneration is necessary. For a gas oil feed- 

product will be recovered from the desorption step. The effluent from the cocurrent 
stock, the period is reduced to about 6 to 10 days. 

When a bed has been cycled to the point at which oxidative regeneration is 
purge step is combined with the adsorption effluent stream, as mentioned previously. required, it is removed from the processing operation, and another adsorber vessel is ! 

put into operation. This change is made without any interruption in the cycling 
sequence. The coked bed is removed from cycling after the desorption step and is 

Derorption-Purge S t e p  given an additional long desarption purge to remove as much of the residual normal 
paraffins as possible. m e  bed is then completely isolated from the cycling system, and 

~ f t ~ r  the capurge step, the beds are purged countercurrently with henane. This coun- a downflow circulation of nitrogen is pumped by means of a compressor or blower 
tercurrent purging desorbs the normal ~araff ins  and sweeps these desorbed vapors and then passed through a heater to the adsorber vessel. The circulation of hot nitm- 
from the bed, thus maintaining the average desorbate partial pressure below the value gen has two purposes: to purge the henane from the bed and to raise the temperature 
in equilibrium with the loading an the bed. The continuous removal of the desorbnte of the bed to above the coke-ignition point prior to the introduction of oxygen into the 
vapor and the simultaneous transfer of the adsorbed phase to the purge gas in an system. The effluent gas from the bed is cooled to condense the hydrocarbons and 
attempt to establish equilibrium drives the desorption toward completion. In addition water that desorb. 
tp this stripping effect, the normal hexane itself becomes adsorbed on the bed and When the bed is up to temperature, air is introduced into the circulating stream at a 
helps displace the heavier normal paraffin desorbate. A complete removal of the heavy controlled rate. The oxygen in the gas combusts with coke in the tap of the bed. The 
normal paraffin adsorbate is not achieved on each desorption. An economic balance heat released from combustion is carried out of the burning zone as a preheatfront 
between the bed size, as determined by the fraction of heavy normal adsorbate traveling ahead of the burning front. This preheat front raises the bed temperature 
removed (or delta loading), and the henane purge required determines the degree of even further. This temperature is controlled by regulating the amount of oxygen in the 
removal of the heavy normals obtained. As the purge quantity is decreased, the delta entering gas. Because excessive internal adsorbent temperatures permanently destroy 
loading is decreased; and larger adsorbers are required for a given hydrocarbon feed the molecular-sieve crystal, the gar-phase temperature is critical. AE the burning front 
throughput and cycle time. This decreased delta loading increases the rate of adsor- passes through the bed, the temperature drops back to the gas inlet temperature. 
bent deactivation and consequently the required bum-off frequency because the higher Because the coke deposit contains hydrogen, water is formed during combustion in 
residual loading increases the rate of coke formation. Conversely, increasing the purge addition to carbon oxides. This water must be removed from the system because the 
quantity increases delta loading until the hexane-handling equipment and operating molecular-sieve crystal is permanently damaged by repeated exposure to water at high 
costs become significant factors. temperatures. To minimize this damage, a dryer is used to prevent the water from 

The desorption effluent containing heavy normal paraffins and herane is partially accumulating. The proper design of the regeneration process and the rugged nature of 
condensed by heat exchange with the cold hexane purge. The vapor fraction and the the molecular sieve ensure that the adsorbent has a long operating life. 
condensate are transferred to the normal dehenanizer system, where the normal paraf- After the regeneration is complete, the bed is cooled down to the process operating 
fins are separated from the hexane by standard fractionating techniques. The normal temperature and purged of any remaining oxygen by circulating nitrogen. The bed is 
paraffin product from the bottom of the column is cooled and removed from the now ready to go on-stream to replace one of the adsorbers in use so that it in turn can 
process. This separation is relatively easy because of thk wide difference in boiling be reactivated. 
point between hexane and the lightest heavy normal paraffin. The recovered henane 
from this column is zlso condensed and circulated back to the henane accumulator 
without fractionation. Small additions of fresh hexane are required to make up losses 
of hexme carried out in both product streams. WASTE AND EMISSIONS 

  he foregoing operation sequence is integrated into continuous processing by the 
cyclic use of several adsorber vessels. Automatic valves are operated by a sequencing During normal operation of the kerosene IsoSiv unit, the vent gas is not expected to 
control system. The flow bf both feed and products is uninterrupted. Suitable inter- contain more than 5,000 vol ppm of total sulfur on the average. The maximum peak 
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sulfur level in the vent gas stream is not expected to exceed 5 vol % when the unit is TABLE 10.6.2 ~ciosene-~ange 1sosiv monomics* 
operating with feedstocks containing up to 500 wt ppm total sulfur. A second vent 
stream contains approximately 1000 vol ppm of sulfur during the bum-off of an adsor- Average molecular weight 
ber bed. The peak concentration is not expected to exceed 5 percent. This vent will 160 200 
also contain approximately 2 vol % carbon monoxide. 

240 

Proper handling of these vent gas streams depends on many factors. One suggested 
Cvpiral investment: 

method of handling these streams is to feed them to the hexane-hearer firebox, provid- 
Installed equipment cost $10,800,000 $15,800,000 $19,80o,ooo 
Adsorbent 

ed acceptable stack sulfur levels can still be maintained. 1,500,000 2,200,000 2,600,000 
Total investment 

-- 
$12,300.000 $18,000,000 $22,400,000 

utiiities: 
Fuel (90% furnace efficiency). 4.64(44) 11.4 (1081 16.1 (153) 

ECONOMICS 10'Olh (1o6Btu1h) Power, kW 410 1000 1420 
Cooling water [17'C (306'F) rise] 

Many factors affect the cost of extracting normal paraffins. They include the nature of 
0.095 (251 0.208 (55) 0.322 (85) 

m3/min (gallmin) 
the feedstock from which the normal p a d f i n s  are to be extracted, the specifications Sceail~ (50 ib/in28rge saruraccdl, kgh (lblh) 149 (334 363 (800) 521 150) 
of the ~ r o d u c t  normal parafims, the production capacity or size of the plant, and the Nilrogen, m'h (SCFI~) 41.3 (1460) 101 (3580) 144 (5090) 
location. The last factor includes such items as climatic conditions and availability Chemicals (85% purity "C, at $llgal), 1700 4200 
and cost of labor, utilities, storage, and transportation. $/calendar day 

5800 

The feedstock is of primary importance. The normal paraffin content of gas oils 
ranges from 10 to 40 percent, depending on the crude oil source. The higher the nar- 'Basis: 100,000 MrA i2zO.OW lbl~cnr) of normal paraffin podur,. united ststar G ~ ! ~ c ~ ~ ~ ~  199L95, 

mu1 content, the more amenable it is for normal paraffin processing. Refiners NO,#: SCF = standad cubic fsrl: MTA = mctric tons 

also find this feed the least attractive far fuel oil or diesel fuel because of its high pour 
or freeze points. Extracting the normal paraffins reduces the freeze point cansiderably, 
thus making the isomer product more salable. Impurities such as the amount of sulfur TABLE 10.6.3 Kernsene-Range lsosiv ~erfarmanc~ 

must also be considered. 
~ o r m a l  paraffin specifications as required by the selected fermentation process are Avemp maiecuinr weight 

also important. The hydrocarbon range, normal ~a ra f f i n  content, and types of impuri- 160 200 240 
tie8 bear directly on whether pnfractionation of the feedstock before normal paraffin Normal product purity, wt % 
extraction or postfractionation after extraction is required and on whether and to what 

98.5 98.5 93.5 
Normal product recovery, wr 90 95 

degree some form of posttreatment is required to remove trace sulfur and aromatic 
95 95 

Expected adsorbent life, years 5 5 
The IsoSiv process produces normal paraffins at 98.5 wr % purity. 

3 

Plant size i s  imponant because large plants tend to be more economical. Far nor- 
mal ~a ra f f i n  extraction, plants producing Less than 100,000 MTA (220,000 lblyear) are 
considered to be relatively small from an economic point of view. However, plants 

BIBLIOGRAPHY 

with ~apaci t ies  larger than 500,000 MTA (1,102,000 lblyear) offer little economic 
incentive. Location is also important. Lapiante. L. I., mdM. F Symooiak, '%lerds one way of~conomically 

All these economic considerations, plus an uncertain and rapidly changing eco- Producing Long-Chain Paraffins," NPRA sun ~ ~ ~ ~ ~ i ~ ,  ,970, 
nomic climate, make estimates of capital-investment and operating costs for extracting Rebet, R. A ,  and M. F. Symoni*. "1soSiv: A separation process to producr n.paraffms for 
"ormal ~araff ins  extremely tenuous. However, to give some insight into these figures, Single Cell Pmtein," American Chemical society phiisdelphia, ~ ~ ~ i l  1975. 

estimates are presented for kerosene feedstocks of three different malecular weights. 
These figurer appear in Table 10.6.2. Total investment ranges from $12 to $22 mil- 

Typical performance appears in Table 10.6.3. For all feedstocks, 98.5 wt % normal 
paraffins in the product are achieved. Normal paraffin recovery is  95  percent. 
Expected adsorbent life is 5 years; for the highest-molecular-weight feedstock, adsor- 
bent life falls to 3 years. 

In  summary, commercially proven large-scale production technology is available 
for the economic production of high-quality normal paraff~ns in the kerosene range. 
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The utility requirements for such a unit per 1000 ib of feed are as follows: 

Electric power, kwh 7.9 

Hot-oil heat, J (lo6 Btu) 527 (0.5) 
Cooling water circulated [15-C (27'FI) rise], ma (gal) 0.246 (65) 

COMMERCIAL EXPERIENCE 

As of early 1995, a total of 22 UOP Molex process units had been commissioned. 
Another three were in various stages of design or construction. product capacities 
ranged from 2500 MTA (5.5 million lblyeur) to 155,000 MTA (340 million iblyear). 

AC = Adsorbent Chamber 
DSD m Desorbmt Surge Drum 

EC = Extract Column 
RC - Raminate Column 
RV - RotaryValve 

FIGURE 10.7.1 UOP Moicr process design chanrterirtici. 

~ h a s e  allows for uninterrupted continuous operation aver many years without regener- 

Refer to Chap. 10.3 for details of the operation of this separations technology. 
Figure 10.7.1 illusuates the general design characteristics of such uniu. 

YIELD STRUCTURE 

Typically, a UOP Molen process unit produces normal paraffins at about 98 to 99 wt % 
purity and at about 96 to 98 wt %recovery, depending on the amount of adsorbent used 
relative to the volume of feed. 

ECONOMICS 

To a certain extent, the economics of the UOP Molex unit is dependent on the feed 
quality, because some prefractionation and hydrotreating may be required to control 
the level of contaminants that might otherwise affect unit performance or adsorbent 
life. If the feed is assumed to have been properly treated, the estimated erected cost of 
a UOP Molen unit, feeding 353,000 metric tons per year (MTA) (778 million lblyear) 
of a paraffinic kerosene in the C,, to C,, r a g e  with about 34 percent normal paraffins, 
was about $15 million in 1995. This unit was designed far the recovery of 120,000 
MTA (265 million Iblyear) of normal paraffins at 98 percent purity. This $15 million 
cost represents the fully erected cost within battery limits for a particular UOP Molen 
unit built on the United States Gulf Coast. 
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In contrast, t~ayed fractionating columns and liquid-liquid extractors are designed The flow diagram for the Olen process is shown in Fig. 10.8.1. See Chap. 10.3 for 
to provide practically complete aninl miring in each physical element to create inter- a more detailed description of Sorben separations technologies. 
facial areas lor lnvss transfer. The number of theoretical equilibrium stages is thus 
limited substnntivlly lo the number of physical mining stages installed. This limitation 
could be avoided, in theory, by tlie use of packaged columns. However, if thepacking- 
particle size is s~nnl l  enasgh lo provide interfacial areas comparable with those 

COMMERCIAL EXPERIENCE 
obtained in beds, the capacity to accommodate the counterflow of two fluid 
phases becomes low. Thus, great difficulty is encountered in obtaining uniform Sin UOP Olen process units have been commissioned since the first one came on 
unchrnneled flow of both fluid phases. In an adsorptive bed, these limitations are stream in 1972. In early 1995, another two units were at various stages of design or 
much less severe becausc only one fluid phase is involved. construction. Five commercial units process heavy (C,&,, up to C,5.,8) olefin feeds 

In the past, processes employing solid adsorbents for treatment of liquids have not and one unit processes a light (C,) olefin feed. The heavy-feed olefin content ranges 
gained wide acceptance except where the quilntity of material to be removed was from 10 to 13 wt %, and the light feed is approximately 80 wt % alefinr. 
small and liequent regeneration of the adsorbent was therefore not required. One rea- 
son far this slow acceptance was the absence of a design that would permit continuous 
operation In the usual fined-bed adsorptive process, the feed stream is discontinuous, 
and the product streams vary in composition. Thus, integrating the operation of any ECONOMICS 
intennittent process with continuous processes operating upstream and downsveam 
from it is difficult. In early 1995, the estimated erected cost of a UOP Olex unit for the production of 

The unique process configuration used in Sorben units eliminates these problems 52,000 metric tonslyear (115 million lblyr) of olefins in the C, ,  to C,, carbon range 
and facilitates continuous adsorptive separation. The Sorbex flow scheme simulates from a feed stream containing only 10 wt % alefins was about $17 million. This 
the conti~~uous counlercurrent flow of adsorbent and liquid without actual movement amount was the fully erected cost within battery limits of a unit built on the United 
of the adsorbent. This system design maker adsorptive separation a continuous States Gulf Coast. 
process and elin~invtes the inherent problems of moving-bed operation. The utility requirements for such a unit per 1,000 lb of feed would be approximate- 

Essentially, the UOP Olen process is based on the selective adsorptive separation ly as fallows: 
of olefins from pitrillfins io a liquid-phase operation, The adsorbed olefins are recov- 
ered from the adsorbent by displacement with a desorbent liquid of u different boiling Electric Power, k w h  3.0 

Hot-oil heat, 1 (lo6 Btu) 316 (0.3) 

Cooling water circulated [15'C (27'F) rise], mvga l )  0.132 (35) 

Para[lin4Jlelln 

AC = Adsorbent Chamber 
DSD = Desorbent Surge Drum 

EC = Extract Column 
RC = Ralfinate Column 
RV = Rotary Valve 

FIGURE 10.8.1 UOP Olsr prossrs. 
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REFINERY SULFUR 
MANAGEMENT 

W. W. Kensell 
M. P. Quinlan 

The M. W. Kellogg Company, USA 

INTRODUCTION 

Raw crude ail contains sulfur and niuoeen. Durine orocessine. the sulfur and nitroeen - - .  
>,re ;onvrricd pnn.!pally I, 11,s xnJ YH, snd, m .% 1 e . w  depree or:an#: qtllrur ('O$ 
.+nd CS:, >nJ n.,,r:Jpwtlr RSH, 

hlorc \rrmpcnl en\.ronmmcrl . t *nJ~rJ,  4,) lhc CII~I,)I.II> oi ~ l f u r  11111 intcropen 

" 
with higher sulfur contents and are doing more bottom-of-the-barrel conversion. The 
need for new or revamped sulfur management facilities is expected to grow as 
demands for cleaner fuel; and enviionmen<increase and crude oil siates change. 

As illusuated in Fig. 11.11, sulfur management within a refinery consists of four 
basic processes. Amine treating units (ATUs) remove H,S fram recycle gas streams in 
hydroprocessing operations and from fuel gasniquefied petroleum gas (LPG) recovery 
units. The amine is regenerated in one or more vmine regeneration units (ARUs). Sour 

FIGURE 11.1.1 Sulfur nmovallrecovery. 
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H,S is 160 vol ppm or lower, and the treated LPG H,S should not exceed 50 wt ppm. 
Since the lean amine is in equilibrium with the treated product at the top of the 
absorber, the required residual at the pressure and temperature conditions can be cal- 
culated. 

Allowable rich amine loadings (moles of acid gas per male of amine) vary with the 
chosen amine and are higher for H,S than CO,. At high pressures, high loadings can 
be employed without exceeding a 70 percent approach to equilibrium at the absorber 
bottom. However, high loadings need to be weighed against the increased corrosive- 
ness of the rich amine solution when it is depressurized at the separation drum and 
beyond. Acid gas loadings typically vary from 0.2 to 0.5 molimol. In LPG liquid 
treaters, lower loadings may be necessary because of enhanced LPG-smine contact 
and tower hydraulics. 

Operating Considerations 

FIGURE 11.1.5 Amine treating unit. The major operating considerations for amine units are mainlaining the condition of 
the amine solution, minimizing Losses and preventing hydrocarbon carryover to the 
sulfur plant. Solution cleanliness is achieved by 100 percent particulate filtration and a 

regenerator to skim off light and heavy hydrocarbons respectively. The regenerated 10 to 20 percent slipstream filtration through a carbon bed absorber to remove hydro- 
amine is filtered and cooled, then distributed to the various absorbers. carbons, foaming, and heat-stable salt precursors. Amine temperatures at the bottom 

of the regenerator should not exceed 126'C. If high back-pressure from the Claus and 
TGCUs makes this difficult, the possibility of lowering the amine concentration or of 
a pumparound regenerator cooling system should be investigated. 

Process Variables While the carbon bed absorber may remove some of the precursors that lead to 

Amine selection is normally between monoethanol amine (MEA, 15 to 20 wt %), heat-stable salt formation, the HSS in the amine solution should not be allowed to 

diethanol amine (DEA, 25 to 33 wt 8). and methyl diethanol amine (MDEA, 45 to 50 exceed 10 percent of the amine concentration. 

wt %). MEA, being a primary amine, is highly reactive, but is degraded by COS, CS,, Water washes at the top of the absorbers are an effective way to reduce amine loss- 

anbeven COT These "onregenecable degradation products require that MEA units es, and excess water can be bled off at the reflux purge to the SWS. The rich amine 

a semibatch reclaimer. DEA is not as reactive as MEA, but still easily separator drum is a three-phase separator with 20 to 30 minutes' residence time pro- 

achieves treated product specification. Compared to MEA, DEA is more resistant to vided to separate the hydrocarbons. Additional hydrocarbon sums also may be pro- 

degradation from COS, CS,, and CO,, but DEA cannot easily be reclaimed. Genetic vided at the reflun accumulator and at the regenerator tower bottom surge chamber. 

MDEA reactivity is low and may not meet treated product specification at low pres- 
sures. Its increasing use is a result of its selectivity for H,S over C02  and its lower 
energy requiremenu. Formulated MDEA can achieve greater reactivity and still lower Economics 
energy requirements, but its cost is high. In refineries, DEA is used most often typi- 
cally as a 25 to 33 wt % solution in water. The cost of an ARU is strongly dependent an the circulation and, to a lesser degree, 

Sour feeds from cokers and catalytic crackers typically contain acids (acetic, the stripping steam (reboiler she) requirements. Full-flow particulate filtration and 
formic, e tc)  and oxygen. These contaminants react with the amine to form heat-stable Large carbon bed adsorbers increase capital cost, but are justified by significantly 
salts (HSS) and to increase the foaming and corrosivity potential of the amine solu- reduced operating costs and downtime. 

tion. A water wash ahead of the &nine absorbers is recommended to minimize acid 
carryover with the sour feeds. In extreme cases, if the concentration of the HSS 
exceeds 10 percent of the m i n e  concentration, a slipstream of the amine will need to SOUR WATER STRIPPING 
be reclaimed. 

Ammonia (from the nitrogen in the crude) can concentrate at the top of the regen- 
erator and cause severe corrosion there. A purge on the renun return line to the SWS Sour water in a refinery originates from using steam as a stripping medium in distilla- 

keeps the NH, at more tolerable levels. tion or from reducing the hydrocarbon partial pressure in thermal or catalytic crack- 

For economy, most refineries will employ a common regenerator for the amine ing. Also, some refinery units inject wash water to absorb corrosive compounds or 

treating associated with the main refinery units. TGCUs typically use a selective salu that might came plugging. This steam or water comes in contact with hydrocar- 

amine such as MDEA. The size and operation of the MDEA unit is such that it is near- bons containing Ha% sour water is the result. The NH, present in sour water comes 

ly always kept separate from other refining amine units. from the nitrogen in the crude oil or from ammonia injected into the crude fractionator 

The required lean amine acid gas residual is a function of the specifications for the to combat corrosion. In addition m H,S and NH,, sour water may contain phenols, 

mated products. Typically, recycle gas is treated to about 10 vol ppm H,S, fuel gas cyanide, CO,, and even salu and acids. 
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A typical stripped water specification limits H,S to 1 to 10 wt ppm and NH, to 30 
to 200 wt ppm. Normally, it is the NH, specification that governs the stripper design, 
since it is much more difficult to strip than H,S. Some stripper designs use caustic to 
free the bound ammonia, particularly when the feed has appreciable CO, or cyanides. 

The presence of phenols and cyanides in the sour water also can have an impact on 
the number of strippers. Nonphenolic sour water strippers process sour water with H,S 
and NH3 only. The stripped watcr is usually suitable for recycle to process units as 
injection wash water. Phenolic sour water contains phenols and other pollutants from 
catalytic crackers and cokers, and stripped water from phenolic sour water stnppeis is 
corrosive and may poison catalysts if used as injection wash water. 

In conventional single-stage strippers, an acid gas containing H,S and NH3 is pro- 
duced. This means that the SRU must be designed for NH, burning. An alternative is 
to use a two-stage stripper (such as Chevron's WWT) that produces separate NH, and 
H,S product streams. 

It is desirable to recycle as much of the stripped water as possible. Stripper water 
may be reused in the crude desalter, as mekeup water for cokerlcruder units, as wash 
water for the hydrotreaters, and occasionally, as cooling tower makeup water. The use 

Process Description of segregated strippers and the specifications of the stripped water determine the 
extent by which the stripped water can be reused. 

A conventional SWS design is illustrated in Fig. 11.1.6. The sour water passes 
through a flashlsepartion drum andlor tank to flash off dissolved gases and to remove 
hydrocarbon oils and solids. The stripper feed is then heated by exchange with the Operating Considerations 
stripper bottoms water. Steam is provided to the bottom of the stripper through a 
reboiler or by direct steam injection if the reboiler is out of service. Major operating considerations for sour water strippers are the foul service and corro- 

The stripped H,S and NH, vapors pass through a coolingldehumidificatim section sive environment. Some reboilers may last only 6 months to a year without cleaning, 
at the top of the stripper. A pumparound cooler removes the heat. The acid gases, plus and provision for direct steam injection is advisable. The use of pumparound cooling 
the uncondensed water vapor, flow to the sulfur plant at a temperature of 82 to 93-C. instead of overhead condensing reduces corrosion. Extreme care is needed in metallur- 

The stripped water is cooled by exchange with the feed and is further cooled by air gy selection. 
or water, if necessary, before being reused or sent to a biological treating unit. 

Economics 
Process Chemistry 

The cost of sour water strippers is strongly dependent on the sour water flow. As 
The chemistry assumes that NH, and H,S are present in the aqueous solution as would be expected, stripped water specifications and installed tankage capacity also 
ammonium hydrosulfide (NH4HS), which is the salt of a weak acid (Hp) and a weak affect the capital costs. 
base (NH,OH). The salt hydrolyzes in water to from free NH, and H,S, which then 
exert a partial pressure and can be stripped. The aqueous phase equilibrium is 

NH:+HS-g&S+NH, SULFUR RECOVERY 

Increasing the temperature shifts the equilibrium to the light, and makes it easier to 
strip out H,S and NH,. H,S is much less soluble and is therefore more easily stripped. SRUs convert the HIS in the acid gas streams from the amine regeneration and SWS 
When acidic components such as CO, or CN- are present, they replace H S  in the units info rnoltsn sulfur. Typically, a two- or t h r e e - ~ t ~ ~ ~  Claus ~ t ~ a i g h t - t h ~ ~ ~ ~ h  
above equations. and the NH, becomes bound in solution as a salt such as (NH,),CO,. process recovers more than 92 percent of the H,S as elemental sulfur. Most refineries 
The free NH, formed by hydrolysis is small. Thus, the H,S removal is higher than pre- require sulfur recoveries greater than 98.5 percent, so the third Claus stage is operated 
dicted, while theNH, removal is lower. below the sulfur dew point, it is replaced wiUl a selective oxidation catalyst, such as 

Superclaus,' or a TGCU follows the Claus unit. It is becoming increasingly popular to 
degas the produced molten sulfur. Shell, Elf Aquitaine, and others offer proprietary 

Process Variables processes that degas the molten sulfur to 10 to 20 wt ppm H,S. 

Steam, fuel gas, and air are all possible media to strip the sour water. To meet stripped 
water specifications, steam normally is required and is almost exclusively used in 
refinery sour water Ueattwnt. .~radsrnsrk orstork comp~imim. 
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problems if the ammania is not fully destroyed in the thermal reactor zone. The design H,S recovery processes and are capable of achieving overall recoveries of 99.9 per- 
of burners and the reactor furnace configuration are strongly dependent on whether the cent of the sulfur in the acid gas to the SRUs. 
Claur unit must have ammonia-burning capabilities. If all of rhe acid gas is not sent to 
the burner, the amine acid gas should be water-washed to remove traces of ammonia. 

Replacing air with enriched air or oxygen significantly enhances the capacity of a Process Description 
Claus unit. This can be particularly attractive when a Claus unit is down or when an 
existing refinery needs to be revamped to handle higher sulfur capacity. Figure 11.1.9 illustrates a SCOT-type TGCU. (Some of the major equipment items 

Reheat may be accomplished by in-line burners (using amine acid gas or fuel gar), also are visible in Fig. 11.1.8.) The tail gas from the Claus unit is heated in the hydro- 
hot gas bypass, external heating by steam, etc. These methods vary in cost, reliability, generator reactor to the hydragmation bed inlet temperature by an in-line burner. Fuel 
and maintenance requirements. External heating is usually the preferred method, but gas is combusted substoichiometrically with steam to generate a reducing gas (H,, 
often the available heat source may not be hot enough to achieve the required reheat CO) and to heat the tail gas. In the reactor, all the sulfur compounds are converted to 
temperatures, particularly during catalyst rejuvenation periods. H,S according to the process chemistry described below. The reactor products are 

The purpose of the Claus unit is to assist in achieving the enviionmentally mandat- cooled to generate steam, then further cooled to 38 to 49°C by a circulating quench 
ed sulfur recovery requirement. Since the Claus unit often cannot do this alone, the water system. A bleed stream from the circulating quench water is sent to the SWS. 
design of the Claus unit (number of  stages, selection of last stage between Claus, sub- The gas from the quench lower overhead is then sent to an amine unit. (The 
dew-point and selective oxidation) has to be coupled with TGCU design when sub- absorber and regenerator of the amine section of the TGCU can be seen in Fig. 
dew-point or selective oxidation catalysis in the final SRU stage cannot meet the over- 11.1.8.) The amine is selective but otherwise the flowsheet is almost identical to that 
all sulfur recovery requirements. described in Chap. 2.2. In SCOT, the absorber operates at low pressure, and there are 

no hydrocarbons in the tail gas. Thus, a rich amine flash drum is not needed. The fil- 
tration of the amine is usually upstream of the regenerator. 

Operating Considerations 

Best operating results are achieved when feed Rows and compositions are maintained Process Chemistry 
constant. Additionally, hydrocarbon carryover to the Claur unit must be minimized. 
These objectives are met by designing features into the amine and SWS units, such as 
large rich amine flash drums, and by providing sour water tankage. SO, + 3H, -t H,S + 2H,O 

When a unit is operated in the pure Claus mode, it is vital to keep the H,S/SO, COS + H,O 2 H,S + CO, 
ratio in the tail gas at U l ,  since slight deviations cause significant loss in recovery. 
Superclaus units ahead of the Superclaus reactor should have a H,SISO, ratio of loll CS, + 2Hz0 + 2H,S + CO, 
or greater. Running Claus units at low turndown should be avoided because of instru- 
mentation limits and greater corrosion potential. 

S", + Hz+ H2S 

Economics Process Variables 

The cost of ao SRU is strongly dependent on the sulfur capacity and the number of In the Claus unit burner, typically 5 to 6 percent of the H,S dissociates into H, and 
catalytic stages. Ammonia-burning capabilities and low H2S feed concentrations can sulfur. Depending on the Claus sulfur recovery, it may not be necessary to generate 
significantly increase costs. The H,SICO, ratio in the feed also affects costs, although 
most refineries have a relatively rich aggregate acid gas feed. Degassing costs are 
almost totally dependent on sulfur capacity. 

TAIL GAS CLEANUP 

Overall sulfur recovery requirements at most refineries in the United States, Germany, 
etc., are higher than 99 percent, requiring that a TGCU follow the SRUs. The tail gas 
from the CIaus unit contains H,S, SO,, CS,, S vapor and entrained S liquid. Most tail 
gas cleanup processes hydrogenatelhydrolyze the sulfur compounds to H,S, and then 
either recover or convert the H S The H,S recovery is usually by a selective amine. 
The H,S conversion may use liquid redox or catalytic process. The most popular 
TGCU processes are the Shell Claus Offgas TreatinglBeavan Sulfur Reduction- 
MDEA (SCOTIBSR-MDEA) units and their clones. These are representative of the FIGURE 11.1.9 SCOTIBSR-MDEA (or clone) TGCU. 
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additional reducing gas, enabling the tail g a  to be heated externally to hydrogenation 
bed inlet temperature requirements. Alternatively, u makeup H, stream, available else- 
where in the refinery, may negate the need for reducing gas. 

EXXON WET GAS SCRUBBING 
The amine is usually a selective amine. Its selection depends on the H,S specifica- 

tion from the absorber. If the H,S specification is 10 vol ppm, the absorber vent gas 
TECHNOLOGY: 

can be vented, thereby raving considerable fuel gas at the incinerator. However, 
achieving low H,S levels requires a pioprietary formulated MDEA, since generic 

BEST DEMONSTRATED 
MDEA reduce H,S to only 150 to 250 vol ppm depending on MDEA temperature. 

M~~~ some refineries have had to meet total sulfur content in the absorber 
gas.  his is not ~sua l ly  u problem when the CO, in the Claus tail gas is low, 

TECHNOLOGY* FOR FCCU 
but constraints can cause COS levels from the hydrogenation reactor to be 
a problem when CO, levels are high. In such cases, a COS hydrolysis reactor down- 

EMISSION CONTROL 
of the reactor effluent cooler may be warranted. 

John D. Cunic 
Operating Considerations Euon  Rerearch and Engineerins Cornpony 

Norhorn Pork New Jersey 
when the hydrogenationlhydrolyris catalyst loses activity, there is a. danger of SO2 
breakthrough.  his can cause corrosion in the circulating quench water circuit, and the 
SO, poisons the amine. Catalyst activity and pH levels of the circulating water should 
be carefully monitored. Maintenance of the MDEA solution is imperative. It is best to 
filter the MDEA upstream of the regenerator. 

~h~ cost of a SCOT or BSRiMDEA or equivalent clone is usually 75 to 100 percent of 
the p ren t  Claus unit without degassing. 

INTRODUCTlON 

Within a modem refining complex, one of the major sources of potential atmospheric 
emissions is the fluidized catalytic cracking unit (FCCU). Potential emissions from an 
FCCU regenerator are of two general classifications: particulate and gaseous. 

The dry particulate emissions are the fine catalyst particles which h w e  passed 
through the FCCU's cyclone system. The emitted catalyst is fine; in most cases, the 
majority of this material is in the submicrometer range. In the absence of moisture or 
sulfuric acid condensation. the normal cause of FCCU stack plume opacity is the pres- 
ence of fine catalyst panicles. Stack opacity is roughly proportional to exit catalyst 
loading, but is affected by other factors such as particle size distribution and stack 
diameter. As early as 1974, a New Source Performance Standard (NSPS) had been 
promulgated by the U.S. Environmental Protection Agency (EPA) regulating the 
amount of particulate which could be emitted from an FCCU. 

With respect to the gaseous pollutants, the two compounds requiring control are 
carbon monoxide (CO) and sulfur dioxide (SO,). The use of a CO boiler or high-tem- 
perature regeneration (HTR) technology can effectively meet the CO regulations 
along with controlling other pollutants such as hydrocarbons and ammonia. An NSPS 
for CO emission was also promulgated in 1974. In 1989, an NSPS for sulfur dioxide 

'AS defined i n F ~ d r m i R ~ g ~ s ~ ~ r ,  54(158): 34009 (1989). 
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was promulgated. The degree of sulfur dioxide control depends an the technology InUoductian of the flue gas and the scrubber liquid into the unit 
used to control these emissions. - Intimate mixing of the flue gas and scrubber liquid to achieve particulate and SO2 

Concurrent with the passage of the initial Clean Air Act, Enxan began develop- removal 
meat work on a process to control atmospheric emissions of particulate and SO, fram 
the FCCU. The resulting Wet Gas Scrubbing (WGS) process is a simple, efIectiue, . Separation of the scrubber liquid from the clean flue gas 

and economic method af  meeting current and ~ roposed  environmental regulations. . Emission of the clean flue gas 

Since start-up of the first of these units in 1974, in excess of 145 years (as of January - Disposal of the liquid purge stream in an environmentally acceptable manner 
1, 1995) of combined operation$ have been gained from 14 operating units. 

Depending on the configuration of the FCCU, whether it is a grassroots or retrofit 
application, and the local refinery circumstances, several options exist for carrying out 

OPERATION these functions. 

Figure 11.2.1 is a WGS flow plan. Tests have shown that the scrubbers can work 
equally well either upstream or downstream of a CO or waste heat boiler when the FLUE GAS AND SCRUBBER LIQUID 
FCCU is cambusting all the carbon monoxide within the unit. However, if it is 
upstream of a CO boiler [i.e., FCCU flue gas contains greater than 500 cm31m' (vol Transporting the flue gas through the scrubber and mining it with the scrubber liquid 
ppm) CO], the coaled saturated gas leaving the scrubber must be reheated to the high requires energy, which can be supplied as flue gas pressure drop. If the flue gas is 
temperatures required for CO combustion. Primarily for this reason, and also to save available at the WGS inlet at approximately 10.34 kPa (1.5 iblin' gage), as would be 
on quench and ducting materials cost, it is recommended that the WGS be placed the case in an FCCU operated under "full burn" conditions, then a high energy venturi 
downstream of a CO or waste heat boiler. scrubber can be used. Commercial experience has also shown that even if an energy 

The WGS removes particulate by washing it fram the flue gas stream with droplets recovery system (expander) has been installed in the FCCU flue gas circuit, a high- 
o f a  buffered scrubber liquid while SO, is removed by reaction with the buffered solu- energy venturi system can still be used because of its low back-pressure requirement. 
tian. Thus, the WOS is designed to accomplish the following five functions: A schematic of the high-energy venturi is shown in Fig. 11.2.2. In a high-energy ven- 

turi scrubber, the pressure drop of the flue gas passing through the throat of the ven- 
tori is used to atomize scrubber liquid, which is fed above the venturi throat at low 
pressures, 6.89 to 34.47 kPa (1 to 5 lblin2 gage), and low flow rates, 6.68 X 10.' to 
2.67 X lo-' m3/m3 (5 to 20 gal/kft3). 

If the WGS is downsueam of a CO boiler, and the flue gas pressure is insufficient to 
use a high-energy venturi, a jet elector venturi can be used. The jet ejector venturi is 
shown schematically in Fig. 11.2.3. Here, the scrubber liquid is atomized by pumping it 
through a spray nozzle. The draft induced by the high-pressure, 413.6 to 827.3 kPa (60 

Dirty Flue 
Gas in 

FIGURE 11.z.1 schemstic of scrubbing ryrrsm. 
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Scrubbing Liquid in liquid, the liquid-to-gas ratio of the scrubber, and the throat velocity of the gas. 
Caustic or soda ash is added to the separated liquid to adjust its pH to the desired 

level, and the vast majority is circulated back to the venturi. However, a small purge 
stream is removed to maintain an equilibrium level of suspended solids and dissolved 

SEPARATION OF THE SCRUBBER LIQUID FROM 
THE CLEAN FLUE GAS 

Once the pollutants have been transferred from the flue gas to the liquid, the two phas- 
es must be separated in a disengaging drum or separator vessel and the cleaned gas 
emitted to the atmosphere. Separation of tile liquid from the gas involves three steps, 
the first of which is the coalercenee of the liquid droplets. Coalescence is the result of 
relative velocity differences between the variously sized droplets as the gas is deceler- 
ated from the scrubber throat. As a result of this phenomenon, droplet growth occurs 
and few fine droplets enter the separator vessel. The absence of fine droplets permits 
the separation of the two phwes by inertial forces and demisting deuices. 

Inertial forces, which are the result of a tangential entiy design, begin to separate 
the two phases. However, this step produces only minim01 separation since the inlet 
velocities are kept low to minimize erosion in this portion of the scrubbing system. A 
demisting device provides the final separation of the gas and liquid. The demisting 

FIGURE 11.2.3 Liquid and gas introduclan-jet ejector vsntun scrubbers. device is selected for its high efficiency, low plugging tendency, and low pressure 

to 120 lb/in2 gage), and high flow rate, 6.68 x 10.' to 1.34 X 10.' m'/m3 (50 to 100 
gallkftJ), of the scrubber liquid moves the flue gas into and through the scrubber. CLEAN GAS EMISSION 

because the high-energy and jet ejector venturi systems have no moving parts in 
the flue gas stream, they are superior to conventional venturi scrubbers, which use The separated, clean gas is emitted to the atmosphere through a stack mounted atop 
fans and must operate either in the hot, dusty environment upstream of the scrubber or the separator vessel. Since the gas is saturated with water, reheat can be added to 
the cold, wet environment downstream of the scrubber. Both types of WGS systems reduce the length and frequency of the visible steam plume. The length and frequency 
have been successfully applied commercially. of the visible steam plume can be estimated from data on WGS operation and local 

meteorological conditions. While reheat facilities were included in all of the initially 
installed WGS units, it is only periodically used at one northern location. 

PARTICULATE AND SO, REMOVAL 

With either the jet ejector or high-energy venturi, particulate and SO, removal takes PURGE LIQUID RECEIVES TREATMENT 
place in the turbulent section of venturi. Particulate scrubbing occurs by inertial 
impaction of the liquid droplets with the particles in the gas stream caused by relative Removing pollutants from the air just to transform them into water pollutants provides 
velocity differences. To restate this in simplified terms, particulate removal occurs in little benefit from an environmental viewpoint. Therefore, the purge stream from the 
the same way a bullet strikes a target. In the high-energy venturi, the bullets are the WGS system undergoes further treatment to ensure that this stream is discharged in an 
particles and the liquid droplets are the targets: while in the jet ejector venturi the environmentally acceptable manner. The primary pollutants dealt with are the collect- 
reverse is true. Operational factors which affect the degree of particulate removal ed catalyst (suspended solids) and the dissolved salts with high chemical oxygen 
include the throat velocity of the scrubber, the liquid-to-gas ratio, the inlet particle demand (COD). These functions are carried out in the purge treatment unit (PTU). 
size distribution, and the inlet loading of the particles. 

Concurrent with the particulate removal, sulfur oxide removal also takes place. The 
high surface area presented by the liquid droplets and the intimate gas-liquid contact 
provide ample opportunity for the reaction between the buffered scrubber liquid and PTU DESIGNS 
the sulfur oxides to take place. Operating parameters which affect sulfur oxide 
removal include the inlet concentration of the sulfur oxides, the pH of the scrubbing The design af  the PTU is highly dependent on local circumstances such as the amount 

of plot space available, local water table, meteorological conditions, and owner prefer- 
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ence. Thus, unlike the standardized designs for the WOS, the PTU designs have been 
varied. The design of a PTU is a tradeaff between real est?te or plot space and invest- 
ment. Nevertheless, all PTUs have been designed to produce an effluent which con- 
farms to local environmental regulations. 

The PTU for the original scrubber system consisted of a large pond. This pond was 
divided into three basins, one approximately 12.2 by 12.2 m (40 by 40 it), one approx- 
imately 1.2 ha (3 acres), and one approximately 0.81 ha (2 acres). Weirs were incorpa- 
rated into each basin to allow for adjustment of holdup. The purge flowed into the 
smallest basin, where most of the catalyst settled, then overflowed to the largest basin 
where there was sufficient retention time to ensure almost complete separation of the 
~~mlylyst from the liquid. Also within this basin, a significant portion of the oxidation 
of the products of SO, removal took place. This was accomplished by natural oxygen 
upt&e in the liquid. Finally the last basin was used to ensure complete oxidation of 
the salts. In this design, no aids were used to assist with either the sedimentation or 
oxidation process. Because of the extensive plot space requirements for this type of 
PTU design, no other PTUs have been designed in this manner, nor are any expected. 

Obviously not all refineries could expend this amount of real estate tea the PTU. 
Subsequent PTUs were ponds, but included polymers to accelerate the sedimentation 
process. In addition, aeration devices such as surface andlor static tube aerators were 
used to reduce the time and plot space mquired to complete the oxidation of the prod- 
ucts of SO, removal. Of course, this reduction in plot space requirement was accom- 
~ a n i e d  by an increase in investment. MXY) - Uquid 

In the latest generation of FTUs the emphasis has been on minimizing plot space - Solids 
requirements. This has evolved because recent scrubber systems have been part of 
projects which are being incorporated into existing refineries. In addition, in several 
instances, a combination of high water tables and local government environmental 
requirements have restricted the use of  ond ding, and thus the FTU had to be placed 
above ground. Thus, a combination of mechanical settling and oxidation devices are 
"*bd, which results in a compact unit. As has been previously stated, the reduction in FIGURE 11.2.4 flow plan far purge ~camtnt unit. 

plot space is accompanied by an increase in investment. The following table shows the 
relative plat space and investment for a ponding (includes polymer injection and aera- 
tion devices) and an aboveground PTU. 

dation tower where it is mined with compressed air. c he type of tower selected has a 

Investment 
high internal circulation rate which ensures repeated, intimate of the liquid and 

Piof space air streams. On leaving the oxidation tower, the water can be discharged, since its 
~onding 14 x base Base is less than 50 m a :  however, same refineries have requested that the meam be 
Above ground Base 1.8 x bae cooled prior to its discharge in order to meet local requirements. 

Meanwhile, the solids which have been collected and concenuated in the 
receive further treatment. There is periodic blowdown from clarifier to the agitated 

THE ABOVEGROUND PTU: THE LATEST clarifier sump. The solids collected in the sump are then pumped to the thickener 

GENERATION 
where they are further concentrated prior to being stored in the bottom of the vessel 
with the Liquid decanted back to the clarifier. 

Periodically, a final processing step is performed on the solids. 'rhickener bottoms 
A flow plan for an aboveground PTU is shown in Fig. 11.2.4. The purge from the Pumps uansfer a batch of the solids to a mixer where another polymer is added. me 
scrubber system is first fed into a hack-mixing system where caustic and polymer are solids then go to a large granular-bed vacuum filter where all free water is removed 
injected. Caustic is added to adjust the stream's pH to prevent air stripping of the cap- 2nd returned back to the thickener. The moist solids are then loaded into rmcks far 
tured SO, in the subsequent oxidation step. Polymer is added to assist in the sedimen- disposal in a sanitary landfill. Currently, landfill disposal of the is acceptable 
ration process. After the back-mix system, the purge is then fed into the reactor clarifi- since several high-pressure leachate tests have shown that the leachate contains sub. 
er where the solids are separated from the process stream. Clarification was selected stantially less than 100 times the drinking water standard for all priority pollutants, 
as the first treatment step sincc the catalyst is very erosive. Removal of the solids at Figure 11.2.5 is a view of a commercial installation of this typp of -. ~ ~ t ~ l  plot 
this point allows for a downgrading of materials in the downstream equipment. space allocated for this unit is approximately 279 m2 (3000 ft'). me reactor is 
~ f f luen t  from the clarifier contains typically less than 100 mghg (wt ppm) suspended in the left foreground, the thickener is located directly above it, and the bed 
solids which is sufficient to meet mast discharge requirements. filter is in the left background. Just to the right of the filter is the polymu storage 

Once the solids have been removed from the purge sueam, it is pumped to the oxi- area. The oxidation tower is in the center foreground and the air compressors are in 



SULFUR COMPOUND EXTRACTION AND SWEETENING EXXON WET GASS SCRUBBING TECHNOLOGY 11.23 

TABLE 11.2.1 Summary of Typical Performance of Exxon m d  ~ i c e ~ s ~ ~  FCCU scrubbing 

Inlet rate or Oullef rate or Collection 
Unit Pallutantt concenrrafion$ concentration Regulation$ efficiency, % 

Unit A Pan NM 56.81 1bIh 90.4 Iblh 
SO, 915 volppm 37 vol ppm NA 95.6 

Unit B Part NM 61.9 lblh 124.2 l b h  
SO, 1011 vat ppm 61.5 vol ppm NA 93.9 

Unit C Prrt NM 63.0 lbh  190 lbik 
SO1 NM 5.3 vol ppm NA 

UnitD Pun 560 lbih 22.8 1bh 30 lb/h 95.6 
SO2 771 vol ppm 20 vol ppm 180 uol ppm 97.4 

Unil E Part NM 0 1 6  lbiklb (6.2 lbh) I lblklbq 
SO, 444 vol ppm 16.8 vol ppm NA 96.2 

Unit F Part NM 0.26 lbiklb (5.0 lbh) 1.0 lbiklbx 
SO2 I50 vol ppm 7.5 vol ppm NA 95.0 

UnilG Part NM 0.82 lblklb (17.6lblh) 1.0 lblklb~ 
SO2 NM 4.7 vol ppm 245 vol ppm 

Unit H Parr NM 0.62 Ibiklb 
SO, NM 

*Conu~rsions: I ibfi = 0454kgih: i vol ppm = I ~rn'irn': I lblklb = lkgllo00 kg, 
tParl = particulate (~amlyao ernisrions; SO, = sulfur dioridcsmissions. 
I N M  = nolmrsruisd 
SNA = "0 r~~licable source re~ulation. rllowablr emissions rrie set by groDnd level concensrrion. 
TEPA New Source Performance Srrndrrdr fur FCCU: lcir than 1.0 pound r.ta~yic Eminions 1000 

Pa""dr of rake burned equivaicnr lo 1 kgofcrtrlyst cmissionr per loon kg ofcoke burned. 

the right foreground. ~ ~ ~ k - m i r i n g  equipment is located just under the pipeway. This on a unit from M a y  4, 1981, through June 2, 1981.  he primary purpose of these tests 
commercial installation has been in operation since 1984 and has had minimal Opera- was to conduct continuous emission monitoring (CEM) of sulfur oxides. llowever, 

tional problems. during the  course of this  program, emissions of particulates, nitragen oxides,  and 
hydrocarbons were also measured. I t  should be  noted that, during this entire program, 
neither Ennon personnel (who were not on site) nor the refinery made any 

MEETING ENVIRONMENTAL GOALS attempts to optimize W O S  performance. Thus, the unit was tested without 
t i o n  Results o f  these tests are shown in Table 11.2.2. 

A s  can be  seen from Table 112 .2 ,  12 days of C E M  testing ahowed that the scrub. 
~~~~~~i~~ testing has been conducted on all the wGS facilities by Enion, its licensees. bing system averaged 9 3  percent sulfur dioxide removal. subsequent manual testing 

various enviranmenta~ control agencies. A summary of these results is shown in 
~ ~ b l ~  11.2.1.1t should be  noted that, as designed, all of  the WGS facilities a= in cam- 
plinnce with their values. In particular, all of the licensee units ure in compli- TABLE 11.2.2 EPA Testing of Erxon Scrubbing system 

the current NSPS for FCCUs, which requiie that particulate emissions b e  
reduced to less than I kg  ( ~ b )  of particulates per 1000 kg  (Ib) of  coke burned. These SO, rcmova1: 

",,its are to meet this standard since they were constructed or modified after By CEM tests (12dayr) 9390 average 

issuance of the NSPS. ~t should also be  noted that these units are also in compliance By Methad 8 (3 days) 95% average 
Particulate removal by modified Method 5 85.2% average the NSPS for SO, emissions, which require that SO, emission be  reduced by 9 0  SOx cmrssion mre: 

percent or 5 0  c,n3/m3 ("01 ppm), whichever results in the higher SO, emission. Inlet (Method 8) 396.8 vol ppm (average) 
Outlet (Method 8) 19.6 vol ppm (average) 

Particulate emission iate: 

EPA TESTING Inlet (modMed Method 5) 6.17 lbllOOOlb coke 
Outlet (modified Method 5) 0.84 lbllOOO Ib coke 

No.emisiion rate (Meihod 7) 93 "01 ppm 
.qthough one the performance of any of the scrubbing systems in detail, Hydrocarbon emission cate 23 vol ppm 
the best choice wall~d he  to select the unit which was rigorously tested by the E P A  as 
part of its program to develop the sulfur oxides NSPS. E P A  conducted a test Program N o :  I YOI ppm = I cm5lm3; L lbilooo lb = I kg11000 kg. 
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276.0 dm3is [30 to 150 thousand barrel per day (KBPD)] feed rate. These low plot 
space requirements arise from the use of multiple high-capacity venturis mounted 
on a single separator and the ability to locate supplemental equipment, such as the 
PTU, off site. The lower on-site plot plan requirements also offer advantages with 
grass-roots plants in that more space can be dedicated to process rather than pallu- 
tion control units. 

Reliabili*: Ennon's experience with various types of emission control facilities 
has shown that the WGS system has higher service factors and lower maintenance 
costs than alternative emission control approaches. In fact, the WGS service factor 
is equal to or greater than the FCCU itself, and no FCCU has been shut down 
because of failure oi  the WGS system. Maintenance costs have proven to be lower 
than those for either electrostatic precipitators or conventional venturir. . Low cost: In most cases studied, the WGS system was mare economical than a 
combination of feed desulfurization and electrostatic precipitators. Of course, the 
choice of an emission control system depends on feedstock quality, processing 
requirements, environmental regulations, and location. However, the attractiveness 
of FCCU WGS systems increases us either the sulfur content of the FCCU feed is 
increased (by adding atmospheric resid, far example) or regulations are made more 
severe. 

For example, a study for a Gulf coast grass-roots 73.6-dm3// 140 thousand barrels 
per stream day (kBPSD)] FCCU processing either virgin gas oil or a mixture of virgin 
and coker gas oils was recently considered. A WGS system, with a distillate 
hydrodesulfurization unit to maintain eqllivvlent distillate quality, was compared to a 
combination of total feed desulfurization and electrostatic precipitators. All control 
equipment was designed to meet the current particulate and SO, NSPS. For either 
case, the WGS systernldistiilate hydrodesulfurization combination showed an econom- 
ic incentive of about $6 per cubic meler ($1 per barrel) even when credit was taken for 
FCCU yield improvements due to feed desulfurirution. 

SUMMARY 

The Exnon WOS system offers a unique combination af FCCU particulate and SO2 
control capability wirh economic and operating advantages when compared to the 
combination of pmiculate control via electrostatic precipitators and SO, control via 
feed desulfurization. The WGS system concept can be used with either of the gaseous 
emission control approaches now in use: CO boilers or high-temperature 
Fourteen commercial units, with over 145 years of combined operation, are now in  
service. The commercial units have demonstrated over 90 percent particulate removal 

GORE ~I.I.,  ~ ~ ~ b d  high-ensrgy V ~ O ~ O ~  wet gar scrubber system. and over 95 percent SO2 removal. 

. Flexible D ~ Y - ~ o - ~ ~ Y  operating changes (e.g.. changes in flue gas 
rates, composition solids loading, temperature) can be readily handled, if necessary. 
by in the WGS operating conditions. Even l o n e t e m  changes. such 

as changes in FCC" type, have been handled with littie or no adjustment in 

WGS I" addition, the EXXOD WGS system has experienced almost every 
can in FCCU operalion, including reverse flow. and has not 

requirrd attention during these upsets. . cornpact ~ ~ ~ i ~ ~ l  on-site area requirements for the Exxon WGS sys- 

tem range from 93 to 465 m2 (1000 to 5000 ft2) for FCCUs ranging from 55.2 to 



D. L. Holbrook 
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Des Plahes, Illinois 

INTRODUCTION 

The UOP* Merox* process is an efficient and economical catalytic process developed 
for the chemical treatment of petroleum fractions to remove suifur present as mer&p- 
tans (Meron extraction) or to~directiy convert mercaptan sulfur tiless-objectionable 
dr,t$lf#de$ hler,x sweelr8~1ng lh l r  prJ:<rr 1s u5c.J fur IilulJ-pnlrc lrcrtlnd ~f Ilquc- 
rled petr.>leum g>.cs LPG), n ~ t ~ r n l g a s  l8qwds IKGI. . nspllthar. garol larr .  
k:r~,c.n..,. fur.1,. lud lldll88lc 0111 It *I90 c3n he U I C ~  10 9ueete88 natural cas, rcrln- . > " .  
ery gas, and synthetic gas in conjunction with conventional pretreatment and posttreat- 
ment processes. 

Meron treatment can, in general, be used in the following ways: 

To improve lead susceptibility of light gasolines (extraction) 

To improve the response of gasoline stacks to oxidation inhibitors added to prevent 
gum formation during storage (extraction and sweetening) . To improve odor on all stocks (extraction or sweetening or both) - To reduce the mercaptan content to meet product specifications requiring a negative 
doctor test or low mercaptan content (sweetening) 

To reduce the sulfur content of LPG products to meet specifications (extraction) 
To reduce the sulfur content of coker or fluid catalytic cracking (FCC) C,-C, 
olefins to save on acid consumption in alkylation operations using there materials 
as feedstocks or to meet the low-sulfur requirements of sensitive catalysts used in 
various chemical synthesis processes (extraction) 

*Trademark and/or service mark of UOP. 

11.29 
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PROCESS DESCRIPTION to a hydratreating unit or sold as a specialty product. The regenerated-caustic stream 
is returned to the extraction column. A small amount of Meron catalyst is added peri- 
odically to maintain the required activity. 

Thc UOP Meroi process accomplishes mercaptan extraction and mercaptan conver- 
sion at normal refinery rundown temperatures and pressures. Depending on the appli- 
cation, extraction and sweetening can be used either singly or in combination. The Merox Sweetening 
process is based on the ability of an organometallic catalyst to promote the oxidation 
of mercaptans to disulfides in an alkaline environment by using air as the source of In sweetening units, the mercaptans are convened directly to disulfides, which remain 
oxygen. For light hydrocarbons, operating pressure is controlled slightly above the in the product; the total sulfur content of the treated stock is not reduced. 
bubble paint to ensure liquid-phase operation; for heavier stacks, aperating pressure is Meron sweetening can be accomplished in four ways: 
normally set to keep air dissolved in the reaction section. Gases are usually treated at 
their prevailing system pressures. Fixed-bed processing with intermittent circulation of caustic solution (Fig. 11.3.2) 

Minimum-alkali fixed-bed (Minalk*) processing, which uses small amounts of 
caustic solution injected continuously (Fig. 11.3.3) 

Merax Extraction Caustic-Free Meron* treatment far gasoline (Fig. 11.3.4) and kerosene (Fig. 11.3.5) 

Low-molecular-weight mercaptans are soluble in caustic soda solution. Therefore, Liquid-liquid sweetening (Fig. 11.3.6) 
when treating gases, LPG, and light-gasoline fractions, the Merox process can be used 
to extract mercaptans, thus reducing the sulfur content of the treated product. In the Fired-Bed Sweetening (Conventional). Fined-bed sweetening (Fig. 11.3.2) is nor- 
extraction unit (Fig. 11.3.1), the sulfur reduction attainable is directly related to the maily employed for virgin or thermally cracked chargestocks having endpoints above 
extractable-mercaptan content af the fresh feed. about 120°C (248°F). The higher-molecular-weight and more branched mercaptan 

In mercaptan-extraction units, fresh feed is charged to an extraction column, where types associated with there higher-endpoint feedstocks are only slightly soluble in 
mercaptans are extracted by a countercurrent caustic stream. The treated product pass- caustic solution and are more difficult to sweeten. The use of a fixed-bed reactor facil- 
es overhead to storage or downstream processing. itatees the conversion of these types of mercaptans to disulfides. 

The mercaptan-rich caustic solution containing Meron catalyst flows from the bot- Fixed-bed sweetening uses a reactor that contains a bed of specially selected acti- 
tom of the extraction column to the regeneration section through a steam heater, which vated charcoal impregnated with nandispersible Merox catalyst and wetted with caus- 
is used to maintain a suitable temperature in the oxidizer. Air is injected into this tic solution. Air is injected into the feed hydrocarbon steam ahead of the reactor, and 
stream, and the mixture flows upward through the oxidizer, where the caustic is regen- in passing through the catalyst bed, the mercaptans in the feed are oxidized to disul- 
erfitted by converting mercapt?ns tb disulfides. The oxidizer effluent flows into the fides. The reactor is followed by a settler for separation of caustic and treated hydro- 
disulfide separator, where spent air, disulfide oil, and the regenerated caustic solution carbon. The settler also serves as a caustic reservoir. Separated caustic is circulated 
are separated. Spent air is vented to a safe place, and disulfide oil is decanted and sent intermittently to keep the catalyst bed wet. The frequency of caustic circulation over 
to disposal. For example, the disulfide oil can be injected into the chase  the bed depends on the difficulty of the feedstock being treated and the activity of the 

Trademarks aodlor acwisc marks olUOP. 

. . . . . . . lntvmilfent use 

FIGURE 11.3.1 Rxed-bed Merox swet~eniig unit. 



SULFUR COMPOUND EXTRACTION AND SWEETENING UOPmROX PROCESS 

jet fuels and kerosene$ (also diesel and heating oils) can be sweetened at costs that are 
incomparably lower than those of the simplest hydrotreater. The same basic process 
flaw just described is used. However, because of ather particular jet-fuel quality 
requirements, some pretreatment and post~eatment are needed whenever any chemical 
sweeteniy process is used. 

Fised-Bed Sweetening (Minalk). This Merax sweetening version is applied to feed- 
stocks that arc relatively easy to sweeten, such as catalytically cracked naphthas and 
light virgin naphthas. This sweetening design achieves the same high efficiency as 
conventional fined-bed sweetening but with less equipment and lower capital and 
operating costs. 

The UOP Meroi Minhlk process (Fig. 113.3) relies on a small, controlled, cantin- Drain Interface 
uous injection of an appropriately weak alkali solution rather than the gross, intermit- 
tent alkali saturation of the catalyst bed as in conventional fixed-bed Merox sweeten- 
ing. This controlled, continuous small injection of alkali provides the needed 
~Ural i~i ty  so that mercaptans are oxidized to disulfides and do not enter into pemnida- 
tion reaction, which would result if the alkalinity were insufficient. Eflluent 

Caudic-Free Merox. The most recent version of the Meror family is the Caustic- FIGURE 11.3.4 Csurtic-Free Mtmr sweete~iig f i r  gsgo- 

Free Meror process for sweetening gasoline and kerosene (Figs. 11.3.4 and 11.3.5). 
line. 

This technology development uses the same basic principles of sweetening in which 
the mercaptans are cvtalytically converted to disulfides, which remain in the treated 
hydrocarbon product. 

me Caustic-Free Meron catalyst system consists of preimpregnated fixed-bed cata- 
lysts, Meron No. 21* catalyst for gasoline and Merox No. 31' catalyst far kerosene, 
and a liquid activator, Merox CF.* This system provides an active, selective, and sta- 
ble weetening environment in the reactor. The high activity allows the use of a weak 
base, ammonia, to provide the needed reaction alkalinity. No caustic (NaOH) is 
reqbired, and fresh-caustic costs and the costs for handling and disposing of spent 
caustic are thus eliminated. 

A major benefit to the Caustic-Ree Merox version for kerosene is that a caustic 
prewash for removing naphthenic acid is no longer required. The acids are removed 
simultaneously with mercaptan conversion in the reactor. This procedure not only 
eliminates a major caustic consumer, but also eliminates hardware and so reduces cap- 
ital inveshnent. 

. ~ ~ d ~ ~ ~ ~ k  muor lenics mark of UOP. EIGURE 11.3.5 Causdc-Free Mar sweetening to? I;I;I;I;I;I;I;I; jjc tfcl. 

The actual design of the Caustic-Fee Merox unit depends on whether it is used on 
gasoline or kerosene. The reactor section is similar to the previously mentioned fined- 
bed systems, conventional and Minalk, except for the substitution of a different cata- 
lyst, the addition of facilities for continuous injection of the Meror CF activator, and 
replacement of the caustic injection facilities with ammonia injection facilities, anhy- 
drous or aqueous. For kerosene or jet fuel production, the downstream water-wash 
system is modified to improve efficiency and to ensure that no ammonia remains in 
the finished product. Other posttreatment facilities for jet fuel production remain 

Liquid-Liquid Swastening. The liquid-liquid sweetening version F ig .  11.3.6) of the 
Merax process is not generally used today for new units as refinen switch to the more 
active fixed-bed systems. Hydrocarbon feed. air, and aqueous caustic soda containing 

FIGURE 111.3 Pixed-bcd minimum-&di Meror swsEb dispersed Merox catalyst are simultaneously contacted in a mixing device, where mer- 
ening unit. captans are converted disulfides. Miner effluent is directed to a settler, fmm which the 
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= ease of converting existing equipment to Meror treating. 

Ease qfoperotion. Meror process units ace extremely easy to operate: usually, the 
air-injection rate is the only adjustment necessary to accommodate wide variations in 
feed rate or mercaptan content. Labor requirements for operation are minimal. 

Proven Reliability. The Meror process has been widely accepted by the petroleum 
industry; many units of all kinds (extraction, liquid-liquid, and fined-bed sweetening) 
have been placed in operation. By early 1995, more than 1500 of these UOP Merox 

Catalyst units had been licensed. 
Inleetion 

.....~. Intermittent Use Minimal Chemical-Disposal Reguir@na,tts. Caustic consumption by atmospheric 
CO,, excessive acid in the feedstock, and accumulation of contaminants are the only 

FIGURE 11.3.6 Liquid-liquid Merox sweetening unit. reasons far the occasional replenishment of the caustic inventory. 

Pmven Ability to Produce Spec13cntior8 Products. Product deterioration as a result of 
treated hydrocarbon stream is sent to storage or further processing. Separated caustic side reactions does not occur nor does any addition of undesirable materials to the treat- 
solution from the settler is recirculated to the mixer. A small amount of Meror cata- ed product. This fact is especially important for jet-fuel treating. In the Meron process, 
lyst is added periodically to maintain the catalytic activity. sweetening is carried out in the presence of only air, caustic soda solution, and a catalyst 

In general, liquid-liquid sweetening is applicable to virgin light, thermally cracked that is insoluble in bath hydrocarbon and caustic salulians and cannot therefore have a 
gasolines and to components having endpoints up to about 120°C (248"R. The mer- dettimental effect on other properties that are imponant to fuel specifications. 
captan types associated with catalytically cracked naphthas are easier to oxidize than 
those contained in light virgin ax thermal naphthas, and therefore liquid-liquid sweet- High-Efficiency Design. The Meron process ensures high catalyst activity by using 
ening has been successfully applied to catalytically cracked gasolines having end- n high-surface-area fined catalyst bed to provide intimate contact of feed, reactants, 
points as high as 230°C (446'F). and catalyst for complete mercaptan conversion The technology does not rely an 

The various applications of the Merox process on different hydrocarbon streams mechanical mixing devices far the critical contact. State-of-the-art Merox technology 
are summarized in Table 11.3.1. has no requirement for continuous, high-uolume caustic circulation that increases 

chemical consumption, utility costs, and entrainment concerns. 

Merox Process Features High-Activity Catolysl and Activators. Active and selective catalysts are important in 
promoting the proper mercaptm reactions evcn when the most difficult feedstocks are 

Relative to other treating processes, the Merox process has the following advantages. processed. Por the extraction version of the process, UOP offers a high-activity, water- 
soluble catalyst, Merox WS,* which accomplishes efficient caustic regeneration. As a 

Low Operating Cost and Inveslment Requirement. The noncorrosive environment result, chemical and utility consumption is minimized, and mercaptans are completely 
in which the process operates requires no alloys or other special materials, thus mini- convened. For the sweetening version of the Meror process, UOP offers a series of cat- 

alysts and pmmoters that provide the maximum flexibility for treating varying feed- 
stocks and allow refiner, to select which catalyst system is best for their situation. 

TABLE 11.3.1 Meroi Process Applicatians 

Hydrocarbon srream Memx type 

Extraction 
PROCESS CHEMISTRY 

Extraction 
Natvrd gar liquids ~xtraction, ervacrion plus sweetening Thc Meron process in all its applications is bared on the ability of an organometallie 

Lightnaphtha Liquid-liquid sweefcning, Minalk sweetening, catalyst to accelerate the oxidation of mercaptans to disulfides at or near ambient tem- 
caustic-free sweetening peramre and pressure. Oxygen is supplied from the atmosphere. The reaction proceeds 

Medium or heavy naphtha Liquid-liquid swsetening only in an albline environment. The basic overall reactor can be written: 
Caustic-free sweetening 

FUII-boiling-range naphtha Extraction plus sweetening, Minalk sweeteniog, M i r o x d y s r  
fixed-bed sweetening, caustic-free sweetening 4RSH + O2 - ZRSSR + 2H,O (11.3.1) 

Kernsene or jet fuel Fixed-bed sweetening AI!~,"~R 
caustic-free sweetening 
Fixed-bed sweetening 

fTrademarl8ndididivrvidi mdik of UDP. 
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where R is a hydrocarbon chain that may be straight, branched, or cyclic and saturated Equation (11.3.5) represents the case in which two different mercaptans may enter 
or unsaturated. Mercaptan oxidation, even though slow, reportedly occurs whenever into this reaction. Petroleum fractions have a mixture of mercaptans so that the R 
petroleurn fractions containing mercaptans are enposed to atmospheric oxygen. In chain may have any number of carbon atoms consistent with the boiling range of the 

effect, the Merox catalyit speeds up this reaction, directs the products to disulfides, hydrocarbon feed. 
and minimizes undesirable side reactions. Because the process is catalytic, essentially catalyst and caustic soda are con- 

I" ~ e r o n  extraction, in which mercaptans in the liquid or gaseous feedstocks are sumed. This fact is borne out by commercial experience, in which actual catalyst con- 
highly soluble in the caustic soda solution as solvent, the mercaptan oxidation is done sumplions are low. Consumption is due mainly to fouling by certain substances and 
ouiside the extraction environment. Therefore, a mercaptan-extraction step is followed loss through an occasional purge of dirty or diluted caustic solution and a correspond- 
by oxidation of the extracted mercaptan. These steps are: ing makeup of fresh caustic to maintain effective caustic concentration. 

RSH + NaOH + NaSR + &O 
0i,*khrri ilqurouaphnx AQumucphrr PRODUCT SPECIFICATIONS 

Mim"<atalyn 

4NaSR + 0, + 2H,O - 4NaOH + 2RSSR The only praduct specification applicable to Meror treating is the mercaptan sulfur 
AqUPYlouphs.. Aquiouaphnx Oil p h n x ~ i ~ i ~ ~ d l ~ l  content of the product becaure the Meron process per se has no effect on the other 

According to these treating steps, the treated product has reduced sulfur content come- 
properties of the feedstock being treated. Generally, therefore, the Merox process is 

spending to the amount of mercaptan extracted. used to reduce the mercaptan sulfur content, and thereby the total sulfur content, when 
In the case of Merox sweetening, in which the types of mercaptans in the feed- the process is applied to gases and light stocks in the extraction mode of operation. In 

stocks are difficult to extract, the sweetening process is performed in siN in the pres- the case of heavier chargestocks that require the sweetening mode of operation, the 
enee of Meron catalyst and oxygen from the air in an alkaline environment. UOP stud- only product specification applied is the mercaptan sulfur content (or sometimes also 

ies have shown that the mercapan, or at least the thioi (-SH) functional group, first 
the doctor test); the total sulfur contents of the untreated feed and the treated product 

transfers to the aqueous alkaline phase (Fig. 11.3.7) and there combines with the cata- 
are the same. 

lyst. The simultaneous presence of oxygen causes this mercaptan-catalyst complex to Merox-treated products may be finished products sent directly to storage without 
oxidize, yielding a disulfide molecule and water. This reaction at the oil-aqueous any further processing or intermediate products that may require either blending into 
interface is the basis for both liquid-liquid and fied-bed sweetening by the Merox finished stocks or additional processing for maliing other products. 

pmcess and can be written: Table 11.3.2 lists typical quality specifications for treating applications of the 
Merox process. 

Mmxr.lalyn 

4RSH + 0, ---+ 2RSSR + 2H,O 
oil*& -'my oi~phrit PROCESS ECONOMICS 

Mrmrously3, 

2R'SR+ 2RSH + O2 + ZR'SSR + 2H20 Sample economics of the UOP Meror process in 1995 dollars oti the basis of 10,000 

ojlpbslr ~ ~ k d i n i t ~  c+cpb=i barrels per stream day (BPSD).capacity for various applications are given in Table 
11.3.3. The capital costs are for modular design, fabrication, and erection of Memn 
plants. The estimated modular cast is inside battery limits, U.S. Gulf coast, FOB point 
of manufacturer. The estimated operating costs include catalysts, chemicals, utilities, 
and labor. 

PROCESS STATUS AN0 OUTLOOK 

Continued research has resulted in more than 100 additional patents. The first Merox 
process unit was put on-stream October 20, 1958. In October 1993, the 1500th Meror 
process unit was commissioned. Design capacities of these Merox units range from as 
small as 40 BPSD for special application to as Large as 140,000 BPSD and total more 
than 12 million BPSD. 

The application of the operating Merox units is distributed approximately as fal- 

. 25 percent LPG and gases 

FIGURE 113.7 Msrcaptids at inredace. 30 percent straight-run naphthas 
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TABLE 11.3.3 Memx Process Economics 

 st. capital, est. operating 
Product type million $ costs, cenfsibbl 

LPG Extraction' 2.0 0.7 

~ i g h f  naphUla Minalk 1.0 0.5 
caustic-free 1.0 2.2 

Heavy naphtha Conventiooal fired-bed 2.3 2.5 
and kerosene Caustic-free 2.3 5.8 

*Includes prcueating mnd posttrcating facililics. 

. 30 percent FCC, thermal, and polymerization gasolines 

15 percent kerosene, jet fuel, diesel, and heating oils 

The Merox process has been thoroughly proved and well-established commercially. 
its popular acceptance by the petroleum industy is based on its simplicity and effi- 
ciency, low capital and operation costs, and proven reliability. Many refiners have two 
or more Merax units. Even though the process is approaching 38 years of use, its tech- 
nology is by no means stagnant, thanks to continuing research and development 
efforts to ensure an excellent outlook for this remarkably successful process. 

11.38 
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. Process improverneni activities. Process alternatives described later in this chap- 
ter are the results of Exxon's continuing research and development work aimed at 
extending and improving Flenicaking technology. . Hydrocarbon/hydrogen management. Coking is a noncatalytic thermal cracking 
process based on the concept of carbon rejection. The heaviest, hydrogen-deficient 
portions of the feed (i.e., asphaltener and resins) are rejected as cake, which con- 
tains essentially all the feed metals and ash and a substantial portion of the feed sul- 
fur and "itrogen. The carbon rejection route results in lower hydrogen consumption 
than alternative hydrogen addition-type processes. 

Fleiicoking also maximizes refinery yield of hydrocarbons, since the coke yield is 
converted to a clean fuel gas. This gas is used as plant fuel, allowing hydrocarbon 
fuels to be sent to product sales. 

PROCESS DESCRIPTION 

Flexicoking is a continuaus fluidized-be6 thermal cracking process integrated with 
coke gasification. Flenieoking is a versatile process which is applicable to a wide 
range of heavy feedstocks. The process can handle virtually any pumpable hydrocar- 
bon stream, including atmospheric and vacuum residua of all types. Processing costs 
are relatively insensitive to feed contaminants such as organic metals, ash, sulfur, and 
nitrogen. The Flexicoking process typically converts 99 percent of the vacuum residu- 
um to gaseous and liquid products. The remaining 1 percent is a solid purge which 
contains more than 99 percent of the metals in the feed. The coker naphtha and gas 
oils are typically upgraded to salable products by a combination of refining processes 
such as hydrotreating and catalytic cracking. About 95 percent of the total sulfur in 
thd-residuum feed can be recovered from the products as elemental sulfur via commer- 
cially available processes. 

The Flexieoking unit converts about 97 percent of the gross coke to gas \with a ty Of COS. The gasifier product gas, referred to as coke gas, plus entrained coke parti. 

lower heating value of 120 to 140 Btu standard cubic foot (SCF). This low-heating- cles are returned to the heater and are cooled by cold cake from the reactor to 

value gas [low-Btu gas (LBG)] can be burned in  process heaters and boilers. The cake a Portion of the reactor heat requirement. A return sheam of coke sent from the 

fines from the Flenicoking unit contain most of the metals in the feedstock and may be 
er to the heater provides the remainder of the heat requirement. 

suitable for metal recovery. The hot coke gas leaving the heater is used to generate high-pressure steam befare 

A simplified flow diagram of the Flexicoking process is shown in Fig. 12.1.1. The passing through the tertiary cyclones for removal of entrained coke particles. ~h~ 

process consists of a fluid-bed reactor, a liquid product scrubber on top of the reactor, remaining coke fines are removed in a ventuti scrubber. The solids-free gas is 

a heater vessel where circulating coke from the reactor is heated by gas and hot coke 
then sent to a gas cleanup unit for removal of H2S. 

from the gasifier, a gasifier vessel, a heater overhead gas cooling system, and a fines 
removal system. 

Residuum feed at 500 to 700'F is injected into the coker reactor, where it is ther- 
mally cracked to a full range of vapor products and a coke product which is deposited TYPICAL YIELDS AND PRODUCT DISPOSITIONS 
on the fluidized coke patides. The sensible heat, heat of vaporization, and endother- 
mic heat of cracking of the residuum is provided by a circulating stream of hot coke A typical mexicoking yield pattern of product qualities and disposition is $how" in 
from the heater. Cracked vapor products are quenched in the scrubber tower. The 
heavier fractions are condensed in the scrubber and, if desired, may be recycled back 
to the coking reactor. The lighter fractions proceed overhead from the scrubber into a 
conventional fractionator where they are split into the desired cut ranges for further 
downstream processing. TWO SPECIFIC PROCESS ESTIMATES (YIELDS, 

Reactor coke is circulated to Ihe heater vessel where it is heated by coke and gas QUALITIES, UTILITIES, AND INVESTMENTS) 
from the gasifier. A circulating coke stream is sent from the heater to the gasifier 
where it is reacted at an elevated temperamre (1500 to 1800'F) with air and steam to Flenicoking process estimates for two cases are shown in ~ a b l e s  12.1.1 to 12.1.5 
form a mixture of H,, CO, N,, CO,. q O ,  and H,S, which also contains a small quanti- (Case 1) and Tables 12.1.6 to 12.1.10 (Case 2). 
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TABLE 12.1.1 Eleiicoking Estimates-Zasc I: Feed Rate 
and Pmperries 

Feed type MayUlsthmus 52148 blend 
Nominal cut point, OF LO5Ot 
Peed rate. kB/SD 26.3 
Feed pzoperties: . . . . . . . . . Density, 'API 2.9 

sulfur, wr % 5.1 
Nieogen, wt % 0.6 
Conradson carbon, wr % 29.7 
Nickel, wt ppm 99 
Vanadium, wt ppm 481 
LV % below lOOO'F 5 

Feed temperature, 9 500 

Nola: BlSD -barrels par strssm day: =degrees on 
Amencan PE~0lc"mlnltii"rs scale: LV ?z =liquid ro1vmc persen,. 

TABLE 12.1.2 Flexicoking Estimares-Case I: Estimated Product 
Yields 

Reactor yields wt % FF klbih LV% EF kBlSD 

1.04 4.20 
co.01 0.01 

0.05 0.20 
0.15 0.61 

Total 1.42 5.73 

0.15 0.61 
Mcthane 2.69 10.86 
Ethylene 0.61 2.46 
Ethane 2.29 9.24 
Propylene 1.11 4.48 
Ropane 1.67 6.74 - - 

To!d CC, - 8.52 34.39 

Bufadiene 0.05 0.20 0.08 0.20 
2.47 5.77 
0.36 0.77 

1.04 4.20 1.87 4.20 - - 
4.78 10.94 

CJ350°F 11.51 46.45 16.36 4.30 
3501650°F 12.64 51.01 15.05 3.96 
65O18WoP 9.24 37.29 10.10 3.96 
8001975'F 17.10 - 69.01 17.73 2.66 - - - 

Total C5+ 50.49 203.76 59.24 15.58 

Gmss coke* 36.86 148.75 - - - - 
Total 100.00 403.57 64.02 26.52 

97.3% of gmsa CoEWOUld be gdlsir7cd, therest beingenuaincd as fmcs. 
No&: FF = hrah t e a .  

12.6 
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TABLE 12.1.8 ~ ~ ~ ~ i ~ ~ k i ~ ~  ~simatcs-Case 2: Estimated Product Qualitier TABLE 12.1.9 FIexicoking Estimates-Case 2; ~stimared 
Utility Requirements 

Nominal Cut Range, 'F C51430 4301650 6501975 
Steam required. klbm: 

Density, 'APl High presaure (600 lblin2 gage, 70O0P)' 2 
Sulfur, wt % Low pmsurc (125 lblin2 gage, 475'wb 209 
Nitrogen, wt % High temperature (125 lb/in1gage, 95O0F)i 30 
concadson carbon, wr % Oher utilities 
~ i cke l ,  wtppm Boiler feedwatcr? galimin 762 
Vanadium, wt ppm Cooling water,' gallmin 8,585 
HIC weight ratio Elecuicity, kW 493 
ANlinc point, 'F Inseument air, SCFM 152 
Pour point, OF Nitrogen, SCFM 188 
Bromine no., gllOO g Air blower vtilitiest 
cetane no. Compressor brake horsepower 14,785 
Viscosity, cSt: Steam required (600 iblinl gage, 70O1F), klbm 409 

At 100°F Steam produced (125 lblin' gage, 475'0, klbh 409 
At 210°P Auxiliary cooling water, gaVmin 53 

Paraffins, olefins, naphthencr, Srcam produced, klbh 
and aromatics, LVB. High pressure (600 Ibl in~ 3sarurated)a 281 

Paraffins Low pressure (125 Iblin'gagc, saturated)" 65 

'Peed al~mization stem.  
Aromatics qcanrfer line, heaiu. and gssifrrr proc119 steam. 

Hearerlgasificr low-Btu gas:* =Reactor svipping and antboking baftl ~ t ~ ~ ~ .  
Gas rate, kSCFM 181.0 ?oiler fe~dwarerincludsr 10% blowdown. 
Composition, mol%: eCooling water is vscd for fnctionator overhead cooling md LBO 

cooling ssumed in to bc the 30'P. hsatcr overhead. cooling water drltn trmperarvrc is 

'Air blower udlify rcquirrmenln are braken out aepaately to facilitse 
iillCrnaIive dIlvEr studies. Am axial compirsror with a noncomdenring 
rtssmivrbine drive, is aasumrd. 

'Insludal rtcsm produced from rcrnbber pumparovnd and heatsr i ovcrhEad. 
Llnsludcr steam pmdured from the fractionator middle md botiom 

pumparovnds. 

Gas heating value, BtdSCF 128.5 Supplemental fuel, 10  to 20  percent, usually used to facilitate a smooth switch 
between fuels. 

*sweet LBO .fter~,s mmowi in ~~PIPIPIPIPIPI~SB unit. ', . Revamp existing fumaces/heaters 

General Guidelines far Utilization Slight efficiency debit expected 

~h~ many to be considered are listed below along with some general guideunes. Design study required to determine economic optimum between derating unit and 
modifications . New process furnacesfheaters Partial use of LBO to be considered 

Should be given top priority Revamping costs in the order of $2.5 million for 150 M B m h  and $3.5 million for 

Can be designed for high efficiency 
300 M B m h  

Revamp existing boilers ~ ~ ~ ~ ~ m ~ ~ t  approximately 20 percent over highdtu-fired furnace. . N~~ boilers with or without power generation via condensing steam Nrbine genera- Drop in boiler rating may be required, depending on design. 
Supplemental fuel, 10 to 20  percent, usually used to facilitate a smooth switch 
between fuels. 

Provide a large outlet for LBG 
Revamp cost highly sensitive to complexity (i.e., forced draft versus balanced 

can be designed for high boiler kfficiency draft, presence of air heaters, split of radiant and convection duties). For boilers, 
~ ~ ~ ~ ~ m ~ ~ t  approximately 10 to 15 percent above conventional boiler an approximation is  to assume costs similar to those of revamping furnace. 
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TABLE 12.1.10 ~lericoking Estimates-Case . Grassroots naphtha reforming furnace 

2: Invesiment Estimates' . Grassroots steam reforming furnace - Grassraots steam superheater 
Revamp atmospheric pipestill (APS) furnace 

~ l r e c t  material and labor cost 
Flericoking unit 49.5 . Revamp boilers 
Air blower - Revamp light ends reboilers 
primary fractionator 
Subtotal direct costs 

Indirect costs 
~ o t a l  prime contract corti 95.5 PURGE COKE UTILIZATION 

- I ~ ~ ~ ~ ~ ~ ~ ~  for Fl.ricoring unit only. Docs no$ 
i n c l u d c ~ i e x s o r b . ~ ~ i i i i ~ i t i i i .  ~rr is :  fourth qvrner 1993, Purge Coke comes from three locations in the Flexicoking unit: (1) bed purge, (2) dry 
US. Ovlfcoarr. 

+Tolaj w,,trrc~ includes all ~opital frcili- fines from cyclones, and (3) wet fines from scrubber. It is usually relatively low in 
tiU inside battery limits, capital ipwe., vendor shop fab- sulfur, and its metals concentrate in fines. 
rjcsf;an of ail V L S E E ~ ~  snd pipins, direct lnbm wa%n. Bed coke and dry fines make a goad fuel that can be sold and can be considered for 
inland to $it*. nrld labor overheads, ro"u=ctoi's 
delrilsd cngin~enng, loss on surplus marsrial%. lr=ms 

on-site fuel. A coke-burning boiler and possibly flue gas cleanup equipment will be 

olcluaed virrenoulc sprrrs, off-sltsiludlilic~. fit* needed. Wet fines can be sold as a special fuel or used far metal recovery. Metal 
p,epurnian, i;u on mneriair. escalrtion. c a in l~ i~  reclaiming may be attractive, depending on the metal concentration in coke. Technology 
ct,smirrjn, basic ionts, Exxon Snsinssring is commercially available and is currently applied to the product from one unit. 
seruiccs, royrltiesi~i~~nring fccr. contrrcmr's cnzl"=r- 
ingiconstmtlj.n fees. insps~tion costs. yen- 
am, repre,,.tatives, start roicr. owner's EOZ~T.  md pmicct 
~ ~ ~ l m g m c y  for ch'angos. Disposition of Purge Coke 

. Unit A: Dry fines currently sold for use as blast furnace coke. Wet fines currently 
TABLE 12.1.11 LOW-~tu Gas Characteristics dried to 10 percent moisture and used as auxiliary fuel for a cement kiln. 

masf Typical refinery 
. Unit B: Project under way to use coke products as a boiler fuel. 

Source mexicoking furnace fuel gas . Unit C: Dry fines sold into metallurgical industry. Wet fines routed to a delayed 
coker. Bed purge sold to a broker for fuel applications. 

cmnpositim,mo1 4b: 
18.6 23.3 

Unit E: Bulk of coke products used aa fuel in cement industry. Additional sales 
into other industries when sufficient quantity is available. 

45.6 53.7 

L~~~~ hcating value, BluiSCF 128 
Pressure, lblini gage 

FLEXICOKING UNIT SERVICE FACTOR 

Adiabatic flame temp., 
~ a t  2% enccrr air Flexieoking units can typically achieve 18- to 24-month runs, followed by turnarounds 

of 45 to 60 days, yielding service factors of 90 percent or better. This is shown in Fig. 
12.1.3. Experience with all the units commissioned since 1980 has demanstrated that 

~~~~~l~ Flexieoking LBG Utilization Basis: 

. A nominal 3 2 . k ~ i ~  ~ ~ ~ ~ i ~ ~ k i n g  unit added to an existing refinery . ,411 LBG utilized within refinery 
COMMERCIAL FLEXICOKING EXPERIENCE 

Places utilizing LBG: 
Enxon has 40 years of commercial coking experience, 20 year$ of Flexicaking. Table . Grassroots boilers 12.1.12 shows ER&E-designed commercial units. . ~ras s roo t s  vacuum pipestill l ( Y P S )  furnace 
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YEARS SINCE INITIAL STARTUP 

FIGURE 12.1.3 Rexicoking unit service factor. 

TABLE 12.1.12 Commercial Rexicoking Units 

fced rate, BlSD start-up date Comments 

~ i ~ ~ ~ a e d  unit Kawasaki, l a p a  
~icensed unit Amuay, Venezuela 

22,000 Mmh 1983 
produce low-sulfur oil (less than 0.3 wt %) from high-sulfur crudes. Flexicoking can 

ucensed unit Martinez, California be utilized with catalytic cracking or hydrocracking in a high-conversion refinery to 
ESSO Nethedands Rotterdam, Nethedands produce high yields of distillates and gasoline. Since Flexicaking is compatible in a 

fuel oil or high-conversion refinery, it can be utilized by the refiner to stage refinery 
~ x r a n  USA Baytown, Texas investment. 

Flexicoking offeo unique flexibility in processing options to tailor the coker to the 
refiner's needs: 

~i~~~~ 12.1.4 shows a in the Gulf Coast region of the United 
states, prom left to right are the coke silos, the gasifier vessel, heater vessel. 

Conventional coking. Typically converts atmospheric or vacuum residua to  
975°F- products. This is shown in Fig. 12.1.5, 

reactor,rcrubber, and the fractionator with its associated overhead system. The air 
blower train is in the lower left foreground. The background includes the heater over- * Once-lhrough coking. Once-through coking is another operating option in which 
head fines capture and sulfur removal systems. the bottoms from the reactor scrubber are drawn off as product instead of being 

recycled to the reactor. The scrubber bottoms have a higher selectivity to coke than 
the virgin feed. Therefore, by removing this material from the coker, overall coke 
production can be reduced. This reduction in cake make can lead to a reduced 

FLEXlCOKlNG OPTIONS investment for a grassroots unit or to more fresh feed processing capacity in an 
existing unit limited by coke gasification. The once-thmugh option also provides 

Flexicoking Reactor Side Process Options increased liquid product yield at the expense of coke and gas. Of course, with &is 
option the liquid product has a higher endpoint and may have to have coke particles 

~ l ~ ~ i ~ ~ b ~ ~  is a process that fits into many refinerylcrude upgrading sitma- removed (typically 1 to 2 wt 8). depending on its disposition. Once-through coking 
tions. I,, a fael =finery, ~ l ~ ~ i ~ ~ l d n ~ ,  coupled with hydrotreating. auows the refiner to is illustrated in  Fig. 12.1.6. 
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105OSF. The integration with the vacuum pipestill processing $"heme, illusuated in 
Fig. 12.1.7, can be utilized in both Fluid Coking and Fiexicoking ""its and can be 
applied in retrofit as well as grass-roots 

Combo coking. Atmospheric resid is fed to the scrubber where gaseous reactor 
products "lift" vacuum gas oil range material overhead in admixture ~ i t h  coker 
products. The vacuum pipestill is deleted. This is illustrated in pig. 12.1.8. 
Depending on the qualities and quantities of feed sent to the scrubber, the overall 
liquid yield is somewhat lower than for  a VPSIconventional vacuum resid 
Flexicoking unit combination. 

Flexicoking Gasification Options 

With integrated high gosificotion. typically 97 percent of gross coke is gasified for 
most feeds. Typically 90 to 95 percent of gross coke is gasified for high.meta~,ash 
feedstocks. This option results in 97 to 99 percent conversion of coker feed to gaseous 
and light liquid products. 

Partial gasification allows the refiner to vary capacity a d  yields of coke gas 
FIGURE 12.1.5 Conventional coking- low-sulfur cake to meet specific operating objectives. 

. V ~ S  integrated coking. ~h~ gas oil cut point that can be achieved in a 
 convention^ ~ ~ ~ ~ i ~ ~ k i ~ ~  reactor scrubber is about 975°F. This cut point is limited 
by the temperature that can be maintained in the scrubber without Crees- 

FLUID COKING OPTIONS 

$ive coge deposition. BY integrating the coking reactor and scrubber with an 
upseeam pipestill, the cut point capability can be extended to 1050°F vacu- 

bottoms that are injected directly into the coking unit reactor. The scrubber hot- Description of Fluid Coking Process 

,toms boiling above 9 7 5 0 ~ .  instead of being recycled directly to the reactor, are sent 
to the vacuum pipestill where the coker gas oil boiling between 975 and 105O0F is 

A simplified flow sheet of the Fluid Cokingprocess is shown in pig. 12.1.9. ~h~~~ are 

recovered. ne product boiling above 1050°F is recycled to the reactor with the vir- 
two major fluidized-bed vessels: a reactor and a burner. The heavy hydrocarbon f e d  

gin vacuum bottoms.  his effectively increases the cokm recycle cut point to is introduced into the scrubber where it exchanges heat with the reactor overhead 
effluent and condenses the heaviest fraction of the hydrocarbons. ne total feactor 

arcme 12.1.6 On==-through coking. FIGURE 12.1.7 VPS integrated coking. 
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925'F 

@WF+ Resid -b 9250Ft Feed 

Plus Ren/ele 

FIGURE 12.1.8 Combo cake,. 

EXXON PLWCOKWG WCLUDING FLUID COKING 12.21 

feed, including both the fresh feed and the recycle condensed in the scrubber, is inject- 
ed into a bed of fluidized cake in the reactor, where it is thermally cracked to produce 
lighter liquids, gas, and coke. The coke is laid down on the fluidized coke particles 
while the hydrocarbon vapors pass overhead into the scrubber. The reactor overhead is 

tj scrubbed for solids removal and the material boiling above 9 7 5 9  is condensed and 

6 recycled to the reactor. The lighter hydrocarbons are sent from the scrubber to conven- 
tional fractionation, gas compression, and light ends recovery units. 

B Heat required to maintain the reactor at coking temperature is supplied by circulat- 

E ing coke between the reactor and burner. A portion of the coke produced in the reactor 

i is burned with air to satisfy the process heat requirements. The excess coke is with- 

i drawn from the burner and sent to storage. 

I 

Additional Background on Fluid Coking as a S e a s o n e d  Refinery Process 

i The process was first commercialized in 1954. There are currently nine operating 
i Fluid Coking units processing petroleum residua with a total throughput of about 159 
; kB/D. Two Fluid Coking units, processing a total of over 200 kB/D of Athabasca ail 
1 sands bitumen, have been in operation since 1978. 

I 
" " . 

cessfully fired in cement kilns while meeting environmental standards. Current outlets 

i for coke include: 
Reactor Producl~ 
TO Fraclionator I Aluminum electroplating electrodes if metal content is low (less than 400 ppm 

Flue GasTo 
Stack or CO Boiler 

vanadium) 
SCNbber Steel industry if sulfur is low (less than 3 percent sulfur) 

i - Fuel in steamlpower plants, including fluid-bed boilers 

Cement industry fuel if sulfur is high (more than 3 percent sulfur) . Partial oxidation units 

I \- Fluid Coking liquid yields are higher than those of conventional delayed coking. 
The external energy supply requirements far  Fluid Coking are less than those of 

" 
nnrogen, metals, and ash 

Representa t ive  Fluid Coking Yields 

Flutd Coktng ytelds for three feedstocks are shown m Table 12 1 13 

Comparison of Flexicoking a n d  Fluid Coking Yields 
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FIGURE IL.1.10 Fluid Coking unit on lhs wwl 
coast of theunited Statex. 
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Steam Generation 

The heat removed from the fractionator by the heavy gas oil pumparound stream is 

AIR PREHEIITER 
used to preheat feed and to generate steam. Depending an economics, additional steam 
may be generated in the convection section of the coker-fired heater. A common 
steam drum is utilized. Circulation through the steam-generating coil of the heater is -a STEAM provided by the bailer feedwater circulating pump. 

Decoking Schedule  

---O FUEL The decaking operation consists of the fallowing steps: 

1. Steaming. The full coke drum is steamed out to remove any residual-oil liquid. 
This mixture of steam and hydrocarbon is sent first to the fractionator and later to 
the coker blowdown system, where the hydrocarbons (wan tailings) are recovered. 

2. Cooling. The coke drum is water-filled, allowing it to cool below 93°C. The steam 
generated during cooling is condensed in the blowdawn system. 

W A E R  COOLER 3. Drahing. The cooling water is drained from the drum and recovered for reuse. 

4. Unheoding. The top and bottom heads are removed in preparation for cake 
removal. 

5. Decoking. Hydraulic decoking is the mast common ctttting method. High-pressure 
water jets are used la cut the cake from the coke drum. The water is separated 
from the coke fines and reused. 

6. Heading and resring. After the heads have been replaced, the drum is tightened, 
COOUNG.WAWR 
CIRCULATING PUMP purged, and pressure-tested. 

7. Heating up. Steam and vapors from the hot coke drum are used to heat up the cold 
coke drum. Condensed water is sent to the blowdown drum. Condensed hydrocar- 

FIGURE 12.2.7 simplified schematic of a c o k ~ - ~ ~ b i n i n g  plant; case B: rotav-heacth ccdciner. bons are sent to either the coker fractionator or the blowdown drum. 
8. Coking. The heated coke drum is placed on stream, and the cycle is repeated for 

Coker Blowdown the other drum. 

The eoke-drum blowdown system serves the purpose of recoveting hydrocarbon and Typical coke-drum schedules for two-drum and sin-drum delayed cokers are shown 
steam vapors generated during the quenching and steaming operation. It is designed to in Figs. 12.2.8 and 12.2.9. Although these are hoU148-hour coking cycles, composed 
minimize air pollution during normal operation. The system7 includes a coker blow- of 24 hours of coking and 24 hours af decaking, they are often referred to as  ZChour 
down drum, blowdown condenser, blowdown settling drum, blowdown circulating oil cycles. Refiners sometimes operate on "short cycles," which have cycle times less 
cooler, vent-gas compressor system, and attendant pumps. than 24 hours. This has an operating advantage in cokers that were designed for a 24- 

During the coke-drum cooling cycle, steam and wax tailings flow to the coker blow- hour cycle. It allows the refiner to increase the unit throughput by filling the coke 
down drum, where they are condensed by contact with a cooled circulating oil stream. drums faster. The refiner takes advantage of the inherent design margins in the rest of 
This ~irculating oil stream also dilutes the war tailings. The diluted wax tailings are the unit's equipment to process this increased capacity. If necessary, the rest of the 
withdrawn from the bottom of the drum and recirculated after cooling in the blowdown unit may rcquire u revamp to handle the extra capacity, but this can readily be 
circulating-oil cooler. Excess oil is returned to the fractionator. Light gas ail makeup is achieved. Refiners have reported shon cycles as low as 1 I hours in small cokers, but 
charged to the coker blowdown drum as required for dilution of the mixture. 14 to 16 hours is more typical. By using short cycles for a new design, smaller coke 

Steam and light hydmcarbons from the top of the coker blowdown d m  are con- drums would be required with areduced investment cost. 
densed in the blowdown condenser before flowing to the blowdown settling drum. In 
the settling drum, oil is separated from condensate. The oil is pumped to refinery slop, 
while the water is pumped either to off-site treating facilities or to the decoking-water Vapor-Recovery Unit 
storage tank for reuse. 

Light hydrocarbon vapors from the blowdown settling drum are compressed in the The vapor and liquid streams from the fractionator overhead drum are processed fur- 
vent-gas compressor after being cooled in the vent-gas cooler and separated from the ther in the vapor-recovery unit. The liquid stream goes directly to the top of the 
resultant liquid in the vent-gas knockout drum. The recovered vent gas flows to the absorber. The vapor stream is compressed and cooled, the resulting vapor and liquid 
inlet of the fractionator overhead condenser. Alternatively, it may be sent directly to streams are fed to Ule absorber-stripper, the vapor goes to the bottom of the absorbex, 
the fuel-gas-recovery system. and the liquid goes to the top of the stripper. 
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The absorber-stripper produces a bottoms stream that contains most of the C, and 
heavier material in the feed. The overhead from the absorber contains the C, and 
lighter portion, plus some unrecovered C, and heavier material. This unrecavered C, 
and heavier material is recovered in the sponge absorber and recycled back to the frac- 
tionator. The C, and lighter portion leaving the top of the sponge absorber passes 
through an amine absorber, where the hydrogen sulfide is removed, before it goes on 
to the fuel-gas system. The sponge absorber uses a side cut from the fractionator as an 
absorbing medium. 

The bottoms from the stripper flow to the debutanizer, where the C, and C, are 
removed overhead, leaving a stabilized naphtha as a bottoms product. The naphtha can 
go to product storage or to further processing, as required. 

The debutanizer distillate, or C,-C, liquefied petroleum gas (LPG), goes to a 
"treatingm section, where hydrogen sulfide, mercilptans, and other sulfur compounds 
are removed. This treating section usually has an amine absorber (liquid-liquid contac- 
tor), followed by a mercaptan-removal processing facility. From here the stream flows 
into the C,-C, splitter, where the feed is separated into C, and C4 LPG products. 

Cake-Calcining Plant 0.000 tanslycar of calcined coke. (Plioiagroph cuuries). of MmOi Moilatin corboll CO. 
Ke,inedy V",, Svilri Coipo""iio,i.) 

Two methods for calcining coke are available commercially. They are the rotary-kiln 
method, as shown in Fig. 12.2.6, and the rotary-hearth method, as shown in Fig. Reguiar-Grade Coke Produnion 
122.7. The rotary-kiln method is the older of the two methods and has been in use for 
many years. The rotary-hearth method recently has been gaining increased popularity. The most common type of coke produced by a lnvjority of the delayed cokers in oper- 
The two methods are similar in concept but differ in mechanical details. The descrip- ation today is a regular-grade cake known as sponge coke. As we will discuss later in 
tion given below is specific to the rotary-kiln method. the section "Uses of Petroleum Coke," depending on the impurity levels present, tile 

Coke which has not yet been calcined for removal of excess moisture and volatile coke may be suitable for use in the manufacture of electrodes for the aluminum indus- 
matter is referred to as "green" cake. After draining, the coke is charged to a crusher try or alternatively for use as a fuel. 
and Ulen to a kiln feed bin or bins. The rate of charge to the kiln is controlled by a Petroleum residue from n refinery vacuum tower, less frequently from an atmos- 
continuous-weigh feeder. pheric tower, or sometimes from a mixture of both, is the feed which is typicallyused 

In the kiln first the residual moisture and subsequently the volatile matter are in the production of regular-grade coke. 
removed, as the green coke moves countercurrently to the heat flow. Process heat is Table 12.2.2 shows the most important feedstock characteristics for several vacu- 
supplied to the kiln through a burner which is designed to handle the available fuel. um residues. 
Another source of process heat is combustion of the volatile matter released by the 
green coke in the kiln. Carbon Residue. In determining the quantity of coke that will be produced from any 

The calcined coke Leaving the kiln is discharged into a rotary cooler, where it is particular feedstock, the mast important characteristic to be considered is the carbon 
quenched with direct water sprays at the inlet and then cooled further by a seeam af residue. The carbon residue may be defined as the carbonaceous residue formed after 
ambient air which is pulled through the cooler. The coke is conveyed from the rotary evaporation and pyrolysis of a petroleum p r o d ~ c t . ' ~ T w o  methods of testing are avail- 
cooler to storage. able. They are the Cancadson carbon test (ASTM D 189) and the Ramsbottom coke 

A rotary kiln coke calciner is shown in Fig. 12.2.10. test (ASTM D 524). For the purposes of our discussion we will be concerned with the 
Conradson carbon residue (CCR). The higher the CCR, the more cake that will be pro- 
duced. Since, in most cases, the object of delayed coking is to maximize the produc- 

FEEDSTOCKS TABLE 12.2.2 Feedslock Characteristics for Vviour Vacuum Residues 

Crude source African Southeast Asian Mexican Middle 
Heavy residues such as vacuum residue or occasionally atmospheric residue are the 
feedstocks which are most commonly used in delayed coking. For special applications TBP cut poinc, 'C 482+ 482+ 5381 538+ 

in which high-quality needle coke is desired, certain highly aromatic heavy oils or Density, OAPI 12.8 17.1 4.0 8.2 

blends of such heavy oils may be  used instead. The discussion which follows Conradson carbon. wt 9% 5.2 11.1 22.0 15.6 

describes various types of feeds and their characteristics both for routine and for spe- 
Sulfur, w~ % 0.6 0.5 5.3 3.4 
Metals (Ni+V). wr ppm 50 

cialized delayed-coking applications. 44 910 90 
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tion of clean liquid products and minimize the production of coke,' the higher the TABLE 12.2.3 Potential Feedstocks for ~ c o d l ~  
CCR the more difficult this is to achieve. Coke Production 

Although CCR values may formerly have ranged from less than 10 wt % to rarely 
more than 20 wt %, with the trend in recent years toward processing heavier crudes, 

Thermal tars 

values of CCR in excess of 20 wt % and sometimes higher than 30 wt % are becoming 
Vacuum-flashed thermal tars 

more common. Decant oils (slurry oils) 
Thermally cracked decant oil 

Sulfur. Sulfur is an objectionable feed impurity which tends to concentrate in the Pyrolysis tars 
coke and in the heavy liquid products. In a manner similar to CCR, the trend in recent Topped pyrolysis tam 
years, owing to increased processing of less desirable, heavier, higher-sulfur crudes, is Thermally cracked pyrolysis tar 
for a resultingly higher sulfur content in the feed to a delayed coker. This results in Lubricating-oil cxuact 
corresponding high levels of sulfur in the coke and in the heavy-liquid products. Thermally cracked coker gas oils 

Metals. Metals such as nickel and vanadium are objectionable feed impurities which Synergistic mixtures 
tend to be present in increasing quantities in heavier feeds. The metals present in the Decant oil-pyrolysis tar 

feed tend to concentrate almost entirely in the coke." Some heavy feeds contain met- Decant oil-pyrolysis m-vacuum residue 
als in excess of 1000 wt ppm. Decant oil-thermal tar 

Decant oil-thema1 tar-vacuum residue 
TBP Cur Point. For vacuum residues a typical true boiling point (TBP) cut paint is Thermally cracked vacuum gas oil-coker gas oil 
538"C, but it may be lower or higher depending an the crude. For atmaspheric residues Thcmal far-pyrolysis tar 
aTBP cut point of 343°C is typical. The TBP cut point will define the cancenoation of Pyrolysis tar-hydrotreated FCC gas oil 
CCR, sulfur, and metals in the feed and thereby affect yields and product quality. 

Needle Coke Produn ion  TABLE 12.2.4 Needle Coke Feedstock Characteristics 

Needle coke is a premium coke used in the manufacture of high-quality graphite elec- 
trodes for the steel indusuy. It owes this application to its excellent electrical conduc- 

Ifem Sluny oil Thermal tar no. 1 Thermal tar no. 2 

t i ~ i t y ,  good mechanical strength at high temperatures, low coefficient of thermal Aromatic content, Lv s 61.7 89.8 66.1 
expansion, law sulfur content, and low metal cantent. sulfur content, wr s 0.48 0.07 0.56 

In general, vacuum or atmospheric crude residues are not suitable feedstocks for Conradson carbon residue. w t s  5.7 9.4 8.6 
needle coke production. What is needed instead is a heavy feedstock which is highly 
aromatic and, in addition, is low in sulfur and low in metals. Table 12.2.3 gives a Source: D. H. Stomoni, Oil Gas,.. 67,75 (MX. 17. 1968). 

comprehensive list of potential feedstock sources for needle-coke production. 
Depending upon the specific properties of a particular feedstock in question, it may or 
may not prove to be suitable for needle coke production. 

Table 12.24 lists the aromatic content, sulfur content, aod CCR for three feed- Figure 12.2.11 shows a scheme in which atmospheric residue is sent to a vacuum 
stocks which are known to be suitable for needle coke production. For the feedstocks flasher and the resulting vacuum residue is fed to a. delayed eoker. Figure 12.2.12 
shown we can see that, in general, the aromatics content is greater than 60 liquid val- shows a scheme in which atmospheric residue is sent to a residue hydrodesulfuri~e~. 

The resultant 650% residue is then charged to the delayed coker. Figure 12.2.13 is 
the same scheme as Fig. 12.2.12 except that the 650DF+ desulfurized residue is 
charged to a vacuum flasher. The desulfurized vacuum residue is then charged to the 
delayed coker. 

Residue Hydrodesulfurization of Feedstocks A comparison of the overall yields for the three cases is summarized in Table 
12.2.5. From this table it is easy to see how residue hydrodesulfurization of the feed- 

To combat the impurity and yield problems which result from using very heavy poor- stock increases the yield of desirable liquid products. 
quality residues as  feedrtacks, there is a sowing trend to employ residue hydrodesulfu- 
rization upstream of the delayed-coking unit.' When this is done, the metals and CCR, 
as  well as the sulfur level of the feedstock, are reduced. This results in an atoactively 
lower yield of higher-purity coke and a resultingly higher yield of clean liquid products. YIELDS AND PRODUCT PROPERTIES 

To show how beneficial this is, Figs. 12.2.11, 12.2.12, and 12.2.13 illushate the 
effects of typical residue hydrodesulfurization on delayed-coker yields.' Yields for This section describes the reactions and the types of products which normally are pro- 
three alternative operations on Kuwait atmospheric residue were estimated and are duced by delayed cokers and gives typical yield predictions for these products. Also 
presented as follows: given is infomation on product impurities and typical product properties. 
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5.0 LB 7.6 18 

87.7 LB 

ATMOSPHERICRESIDUE 
2.8%IYT. SULFUR CI + DISnLLATE 3 8 % M  SULFUR 

O.MWT. SULFUR 
EI I DISTILLATE 

VACUUM RESIDUE 
5 1 % W  SULWR 

BASIS: 1W LB 3S'6 LB 
DEUv'D 

Cg + DISTILLATE 

BASIS: 1w Ls 
IOSO*F+ VACUUM- 

RESIDUE 

COKE 
1 . m  WTSULFUR - 

G.I%SULNR ' I  
FEURE IZ.E.II scheme A: vacuum distillation followsd by delayed coking. 1 6.6 LB + 

COIL 
I .5%WT SULFUR 

FIGURE 12.2.13 Scheme C: residue hydruderulfurilation followed by vacuum distillation follawed 
by delaycd coking. 

TABLE 12.2.5 Comparison of Estimated Ovcrall Yields of Delayed coldng plus 
Residue Hydrodesulfurilation 

Propcdcs of feedstock 

81.6 W Cmde source Kuwait 
TBP cut point, OC 343+ 

cr + DISTILLATE C6 t DISTILLATE Density, 'API 16.6 
Conradron carbon residue wt 4. 9.0 
Sulfur, wt 90 3.8 

Residue Residue 

Cg DISTILLATE 
Vacuumflasher hydrodesulfurizer- hydrodesulfurizer- 

plus delayed plu8 delayed vacuum flasher 
0.5%w SULFUR Yields, wt % coker coker plus delayed coker 

BASIS: IW LB 
C, and lighter 5.8 9.6 7.6 
C, + distillate 78.1 84.6 87.7 
Coke 16.1 6.7 5.6 - 

100.9 

FIGURE 1 2 1 1 2  Schems B: residue hyd~~dc~ulfurization followed by delayed caldng. 
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Delayed coking is an endothermic reaction with the furnace supplying the necessary 
heat to complete the coking reaction in the coke drum. The enact mechanism of 
delayed coking is so complex that it is not possible to determine all the various chemi- 
cal reactions that occur, but three distinct steps take place: 

1. Partial vaporization and mild cracking of the feed as it passes through the furnace 
2. Cracking of the vapor as it passes through the coke drum 

3. Successive cracking and polymerization of the heavy liquid trapped in the dmm 
until it is converted to vapor and coke 

Four types of products are produced by delayed coking: gas, naphtha, gas oil, and 
coke. ~ a c h  of these products is discussed briefly below. 

Gas. Gas produced in the coker is fed to a vapor-recovery unit, where LPG and 
fuel gas are produced. Typically, the LPG, after treatment for H,S and mer- 

captan removal, is split into separate C, and C, products. Coker LPG can also be used 
as alkylation or polymerization unit feedstock, For this purpose, the coker LPG is COIRADILINEIRBOMR~S~DVE 

often mixed with catalytic cracker LPG. FIGURE 12.2.14 Rough srfimrtion of  coke 
yields from straight-run rsaidue. [cauriary 01 

Nophtho. Light coker naphtha, after stabilization in the vapor-recovery unit, is often Perinwall Prlbliskirz8 Corr8pany. p i ~ b l i s k ~ ~ ~  01 rka 

mercaptm-sweetened and then used in the gasoline pool. Heavy coker naphtha can be Oil and Or8 Journal, 74, 60 (Mquzd. 1976)) 

hydrotreated and used either as catalytic-reformer feedstock or directly in the gasoline 

shows a very simple earrelation which can be used to predict a rough preliminary coke 

Gas Oil. Light coker gas oil can be hydrotreated for color stabilization and used in yield based only on CCR. 
the refinery distillate blend pool for No. 2 heating oil. The heavy or the total coker gas An even simpler correlation for estimating a rough coke yield is the following 

oil is commonly used as catalytic cracker or hydrocracker feedstock. This use of the equation, as given by Gary and Handwerk: 

coker gas oil can result in a considerable increase of refinery gasoline, jet fuel, or 
diesel production. Coke yield (wt %) = 1.6 x CCR (12.2.1) 

Coke. Depending on the unit feedstock w d  operating conditions, different types of Figure 12.2.14 and Eq. (12.2.1) are suitable for predicting preliminary coke yields 
cokes an be produced. These are discussed in detail in the sections "Feedstocks" and to within an accuracy of perhaps 125 percent. More precise predictions can be made 
"Uses of Pevoleum Coke." only by using more sophisticated proprietary correlations which are a function not 

only of CCR but af ather additional parameters such as the variables deacdbed in the 
section "Operating Variables." 

Predicting Yields 
Predicting Yields of Gns and Liguid Products. As in predicting the yield of coke, 

Because the correlations used to predict cobng yields are, in general, considered to be the CCR is still the most important single parameter for predicting the of gas 
proprietary information to the companies which have developed these correlations, and liquid products. Gary and Handwerk5 give the following set of equations 
relatively little information is given in the ~ublished literature on how to predict cok- can be used to m&e rough preliminary estimates of the of gas and liquid prod. 
ing yields. Nelsonlo and Gary and Hmdwerks give some simple correlations which, as ucts as afunction of CCR: 
shown and discussed below, are adequate to make very rough coking yield estimates. 
For more precise yield predictions, more sophisticated correlations, developed from Gas yield (wt %) = 7.8 + 0.144 x CCR 
nanpublished comprehensive pilot plant data and/or from commercial operating data, 

(12.2.2) 

must be used instead. 
Naphtha yield (wt 5%) = 11.29 + 0.343 x CCR (12.2.3) 

Pledieting Yield of Coke. The most important parameter in predicting the yield of 
coke is the CCR (weight percent) in the feed. Figure 12.2.14, developed by Nelson,l0 Gas oil yield (wt %I = 100 - coke yield - gas yield - naphtha (12.2.4) 
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Once again, if more precise val.lues are required, more sophisticated proprietary TABLE 12.2.7 Estimated Yields and product 

which are a function of many additional parameters, must be used Propenier for Needle-Coke Pmducrioo 

Virbroken Decanted 
thermal tar oil 

Distribution of Impurities among Products 
Fpcd: 

'API 2.4 -0.66 

The two impurities in the products from delayed coking which are of greatest concern Sulfur. wt % 1.0 0.45 
are sulfur and metals. As a. rule of thumb, the weight percent of sulfur in the coke will Products: 
be somewhat greater than that in the feedstock. The ratio of these two numbers will Dry gas+C4, wr % 14.4 9.8 
usually range betwee" 1:l (or slightly less) and 2 1 .  The weight percent of sulfur in C5 - 193'C. wt % 16.7 8.4 
the other products varies greatly with each particular feedstock, and although some 'API 54.9 59.8 
limited information is published," it is nevertheless difficult to m&e any generaliza- Sulfur 0.04 001 
ticins as to how the sulfur will be distributed. With regard to metals, the bulk of the 193'C+, wt % 15.7 41.6 
metals present in the feedstock generally will concentrate in the coke, with a very *API 23.3 16.9 
small percentage remaining in the heavy gas oil product." Sulfur, wr % 0.7 0.34 Coke, w l  5% 53.2 40.2 

Sulfur, wt % 1.0 0.60 

Typical Yields and Product Properties 

~ ~ b l e  12.2.6 presents typical delayed-coking yield estimates for the various vacuum- All the yields and properties given in Table 12.2.6 are far vacuum.residue feed. 

residue feedstocks defined in Table 12.2.2. The feedstocks have been selected to illus- stocks which produce regular grade coke. Yields and properties for special feedstocks 

uate typical coking yields over a wide range of feedstock characteristics varying from which produce needle coke are given in Table 12.2.7.  he high cake yields shown in 

4.0' API and 22.0 wt % CCR to 12.8" API and 5.2 wt % CCR. The metals content in Table 122.7 are consistent with the philosophy of selecting operating 

the feedstocks varies from 44 to 910 wt ppm (Ni + V). All the ~ i e l d s  are presented at which would favor the production of needle coke for the special feedstocks which are 
conditions of constant recycle ratio and pressure. The delayed-coking yields presented 1 being processed. 

in Table 12.2.6 have been estimated by generalized correlations developed by Foster 
Wheeler on the basis of previous pilot-plant work and commercial operations. 

the typical yields presented in Table 12.2.6 we see that the yield of dry gas 
varies between 6.2 and 10.5. the yield of naphtha between 17.4 and 21.4, the yield of 

OPERATING VARIABLES 

gas oil between 33.0 and 65.3, and the yield of cake between 10.0 and 35.1. These 
estimated values are not meant to represent any absolute maximum or minimum for Three basic operating variables eonuibute to the quality and of delayed.coking 
any of the yields given, but rather a typical range aver which yields may vary. products. They are temperature, pressure, and recycle E ~ C ~  of these is discussed 

below. and typical ranges are shown in Table 12.2.8. 

TABLE 12.2.6 Typical Yields and Pmduct Properties as Estimated for Vdous Temperature 
D ~ I ~ ~ ~ ~ - c ~ ~ ~ ~  ~eedstockr at consrant ~ecycle ~ a t i o  and ~ressurc 

m d e  source 
Temperatme is used to control the volatile combustible material (VCM) content of the 
coke Product. The current trend is to produce coke with a VCM ranging between 6.0 

Products ~fr ican southeast Asian Mexican Middle East and 8.0 wt %. This results in a harder coke and, if structure and impurity levels arc 
acceptable, in a more desirable aluminum-grade coke. ~t cQnstant and recy. 

Dry gas and C,. wt % cle ratio the coke yield decreases as the drum temperature increases. since delayed 
c,. 193-C, naphtha. wr % 18.5 coking is an endothermic reaction, the furnace sqpplies all the necessary heat to pro. 

mote the coking reaction. If the temperature is too low, the coking reaction does not 
sulfur. wt % proceed far enough and pitch or soft-coke formation occurs. when the temperature is 

193'C+, gas oil, wt % 

sulfur, wr % 
TABLE 12.2.8 Operating Variables: ~ypical R~~~~~ 

468-524 
Top cakc-drum pressure, lblin2 gage 15.150 

Ni + V, w l  ppm 
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too high, the coke farmed generally is very hard and difficult to remove from the cake Recycle Ratio 
drum with hydraulic decoking equipment. Higher temperatures also increase the 
potential of coking the furnace tubes andlor transfer line. Thus, the furnace outlet tem- Recycle ratio has the same general effect as pressure on prodllet distribution; i.=., as 
perature and the corresponding coke-drum vapor temperature must be maintained the recycle ratio is increased, the coke and gas yields increase while the pentane and 
within narcow limits. Although there is an incentive to increase the coke-drum temper- heavier liquid yield decreases. The recycle ratio is used pdmarily to the end. 
amre to offset the loss in liquid yield associated with the trend to heavier feedstocks, point of the coker gas oil. The same economics which are forcing the operation of 
there is often very little latitude available to do so. coke18 to lower operating pressures are also at work on recycle ratios. units operating 

at recycle ratios as low us 3 percent have been reported. In general, refinery 
at as low arecycle ratio as product quality and unit operation will permit. 

~t constant temperature and recycle ratio, the effect of increased pressure is to retain Other Variables 
more of the heavy hydrocarbons in the coke drum. This increaser the coke yield and 
slightly increases the gas yield while decreasing the pentane and heavier liquid-product Although our discussion in this section has been directed solely to operating (or 
yield. The trend in the design of delayed eokers which maximize the yield of clean liq- process) variables, it is possible to consider delayed coking as dependent three 
uid products is to design for marginally lower operating pressures. This tendency is the interrelated classes of ~a r i ab le s . ' ~  These are feedstock "ariables, processing variables, 
result of close scrutiny of conditions which affect refining profit margins. The use of a 
heavier caker feedstock which produces fuel-grade coke having a market value 15 to 
30 percent of that for aluminum-grade coke drives design economics to the absolute 
minimum cokc yield, even though it results in an increased expense for vapor-handling 

C H A R A C T E R I Z A T I O N  FACTOR 

capacity. As a result, units are currently being designed with coke-drum pressures as 
low as 15 lblinz gage. Table 12.2.9' compares the effect on delayed-coker yields of a -DEBRE€ OP R~DUCTIDN 

15-lblinz gage coke-drum pressure with that of u more traditional 35-Ib/in2 gvge pffis- 
sure for the same feedstock at constant conditions of recycle ratio and temperature. 

FBEDJmCI 

VARIABLES 
CONRAOBONCARBON 

This tendency to operate at lower pressure applies to most standard operations but 
does not apply to the special case of needle coke production. For needle coke produc- 
tion, a pressure as high as 150 lbhnZ gage may be required." ~ U L W R  CONTENT 

-METALLICCONSTITUENTS 
TABLE 12.2.9 Bstimated Effect of Pressur~ on Delayed- 
Coking Yields 

Feedstock 

Crude soune Alaskan North Slope T I M E - T E M P E R A T U R E - P R E S U R I  

TBP cut point. 'C 566+ CRACKING INTERRELATIONS 

Density, 'API OELAYED- PROCIJ9NO 
Conradson carbon, wt % COKING YARtABLIS RECYCLE-TDFEEOITOCI A I I T 1 0  
Sulfur, wt % 

VARIABLES 

~stimatcd yields at constrnt recycle ratio L c O K E - ~ ~ ~ o ~ ~ ~  F~CICTORS 

coke-dmm pressure 

Products 15 lbiinZ gage 35 Lblini gage 

Dry gas + C4, wl % ----~TCH.SEMICONTINUOUS. OR 
C5 - 38PF. naphtha, wt % CONTlNUDUS 

Density, 'API 
sulfur, wr % ENOINIIRING 

C A P A C I T Y  ANDSIZE FACTORS 

380°F+, gas oil, wt % 
Density, 'API 

VARIABLES 
C O K E - R E M O V A L  EOUlPMLNT 

Sulfur, wt % 
Coke, wt 96 

Sulfur, wt % 
C O K E  HANDLING. STORAGE. 

ANDTRANSPORTATION 

s,,~,~.: R. D ~ B ~ ~ ~ ~  and I. D. ~l l iot t .  -Recent Trend3 in Delayed FIGURE 12.2.15 Interrelated delryed-coking variables [colrresy o f ~ c ~ , o w . ~ j j j  nook 
C O & ~ ~ . " N P R A  i\"nud ~ c c t i n g ,  San Antonio, M a h  1982. Comprrny (Virgil B Gurhnc, Petroleum Praducb nandbook, McOrav- ill NOW yor&, 1960).1 
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and ~i~~~~ 12.2.15 gives an interesting graphical representation Heater Design 
of each of these variables. Figure 12.2.16 is a simple sketch of a typical delayed-coker heater. Coker heater 

design has been modified in recent years in response to refiners' needs for longer run 
lengths between decoking while processing heavier, higher-CCR feedstocks. There is 

COKER HEATERS a trend to design for higher cold-oil velocities in the order of 6 fUs and provide for the 

Careful heater design is to successful delayed-caking operation and to the 
achievement of desirable long run lengths. The major design parameters which influ- 
ence heater operation are discussed below. there has been a tendency to specify lower allowable average radiant-flux rates in the 

order of 9000 Btu/(h . fti) to provide for longer run lengths, future capacity 
allowances, and. in general, a mare conservative heater design. By way of compari- 
son, traditional allowable average radiant-flux rates range from 10,000 to 12,000 
Btu/(h. ft2). 

During the aperation of the delayed coker unit, coke slowly deposits on the inside 
of the heater tubes. This results in higher pressure drop w d  higher tube metal temper- 
atures. When one or both of these operating variables exceed design levels the heater 
must be decoked. The duration of time from the time the heater is put an-stream until 
it is shut down is defined as the run length 

Heater run length is affected by feedstock quality, operation conditions and the 
consistency with which they are maintained, and the frequency and handling of upset 
operations. Run lengths varying between 9 and 12 months can be expected, with run 
lengths of 18 months or longer being reported. 

On-line spalling is a technique that is sometimes used to extend the heater run 
length of multipass heaters beyond these values. On-line spalling does not require a 
heater shutdown with a resultant loss of unit production. In this technique, the passes 
of the heater are decoked one at a time while the other passes remain in coldng ser- 
vice. Far the pass being spalled, the hydrocarbon fresh feed is shut off and n spalling 
medium, either steam or condensate, is immediately introduced to that pass. The rate 

,>,,L.wco ,x<rs 
.,,,wco W'#,' 

and temperature of the medium are cycled in a prescribed manner so that the eoke is 
wmrr 9 r r r r ~ m m c m  themally stressed until it breaks off the heater tubes and is swept into the coke drums. 

The flow of hydrocarbon to the other passes is sometimes increased to cornpensite for 
the loss from coking service of the pass being spnlled. 

The effectiveness of on-line spalling is shown in Fig. 12.2.17, a plot of tube skin 
temperatures versus time for each pass of a four-pass heater. There are temperatures in 
a band between 1140 and 1180°F which are the target temperatures for applying the 
on-line spalling procedure. The flgure illustrates the effect of the on-line spalling pro- 
cedure on skin temperatures when practiced at the end of April and the beginning of 
August. It shows that the heater run length would have been only 3 months if the on- 
line spalling procedwe had not been used. It has been reported by some refiners that 
the effectiveness of the procedure deteriorates after every cycle and that ultimately the 
heater needs to be shut down and decoked; other refiners have reported that the effec- 
tiveness is constant and that the heater can be run indefinitely by practicing on-line 
spalling. In any event, refiners have reported run lengths greater than 2 years. 

The alternative to on-line spalling is to shut down the heater and decoke it by 
either steam-air decoking or by pigging. Steam-air decoking utilizes steam and air to 
first spa11 some of the coke from the heater tubes and then to burn off the remaining 
coke. In pigging, the pig, a remiflexible plug with projections, is inserted into the 
tubes and circulated in a water stream. The projections scrape the eoke off the inside 
of the tubes. 

The effect of energy conservation on modern heater design is discussed in the sec- 
tion 'Typical Utility Requirements." 
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HYDRAULIC DECOKING 

Unheading Device 

Coke drums have a large, flanged opening approximately 6 ft in diameter at the bot- 
tom to facilitate the decoking operation. At most times this opening is closed by a 
large metal cover containing a nozzle, called a head. In order to remove the cake from 
the drum the head is removed and a chute is artached to the flange. The chute directs 
the coke away to the coke handling and coke dewatedng area. The head is removed 
after the coke is cooled and the cooling water is drained from the coke drum. 

Traditionally, the head was lowered on to an unheading cart. Recently, attention 
has been paid to facilitating this operation by the development of automatic unheading 
systems. One such system was developed by Foster Wheeler. The Foster Wheeler bot- 
tom coke drum unheading device is designed for remote-controlled hydraulic raising 
and lowering of the coke drum bottom head and coke chute. It dramatically improves 
the safety and ease of the unheading operation by making it possible to have all the 
operators at a safe distance from the coke drum when the bottom cover first separates 
from the drum as well as when the coke chute is raised to its decoking position. 

Unlike other devices, the Foster Wheeler system not only separates the head from 
the coke drum, but also moves the head out of the way and raises the cake chute up to 
the drum in preparation for the decoking operation. When the decoking operation is 
camplete, the coke chute is lowered and the bottom cover is raised to prepare for the 
next coking cycle, all from a remote location. 

Tho Foster Wheeler unheading system operates without a cart. Instead, it uses a 
skid and cradle assembly to move the head out of the way from under the drum. This 
is an improvement over previous designs in that it reduces the possibility of cart fail- 
ure, minimizes floor Loadings, and allows for safer operation. 

The new unheading system holds the bottom cover in place while the cover bolts 
are safely removed. The unheading device and vertical cylinders are capable of with- 
standing the total load of coke and w a r  in the drum that may be applied on the bot- 
tom cover. 

Nre directly. 
A computer-aided design (CAD) representation of the unheading system is in Fig. 

12.2.18. Three views are depicted. The top-left view shows the device in coking posi- 
tion with the head raised to meet the coke drum flange and the inlet piping connected. 
The tap-right view shows the device right after unheading with the inlet piping 
detached and the bottom head moved away from the drum. The bottom view shows 
the device in the decoking position. The telescopic chute is raised and attached to the 
bottom flange of the coke drum. 

Description of System 

In early delayed-coking units, cable decoking was used to remove the coke from the 
drums. Later a more sophisticated method was developed. This method employed a 
hydraulically operated mechanical drill to remove the coke from the drums. In the late 
1930s hydraulic decoking was introduced and is still in use today. 

Today hydraulic deeoking utilizing high-impact water jets, which operate a t  
approximately 2000 to 4000 lbf/in2, is the standard method of removing cake formed 
in the coke drums. This method has replaced older methods, such as coiled wires and 

4. ' ~ 3 3 ~ 1 9 3 0  mechanical drills. These older methods were unsuitable for larger drums and were 
costly in terms of maintenance. 

12.50 
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FIGURE 12.2.19 Boring fool for lrydraulic dccok- 
ing. (Courrrsy of Warrlxiagton ~ i ~ i ~ i ~ , ~ ~ .  MCGVO,U 

Erlisorz C0.I 

FIGURE 12.2.18 Foster Whcder's advanced dokc d d d  ddhhildiig sy8tcd. 

In hydraulic decaking, the coke is cut as the water jet impacts on the coke. Both 
boring and cutting tools are used; each tool produces several jets of water from high- 
pressure nazzles. The coke is removed in essentially two operations: 

1. The boring tool, with jet nozzles oriented vertically downward, is used to bore 
hydraulically n pilot hole, which is typically 2 to 3 ft  in diameter, down through 
the cake from the top. SeeFig. 12.2.19 for a typical sketch of a boring tool. 

2. The cutting tool, with jet nozzles oriented horizontally, is used to cut hydraulically 
the coke from the drum after the pilot hole has been drilled. See Fig. 12.2.20 for a 
sketch of a typical cutting tool. 

Effective boring and cutting by the water jets are accomplished by rotating and FIGURE 12.2.20 Final cutting tool for 

lowering the respective tools into the drum. The boring and cutting tools are attached hydr=ulic dscoking. (Cotwtrry of Worihinsron 

to a hollow dtill stem which also rotates and supplies high-pressure water to the bor- 
Divisioc McCrow Edison Co.) 

ing and cutting tools. The drill stem is rotated by an air motor connected to the power 
swivel. The pawer swivel is the rotary joint which connects the nonrotvting water-sup- 
ply line to the drill stem. Sequence of Operations 

The high-pressure water is supplied to the cutting assembly by the jet pump and 
delivered via a ~ i p i n g  manifold and rotary drilling hose connected to the power swivel. The sequence far cutting the coke out of a drum is shown schematically in Fig. 

The drill stem and power swivel assembly are raised and lowered by an air-motor 12.2.22 and is outlined in the following four steps: 

hoist via a wire rope and a set of sheave blocks. The pawer swivel is attached to a 
crosshead which is guided in its vertical travel by a pair of channel-type crosshead 

1. Hydraulically bare a pilot hole through the c o b  with high-pressure cutting water. 

guides. A drill rig i s  used to support the entire assembly. Figure 12.2.21 indicates the 2. Replace the boring tool with the final cutting tool and widen the original pilot 
relationship of the major components in the hydraulic-decoking system. 
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- 
FIGURE 123.15 Cokc handling: pit operation 

iE Sluny System. The slurry system allows coke and water from the crusher to drop 
into a slurce, where the mixture IS washed lnto a slurry sump From tlus sump, a sluny 

-~~~ ~~~ ~ 

relatively clean operation that ~ 1 1 0 ~ s  the coke drums to be located close to the grade. 
This system, however, requires recirculation of relatively large volumes of water. 

~~~~~ ~~ ,. . 
reauires a very tall coke-drum structure, it provides a clean operation that eliminates 
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FIGURE 12.2.28 S~hematic now diagram of a graviry~flow dewalering-bin system. 

I Glossary of Terms 

FIGURE 12.2.21 Elevation view of a torally enclo~ed slurry dewattring system. Solids handling requires expertise which traditionally is not part of the refining indus- 

.I try. Table 12.2.10'8 gives a glossary of terms associated with solids handling which 
should prove useful to those who are normally involved in this area. 

I 

.I USES OF PETROLEUM COKE 

I Depending on the fundamental type produced and the specific impurity levels present 
I in the final product, petroleum coke is basically used for three types of applicationi. 

These applications can be classified as fuel, eleebode, and metallurgical. A fourth and 

~1 
i 

~i 
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TABLE 12.2.10 Glossary of Term (Continued) TABLE 12.2.11 Typical Sponge-Coke Specifications 

A structural member on each side of a bell conveyor la which idlers, coven, Item Green coke Calcined coke 
and supports are attached. MD~S~UFC 6-148 0.1% 
A stmctursl support for transfer chutes and related equipment between con- Volatile matter 8-1490 0.5% 

Fired carbon 86.92% 995% 
A S C ~  of auxiliary pulleys between the head and tail pulleys of a bclt convey- Sulfur t.0-6.0% 1.0-6.0% 
or which faid the belt and cause it to discharge at intermediate loeatians. Silicon 0.02% 0.02% 

Iron 0.013% 0.02% 
Sourer: Robsn C. Howell snd Richard C. Kcri. Hydrocvrb. Procars.. 600). 107 (19811. 0.02% 0.03% 

0.2590 0.4% 
Vanadium 0.015% 0.03% 
Bulk density 45-50 lb/ft3 (720-800 kgim31 4245 lblfr' (670-720 kglm? 
Red density 2.06 gicm' 
Gnndabilily 5tLLOO 

(Haidgrove number) 

shows the various ways in which these three types of green coke (uncalcined coka) 
were used in 1980 for both the green-coke market and the calcined-coke market. It is 
interesting to note that, unlike liquid petroleum products, of which nearly all are con- 
sumed domestically, over 60 percent of the petroleum coke produced by the United 
States was exported. 

So far, we have dissusrcd only the types of coke which are considered to be desir- 
able products. There is, however, another type of cake which is often considered an 
undesirable product because it may lead to difficulty during Ule decoking cycle. It is 

[irerncokl66% usually produced from very heavy feedstock, especially at low pressure and low recy- 
FIGURE 122.30 united Stater psualcum-coks cleratio. It is known as shot coke. Shot coke is spheroid in shape. with sires that range 
markets in 1980. [courtcry of P~nnlvell fmm as small as buckshot to as large as basketballs.' Shot coke may be used as a fuel, 
Publishing Compony, gublishcrr 01 the Oil and but it is less desirable in this usage than is sponge cake. 
Gar laurnal. 80, 145 (Ocr 25, 19821, 76 (No". I, 
19821, and 198 (No" 8, 19821, ond rhs Pocr 
compvnx which d e v r ~ q p ~ d  iha infarmorion con- 
minedh h a ~ z u r e . ~  Use as Fuel 

The use of peuoleum coke as o fuel generally falls into two major categories, fuel for 

relatively new usage classification, which is gasification, is currently under evaluation 
steam generation and fuel for cement plants. For either of Ulese applications coke is 
generally blended with bituminous coal or used in combination with oil or gas. In gen- 

by many companies but does not represent a significant application at this time. era], coke as a fuel used in combination with bimminous caal has the following advan- 
Figure 12.2.30 shows how United States coke production was allocated in 1980. tilges over bituminous coal alone: 

Each of the uses is described below. 
1. Grinding. Coke is easier to grind than bituminous coal, resulting in lower grinding 

costs and less maintenance. 

2. Heating value. The heating value of petroleum coke is more Ulan 14,000 Btdlb, 

As described in the section "Feedstocks," sponge coke is the most common type of compared with 9000 lo 12,500 B l d b  for coal. 
regular-grade petroleum cake, while needle coke can be made only from special feed- 3. Ash conteni. The very law ash content (less than 0.5 wt %) of coke results in lower 
stocks. The name sponge coke is used because the lumps of coke that are produced are ash-handling costs. 

porous and at times resemble spongelike material." Typical sponge-coke specifica- 
tianr both before and after calcination are given in Table 12.2.11. 

Figure 12.2.31 shows that, of the total petroleum coke produced in the United Steam Generalion. Steam generation by coke burning can be accomplished either in 
states in 1980, 90 percent (14,320,000 short tons) was conventional delayed coke, specially designed utility boilers or in fluidized-bed boilers. 
while 2 percent (318.000 short tons) was needle coke. The other 8 percent (1.275,000 Utiliry Boilers. Industry has been firing petroleum coke, typically in combination 
short tons) was fluid coke produced by a totally different process. Figure 12.2.31 also with other fuels, in large and small boilers for over 50 years. This usage includes in- 
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cludes in-refmery commercial experience producing steam from petroleum coke with- 
out supplementary fuel. When used with biNminous coal, coke can be blended within 
piles, bunkers, burners, or conveyor belts. With the high-sulfur petroleum coke 
expected from heavier, high-sufir coker feedstocks, wet flue-gas swubbing may be 
required to meet emission requirements for utility boilen. 

Nuidized-Bad Boilers. This type of steam generator, which has been developed 
commercially by Foster Wheeler, allows firing of a wide range of low-cost, low-grade, 
high-ash, and high-sulfur fueis to produce steam efficiently without any harmful effect 
to the environment. The fluidized bed is formed by the agitated burning of fuel with 
limestone. The fluidization medium is combustion air introduced from below the bed. 
The limestone absorbs the SO,, and the low combustion temperamre inhibits the for- 
mation of  NO^. Particulates are removed with a baghouse or, in some eases, by a con- 
ventional &tostatic precipitator. 

- 
The fluidized-bed boiler lends itself to the combustionof fuels containing vanadi- 

um, ru:h dr dclayrd coke\ p r ~ d ~ c e d  from hens). coker fecd<lock\. S l r g g l a g ,  fouling. 
and cunorlon of ~trrm-gcnerror ~ ~ r f r i r l  are c~qentixlly clim~navd because ~ h r  f l u -  
i _ l i ~ ~ d  bed on:raar dl  teanner3turur b-lou the srh-soflr.nmc uo~tnl -. 

Recent  valuations iniicate that both for new installations and for revamm flu- 
rdl7r.l-bcJ rtcatn pencrac.>r, burntog higlt-sulfur sokc. u l ~ h  5ulfur :apture. can offer a 
vgn~ficanl 3dvmtagc b~ch in  caplvdl md 8 "  opcrat~nr cJblr s~nlpared wnlh iun\en-  
riunal bonlcr; wing ellher hlgh-sulfur cake or oil aa n fuel ac;mpan~rd h) act SO: 
removal systems.19 

Cemenf Plants. Coke can be used with coal, natural gas, refinery fuel gar, or oil as a 
supplementary fuel in fired kilns. Coke by itself does not contain enough volatile 
material to produce a self-sustaining flame, and as a result it c m o t  be fired alone in 
cement kilns., Typical fuel combinations for cement planu are 25 percent oil or gas 
and 75 percent coke or 70 percent bituminous coal and 30 percent cake. 

The sulfur contained in the coke reacts with the cement to form sulfate, which 
reduces the requirements for calcium sulfate (gypsum) in the cement. Metals (V and 
Ni) from the coke are not detrimental to the cement. On the basis of a 25 percent oil 
and 75 percen! coke fuel combination, coke consumption for a modern cement plant 
will be 75 to 115 tons11000 tons of cement. 

i * ii 
E Z g  Use for Electrodes .!,a 
o q l i  & ; ." I 

Low-sulfur, low-metals sponge coke, after calcination, can be used to manufacture = g <  
2 g, ~ anodes for the aluminum indubtry. The aluminum industy is the greatest single con- 
8 -  u sumer of coke." Figure 12.2.30 showsthe combined domestic and export total as 34 
m 2 % 
-01 percent in 1980. For every pound of aluminum produced by smelting, nearly K lb of 

.: 5 5 calcined coke is consumed. Figure 12.2.32 shows aluminum anodes arranged in a 
D z >  reduction cell for the smelting of aluminum (on the left) and formed in hydraulic 

s:$ presses (an the right). Figure 12.2.33 shows aluminum anodes in storage. 
4s @ ! Needle coke is a highly ordered pembmr coke pmdazd h m  IowsrrIFu~ 
2 b - aromatic feedstocks. The main use of calcined needle coke is in the manufacture of 
; $ 1 graphite electrodes for electric-arc furnaces in the steel industry. Since these 8 ~ :  electr?des are subject to extremes in temperature shock, a low coefficient of 

s2 % 
Y 4 4  

thermal expansion is very importsit." Typical properties of needle coke, used for 
eraohite-electrode manufacture, both before and after calcination, are piven in Table 
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TABLE 12.2.16 Incremental Operating Requirements over Bare Power con~umed hlday kW 

let pump 5 2000 
Alterorfive A Altcrnarive B Blowdown circulrting-oil cooler 8 45 

purchased electtic power, kWhih Blowdown condenser 5 207 

Crfaly~t and chemicals, $/day' Cokc-drum condensate pump 5 6 

Operating personnel 
Slap-ail pump 6 8 
Coke-drum cooling-water pump 6 69 

*me$ include produci-blcnding chemicals such zs fstraethyl bad. Clear-water pump 4 19 
Vel-gar compressor 5 100 average 
Overhead bucket crane 7 200 

chased. AII fuel requirements have been met internally. This is reflected in the net-  levat tor . . . 10 
product slates given on each of the simplified black flaw diagrams. Lights and insmrments ... 25 

No conclusions can be reached as to which of three cases presented above is best, 
since any such conclusion must necessarily depend on the specific set of economic 

Steam c ~ n ~ u m e d  hldry lblh 

conditions for the refinery under study. Coke-drum steam-out to fracdonator I 10,000 
Cake-drum sterm-out to blowdown drum I 20.000 
Coker blowdown drum 8 750 
Blowdown circularing-oil cooler 8 2,000 

TYPICAL UTILITY REQUIREMENTS Cooling-wafer requircd hiday gaWmin 

The total utility requirements for any delayed coker may be considered as consisting 
Jet pump 5 25 

of two separate parts. One part is the continuous requirement, and the second part is Plant air consumed hiday SCPlmin 
the intermittent requirement. Typical values for each part are given below. Hoi~t 5 600 

Rotary motor 5 200 

Con t inuous  Utilities 

~ ~ ~ ~ ~ ~ r i ~ ~ d  below are typical continuous utility requirements for a delayed eoker. In Energy-Conservation Measures 
order to fail i tate preliminary evaluations, values are given for the type of unit shown 
in Fig. 122.4  and are listed on the basis of 1000 BPSD of fresh feed or, in the case of The trend toward increased energy efficiency to reduce utility consumption has affect- 
raw water, for each short ton per day of green coke ~roduced.  Actual utilities will vary ed the design of delayed cokers in much the same way as it has other conventional 
from the typical numbers shown below on the basis of individual heat- and material- refinery process units. A review of the methods used in achieving this increased effi- 
balance caiculations and specific requirements for downstream ~rocessing. ciency fallows. 

Coker-Furnace Air Preheat. The refining industry is moving more and more in the 
Fuel liberated 5,100.000Btul(h~ 1000 BPSD) direction of air preheat for process furnaces. Coker furnaces are no exception. 
Power consumed 150 kWl1000 BPSD Traditionally, delayed cokers have had high furnace inlet temperatures, in excess of 
Steam exported 1700 lb/(h - LOO0 BPS01 260'C. and have had to rely on the generation of steam to improve fuel efficiency. 
 oiler feedwater consumed 2400 lbi(h . 1000 BPSD) Preheating of relatively cold boiler-feedwater makeup together with steam generatio" 
cooling water, Ar = 14'C 5-25 gaV(min. 1000 BPSD)' 

20-35 gallday per short foniday coke has not usually proved to be a viable economic alternative to air preheat. Air preheat 
Raw water consumed not only provides fuel efficiencies as high as 92 percent, compared to typical steam- 

fsarsd on maximum usr of air woung. generation efficiencies of 87 percent, but requires less fuel. This is nue  because it 
does not achieve its efficiency by increasing the absorbed heat, which would be neces- 
sary to generate steam. 

Many of the new coker projects include air preheat to improve heater efficiency. 
In termit tent  Utilities 

~ " t ~ ~ ~ i t t e n t  utilities are required for the decoking and coke-drum blowdown systems. Increased Recovery of Fractionator Heat. Traditionally, the top section of the 
~h~ utility consumptions given are typical for delayed cokers having coke-drum dim-  coker fractionator, above the light gas oil draw-off, was considered to be too cold for 
eters ,,f 20 ft or greater. The time required for the utilities is typical for a two-drum the economic recovery of heat. However, this type of conventional design must be 

delayed eoker operating under a 24-h coking cycle. Actual utilities will vary with coke evaluated when there is a greater economic incentive for the recovery of low-level 

production and drum size. 
All intermittent utility requirements are cansumptions. Several recent designs have recovered heat from the fractionator by using a light 

gas oil pumparound. Heat from this pumparound may be used to generate low-pres- 
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sure steam, to preheat cold process sueams, and to reboil low-temperature vapor- ABBREVIATIONS 
recovery-unit towers. 

conventional recovery of very low level heat may also be accomplished though Abbreviations used in this chapter are listed in  able 12.2.17. 
the use of a hat-water circulating system tied into a central refinery circulating-hot- 
water belt system. A portion of the heat recovered could be used for tempering cold 
fresh air to the furnace preheater. REFERENCES 

ESTIMATED I N V E S T ~ c O s r  I. OiiGm 1 ,  79,43 (Jan. 5, 1981). 

2. W. 1. R-i. B. S. Deighton, and A. I .  MacDonald, Hydrocorb. P , O C ~ ~ S . ,  56(5), 105 (1977). 

For certain processing units, it is possible ta develop a rough estimate of investment 3 S. B. Heck. Ir., "Procesi Design of a Modem Delaycd Cokei: A~~~~~~ petroleum ~ ~ ~ t i h ~ ~ ~  
cost simply from the feed capacity of the unit. For delayed cokers this is not practica- MidyeaiMeeting. New York. May 1972. 

ble because one must also know the amount of coke that is ~roduced from the particu- 4. Oil Gas J .  75,340 (~ugust  1977). 
lar feedstock in question. For this reason, it is better to cross-correlate the investment 5. James H. Gary and Glenn E. Handwerk. Perroleurn ~e j in i "~ :  T P ~ A ~ ~ ~ ~ ~ ~  o,~orra~eum, 
cost of delayed cokers with a parameter such as tons per day of product coke as well Marcel Dekker. New Yoik, 1975. 

as banels per day of feed. 6. Frank Stolfa, Hydrocorb. Process, 59(5), 101 (1980). 
~ l t h ~ ~ ~ h  a highly accurate investment cast for a delayed coker can be determined 7. R. DeBiase and J. D. Ellioa, "Recent Trends in ~ ~ l ~ ~ ~ d  coking: NPRA ~~~~~l 

only by a detailed definitive estimate, it is often necessary when c a w i n g  out econom- San Antonio,  arch 1982. 
ic evaluations to develop a rough, ~reliminary budget-type estimate. This type af  esti- 8. OiiGos J.. 92,51, 53 (Dec. 19, 1994). 
mate typically has an accuracy of 230 percent. For a delayed caker a cost in the range 
$45,000 to $90,00O/(short tan-day) of coke produced may be used for preliminary 9. OiiGarJ., 80,81. 130(Msr.22. 1982). 

evaluations. This cost excludes the vapor-recovery unit and is based on the following 10. W. L. Nelson, Oii Gas 1 ,  74,60 (May 24, 1976). 
11. Peter Fasullo. John Matson, and Tim Tanillion, Oii Gas J., go, 1.45 (act. 25, ]g82), 76 wov, 

1, 1982). 198 (Nov. 8, 1982). 

12. William F. Bland and Robert L. Davidson, perroilurn processing ~~,,db,,~l;   ill, 
New York, 1967. 

United Slates Gulf Coast location. 13. 1. A. Bonilla, "Delayed Coking and Solvent ~ ~ ~ ~ ~ h ~ l t i ~ ~ :  options for  id^^ upgrading;. 
'pime basis of fourth quarter 1994, with costs reflecting no future escalation. AlChE Meeting, Anaheim. Calif.. June 1982. 

Coke produced is sponge coke. 14. D. H. Stormonl, OilGmJ.. 67.75 (Mar. 17, 1969). 
Coke handling is via a pit with an overhead crane. 15. Barend Alherts and DickP. Zwanbol, Oil Gos J.,  77, 137 (lune4, 1979). 

Calcining is not included. 16. Virgil B. Outhric, Parroleurn products ~ o n d b ~ ~ l :  M C G ~ ~ W - H ~ ~ ~ ,  pqew yo*, 1960. 

Clear and level site conditions free of above- and below-ground obstmctions; 3000 
to 4000 ib/ft2 soil bearing at 4 f l  below grade. TABLE 12.2.17 Abbreviations 

Normal engineering design standards and specifications. Degrees on American 
Vapor-recovery unit i s  not included. 

Fl Flow indicator 
Peuololeum Institute scale; 'API HC Hand conrmller - (141.51~~ gr) - 131.5 

Exclusions 
HDS Hydradesulbrization 

ASTM American Society for Tsstitig HF ~ y d r o n ~ o t i ~  

Cost of land. 
end Material3 LC Level confmller 

BOC Unlboo Black-oil conversion unihon LI Level indicator 
Taxes and owner's insurances. Barrels per calendar day LPG Liquefied pcrroleum gas 
Licenses, permits, and duties. Bamls per sueam day M Motor 

Degrees Celsius Ni Nickel 
Conradson carbon residue PC Pressure convollller 

Catalysts and chemicals. (defined in subsection RCD Unibon Reduced-crude desulfu~ratian 
Process royalties and fees (normally none for delayed cokers). "~egular-Orade coke Unibon 

Production") 
startup costs. 

TBP True boiling point 
Cooling water TEL Telraethyl Itad 
Demefallired oil V Vanadium 

Fonvard escalation. Flow conmller VCM VolsWe cambusrible matedsl 
Ruid catalytic cracker 

Support facilities 
WH Was* heat 
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 els son, W. L.: Oil Gas J., 72,70 (Ian. 14.1974). 
- o i l  c u r  J.. 72, I18 (Api. 1. 1974). 
- oa G.S J., 76,71 (Om. 9,1978). INTRODUCTION 

o i l  Gas J., 78,78 (Mar 24,1980). 
o i l  OnsJ.., 80,134 (Dm. T I ,  1982). Visbreaking is a well-established noncatalytic thermal process that converts amos- 

~ ~ s e ,  K. E.: nydmcorb. Process, JO(7). 85 (1971). pheric or vacuum residues to gas, naphtha, distillates, and tar. Visbreaking reduces the 

sikon@, G., m n k  stolfa, and ~ e ~ o i  E. nutchings: 0 i i  Gas J., 79,141 (Oft. 5,1981). quantity of cutter stock required to meet fuel oil specifications while reducing the 

Zahnsecher, L. w., R. D ~ B ~ ~ s ~ ,  R. L. ~od ino ,  and A. A. KuUcr: Oil Gas J ,  689 92 (AP~. 6, averall quantity of fuel oil produced. 
The conversion of these residues is accomplished by heating the residue material to 

high temperatures in a furnace. The material is passed through a soaking zone, located 
either in  Ule heater or in an external drum, under proper temperature and pressure con- 
straint? so as to produce the desired products. The heater effluent is then quenched 
with aquenching medium to stop the reaction. 

With refineries today processing heavier crudes and having a greater demand for 
distillate products, visbreaking offers a low-cost conversion capability to 
incremental gas and distillate products while simultaneously reducing fuel oil viscosi- 
ty. Visbreaking can be even more attractive if the refiner has idle equipment available 
that can be modified for this service. 

When a visbreaking unit is considered for the upgrading of residual streams, the 
following objectives are typically identified 

Viscosity reduction of residual streams which will reduce the quantity of high-qual- 
ity distillates necessary to produce a fuel oil meeting commercial viscosity specifi- 
cations. 

Conversion of a portion of the residual feed to distillate products, especially crack- 
ing feedstocks. This is achieved by operating a vacuum flasher downstream of a 
visbre&er to produce a vacuum gas oil cut. 

Reduction of fuel oil production while at the same time reducing pour point and 
viscosity. This is achieved by utilizing a thermal cracking heater, in addition to a 
visbreaker heater, which destroys the high wan content of the feedstock. 

12.83 
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Specific refining objectives must be defined before a vi!breaker is integrated into a therefore reduce the requirement for fuel oil cutter stack. The conversion of the 
refinery, since the overall ~ ~ a c e s s i n g  scheme can be varied, affecting the overall eco- residue to distillate and lighter products is commonly used as a measurement of the 
nomics of the project. severity of the visbreaking operation. Percent conversion is determined as the amount 

of 650"F+ (343"Ct) material present in the atmospheric residue feedstock or 900'Ft 
(482"C+) material present in the vacuum residue feedstock which is viabroken into 

COIL VERSUS SOAKER DESIGN lighter boiling components. 
The extent of conversion is limited by n number of feedstock characteristics, such 

as asphaltene, sodium, and Conradson carbon content. A feedstock with n high arphal- 
Two visbre&lng processes are commercially available. The first process is the coil, or tene mntent will result in an overall lower conversion than a normal asphaltene feed- 
furnace, type, which is the type offered through Foster Wheeler and UOP. The coil stock, while maintaining production of a stable fuel oil from the visbreaker bottoms. 
process achieves conversion by high-temperature cracking within a dedicated soaking Also the presence of sodium, as well as higher levels of feed Conradsan carbon, can 
coil in the furnace. With conversion primarily achieved as a result of temperature and i increase the rate of coking in the heater tubes. Minimizing the sodium content to 
residence time, coil visbreakng is described as a high-temperature, short-residence- almost a negligible amount and minimizing the Conradson carbon weight percent will 

result in longer cycle run lengths. 
Variations in feedstock quality will impact the level of conversion obtained at a 

specific severity. Pllot plant analyses of a number of different visbreaker feedstocks 
have shown that, for a given feedstock, as the severity is increused, the viscosity of the 
400°F+ (204'Cc) visbroken tar initially decreases and then, at higher severity levels, 

accomplished mare easily by the use of steam-air decoking. 1 '  increases dramatically, indicating the formation of coke precursors. 
Foster Wheeler's coil-type cracking heater ~roduces a stable fuel oil. A stable vis- ;/ The point at which this viscosity reversal occurs differs from feed to feed but typi- 

broken product is particularly important to refiners who do not have many options in i Cally coincides with approximately 120 to 140 standard cubic feet (SCF) of C, - gas 
blending stacks. 1 production per barrel of feed (20.2 to 23.6 normal m31m3). It is beiieved that this 

The alternative soaker process achieves some conversion within the heater. I reversal in viscosity defines the point beyond which fuel ail instability will occur. 
However, the majority of the conversion occurs in a reaction vessel or soaker which f Fuel oil instability is discussed in the next section of this chapter, "Yields and Product 
holds the two-phase effluent at an elevated temperature for a predetermined length of Properties." 
time. Soaker visbreaking is described as a low-temperature, high-residence-time route. The data obtained from these pilot tests have been correlated. The viscosity rever- 
The soaker process is licensed by Shell. Foster Wheeler has engineered a number of sal point can be predicted and is used to establish design parameters for a particular 
these types of visbreakers as well. 

By providing the residence time required to achieve the desired reaction, the soaker 
drum design allows the heater to operate at a lower outlet temperature. This lower 
heater outlet temperature results in lower fuel cost. Although there is an apparent fuel 
savings advantage experienced by the soaker-drum-type design, there ate also some 
disadvantages. The main disadvantage is the decoking operation of the heater and 
soaker drum. Although decoking requirements of the soaker drum design are not as 
frequent as those of the coil-type design, the soaker design requires more equipment 
for coke removal and handling. 

The customary practice of removing coke from a drum is to cut it out with high- 
pressure water. This procedure produces a significant amount of coke-laden water 
which needs to be handled, filtered, and then recycled for use again. Unlike delayed 
cokers, visbreakers do not normally include the facilities required to handle coke- 
laden water. The cost of these facilities can be justified for a coker, where cake cut- 
ting occurs every day. However, because of the relatively infrequent decoking opera- 
tion associated with a visbreaker, this cost cannot be justified. 

Product qualities and yields from the coil and soaker drum design are essentially 
the same at a given severity and are independent of visbreaker configuration. 

FEEDSTOCKS 

Atmospheric and vacuum residues are normal feedstocks to a visbreaker. These 
residues will typically achieve a conversion to gas, gasoline, and gas oil in the order FIGURE 12.3.1. Relrtive mn length versus ~ a ~ ~ ~ r r i o n  at 
of 10 to 50 percent, depending on the severity and feedstock characteristics. This will various Bed qualities. 
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feedstock to avoid the formation of an unstable fuel oil, while maximizing conversion. YIELDS AND PRODUCT PROPERTIES 
Pilot plant work has also been done relating visbreaker heater run length to conver- 

sion and feedstock quality. Pigure 12.3.1 graphically represents the decrease in heater 
run length with increasing feedstock conversion. This graph has been plotted with data Product stability of the visbreaker residue is a main concern in selecting the severity of 

for three atmospheric residues with varying feed Conradson carbon. Figure 12.3.1 the "isbreaker operating conditions. Severity, or the degree of conversion, if improper- 

shows that, for a given percent conversion, as the feed quality diminishes (i.e.. as 
ly determined, can cause phase separation of the fuel oil even after cutter stack blend. 

Conradson carbon grows higher), coring of the heater tubes increases, resulting in 
ing. As previously described, increasing visbreaking severity and percent conversion 

shorter run lengths. 
will initially lead to a reduction in the visbroken fuel oil viscosity. However, visbroken 

It has been found that "isbreaking susceptibilities bear no firm relationship wih  fuel oil stability will decrease as the level of severity-and hence conversion-is 

API density, which is the usual chargestock property parameter utilized in thermal increased beyond a certain point, dependent on feedstock characteristics. 

cracking correlations. However, feedstocks with low n-pentane insoluble: and low Until a few years ago, fuel oil stability was measured using the Navy Bailer and 

softening points show goad s~sceptibilityto visbreaking, while those having high val- Turbine Laboratory (NBTL) heater test. The NBTL test was the accepted test to mea- 

ues for these properties respond poorly. Figure 12.3.2 shows the capability of greater sure fuel oil stability. However, in the late 1980s there was a general consensus that the 

conversion at lower n-pentane insolubles for a 900aF+ (48Z°C+) vacuum residue. NBTL test did not accurately measure fuel oil stability and therefore American Society 

Residues with low softening poinu and low n-pentane insolubles contain a greater for Testing and Materials (ASTM) discontinued the test in 1990. Refiners today use the 

portion of the heavy distillate, nonasphalknic oil. It is this heavy oil that cracks into Shell hot filtration test or some variation of it to measure fuel oil stability. 

lower boiling and less viscous oils which results in an overall viscosity reduction. The Sulfur in the visbroken fuel oil residue can also be n problem. Typically the sulfur 

asphaltenes, that fraction which is insoluble in n-pentane, goes through the furnace content of the "isbreaker residue is approximately 0.5 wt % greater than the sulfur in 

relatively unaffected at moderate severities. The table below shows the typical normal 
the feed. Therefore it can be difficult to meet the commercial sulfur specifications of 

pentane insolubles contentof vacuum residues prepared from base crudes. 

Crnde-typc source Range of n-pentanc tiveness of visbreaking. Foster Wheeler uses its own in-house correlations to deter- 
of vacvurn rcridue insolubles, wf % mine yield distributions for FWnTOP uisbrealiing. Our correlations have been based 

parasnic 2-10 an pilot plant and commercial operating data which allow us to accurately predict the 

Mixed 10-20 yield distribution for a desired severity while maintaining fuel oil stability. A typical 

~aphthenie 18-28 "isbreaker yield diagram showing trends of gas and distillate product yields as a func- 
tion of percent conversion is presented in Fig. 12.3.3. 

converted). products. 
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TABLE 12.3.1 TypiealYieldr mdProduc1 Properties Operation at this level can cause premature unit shutdowns. There is also a tendency to 
produce unstable fuel oils at there more severe conditions. 

vacuum residue 

PROCESS FLOW SCHEMES 

Cooradson carbon, wr % 
Sulfur, wr % Presented in this section are three visbreaking process schemes, with a diagram and a 
viscosity, csr: general description of each: 

At 130°F (54-C) 
At 21O'P (99-3 1. A typical "isbreaker unit (Fig. 12.3.4) 

,t % 'API kglm3 S, wt % wl% 'API kglm' S, wt % 2. A typical "isbreaker unit with vacuum flasher (Fig. 12.3.5) Estimated yields 
3. A typical combination visbreker and thermal cracker (Fig. 12.3.6) 

The fin1 is the most basic scheme, the other two schemes being expanded versions. 

6OO0F+ (316'C+) 
iW.O Typical Visbresker Unit 

*330-66~~ (166J50DC) rut for Lighr &bran vacvvmmsidur. A typical visbreaker (Fig. 12.3.4) can be employed when viscosity reduction of resid- 
+66ZDF+ (3SO'Ci) cut for Light Arabian vacuum rEEidYL. ual streams is desired so that the need for high-qudty distillate cutter stock can be 

reduced in order to produce a commercial-grade residual fuel oil. 
The visbreaker unit is charged with atmospheric or vacuum residue. The unit 

~l~~ note in pig. 12.3.3 that, as the percent conversion increases, the gas, gasoline, charge is raised to the proper reaction temperature in the "isbreaker heater. The reac- 
and gas product yields also increase. However, the conversion can be increased tion is allowed to continue to the desired degree of conversion in a soaking zone in the 
only to a certain paint before risking the possible production of an unstable fuel oil. It heater. Steam is injected into each heater coil to maintain the required minimum 
shohld also be kept in mind that, at higher percent conversion, some af the gas oil velocity and residence time and to suppress the formation of coke in the heater tubes. 
product further and be converted into gas and gasoline products. This will After leaving the heater soaking zone, the effluent is quenched with a quenching 
occur p~icf icular ly  when high conversion is achieved at higher heater outlet tempera- medium to stop the reaction and is sent to the "isbreaker fractionator for separation. 

The heater effluent enters the fractionator flash zone where the liquid portion flows 
~ ~ b l ~  12.3.1 we provide typical feed and product properties for light Arabian to the bottom of the tower and is steam-suipped to produce the bottoms product. The 

and vacuum residues. These yields are based on a standard severity and vapor portion flows up the tower to the shed and wash section where it is cleaned and 
single.pass visbreaking while producing a stable visbroken residue. It should be noted cooled with a gas oil wash stream. The washed vapors then continue up the tower. Gas 
that the yield distribution for either a coil or soaker visbreaket is essentially oil stripper feed, as well as pumpamund, wash liquid, and the gas oil to quench the 
the same for the same conversion. charge are all removed on a side drawoff tray. The pumparound can be used m reboil 

gas plant towem, preheat boiler feedwater, and generate steam. The feed to the gas oil 
stripper is steam-stripped, and then a portion of it is mined with visbreaker bottoma to 

OPERATING VARIABLES meet viscosity reduction requirements; the remainder is sent to battery limits. 
The overhead vapors from the tower are partially condensed and sent to tbe over- 

head drum. The vapors flaw under pressure control to a gas plant. A portion of the 
~h~ main operating variables in "isbreaking are temperature, pressure, and residence condensed hydrocarbon liquid is used as reflux in the tower and the remainder is sent 
time, increasing any one of these three variables will result in an increase in overall to a stabilizer. Sour water is withdrawn fmm the drum and sent to battery limits. 
severiv. TO achieve a certain severity, these variables can be interchanged within lim- 
its. par a given severity, as measured by conversion, product distribution and quality 
are virtually unchanged. Typical Visbreaker Unit with Vacuum Flasher 

A" increase in yields of distillate and gaseous hydrocarbons can be achieved by 
increasing "isbreaking ~ ~ ~ ~ r i t y - f o r  example, by raising the heater outlet temperature. The flow scheme for this configuration (Fig. 12.3.5) is similar to the first scheme 
increasing "isbreaker severity will also result in a reduction af cutter stack required to except that the visbreaker tower bottoms are sent to a vacuum tower where additional 

meet fuel specifications.   ow ever, the higher severities will cause the heavy distil- distillate products are recovered. This scheme may be desirable since a portion of the 
late oils to break- down and crack to lighter components. These heavy distillate oils act residual feed is converted to a cracking feedstock. 
to so],,bilize ( ~ ~ p t i ~ ~ )  the asphaltic constituents. The asphaltic constituents will then In this scheme, the "isbreaker bottoms are sent to the vacuum tower flash zone. 
tend to separate out of the oil and form coke deposits in  the furnace tubes. Visbreaker The liquid portion of the feed falls to the bottom section of the tower, where it is 







VISBREAKING AND COKING FWNOP VISBREAKWG 12.95 

REACTION PRODUCT QUENCHING 

In order to maintain a desired degree of conversion, it is necessary to stop the reaction 
at the heater outlet by quenching. Quenching not only stops the conversion reaction to 
produce the desired results, but wili aiso prevent production of an unstable bottoms 
product. Far a coii-type "isbreaker, quenching of the heater outlet begins from approx- 
imately 850 to 910°F (454 to 488°C) depending on the severity. The temperature of 
the quenched products depends on the overflash requirements and the type of quench- 
ing medium used. The overflash requirements are set by the need to maintain a mini- 
mum wash liquid rate for keeping the visbreakeker fractionator trays wet and preventing 
excessive coking above the flash zone. Typically, the temperature of the quenched 

used quenching mediums are gas oil, residue, or a combination of both. These are dis- 
cussed below. The decision as to which quenching medium is to be used must be made 
very early in  a design. This decision will greatly affect the unit's overall hear and 
marerial balance as well as equipment sizing. 
Gus oil is the most prevalent medium used for reaction quenching. The gas oil 

quench works primarily by vaporization and therefore requires a smaller amount of 
material to stop the conversion reaction than a residue quench. The gas oil quench 
promotes additionill mixing and achieves thermal equilibrium rapidly. The residue 
quench operates solely by sensible heat transfer rather than the latent heat transfer of 
the gas oil quench. 

The gas ail quench is a clean quench and thus minimizes the degree of unit fouling. 
It is believed that the use of a residue quench gives way to fouling in the transfer iioe duty versvs residue quench. 

and fractionator. Also the visbreaker bottoms circuit, hm which the residue quench 
originates, is in itself subject to fouling. The gas oil quench arrangement increases the 
vapor and liquid loadings in the tower's flash zone, wash section, and pumparound. 
This will result in a larger tower diameter than if residue quench was used alone. ments, even if exchangers in the residue circuit become fouled. These exchangers can 

In order to achieve the same reaction quenching, residue quench flow rates need to be bypassed without excessive turndown. 

be greater than for gas ail quenching. This, as noted above, is because gas oil quench- Additionally, the residue and gas oil quench can be used to vary the fractionator 

es the reaction by vaporization and residue quenches by sensible heat. In addition, the flash zone temperature. In virbreaking, many refiners try to keep the flash zone tem- 

quenching duty goes up as the percentage of residue quench increases. The actual perature as low as possible in order to minimize the potential for coking. When evaiu- 

quenching duty increases because more residue is required in order to achieve the ating the flash zone temperature for a fixed overflash, increasing the percentage of 

same enthaipy at the flash zone. The use of residue quench means more tower bot- residue wili reduce this temperature. The flash zone could vary by as much as 50'F 

toms, product plus recycle, are processed. (28°C) between the extremes of total gas oil and residue quench. Figure 12.3.8 shows 

Residue quenching provides the potential for additional heat recovery within the the basic relationship of the quench feed temperature to the flash zone as a function of 

unit at a higher temperature level than gas oil quenching. For example, heat recovery thc percentage of the reaction quench performed by residue quench. The total reaction 

from a recycle residue stream may be between 680 and 480°F (360 and 249"C), while quench duty as a function of percent quench by residue for a fired overflash is also 

heat recovery for a gas oil stream may be from 620 to 480°F (327 to 249'C). With the 
increase in visbreaker bottoms, additional residue steam stripping is required, which 
aiso increases the size of the overhead condenser. 

Some visbreaker units designed by Foster Wheeler and UOP employ a combination 
of both gas oil and residue quenching. It has been found for several "isbreaker designs 

HEATER DESIGN CONSIDERATIONS 

that using a combination quench rather than 100 percent gas oil will shift a significant 
amount of available heat from steam generation, in the gas oil pumparound, to feed The heater is the heart of the coil-type visbreaker unit. In the design of its vlsbreakers, 
preheat. This is normally preferred as it results in a smaller "isbreaker heater and min- Foster Wheeler prefers using a horizontal tube heater for FWNOP "isbreaking to 
imizes utility production. ensure morc uniform heating along the tube length. A horizontal-type heater allows 

Selection of a combination quench system is preferred for its overall unit flexibili- the flow pattern for each pass to be as symmetrical as possible. Overheating of one 
ty. However, i t  is more expensive bemuse of duplication of cooling services on the pass can result in thermal degradation of the fluid and evenmal coking of that pass. 
residue and gas oil circuits. It is believed, however, that additional cooling is advanta- Horizontal-type heaters are also preferred since they have drainable type systems, and 
geous since the "isbreaking operation can continue by shifting gas oillresidue require- liquid pockets cannot develop as in vertical type heaters. 
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Some refiners use a relief YBIY~, located at the heater outlet, to lower the design pres- 
sure required far the tubes. Foster Wheeler and UOP do not rely on a relief valve in 
this service, as the inlet to the valve tends to coke up. 

Turndown on a visbreaker heater is typically limited to 60 percent of design capac- 
ity. On some projects, clients have installed two heaters, which provide greater unit 
turndown capability. The additional hearer also allows decaliing of one heater without 
shutting dawn the unit. A two-heater visbreaker may be economically justified for 
larger units. 

The virbreaker heater can be fired on fuel gas, fuel oil, or visbreaker tar. It is eco- 
nomically attractive to fire the visbreaker heater on visbreaker tar since no external 
fuel source would be needed. However, tar firing requires correctly designed burners 
to a x i d  problems of poor combustion. The burners typically require tar at high pres- 
sure and low viscosity. Therefore the tar system needs to be maintained af a higher 
temperature than a normal fuel oil system. Although refiners may prefer to fire the 
heater with "isbreaker tar, many are being farced to burn cleaner fuel gases so a to 
comply with environmental regulations. 

TYPICAL UTILINREQUIREMENTS 

The following represents typical utility consumptions for a coil-type "isbreaker: 

Power, kW/BPSD IkW/(m3 . h) feed1 0.0358 I0.009381 

Fuel, 106 Btuhbl (kWhlm3 feed) 0.1195 (220) 
FIGURE 11.3.9. Hater  temperaiurr eulve. Medium-pressure steam, lbhbl (kg1mYee.d) 6.4 (18.3) 

Cooling water, galhbl (m'/m3 feed) 71.0 (1.69) 

#or the coil-type design, the heater is designed with two independenfly fired zones. 
The first is a preheat cell which heat- the feed to reaction temperature, approximately 
800'F (427°C) The second is a reaction cell which provides the heat input and resi- ESTIMATED INVESTMENT COST 
dence time required for Ule desired reaction. The visbreaking reaction continues as the 
fluid leaves the furnace, where it is stopped by quenching. Figure 12.3.9 shows a typi- 
cal temperature curve for the preheat and reaction zones of a "isbreaker heater. This Estimated capital costs for a coil-type visbreaker without vacuum flasher or gas plant 
figure shows an 865°F (463'0 heater outlet temperature; however, this temperature are $16 million in 10,000 BPSD (66.2 m3h) capacity and $31 million in 40,000 BPSD 
can be aver 900°F (482'C). depending on the severity of the operation. (265 m3h) capacity. 

In order to achieve the desired residence time in the heater, coil volume in the reac- These are conceptual estimates with t 3 0  percent accuracy. They apply to battery- 
tion section is very important. The coil volume will directly affect the cost of the limits process units, based on U.S. Gulf Coast, first quarter 1995, built according to 
heater. The coil volume specified by Foster Wheeler in designing these heaters is instant execution philosophy, through mechanical completion only. The estimates 
based on previous experience and operating data. During operation. the residence time assume that land is free of aboveground and underground absuuctions. Excluded are 
can be adjusted by controlling the heat input to the reaction cell, the back-pressure on cost of land, process licensor fees, taxes, royalties, permits, duties, warehouse spare 
the heater, and the injection steam rate. parts, catalysts, forward escalation, support facilities, and all client costs. 

Visbreaker heaters typically have a process preheat coil and a steam superheat coil 
in the convection section. The steam coil is used for superheating steam for residue and 
gas oil stripping. Steam generation is normally not required in the heater convection 
section, since the visbreaker produces steam in its bottoms and pumparound circuits. 
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The heater Nbe metallurgy is specified as 9% Cr-1% Mo for the main process coil 
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heater mbes is based on Ule shutoff pressure of the charge pump at maximum suction. 
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TABLE 13.1.1 Refinery Oxygenates In the absence of a small excess of alcohol, isoolefin dimerization, also exother- 
mic, can take place rapidly. This reaction can result in a sharp temperature rise in the 

Blending Octane  lending RVP resin bed. Such an increase causes irreversible catalyst fouling, and catalyst destruc- 

Ethers RONC MONC (R +MI2 kgicm2 lbiini Oxygen, wt % 
tion can occur if the temperature rise is excessive. 

Under proper conditions, the etherification reaction is nearly one hundred percent 
MTBE 118 109 0.5w.70 8-10 selective mcept for minor side reactions resulting from the presence of certain feed 
OIPE 112 105 0.28-0.35 4-5 impurities. Water contained in the feed results in equivalent amounts of tertiary butyl 
TAME 111 105 0.21-0.35 3-5 alcohol (TEA) in the MTBE ar ETBE product. Water in isoamylene feed yields 
ECBE 117 110 0.214.15 3-5 tertiary amyl alcohol (TAN in the TAME product. In small quantities, these alcohol 

N O :  RYP =  id vapor pierrurs; RONC = rsssrrch o s ~ n e  number ~ i ~ n r ;  MONC = motor by-products are unimportant. They need not be separated from the ether product 
actant numbcr rierr; ( R  + M)IZ (RONC + MONClI2 (ramrtimcs refend to rr mad onanel. because they have high octane values and can be used as gasoline blending agents. 

Either a one-stage or two-stage Hills design can be used for MTBE, TAME, or 
ETBE production. A simplified flow diagram of the single- and two-stage designs is 

HULS ETHERS PROCESS FOR MTBE, ETBE, AND shown in Figs. 13.1.1 and 13.12, respectively. The two-stage unit produces higher 
conversion levels but costs more compared to the one-stage design. 

Because of the lower cost, the Hlils one-stage design is by far the most common 
inside the refinery. Two-stage units are typically built only when extremely high puri- 

The H61s ethers process is marketed under the names HUls MTBE procesx, HUls ETBE ty raffifinate is required, such as in butene-l production, or when the raffinate is used in 
process, and Hiilr TAME process and is jointly licensed by Hiilr AG in Marl, a recycle operation. Typical one-stage alefin conversions are shown in Table 13.1.2. 
Gemany, and UOP* in Des Plaines, lllinais. This process can be used to produce the 
ethers for gasoline blending from olefin feedstocks available within a refinery. 
Depending on the type of hydrocarbon and alcohol feed, the following etherification 

L 

reactions take place: 
I 
I PROCESS FLOW 

CH, = C(CH,), + CH,OH + (CY),-C-0-CH, (13.1.1) The fresh hydrocarbon feed must be treated in a water wash if it comes from a fluid 
~ r o b u u ~ ~ ~ ~  ~ & m o c  MTBE catalytic cracking (FCC) unit. The treatment step is needed to remove basic nitrogen 

compounds, which are catalyst poisons. This procedure is not necessary if the feed 
CH, = c(cH,), + CH,C~H+(CH,),-C-0-CH,CH, (13.1.2) comes from either a steam cracker or from a UOP Olefler* unit. In the case of TAME 

production, dioleiins must also be removed in a hydrogenation unit (see Chap. 8.2). 
Figure 13.1.1 is a simplified single-stage process flow diagram. The clean fresh feed 

CH,CH = C(CH,), + CH,OH i CH,CH,(CH,),-C-0-CH, (13.13 is mired with fresh and recycled alcohol and charged to the reactor section. The reac- 
~ ~ ~ r m y i r n .  mbrno~ T M ~ E  tor can be a tubular reactor, or mare typically, two adiabatic reactors with recyde are 

used. The majority of the reaction occurs in the fust reactor. The second reactor com- 
 he reactions ~roceed in the liquid phase at mild conditions in the presence of a pletes the reaction of isoolefins to ether. Cooling between reactors is required to maxi- 

solid acidic ~ ~ t a l y s t .  The catalyst typically is a sulfonic ion-exchange resin. The reac- mize the approach to equilibrium in  the second reactor. 
tion temperature is kept low and can be adjusted over a fairly broad range. Higher The product from the reactor section primarily contains ether, excess alcohol 
temperatures are possible, but excessive temperatures are not recommended because (methanol or ethanol), and unreacted C* or C5 hydrocarbons, This stream is sent to a 
resin fouling from polymers can occur Amund 130°C (266'F). sulfonic ion-exdange fractionation column, where high-purity MTBE, ETBE, or TAME is recovered fmm 
resins become unstable. Operation in the Lower temperamre range ensures stable oper- the bottoms. The unreacted hydrocarbon, typically referred to as the raffinnre streom 
ation and long catalyst life. and alcohol are taken off the top of the fractionator. Before it Leaves the unit, the raffi- 

The reaction of a isoolefin with alcohol is conducted in the presence of a small nate is water-washed to remove excess alcohol. The water-alcohol mixture from the 
excess of alcohol relative to that required for the stoichiometric reaction of the water wash is fractionated in the alcohol recovery section. The recovered alcohol is 
isoolefin contained in the hydrocarbon feed. Operation with a small excess of alcohol recycled back to the reactor, and the water is recycled hack to the water wash. 
has a number of advantages and practically no drawbacks because any excess alcohol 
is recovered and recycled. Some of the advantages are 

. me equilibrium is displaced toward the production of ether to favor higher per-pass 
conversion. . production of high-octane ether is maximized, and ~roduction of lower-octane The yields in Table 13.1.3 are representative of the oxygenate production from FCC 

oligimers is minimized. olefins using a single-stage Hlils process to separately process the C, and C, cuts. The . process temperamre is more efficiently and securely controlled. 
TAME is assumed to he pretreated in a diene saturation unit. 

.Tradsmuk andlor s w i r *  r n k  of UOP. .Trademark andlor acmiii i i k  of UOP. 





OXYGENATES PRODUmION TECHNOLOGIES 

CHAPTER 13.2 
ECONOMICS AND OPERATING COSTS 

~h~ estimated erected cost of a UOP-designed single-stage Hiils MTBE process unit 

UOP ETHERMAX 
for the production ,,f 60,000 MTA (1520 BPD) of MTBE in 1995 is $8.2 million. This 
capital is for an inside-battery-limits unit erected on the U.S. Gulf Coast. 

PROCESS FOR 
~ti l i ty  requirements for a 60,000-MTA (1520-BPD) MTBE unit and 75,000- 

MTA (1825-BPD) TAME, respectively, are estimated in Table 13.1.4. 
IVITBE, ETBE, AND TAME 

PRODUCTION 
COMMERCIAL EXPERIENCE 

Scott Davis 
~~~~t~ ~ i i l s  MTBE units have been brought on-stream. The first unit started up in 
,976 in ~ a r l ,  Germany. Operating plant capacities range up to about 600.000 MTA UOP 
(15,200 BPSD) of MTBE. The units cover the entire range of feed mmpositions, prod- Des Ploines, Illinois 
"ct qualities, isobutylene conversions, and end uses for MTBE. 

TABLE 13.1.4 Utility Requirements 

Uliliti~S 

power. kwh 
LOW-pressure stcam, MTih (klbh) 
Condensate," MTh (klbih) 
Cooling water, m3ih (galimin) 

*DEnoks export. 
Nol.: MTh - m&c tons pcr hour. 

PROCESS DESCRIPTION 

The Etherman* process, licensed exclusively by UOP,' can be used to produce methyl 
tertiary butyl ether (MTBE), tertiary amyl methyl ether (TAME), or ethyl tertiary 
butyl ether (ETBE). This process combines the Hiils fined-bed etherification pmcess 
with advanced RWDt catalytic distillation technology from Koch Engineering 
Company, Inc. The combined technology overcomes reaction equilibrium limitations 
inherent in  a conventional fined-bed etherifieation process. 

The Etherma process reacts tertiary olefins, such as isobutylene and isoumylene, 
over an acid resin in the presence of alcohol to form an ether. The reaction chemisuy 
and unit operating conditions are essentially the same as those of a conventional ether 
process, such as the Hiils MTBE process (Chap. 13.1). except that KataMant packng 
has been added to increase the overall conversion. 

KataMan packing represents a unique and proprietary approach to exposing a solid 
catalyst to a liquid meam inside adistillation column. The reactive distillation zone of 
Ule RWD column uses KatvMar packing to overcome reaction equilibrium constraints 
by continuously fractionating the ether product from ""reacted feed components. As 
the ether product is distilled away, the reacting mixture is no longer at equilibrium. 
Thus, fractionation in the presence of the catalyst promotes additional conversion of 
the reactants. Isobutylene canvenians of 99 and 97 percent, respectively, for MTLlE 
and ETBE are typical, and isoamylene conversions of up to 94 percent can be 

Trademark andlor service markof UOP. 
TTIadrmarkof KoehEnginsrdng Company. Inc. 

13.9 



UOP ETHERMAX PROCESS FORMTBE, ETBE, ANDTAME 
OXYGENATES PRODUCTION TECHNOLOOlES 

13.11 

achieved with this process. These design specifications are typical for the hydrocarbon in a simple countercurrent extraction column, and a distillation col- 
umn is used to recover the alcohol. The recovered alcohol is recycled to the reactor 

gasoline blending; however, practically any olefin conversion is achievable by design- section. The hydrocarbon raffinate is generally sent downstream to an alkylation ""it 
ing a unit to accommodate individual refinery needs. For example, the Ethermax in the case of C,'s or to gasoline blending in the case of C,'s. 
process can be designed to convert 99.9+ percent of the isobutylene when butene-1 
production is a design objective. 

The flexibility of the Ethermax process provides refiners with many routes to 
increase or octane levels in their gasoline ~ o o l .  Existing MTBE units can 
be converted to TAME or ETBE production. Increases in throughput and alefin con- 
version are ~ ~ s s i b l e  in an existing ethers unit by revamping it to the Ethermax 
process. The revamp increases the oxygenate level of the gasoline pool, and the result- The example in Table 13.2.1 represents oxygenate production from fluid catalytic 
ing octane improvement gives a refiner the flexibility to optimize gasoline production cracking (FCC) olefins using the Etherman process to separately process the C, and C, 

cuts. The TAME feed is assumed ta be pretreated to saturate dienes. All units are in 
horn other refinery processes. metric tons per year. 

PROCESS FLOW OPERATING COSTAND ECONOMICS 

The process now for the Ethermax process is shown in Fig. 13.2.1. The majority of 
the reaction is cmiried out in a simple fixed-bed adiabatic reactor. The effluent from The estimated utilities for a 60,000-metric ton per annum (MTA) (1520-BPD) 
this reactor feeds the RWD column, where the ethers are separated from unreacted Ethermax unit producing MTBE and a 75,000-MTA (1825-BPD) Ethermax unit pro- 

feed The bottoms from the RWD column are the MTBE, ETBE, ar ducing TAME, respectively, are given in Table 13.2.2. The 1995 estimated erected 

TAME product. The ""reacted components move up the column and enter the catalyt- Cost for an Ethermax unit to produce 60,000 MTA (1520 BPD) of MTBE is $8 million 
ic section of the fractionator for additional conversion. The catalytic section of the U.S. based on the inside battery limits of the process unit. 

RWD column uses KataMnx packing to overcome reaction equilibrium constraints by 
simultaneously reacting the feed component and fractionating the ether product. 

The overhead from the RWD column is muted to the alcohol (either methanol or 
ethanol) recovery section. In this system, water is used to separate the alcohol from 

ETHERMAX COMMERCIAL EXPERIENCE 

The first Ethermax process unit was commissioned at the Hiils AG, Marl, Gemany, 
facility in Mach  1992. As of 1995, another four Etbemax process units have been 
placed on-stream. These five Etherman units process a wide variety of feedstocks 
from FCC, stream cracking, and dehydrogenation units. The performance of all five 
operating units has exceeded representations. An additional eight Ethermax units have 

TABLE 13.2.1 Oxygenate Production from Ethermax process 

MTBK operation, TAME operation, 
MTA (BPD) MTA (BPO) 

Total hydmcsrbon feed 264.100 (8437) 305,700 (8971) 
Reactive components in the feed: 

Hydrocarbons: 
39,600 (1247) - 
- 76,500 (2167) 

Methanol 22,500 (534) 33,000 (783) 
Ethanol - - 

EthW product: 
MTBE 61,500 (1558) - 
ETBE - - 
TAME - 104,500 (2543) 
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OXYGENATES PRODUCTION TECRXOLOGIES CHAPTER 13.3 
TABLE 13.2.2 utilities for ~mermax Unit Producing MTBE and 
TAME UOP OLEFIN ISOMERIZATION 

Ethermai Ethermax 
for MTBE for TAME Utilities 

Electric power. kwh Scott Davis 
Steam, MTlh (Llbih): UOP 

LOW pressure 1.1 (2.5) 15.6 (34.3) Des Plnines, Illinois 
Medium pressurc 

Condensate,'MTih (klbh) 
Cooling water, m31h (gsllmin) 34 (151) 

'Denotes export. 
Notr: MTh = mclric tons psrhour. 

bee,, licensed. ~ ~ ~ ~ t h ~ ~  these units represent more than 2.17 MTA (55,OW BPSD) of 
ethers capacity. 

INTRODUCTION 

The production of ethers, notably methyl tertiary butyl ether (MTBE) and tertiary 
amyl methyl ether (TAME), is often limited by the isoolefin concentration in a pre- 
dominately normal olefin sueam. Olefin isomerization technology is aimed at increas- 
ing the overall yield of ethers from u given feed stream by the skeletal isomerization 
of normal olefins to reactive isoalefins. 

The idea of skeletal isomerization of normal olefins to isoolefins is notnew.  
During the 1960s, UOP scientists, as well as others, worked on catalyst development 
based an ehlarided alumina. However, these previous catalyst systems were not atsac- 
tive because they showed poor stability and low selectivity. The increasing demand 
for oxygenates has resulted in a higher demand for isobutylene and isoamylene to be 
used in  ether production. UOP began active researeh in 1989 for a skeletal olefin iso- 
merization catalyst. The timing of this demand was farenate  because of the emer- 
gence of a number of new catalytic materials. The challenge was to develop a catalyst 
with high selectivity and stability. With its unique expertise in the development of 
new materials. UOP developed a proprietary catalyst for skeletal isomerization of light 
normal olefins. The catalyst was further improved, and a ruceessful commercial man- 
ufacturing nialrun was conducted at the end of 1991. 

DESCRIPTION OF THE PENTESOM PROCESS 

The UOP* Pentesom* process iromerizes normal C, olefins to reactive isoamylene 
for  conversion to TAME. This  unit, coupled with an ethers unit, such as the 

Tmdemark andior service mark of UOP. 
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~thermax* process (Chap. 13.2), maximizes the production of TAME derived from 
fluid catalytic cracking (FCC) unit C, olefins. The high-conversion Pentesom unit 
normally can increase the TAME production from an FCC unit by 1.7 times that of 
the stand-alone TAME Etherman unit. The Pentesom-Ethermax flow scheme con- 
sumes mare than 80 percent of the available C5 olefins in a typical FCC feed stream. 
  his consumption compares to only about 50 percent C, olefin utilization with stand- 
alone TAME production. 

UOP's analysis has shown that, in most cases, operating the Pentesom unit on a 
once-through basis by adding a second Ethermax unit downstream of the Pentesom 
unit is preferable to recycling the Pentesom effluent back to a single Ethemax unit. 
The black flow diagram of this flow scheme is shown in Fig. 133.1. 

The primary benefit of this flow scheme is a savings in utilities. The FCC unit has 
a substantial amount of saturate unreactive C;s contained with the C, olefins. When Feed Hearer 
the Ethermax-Pentesom units are operated in a recycle mode, the resulting buildup of 

~araff ins  consumes both utilitiei and capacity that are not directed toward 
TAME production. The normal paraffins must be purged fmm the recycle Imp by a 
bleed, which also results in a loss of normal pentener from TAME production. 
Operation in a once-through flow scheme eliminates these concerns. - 

To Ethermaxl 
Reactor Sectlon 

Pentesom Process Flow 
mGURE I112 UOPPenirsom p m c w .  

me Pentesom flow scheme consists of a single reactor containing a high-activity mol- 
ecular.sieve.based ~ ~ t a l y s t  (Fig. 13.3.2).  he Ethemax effluent passes through a fired 
heater and is combined with a small amount of hydrogen before entering the single, 
fixed-bed Pentesom reactor. The reactor effluent is coaled and condensed before 

DESCRIPTION OF THE BUTESOM PROCESS 

=mering a separator. The separator overhead stream, which is rich in hydrogen, is 
cokpressed and recycled to the Pentesom reactor. A small amount of makeup hydro- The Butesom* process is UOP's C, olefin isameriration process.  he process isomer- 
gen is added to the recycle stream. Separator bottoms are routed to a stripper. Stripper izes normal butenes to isobutylenes, which can then be further convened to MTBE. 

bottoms are sent to a second Ethermax unit for additional TAME production. The Butesom unit is operated in a recycle mode with an ethers unit, such as UOP'S 

No feed pretreatment other than that required for the Ethemax unit is required for Ethermax process (Chap. 13.2). for MTBE pmduetion. 

the Pentesom process. The catalyst operates for 1 year between regenerations. The The Butesom-Ethermax flow scheme is targeted for streams rich in C olefins and 
regeneration is normally conducted in sit" using the existing process equipment. No low in paraffins. Such a stream is that available from naphtha-based steam crackers. In 

additional regeneration equipment is needed. these situations, the raffinate is typically a relatively law-value product because no 
other conversion processes are a~ailable. The overall olefin utilization far MTgE in 
these cases typically increases from below 30 to 80 percent with the use of the 

~rademarknndlor sorvicsma*of UOP. Butesom-Ethemax flow scheme. 
The feedstock from the PCC unit contains a high saturate C, concentration, which 

is normally not a good fit for a Butesorn unit. The primary reason that the Butesom 
unit is more effective on high-olefin feedstocks is that the conversion of normal 
butene to isobutylene is equilibrium limited to 40 to 50 percent under normal operat- 
ing conditions. This conversion level results in a recycle operation being required to 
maximize the normal butene utilization to MTBE. However, the high paraffin coneen- 
trations present in FCC feedstocks require a substantial bleed on the recycle loop to 
Purge the paraffins. The recycle bleed drags butenes out of the flaw scheme, thereby 
reducing the availability of butenes for conversion to MTBE. 

TAME 

FIGURE 13.3.1 Typicd PCCU Cs pmcersinE ~ ~ h h h h .  Trademark andlor srrvisc mmk of "OF. 
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Butesorn Process Flow Evacuation and N, pressure-up 
Reactor on-line 

A ~ i m p l i f i ~ d  Butesom flow scheme is shown in Fig. 13.3.3. This simple unit uses a 
moleculer-sieve-based catalyst and swing reactors. The Ethermax effluent passes The evacuation and pressure-up steps are accomplished by a common single-stage 
through a combined feed exchanger and fired heater before entering one of the swing steam elector. Purge gas is minimized by designing the system so that only the reactor 
fixed-bed Butesom reactors. The reactors are operated in a swing mode with one reac- itself needs to go through the evacuation and purge steps. The carbon burn is the only 
tor on-line and the other in The reactor effluent is exchanged with the catalyst regeneration step required to restore the catalyst activity; no promoters or spe. 
fresh feed in the combined feed exchanger and cooled before being compressed and cial activators are used on or with the catalyst. The carbon burn is controlled simply 
condensed in the effluent compressor system. The liquid is then pumped back to the by regulating the oxygen content and temperature in the burn zone. Utility air is used 
Ethermar unit for conversion to MTBE. The small amount of light ends produced in as the oxygen source. No costly dryers or special utilities are required. 
the Butesom unit are removed in the Ethermax unit. 

Regeneration Section 
ECONOMICS 

Unlike the UOP C, skeletal isomerization system, all C, skeletal isomerization cata- The Pentesom-Ethermw process flow reheme increases the typical FCC T A m  pro- 
lyst systems have limited stability and require frequent regenerations. During the duction by about 1.7 times compared to a stand-alone Etherman unit for TAME 
process cycle, a progressive accumulation of cake on the catalyst occurs. If the production. The capital cost for an Etherman-Pentesom-Ethermux complex built on 
process cycle were extended significantly without regeneration, the coke deposited the U.S. Gulf Coast in 1995 and producing 103,000 metric tons per year (MTA) [2500 
would cause a gradual decrease in catalyst performance. Therefore, the regeneration barrels per day (BPDII of TAME from FCC-derived feed is approximately $21 million 
step is critical to the overall process economics. The Butesom process ~rovides  a 
regeneration system that is simple and low cost. The regeneration consists of a simple A Butesom-Etherman complex processing an FCC feedstock can typically produce 
carbon bum to remove the coke on the catalyst. Because the burn is conducted in the about 1.7 times the production of a stand-alone Etherman unit. The estimated 1995 
reactor, less regeneration equipment is required. Consequently, the valving and main- U.S. Gulf Coast erected cost for a complex to produce 86,800 MTA (2200 BPD) of 
tenance ~rnblems associated with moving catalyst are eliminated. MTBE is $23 million U.S. 

The regeneration sequence is as follows: . Reactor isolation 
E~acuation and N, pressure-up COMMERCIAL EXPERIENCE - Carbonburn 

The Butesom and Pentesom processes are UOP's newest technology to be offered for 
commercial license. The catalyst systems used in the Pentesom and Butesam process- 
es were under development for almost 5 years. Pilot plant tests included process vari- 
able studies as well as contaminant studies. The catalyst was tested under commercial 
conditions and exposed to multiple regeneration cycles. A commercial manufacturing 
test mn was successfully conducted. The equipment and operating conditions for the 
Butesom and Pentesom processes were well within the normal refining engineering 
boundaries. The Butesom and Pentesom designs draw on the expertise gained in these 
commercial runs as well as on the wrperience gained in  more than 80 years of process 
commercialization. 
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TABLE 13.4.3 Operating Utility Requirements 

Pawe& kwh 
Steam, MTlh (klblh): 

LOW pressure 11.3 (24.9) 
High pressure 8.7 (19.1) 

336 (1,4371 Cooling water, m3h igallmin) 

Nolr: MTh =m&c tons per hour. 

HYDROGEN 
PROCESSING 

COMMERCIAL EXPERIENCE 

The Onypra process was introduced to the market in 1995. By the end of 1995, one 
unit had been licensed and was in design and construction. Several other units were 
under consideration. The Onypro process equipment a d  operating conditions are well 
within normal refining boundaries. The operating conditions are similar to those of 
hydraneating, and the reaction chemistry is similar to that of MTBE ethers units. UOP 
has designed and licensed more than 700 hydrotreaters and more than 30 MTBE units. 
The Oxypro design draws on the expertise of these designs as well as on experience 
gained in more than 80 yeus  of UOP process camn~ercialization. 

14.1 
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TABLE 14.1.2 Hydropracessingobjectives 

Feedstocks Desired products Process objectives 

Catalytic reformer feed Removal of S, N, olefins 
LPG Hydracracking 

Atmospheric gas oils Diesel Removal of aromatics and n-paraffins 
let  Removal of aromatics 
Ethylene feedstock Removal af aromatics 
Naphtha Hydrocracking 

Vacuum gas oils LSFO Removal of S 
FCC feed Removal of S, N, metals 
Dicsel Removal of S, aromatics 

Hydrocracking 
Keioscndjel Removal of S, vomatics 

Hydrocracking 
Naphtha Hydrocracking 
LPG Hydmcracking 
Ethylene feedslock Removal of aroma,icr 

Hydrocracking 
Lube oil base stock Removal of ar0matic6 

Hydracracking 
Residuum LSFO Removal of S 

FCC feedstock Removal of S, N, CCR, and metals 
Coker feedstock Removal of S, CCR, and metals 
Diesel Hydmcrscking 

Nola: LPG = liquefied peVolcum gas; li = normal form; CCR = Conrrdron earban reridua. 

The technical challenge associated with producing these products via hydropro- 
cessing can he illusvated with the use of a chart first proposed by Bmee Stangeland at 
Chevron Research and since developed by many of his colleagues.10~'i~"~69~76~9' This 
relates the hydrogen content of a hydrocarbon to its molecular weight. Figure 14.1.2 is 
a Stangeland chart which shows the regions in which salable products fall. The upper 
boundary represents the hydrogen content of the paraffinic homologous series. No 
hydrocarbon exists above this line. The lower line represents aromatic compounds 
starting with benzene and including the condensed ring compounds, naphthalene, 
phenanthrene, pyrene, and coronene. These are among the most hydrogen-deficient 
compounds found in petroleum distillates. All the distillable hydrocarbons used in 
petroleum refining lie between there two extremes. Though not shown in Fig. 14.1.2, 
even the hydrocarbons present in the residuum-the nondistiilable fraction-an easi- 
ly be represented on this chart since the molecular weight scale goes up to 10,000, 
close to the maximum found in petroleum crude oil. Lines showing approximate boil- 
ing points have been drawn. These show the well-known fact that aromatic cam- 
pounds have much lower molecular weights than paraffinic compounds of the same 
boiling point. 

Specification products are shown as regions. Gary and Handwerk2' described all 
the specifications of the major petroleum products. It is instructive to discuss the 
important ones with the aid of the Stangeland chart: 

. Motor gasoline. This region is quite broad, since high octane numbers can be 
achieved with either high aromatic levels or high Iso to normal paraffln ratios. 
Processes like catalytic reforming focus on retaining aromatics, whereas isomeriza- 

14.6 
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300 1,000 10,000 

M~lscuIar Weight Molecular Welght 

FIGURE 14.1.1 Hydrog~n contents of rrFlned products FIGURE 14.1.3 Hydrogen canfcas of potential feedstock$. 

tion processes convert normal paraffins into isoparaffinr. The initial bailing charac- FCC. Neither of these processes consumes hydrogen, but both of them produce high 
ter of motor gasoline is set by the Reid vapor pressure specification. The back end yields of light products. The Liquid products are deficient in hydrogen and need further 
of the distillation specification is set by engine w m - u p  and crankcase dilution hydroprocessing if they are to become transportation fuels. The light liquid products 
considerations. also contain substantial olefin levels, which can cause unstable products. Straight-run . lterosene and nviarion jetfuel (kero4etJ. To make these products with acceptably distillates are generally easier to upgrade to finished products. 
clean burning characteristics, aromatic contents need to be low. The smoke point The Stangeland chart oversimplifies a very complex situation. Madern techniques 
specification characterizes this quality. The front end of the distillation specifica- for characterizing the compounds present in petroleum stocks have helped in our 
tian is set by flash point, the back end by freeze point. understanding of hydroprocessing reactions, particularly the harmful effects of heavy . Diesel fuels. Here the burning quality is controlled by the cetane number specifi- aromatics. This is illustrated in data measured by M. F. Ali and coworkers3 on VGOs 

cation which limits the aromatic content. The important cold flow properties are the from Arabian Heavy crude oil. These workers separated the 370 to 535'C distillate 

pour point, d w d  point, and cold filter plugging point, and one or mare of these set fraction into compound-class fractions. They then carried out an elemental analysis on 

the distillation endpoint specification. As with keroljet, the front end of the distiiia- the four major compound classes-saturates, monoaramatics, diaromatics, and poly- 

don specification is set by flash point. aromatics. With molecular weights estimated from the ather measured physical prop- 
erties, these four compound classes have been plotted in Fig. 14.1.3. The point labeled . Lube oils. Aromatic compounds have very low viscosity indexes (VIs) so lube P represents the polyaromatics naturally present in this VGO. This compound class 

oils must, in general, have limited aromatic levels. Paraffin wan must also be mini- represents 22.2 wt % of the total VGO and is more aromatic than either of the cracked 
mized to achieve acceptable pour points, so the more desirable compounds are stacks referred to previously. The sulfur content of the polyaromatics was reported as 

9.83 percent, showing that three-quarters of the sulfur in VGO resides in the polyaro- 
matics. Every polyaromatic molecule contains, on the average, one sulfur atom. The 
other compound classes in this VGO are shown as points S, M, and D, representing 

Heating ondfusi oils. Hydrogen content is not as important for heating oils or saturates, monocyclicr, and dieyclics, respectively. 
residual fuel ails. However, hydroprocessing is often needed in their production in Bodussy~skj and Altgelt8 pointed out average molecular structure determinations 
order to limit sulfur and nickel content. Their boiling range is set by flash point and for heavy oils give very little indication of the nature of the aromatics in the oil. These 
viscosity considerations. aromatics must be upgraded if salable products are to be made from such oils. The 

amount and character of polyaromatics have a profound effect an the ease of upgrading. 
The Stangeland chart can be used to illustrate the differences between the feed- Most modem refineries produce transportation fuels from a blend of components 

stocks at the refiner's disposal and the required products. Figure 14.1.3 shows the made in different refining processes. Figure 14.1.4 shows the hydrogen content of a 
region representing distillable cuts from typical petroleum crude oils. It compares the variety of diesel boiling range products refined from Arabian crude oils. Components 
distillate products from two noncatalytic cracking processesdelayed coking and produced by hydrocracking have much higher hydrogen content than those produced 
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FIGURE 14.1.4 Hydrogen contenls of middle distillater.'i Solid 
boundaries show 250 lo 7 0 0 ~ F ( I 2 1  to 371'C) diesel rang-. Process: (I )  
hydrocrackr, (2) straight run, (3) delayed cokcr, (4) nuid coker. and (5) 
fluid catalytic cracker 

in nonhydrogeo processes. Figure 14.1.5 shows a rough correlation exists between jet 
fuel smoke point and hydrogen content. A 1 percent change in hydrogen content cor- 
responds to a difference of 10 mm in smoke point in the range from 20 to 30 mm. 
Also consider the difference in hydrogen content between the components shown in 
Fig. 14.1.4. A 1 percent difference in hydrogen content here represents a difference of 13.4 1M 13.8 14.0 14.2 14.4 14.6 
700 standard cubic feet (SCF) of hydrogen consumed per barrel when upgrading to the Hydrogin Conlent. WI  H 
same product specification. If hydrogen costs between $2 and $3 per thousand SCF, 
this amounts to a processing cost of $1.50 to $2.25 per bmel  of oil processed. The FIGORE 14.1.5 The rrlationrhip hetwecn kcrosene smoke point and hydrogen 

modern refiner must decide where to invest the hydrogen in order to maximize prod- content. 

uct values. Each refinery is faced with a different situation, depending on processing 
capabilities and product markets. 

than 200 S C m ,  while hydrorefiners including residuum hydrotreaters typically con- 
sume between 500 ind 1000 SCFB. 

i The Extent of Commercialization North America uses the most hydroprocessing because residuum conversion is 
needed to achieve the high rati.0 of transportation fuels to fuel oil demadded by the 

Of every barrel of crude oil currently refined worldwide, over 45 percent on average market. W i l e  delayed coking is the most popular residuum conversion scheme, liquid 
receives some hydroprocessing. This percentage varies with geographical area: products produced from it are hydrogen-deficient and, therefore, require further 

hydropmcessing. In order to produce salable light products, distillate hydrocracking 
North America has been widely installed because the proportip" of jet fuel and naphtha can be varied 

I to suit seasonal marketing demands. As defined in Table 14.1.3, 8.5 percent of the 
I Asia (except People's Republic of China and fonner Soviet Union) 50% crude oil refined in North America is upgraded in a hydrocracker. 

By conuast, in Japan many residuum and VGO hydrotreating units were installed 
Southern Hemisphere and Central America in the 1960s and 1970s in order to pmduce LSFO to reduce air pollution from station- 
Middle East ary power plants. 

Although the Middle East has less overall hydroprocessing than other regions. the 

1 Table 14.1.3 shows the crude refining capacity in each region, with the hydroprocess- Kuwait investment in hydracracking is substantial; 52 percent of the crude oil refined 

I 
ing capacity divided into three categories-hydrocracking, hydrorefining, and in Kuwait is processed in a hydrocracker. Middle East hydrocrackers are designed to 
hydmeating. This table divides hydroprocesses according to the amount of hydrogen 
consumed in them. Typical hydrocrackers consume between 1400 and 2400 standard 
cubic feet of hydrogen per barrel (SCFB). Naphtha hydrotreaters usually consume less 

i 
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PROCESS FUNDAMENTALS 
Hydrotreating catalysts consist of a hydrogenation component dispersed on a porous, 

Chemical Reactions fairly inert, material. Hydrocracking catalysts are dual-functional, containing both 

 he impurities which are removed in hydrotreaters are largely concentrated in the aro- hydrogenation and cracking rites. The cracking sites are usually the result of using a 
matic compounds in the feedstocks. Their removal is accomplished therefore by the 

porous support of an acidic nature. The best choice of a catalyst far a specific situation 

hydrogenation of these compounds. Simple examples are shown in Fig. 14.1.7. Note 
requires a particular balance between the cracking and hydrogenation functians.sz 

that in these examples sulfur is removed without complete saturation of the aromatic 
Table 14.1.4 shows catalyst characteristics necessary to vccomplish the reactions of 
industcia1 importance. 

ring, whereas nitrogen removal generally involver saturation and destruction of the In hydroeracking to LPG and gasoline, strong cracking activity is required. This is 
aromatic ring. Thus, hydrodesulfurization can be accomplished with low hydrogen 
m on sump ti on at low pressures, whereas nitrogen removal needs high hydrogen partial 

achieved by using strongly acidic materials including both amorphous silica-aluminas 
and crystalline aluminosilicates. The acidity of these materials promotes reactions 

pressures and consumes mare hydrogen. 
The  reactions which occur in hydrocracking are much more complicated. 

which lead to high isa-normal ratios in the light paraffin products, low methane and 

Choudhary and Sarafla have written an excellent survey article on early hydrocracking 
ethane production, and conservation of monocyclic rings. The hydrogenation compo- 

work. The chemistry of hydrocracking is essentially the carbonium ion chemistry of 
nent reduces the concentration of coke precursors and maintains the effectiveness of 

catalytic cracking coupled with the chemistry of hydrogenation. Langlois and 
the cracking siter. Catalysts can then be operated for long periods (1 to 4 years) at 

S u l l i ~ a n ' ~  have reviewed the chemistry of hydrocracking. When the reactants are 
economic processing conditions. 

paraffins, cycloparaffins, andlor alkyl aromatics, the products obtained from both 
In hydrocracking gas oils to produce jet fuel and middle distillate, catalysts with 

hydrocrack'ing and catalytic cracking are similar, but when the reactant is polycyclic 
less acidity and stronger hydrogenation activities are used. This type of catalyst is 

aromatics, wide differences in the product from these two refining processes are valuable in producing high-viscosity-index lubricating oils by selectively saturating 
and converting the heavy aromatics, lewing behind the mare valuable compounds. 

obtained. For instance, catalytic cracking of phenanthrene over acidic catalysts pro- These catalysts are also used for hydrocracking residual fractions such as solvent-dea- 
duced only coke and small quantities of gas, while hydrocracking of the same gave 
low-molecular-weight cyclic products." This difference in the product is caused by 

sphalted oils and residua where the high nitrogen content would poison strong crack- 
ing activities. 

the hydrogenation component of the catalyst and the excess of hydrogen usually pre- For hydrotreating to remove impurities, catalysts with weak acidity an used, since 
rent in hydroeracking. After hydrogenation, these aromatics, which produce coke in cracking is usually undesirable. Strong hydrogenation activity is needed. particularly 
~ ~ t a l y t i c  cracking, are convened into readily cracked n a p h t h e n e ~ . ~ ~  Di- and polycyclic 
aromatics joined by only one bond rather than two common carbon atoms are readily 

with heavy feedstocks containing high-molecular-weight aromatics. In recent years 

cleaved by hydrogen and converted into single-ring aromatics. These enhance the anti- 
there has been a great deal of interest in "mild hydrocracking" as refiners try to 
increase the extent of cracking in their existing hydrotreaters. Mild hydrocracking 

knock characteristics of the product gasoline. usually refers to hydrocracking operations with less than 40 percent conversion to 
lighter pprduucls but more than the 20percent that occun in a simple hydmtreater. This 
increase in conversion is accomplished by increasing the ratio of the cracking function 
to the hydrogenation function in the catalyst or catalyst system. 

~ y d r o ~ d l u d u l l o n :  Besides the chemical nature of the catalyst, which dictates the hydrogenation and 

*ma - * w  
cracking capabilities, its physical structure is also very important, particularly with 
heavy feedstocks. With gas oils and residuum feedstocks, the hydrocarbon feedstock 
is present as aliquid at reacting conditions so that the catalyst pores are filled with liq- 
uid. Both the hydrocarbon and the hydrogen reactants must diffuse through this liquid 
before reaction can take place at the interior surface within the catalyst particle. At 
high temperatures, reaction rafer can be much higher than diffusion rates and eoncen- 
tration gradients can develop within the catalyst particle. This reduces the overall 
reaction rate and can lead to costly inefficiencies and undesirable side reactions. 

The choice of catalyst porosity is, therefore, very important. A high internal sur- 
""droc,s*lng: 

C face area gives high local reaction rates: but if, in achieving the high surface area, the 
catalyst pare size is reduced to a point which hinders reactant diffusion, then the over- 

c~-c-Gc-c~+H. - c.-LC +Cm all performance will suffer. 

Certain generalizations can be made about catalyst porosity.8i For hydracracking to 
LPG and gasoline, pore diffusion effects are usually absent. High surface areas (about 
300 rn21g) and low to moderate porosity (from 12-A pore diameter with crystalline 
acidic components to 50 A or more with amorphous materials) are used. With reac- 
tions involving high-molecular-weight impurities, pore diffusion can exert a large 
influence. Such processes need catalysts with pore diameters greater than 80 A. 



I 
! 

I 
Reaction Kinetics 

The section "Hydroprocessing Objectives," dealt with the difficulty of characterizing 

" 
x haw much feedstock can be processed in an existing unit. It determines the sine of the 

reactor required. The rate of reaction is obtained in a pilot plant experiment by mea- 
suring the extent of reaction at different residence times and the same temperature. 
The rate invariably increases with temperature. Designing for high-temperature opera- 

Hrdrofreofing Kinefics. Despite the complexity of hydroprocesser, reaction kinetics 
can often be expressed in simple tenns. Figure 14.1.8 shows the apparent first-order 

I, 4 orders of magnitude.82 
Residuum desulfurization and demetalation kinetics are generally not fiot-order. 

Chevron Research pilot plant desulfurization and demetalation kinetic dataM for 

I i x i  I 
. 

J sulfur levels of 0.25 percent. The true mechanism is probably one of the multitude of 

'1 first-order reactions, of varying rates, with the asphaltene malecules being the least 
18 reactive.'," For mart design calculations, the second-order expression is a useful sim- 

! but also in predicting the impact of demetalation on catalyst life. Most of 
11 metals react at desulfurization conditions to form metal sulfides. If these reaction 

products deposit in the interstices of the catalytic bed, then serious bed pressure drop 

a ~ ~ ~ ~ ~~~~~~ ~~~- ~~~~~ 

I! i dium have be& a d d 2  together for this plat although there are subtle differences in 
!I P I their individual behavior. Again, second-order kinetics give the simplest expression 

0 : I  I 3 - capable of describing the data. Just as in the desulfurization reaction, this is probably 

, . 
catalyst pores. To explore this phenomenon, experiments with different-sized catalysts 
were carried out. The results are shown in Fig. 14.1.10. Here desulfurization and 

considered. The demetalation data, however, show a substantial pore diffusiol 
tian at all temperatures above 550'F. Both catalyst activity and activation energy 
(change of reaction rate with temperature) are higher for the crushed catalyst. 
Residuum demetalation is a process which usually operates in a diffusion-conuolled 
mode. 
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DemetalaUon 
Second-Order Rate Expresslon 

DBSUIIU~~IOII 
Second-Order Rate Expresslon 

Gravlty. 'APl 11.0 

l/LHSV 
Cataly8tTims 

l/LHSV FIGURE 14.1.9 Deaulfurization and dcmetalafion kinsticcatmosphsric 
fmm Arabian Heavy c r u d e  

The theory used to describe isothermal reactions in porous catalytic media was ticle-size and small-pore-diameter catalyst is the mast active. The fact that small-parti- 
developed by Thieleg' and extended by Wheeler,'o2 Weisz,'O' and others (e.g., Refs. cle-size, high-internal-surface area catalysts are optimum is intuitively obvious for a 
50, 79). It shows that catalyst effectiveness is a function of the ratio of the intrinsic pore-diffusion-limited reaction. Sometimes, however, one is forced to choose a larger 
rate of reaction to the rare of reactant diffusion. A Thiele modulus is used to represent particle size (because of pressure drop considerations in a fired-bed reactor or fluidiz- 
this ratio in dimensionless form. Many experimentersi6." have compared hydrotreat- ing velocity considerations in a fluidized-bed reactor). In any case, there is an opti- 
ing data with this theory. Chevron Research investigated the effect of catalyst pore mum internal surface area and pore diameter for each catalyst size. The amount of 
size and particle size on the hydrodemetalation of Boscan crude oil." The catalysts hydrogenation component in the initial catalyst is also imp~r tan t . '~  As spry and 
used were all of the same composition and all had unimodal microporous pore size Sawyers6 have painted out, each crude ail will have a different optimum combination 
disuihutions. They were each tested at the same pressure level and the same desulfur- of catalyst size and porosity for maximum activity. 
ization severity level. The demetalation data fitted well with pore diffusion theory and It has been suggested' that maximum activity occurs with a combination of narrow 
predictions outside of the database were possible. Figure 14.1.11 shows the predicted pores which create sufficient surface area, and wide pores (above 100 A) to make this 

versus pore diameter with particle size as a parameter. surface accessible. Others'' have shown that among all catalysts with the same surface 
This plat, which assumes a catalyst pore volume of 0.5 cm21g, shows that the opti- area and porosity, the highest activity is attained for catalysts with a uniform pore 

mum pore diameter for catalyst activity varies with the particle diameter. A small-par- 
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Tempeature,'F(DC) Weakly acidic catalysts have a high ratio of hydrogenation to cracking activity and 
can hydrocrack raw feedstocks which have not been previously hydrotreated. 
Amorphous catalysts or catalysts with minor amounts of zeolites are used. 

Figure 14.1.12 shows the effect of feed molecular weight on the reaction rates 
observed with strongly acidic hydrocracking catalysts. These data, which were 

o - 2840 Mesh obtained with an amorphous catalyst, illustrate general trends involving feed character 
n -ln&ln. Enrudate and molecular weight. 

First-order reaction rates normalized to a constant temperature and pressure are 
shown for a variety of pure hydrocarbons. For this display, a line is drawn connecting 
the points for normal paraffins (n-paraffins). Other points are displayed for isoparaf- 
fins (i-paraffins), naphthenes, aromatics, and polycyclics. 

The pure compound rate constants were measpred with 20 to 28 mesh catalyst par- 
ticles and reflect intrinsic rates (i.e., rates free from diffusion effects). Estimated pore 
diffusion thresholds are shown for X-in and Hdn catalyst sizes. These curves show the 
approximate reaction rate Constants above which pore diffusion effects may be 
observed for these two catalyst sizes. These thresholds were calculated using pore dif- 
fusion theory for first-order reactions." 

The pure compound cracking rates may be compared with typical reaction rates 
found commercially with wide-boiling petroleum fractions. Commercial naphtha 

FIGURE 14.1.10 D E S U I ~ ~ C ~ Z ~ ~ ~ ~ ~  and dcmaralalion kin~ticr--~ffecir af temperature and r o 
E ~ Z C  on atmorphcns residuvrn horn A~ahian havy  crude.'" 0 

Eslimaled Commerslal Pore - Dlflu~lon Thresholds: - 

mre D1amater.A 

FIGURE 14.1.11 &timated effect of catalyst sire and pore diarnster on 
B~~ dcrnetalation Lmeliw." n+ar+ns 0 blnpla-Rlng Aronatlct 

~ ~ , j ~ ~ ~ ~ ~ ~ k i ~ ~  ~ i ~ ~ t i ~ s .  Considerable work has also been carried out on hydro- 0 I-~aranlnn A P o l y y e l l ~  
cracking reaction kinetics. ~t is generally accepted that the reaction is fmst-order with 
respect to the hydrocarbon reactant. It  is appropriate to consider two types of h~droc-  
racking catalysts: 

Feed Molecular Welghl . ~h~ saong~y acidic are designed to process fairly clean feeds-light naph- 
thas or heavier feedstocks that have already been severely hsdrotreated. Zeolites FIGURE 14.1.12 compan~on of laboratory and  id reaction ratu for strongly midic 

are often used. 
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hydracracking data are consistent. Gas oil hydrocracking rates are lower and decrease stituents, therefore, can be removed selectively with minimum hydrocracking of the 
with feedstock molecular weight. This is probably caused by the heavy aromatic mole- parent molecule. 
cu]es inhibiting the acid function of the catalyst. Despite this suppression of reaction Two calculated pore diffusion threshold curves are shown in Fig. 141.13. These 
rates, careful balancing of hydrogenation and cracking functions produces catalysts are the dashed lines which show the rate constants above which pore diffusion con- 
which efficiently at economical processing conditions. Consistent with the dif- trols for both Ka-in and X-in catalyst sizes. For gas oil h~drocrackin~,  the observed 
fusion limit curves, size effects have not been observed commercially with reaction rate constants are not high enough to lend to problems: this is supported by 
these catalysts. commercial hydrocracking experience. The high denitrification rate constants suggest 

~i~~~~ 141.13 shows the effect of molecular weight on hydroprocessing rate con- that pore diffusion problems could occur with active catalysts at high temperatures. 
$tants observed ~ i t h  typical catalysts of lower acidity and higher hydrogenation activ- The estimated diffusion limits for residuum processing with XG-in catalysts confirm 
ity. ~h~ hydrocra&ing of residuum is nearly 10 times more difficult than gas Oil that demetalation is influenced markedly and desulfurilation to a lesser extent. 
hYdrocracking.  hi^ is because of the large nsphaltenic molecules present in the resid- 
ua. ~h~ conversion rate constants shown in figure 14.1.13 represent data for Spent Catalyst Analysis. Careful analysis of spent residuum hydrodemetalation eat- 
sh.aight.run residua containing a wide range of molecular sizes. Other kinetic experi- alysts have helped quantify the role of diffusion in the reaction. Enamples of the depo- 
merits have shown82 that, if the heavy asphaltenic molecules are processed by them- sition profiles for nickel, vanadium, and iron at both the inlet and outlet of the catalyst 
selves, much lower reaction rates are observed. Solvent deasphalted oils are came- bed9' are shown in Fig. 14.l.i4. This catalyst was used to hydratreat Arabian Heavy 
spondingly easier to process than straight-run residua. The reaction rate constants for residuum. A number of important features are apparent in the spent catalyst results. 
deni=ification of gas and desulfurization and demetalation of residua, are sub- Iron is found primarily outside the catalyst particle as a thin scale. This is generally 
stantially higher than the hydrocracking rate constants. These nonhydroearbon con- 

Residuum Estimated Commercial Pore 
Processtng DlllusionThresholds: 

--- 1/16" Psnlcler 
11s" Panicles 

- denilrlllcallon 

Reactor ldet 

R~aclol outlet 

~ e e d  Molecular Welght 
FIGURE 14.1.14 Typiesl depositianal patterns for nickel. vanadium, and iron io rssjduum 

~ G U R E  14.1.13 T ~ C  sect of feed molecular weight on hydcoconvenion rat=-mad=-IY and hydmpmceasing cataiyrt?' [Arabian Heavy atmospheric residuum, reaciion temperature = 700'F 
weakly acidic calalys(E.n (371°C). hydrogsn p d a l  pmssum = 1825 iblin'abs, k i n  crtrudate c r ~ r i y s ~ ]  
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the case. Nickel generally seems to penetrate the catalyst to a greater extent than vana- CaIc~IaIed 

dium. These differences in depositional patterns are a result of  differences in the reac- -Equlllbrlum Control 
tivities andlor diffnsivities of the organometallic molecules. Both nickel and vanadium ----KlnetI~ Conlrol 

display a maximum concentration inside the edge of the particle, but the paint of man- 
imum concentration approaches the edge of the catalyst near the outlct of the reactor. 

The fact that maximum concentrations are found inside the edge of the particle is 
difficult to explain. It may be due to hydrogen sulfide (H,S) being a reactant or it may 
be due to specific reaction intermediates being formed. It complicates data analysis, 
since pare diffusion theory ~oupled with a simple reaction mechanism does not predict 
an internal maximum. Despite this, it is interesting to compare the change in the mani- 
mum deposit concentrations from reactor inlet to reactor outlet with the change in 
concentration of metals in the oil. During the test in which the profiles shown in Fig. 
14.1.14 were generated, the average vanadium removal was 58 percent and the aver- 
age nickel removal was 42 percent. The maximum deposit concentrations of both met- 
als decreased by approximately 80 percent from reactor inlet to outlet, clearly showing 
that demetalation is not a simple first-order reaction. The change in the maximum 
deposit considerations is close to what one would predict using second-order kinetics, 
assuming that the concentrations of metals in the feed and product oil apply to the 
maxima at the respective ends of the reactor. This result is consistent with the kinetic 
measurements shown in Fig. 14.1.9. 

Hydrogenation-Dehydrogenation Equilibrium 

The saturation of aromatic compounds is important in both hydrotreating and hydro- 
cracking. This reaction is reversible and the equilibrium between the forward and 
reverse reaction can hinder the entent of saturation at normal commercial conditions. 300 340 3 U  420 
Gully and Ballard3%summarized the early knowledge on aromatics hydrogenation 
equilibria. The hydrogenation reaction is favored by high hydrogen partial pressures 

Temperat"m;C 

and low operating temperatures. The higher-molecular-weight aromatic compounds FIGURE 141.15 Observed m d  calculsred per. 
need a higher hydrogen partial pressure to achieve the same extent of reaction at the cent aromatics hydrogenation at various operating 

same temperature as the lower-molecular-weight molecules. candition~ (Arabian light gar oil).l* 

In some hydroprocesses, the heaviest naphthenic molecules are dehydrogenated 
while the lower-boiling ones are undergoing desulfurization. This occurs at end-of-run 
(EOR) temperatures in  low-pressure VGO hydrotreaters. It was also the basis for the Reaction Selectivity 
Autofining process, developed by British Petroleum, for desulfurization of light ails 
"sing no outside source of hydrogenJ2 Hengstebeck3' has proposed a hydrogenation- The modem refiner is very interested in controlling selectivity in hydropracessing. 

dehydrogenation index far correlating experimental data. Yui and Sanf~rd '~ '  studied The refiner needs to encourage one chemical reaction while discouraging a number of 

the kinetics of aromatics hydrogenation in order to improve the cetane number of an 
LGO feed so that clean-burning diesel fuel could be ~roduced. They measured the per- 
cent aromatics hydrogenation at different temperatures, pressures, and residence times 
[liquid hourly space velocity (LHSV)]. Data obtained with Arabian Light LOO are 
shown in  Fig. 14.1.15 which is taken from their paper. The results were compared 
with a kinetic model for aromatics hydrogenation based on a simple first-order Residuum Processing. Whenever a hydroprocessing unit operates with some of the 

reversible reaction. Agreement with the model war excellent. This particular reaction reactants limited by the rate of diffusion to the active site, there are always oppormni- 

is limited by equilibrium at temperatures above about 360-C when operating pressures ties to influence reaction selectivity by modifying the pore size of the catalyst. 

of 5 to 10 MPa are used. Hemsley and Quick" have pointed out that small pore catalysts can be used for se~ec. 
For this reason the hydrogen consumption will parallel the extent of saturation. The tive desulfurization of low-metal feeds with moderate demetalation whereas large pore 

amount of hydrogen consumed will, therefore. first increase then decrease as operat- catalysts can be used to remove metals and asphaltenes with minimum sulfur rnmoval 

ing temperatures are increased. The most important design parameter in such a unit is and hydrogen consumption. Other researchers4' have correlated selectivity with a dis. 

the hydrogen partial pressure. It should be high enough to allow the achievement Of 
tributian factor obtained from measuring nickel and vanadium deposition profiles 

the target cetane number, but not so high as to consume more hydrogen than is within spent catalyst particles. This factor is similar to the effectiveness factor of pore 

absolutely needed. 
diffusion theory. 



HYDROGEN PROCESSING HYDROGEN PROCESSING 14.27 

Catalyst operating temperature can influence reaction selectivity also. The activa- Distillate Processing. Catalyst properties also influence selectivity in distillate 
tion energy for hydrotreating reactions is much lower than that for the hydrocraclang hydrocraclcing. They can affect the product yield structure and the product qualities. 

reaction. Raising the temperature in a residuum hydrotreater increases, therefore, the Sullivan and Meyergo showed the results of a comparison of seven different catalysts 

extent of hydracracking relative to hydrotreating. This, of course, also increases the described in Table 14.1.5 (with different relative strengths of acidity to hydragena- 

hydrogen consumption. Figure 141.16 illustrates the different operating strategies tion). Since they all can be classified as strongly acidic, they were tested on California 
which have been used when Arabian Light vacuum residuum is hydroprocessed." The heavy gas oils which had already been hydrotreated. The tests were canied out by 
region below about 40 percent conversion represents normal residuum hydrotreating recycling the heavy product back to the feed so that it was camplately converted to jet 
which produces LSFO or good-quality FCC feed. fuel and lighter products. 

~h~ relative hydrogen consumption is compared with the hydrocracking conver- The work focused on the octane number of the light product "aphtha. A high 

$ion. ~ h e s e  two reactions have different activation energies; i.e., the rates respond to octane number in the light naphtha is particularly desirable becanse it is more difficult 

temperature differently. Curves are shown depicting how the hydrogen consumption to upgrade this low-boiling fraction than the higher-boiling naphthas. 

varies fmm start to end of a variety of runs carried attt at constant but different prod- Figure 14.1.17 shows the measured jet fuel yields plotted versus the is0 to normal 
uct $"]fur levels. Lines of constant temperature are drawn to show the approximate ratio measured in the light naphtha product. This ratio correlates well with F-l clear 

temperature levels required to achieve at least 6 months' catalyst life at different prod- octane numbers for light naphthas. In general, the catalysts which produce the highest 

uct sulfur levels (from 1.8 to 0.3 percent). One can see that the hydracracking convor- light naphtha octane number produce the lowest jet fuel yields. Catalyst E, based on a 
sion increases substantially during the run. The hydrogen consumption increase is less crystalline faujasite material, gave somewhat lower jet fuel yields than the amorphous 

noticeable, showing that the catalyst selectively loses its hydrogenation capability dur- catalysts. The authors were able to influence this selectivity by adding nitrogen and 
ing the run. This operating strategy of maintaining constant product quality tends to sulfur compounds to the feed. The resulting preferential poisoning of either the acid or 
minimize hydrogen consumption. the hydrogenation sites showed that the liquid yields and the light naphtha octanes are 

 other operating strategy which is becoming popular in commercial units7s is ta related to the ratio of the relative strengths of these sites. 

manimize conversion throughout a run cycle. This is represented by a vertical line on 
Fig. 14.1.16. The start-of-run (SOR) low-temperature condition achieves a very low 
sulfur product and requires a high hydrogen consumption. As the catalyst fouls, the TABLE 14.1.5 Experimental Hydrocracking carrtystsgo 
system moves downward on the chan. The hydrogen consumption drops and the prod- 
uct quality deteriorates. Selectivity differences between SOR and EOR have always Catalyst Hydrogenation Mctnl 
heen "oticeable in residuum hydropmcessing. As refiners strive to maximize hydrac- identitication component content, wt % Support material 
racking in hydratreating, there differences will be even more suiking. A Pd 0.5 Activated clay (low acidity) 

B Pd 1.0 Amorphous silica-dumina 
C Pd 0.2 Amorphous silicr-alumina 

Resldvm R e d d m  D Pd 0.5 Activated clay (moderate acidity) 
~ e ~ ~ I I u ~ z a l l o n  c~nvcnlon 0.5 Fa"jasite - -  F Pd 0.5 Amorphous rilica-alumina (activated) 

0 Sulfided Ni 10.0 Amorphous silica-alumina 

HydroSmSklnB ConYLISIOII 
"01% Below 1ffiO.F 

Ihohexsne./n.~nxans 

FIGURE 14.1.17 Relatianship bstwccn 280.550'~ (138-288'C) product and 
isahexanrrln-hexane a! 580 to 615'F (304-324°C+hydrocncLing of Crtifomia gar o l l W  
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Outlet 
FIGURE 14.1.20 Typical dsscrivation curve ~ O I  residuum h y d r o p ~ o c ~ ~ ~ i n p  c~I~IYEI." I 
(Arabian Heavy amosphenc residuum desulfurinarion, pmduct sulfur = I wt W, 1.Cmm. 0 0.5 1.0 
~ r a b i a n  exrmdrte catalyst.) N~,m*llZed Reactor Pasltlon,~ 

FIGURE 14.1.21 Catalyst activity at end of mn as afunction of reactor position?' 
a hydroprocessing run as illustrated h Fig. 14.1.20. The effect of this pore mouth (~rabian Light atmosphcnr residuum dsrdfutiralion.l 
plugging on catalyst activity was measured quantitatively in another experiment. A 
catalyst bed which had reached a typical EOR condition was divided into sin sections, 
aqd the second-order desulfurization rate constant was measured independently for 
each section. cessing conditions. Their deactivation curves are compared in Fig. 14.1.22. The onset 

A dramatic activity profile was found (see Fig. 14.1.21). The top ane-third of the ofpareplugglng at the top of the catalyst bed occurred at essentially the same time in 
bed was virtually dead, having little more than one-third Ule activity of the average these two tests because the porous properties of the catalysts were the same and the 
bed and less than one-sixth the activity of the bottom of the bed. The bottom one-third processing conditions were the same (with the exception of the subsequent tempera- 
of the bed, while significantly deactivated relative to the fresh catalyst, was relatively Nre program). However, the speed with which the pore plugging wave moved through 
unaffected by pore plugging and still had sufficient activity to be useful. the bed is very different. Because a larger fraction af the catalyst volume is accessible 

This experiment confirms the commercial observation described earlier.'O Pore to the depositing metals with the small-size catalyst, more metal is accommodated at 
plugging occurs as a wave which, after an induction time, moves from the inlet of the the top of the bed, and the metal concentration profile down the catalyst bed is steep- 
reactor toward the outlet. ened. At the decreased concentrations of metal contaminants to which the lower part 

of the bed is exposed, more time is required for the maximum deposit to reach its lim- 
Factors Affecting Pore Mouth Plugging. The onset of the pore plugging wave and iting value, and the rate of travel of the pore plugging wave is thereby slowed. 
the rapidity with which it moves through the bed are dependent on the details of the Catalyst particle sizes in residuum hydrotreating service have been reduced in 
catalyst pore structure and the disfribution of metals along the length of the catalyst some designs in order to maximize life. The pilot plant tests show how imponant it is 
bed. The pore structure directly determines the maimum local deposit buildup which to sbdy this deactivation phenomenon over the complete run cycle. Had the tests been 
can be tolerated before pore diffusion is adversely affected. The maximum coneentra- terminated after just 20 percent of the time, the relative ranking of the caralysts would 
tion of deposit within a catalyst particle at a given time depends on process and cata- have been reversed. 
lyst variables. The more uniform the intraparticle distribution, thc lower the maximum 
concentration will be after a given time, and the later the anset of pore plugging will Factors Affecting Initial Catalyst Deactivation. The catalyst deactivation which 
occur. The rate of advance of the pore plugging wave, on the other hand, is related to occurs before the onset of pore mouth plugging is more difficult to characterize, and 
the uniformity of the interparticle distribution along the length of the reactor. The there is controversy regarding whether it is due primarily to cake or metals deposition. 
more uniform this distribution, the more rapidly the wave will transverse the reactor. In the early stages of a hydroprocessing run, a fraction of the catalyst's surface 
This simple principle is illustrated by the following example. area is converted from its original state to a surface composed of mixed nickel and 

Two catalysts having identical properties, except for their particle size, were used vanadium sulfides. While these sulfides have catalytic activity for hydrogenolysis, 

to desulfurize Iranian Heavy atmospheric residuum to an equal extent at identical pro- they are considerably less active than the fresh catalysts used in these studies. Under 
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Multicatalyst Systems 

As our understanding of the hydrotreating and hydrocracking reactions has improved. 

1/16" Catalp! the advantages of using multicatalyst systems have been recognized. They are partieu- 

0 1/30" Cotalp! 
larly effective in the processing of heavier feeds where impurity removal can be 
accomplished in a guard bed which protects the major catalyst. They are also used in 

significant pore mouth plugging. The downstream catalyst (or catalysts) are tailored to 
be mast active for sulfur, Ramsbottom carbon, and molecular weight reduction. 

In hydrocracking, the inhibiting effect of heavy ammatics on the cracking reactions 
also creates a need for a two-catalyst system. The first catalyst is sometimes j u t  a 
hydromating catalyst and sometimes a moderately acidic hydrocracking catalyst. The 
catalyst saturates aromatics, removes sulfur and nitrogen contaminants, and, if a 
hydracracking catalyst is used, causer some cracking to lighter products. The second 
catalyst is designed to work on clean feeds. Sometimes, if motor gasoline is the major 
product, a highly acidic catalyst is used. If middle distillate is the required product, 

ReducedTlme then it is better to use a moderately acidic catalyst in the second stage. Examples of 

FIGURE 14.1.22 The cffsct af catalyst particit size an catalyst dcact i~rdon?~ (Iranian Heavy 
product yields achieved with such systems will be given in "Process Capabilities." 

atmospheric residuum, product sulfur = 0.5 ~18 . )  

Commercial Catalysts 
these conditions, the catalyst temperature must be raised to hold conversion constant. 
This form of partial surface poisoning may be the major cause of deactivation in the The successful application of hydroprocessing to heavy oil upgrading has been 
early part of a run. As illustrated in Fig. 14.1.20, the period of initial catalyst deaetiva- achieved because of emphasis on catalyst development. The Oil and Gas Journal 
tidn is characterized by a high, but declining, deactivation rate which asymptotically October 11, 1993, issue lists the catalysts available to the petroleum industry. Table 
approaches a constant value a quarter of the way through the run. Such behavior is a 14.1.6 summarizes the number of hydroprocessing catalysts on this list and comments 
reasonable consequence of the proposed partial surface poisoning mechanism if multi- on their general characteristics. 
layers of the contaminant deposit have the same catalytic activity as  the initial mono- The chemical composition and physical properties of catalysts are, in general, pro- 

prietary. Various  author^"^^'.'^ have summarized important aspects of the develop- 
A high level of coke forms rapidly in an outer annulus of the catalyst. However, i t  ment of such catalysts. In the case of residuum hydratreating catalysts, early work 

declines slowly as feed metals deposit and is offset by the increase of coke in the inte- centered on the type of alumina used to support the Group VIB and Group VIII metal 
rior of the catalyst. Since the initial depositional pattern of coke parallels that of the hydrogenation component? As more pilot plant and commercial data have shown the 
metals, both probably being due to the presence of high-molecular-weight species, it is subtleties of catalyst deactivation, the role that diffusion in the pores plays has become 
difficult to unequivocally assign responsibility for the initial deactivation to either better defined. Smaller particles sizes and unique particle shapes" have been devel- 
contaminant. However, several arguments favor organometallics as the primary deac- oped. Because of the high concentrations of metal poisons in such feedstocks, catalyst 
tivant when the metal content of the feed exceeds about 10 ppm. The length of the ini- consumption is high relative to what can be achieved in distillate processing. Efforts 
tial deactivation period appears to be related to the concenrrvtion of organometallica in have therefore emphasized low-cost catalysts. Recent work has focused on rejuvenat- 
the feed, but not to the concentration of coke precursors (as measured by Cornadson ing or regenerating spent residuum hydraprocessing  catalyst^.^' 
carbon content) in the feed. The period of accelerated coke laydown is short relative to Pare diffusion considerations have also been important in the development of 
the entire initial deactivation period, and the deposited coke undergoes complex hydrocracking catalysts. The driving force for this approach has been quite different 
changes throughout this time. On the other hand, the metal deposits build up monoton- from that in residuum processing. Instead of tailoring catalysts to handle the largest 
ically, and the time required to achieve monolayer coverage throughout the reactor is molecules contained in crude oil, the objective has been to find the optimum way to 
comparable in length to the initial deactivation period. There have been a number of use the small-pore-size crystalline siliea-alumina zeolitic materials first reported in the 
both experimental and theoretical sNdies aimed at developing mathematical models to late 1950s. Zeolitic hydracracking catalysts usually contain noble metal hydrogenation 
describe catalyst deactivation in residuum hydropro~essing.'~,~' Commercially the components. They are active in the presence of hydrogen sulfide and, because of the 
problem is very significant, since large quantities of catalysts are consumed in this large number of active sites, maintain their ?ctivity in the presence of ammonia.'" 
service. Increasing catalyst life by 20 percent saves the refiner about 10 to 20 centr They usually make a lighter product than the amorphous catalysts and. because of 
per barrel of feedstock processed. their small pore size, have difficulty in converting heavy polycyclic aromatics. 
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TABLE 14.1.8 htimsledPhase 
Holdups in Trickle-Bed Reacton* 

Fraction of reactor space 

Crialysl skeleton 0.24 
Liquid phase 0.49 
Gas phase 0.27 

'Assuming rrtiudafe catslyri with ABD = 
0.79 #em3 and port volume = 0.53 cm3ig, whcre 

I ABD = apparrnl bulk denrily in gdcm' of mlc- 
1 ~ Y o I Y ~ ~ .  
1 

plus a fraction of the interstitial volume which, in Table 14.1.8, we have assumed to 
be 0.2 x 0.35 or 0.07 of the reactor volume. The gas phase flows through the remain- 
ing volume. Hydrogen diffuses from this phase into the liquid phase and through it to 
reach the catalyst internal surface where the reaction takes place. 

With these estimates of liquid and gas holdups, the linear velocities of the two flu- 
FIGURE 14.1.23 Schematic diagram of triclrle-bed c~actox!~ ids and typical reactor pressure drops per foot are us follows: 

i Pilofplrnt cammercia1 

~iquid rare, cdmin 0.5 40 

.I shown in Fig. 141.23. In the Shell hydroprocessing reactors," a liquid collector and Gas rate, cdmin 8 640 
distributor tray is located at the top. Each bed is followed by a liquid-collecting Pressure drop. Iblin2per foot 0.000002 0.5 
quenching uey and a liquid distribution tray. In this way liquid disuibution is restored 

I after each bed. 
It  is important both in commercial units and in pilot plants to see that all the cata- 

Because we are trying to achieve the same reaction rate in reactors differing in length 

! lyst particles are wened by the hydrocarbon phase. Also, all the hydrocarbon must be by a factor of 80, the linear velocities differ by this same factor. Since pressure drop 

in idtimate contact with the hydrogen-rich gas phase in order to keep a uniform con- AP through packed beds is a strong function of linear velocity, the AP between the 

centration of dissolved hydrogen in the hydrocarbon phase. Satterfield'g has presented 
two reactors is extremely large. The pressure dmp in the small-scale experiment can- 

a prelimintq correlation relating contacting effectiveness with the liquid flow rate per not be measured accurately, since it is dwarfed by reactor end effects. Therefore, 

unit cross-sectional aarea. He recommends a rate of 5 kglm' . s to ensure 100 percent small-scale experiments cannot show whether the reactor pressure drop is increasing 

! contacting. Hofmann" su~nmarizes other work devoted to contacting effectiveness. during a cycle as occasionally happens in commercial units. 

I Van Klinken and Van Dongen" suggested an inexpensive way to improve catalyst 
As was indicated earlier, it is easier to achieve good contacting at higher linear 

wetting in pilot plants. They dilute the catalyst bed by filling part of the interstitial 
velocities. Commercial operation is likely to give better results than the pilot plant. If 

volume with small inert particles. In commercial operation, loading catalyst by a this is not recognized, a refiner may invest more capital in a project than is really 1 dense bed loading techniques4 also helps to ensure uniform contacting and is very pop- needed. Besides the contacting effect, the amount of liquid held up in the interstices of 

ular with distillate feeds. Dense loading is less popular with residuum feedstacks the bed can be a function of linear velocity. Reaction rates will then be a function of 

because such feeds are more Likely to contain solid contaminants. 
the scale of the experiment. In two-phase flow within fined beds, different flow 

Besides the problem of achieving good contacting an a small scale, successful 
regimes can exist, depending on the relative rates of gas and liquid, catalyst character- 

'4 scaleup of trickle beds from pilot plant to commercial scale requires extreme care. 
is tic^, and the scale of the enperiments.d"n some of there regimes pressure drop puls- 

Consider, for example, the hydrodynamics of a I-ft-long pilot plant reactor compared 
ing can occur, increasing the mean pressure drop substantially.92 Hydrodynamic stud- 

to those of an 80-ft-long commercial reactor. Imagine both operating at a liquid hourly 
ies using liquids Like kerosene, desulfurized gas oils, and raw gas oils have also 

space velocity of 0.5, an inlet gas rate of 5000 SCFB of feed, and a total pressure of experienced foaming. 

2000 Ib/inz gage. For these two systems to show the same extent of reaction, the liquid 
These complications have taught process developers to extrapolate the results 

residence times in each reactor must be the same. The residence times of both fluid 
obtained in small-sized pilot plants with great care. Semieommereial plants are usually 

,. 1 phases will, to a first appmnimation, be proportional to the fraction of the particular required to complete the successful scaleup of novel processes. 

. I  fluid held up in thereactors. Table 14.1.8 shows typical values for artickle bed. 
The catalyst particles occupy about 0.65 fraction of the reactor volume. The 

Moving-Bed Reactors. Every refinery in the world operates at least one fired-bed 

remaining 0.35 of the volume is in the interstices between the particles. The particles hydroprocessing reactor. They are simple and reliable and quite adequate for handling 

1 are porous so that the space they occupy can be divided into the volume occupied by 
all the distillate feedstocks which need hydrogen addition. 

the catalyst skeleton and the volume of the internal pores. When oil and hydrogen 
Since the introduction of residuum hydroprocessing, however, limitations in the 

~j flaw uniformly through a reactor, the oil occupies all the volume in the catalyst pores application of fked beds have been recognized. Very high nickel plus vanadium levels 
in feedstocks require more frequent catalyst changeouts, thereby reducing fixed-bed 

i 
i 

. . 
! 
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operating factors. Undissolved particulate matter often is present in residuum feed- 
stocks, and this can increase fixed-bed pressure drops and sometimes reduce plant 
operating factors. Cs1aly.l Addlllon 

Since heavy, high-metal crude oils generally cost less than light crudes, refiners 
need this flexibility for handling tougher residua. Chevron has developed a moving- 
bed reactor to capture a large fraction of residuum feedstock contaminants so that a Makeup Hydrogen 
downstream residuum hydrotreater can achieve long run cycles. Chevron's on-stream - 
catalyst replacement (OCR) process contains a selective hydrodemetalation catalyst 
which moves intermittently through a high-pressure vessel. Spent catalyst is with- 
drawn and fresh catalyst is added weekly. The combination of OCR plus fined-bed c Expanded Catalysl Bed 
residuum hydrotreating gives the refiner the flexibility to vary crude oil purchaser in 
order to maximize refining margin. 

Chevron's OCR process was commercialized in Japan in 1992.66 A diagram of a - DlslrIb~101 Plde 

Chevron OCR system is shown in Fig. 14.1.24. 

Ebulloting-Bad Reactors. Another approach toward the problems associated with Calalyat wllhdrawal 
handling heavy residua in a fixed bed has been the use of ebullating-bed reactors. Two 
similar residuum hydrocracking processes using ebullating beds have been commer- FIGURE 14.1.25 Ebuliated-bed rcrctor" 

cialized. They are the H-Oil process" and the LC Fining process.'6 A schematic dia- 
gram of an ebullated-bed reactor is shown in Fig. 14.1.25. In such reactors, both the 
oil and hydrogen flow upward and the catalyst i s  suspended in the liquid in  the form TABLE 14.1.9 Comparison of Ebullated- and Fixed-Bed Reactors for Hydroprocessin96 

of an expanded bed. The characteristics of such a system is compared with those of a 
Features Ebullafed bed Fired bed fixed-bed reactor in Table 141.9, which is based on the work of Kubo et a]." 

The hydrodynamics which control the design and operation of ebullating-bed reac- Continuou~ catalyst Yes Yes 
tors are quite different from those in trickle beds. Since the catalyst particles are sus- replacement 
pended by the liquid phase and the gar phase exists as discrete bubbles rising through Reactor size Set by catalyst ma*eup rate Sct by reaction kinetics 

Conversion level per reactor Limited by back-miring Set by reaction kinetics 
Catalyst fempcralure Con~tanl Varies with fimr 
Tempersturedisf"buii0n Uniform Quench gas needed 
Pmducl yields, qualities Set by catalyst makeup rate Varies with time 
Pressure drop Constant Can increase with time 
Fecdslock treating None Desalting, filtering 
~ u x i l i a ~ y  unif design basis Normal opcrarion End-of-run operation 
Operabilify Complex: fluidizalion, cala- Simple 

lysl addition, catalyst 
entrainment 

bed is to give a catalyst particle holdup of 0.4. The results are shown in 
Table 14.1.10. 

Besides showing fluidizing velocities, we have estimated the reactor height needed 
to give the liquid a l-h residence time (liquid holdup assumed to be 0.5). The result3 
illustrate twopoints: 

1. Unlike the trickle-bed system in which residence times can be closely matched in 
different-sized reactors (by varying both the reactor height and the fluid velocities 

FIGURE 14.1.24 Chevron OCRralor rysfffff at the same time), the ebullating-bed local liquid rates must be maintained in all 
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TABLE 14.1.10 TheEffecrofCatalyst Particle Si?eonPluidiration Scaling up this technology will be difficult. Predicting the holdup of each phase in  
in Heavy Oil Hydroprocessing* the reactor and separating the catalyst from the product are two areas requiring partic- 

Catalyst particle 
ular attention. Regarding the first point, DautzenbergZ2 has suggested that the hydro- 

Fluidizing Reactor height for 
diameter, cm velocily, cm dynamic studies that have been carried out on two-phase (gas-liquid) systems give 

I-h ~sidence time, ft 
some insight into the flow regimes that can be encountered in the more complicated 
three-phase systems. 

Flow Schemes 
.Based on spherical catdysu. panicle density (dry) 1.19 gicml, ail density 

0.79. oil virrvsity 2.0 ssr: Richardson and Zaki cormlarionn: catalyst 
(wet) holdup 0.4. 

Hydrocrockirrg. The versatility of the hydrocracking process has been achieved by 
developing specific families of catalysts and processing schemes which allow these 
catalysts to function efficiently. Also, optimum refining relationships between hydrac- 
racking and other refining processes like catalytic reforming and fluid catalytic crack- 

reactor sizes if the same size catalyst is to be used in all. From a kinetic standpoint, ing are practiced. 
the same size catalysts should always be used in the scaleup process. The choice of processing schemes for a given hydrocracking application depends 

2. For commercial applications the reactor height needed for a reasonable residence on the quality and quantity of feedstock to be processed and the desired product yield 
time is ridiculously small for small particles and ridiculously large for large structure and quality. Figure 14.1.26 shows a Chevron two-stage lsocracking process 

flow arrangement. It converts straight-run heavy gas oils into high yields of diesel 
fuel, jet fuel, or naphtha. 

The commercial units operate with %%-in entrudate catalysts and have solved the prob- In the first stage the feed is hydroprocessed to saturate heavy aromatics and 
lem of insufficient residence time in a normal-shaped reactor by recycling liquid remove basic impurities like nitrogen. The second stage hydrocracks this product to 
through the reactor with an ebuilating pump located either within the reactor or out- extinction recycle. The recycle cut point (RCP) is selected to maximize the yield of a 
side it. This recycling causes complete hack-miring of products with reactants which desired product. Distillation facilities may be placed either between the stages or after 
lowers the reactor efficiency to that of a completely stirred tank. the second stage. The intermediate distillation option shown in Fig. 14.1.26 reduces 

Back-mixing is also promoted by the flow of the gas phase through the system. In the size of the second stage. The tail end option allows more thorough hydrogenation 
the case of vety small catalyst particles, the flow of gas bubbles upward through the of the light products. 
exppnded bed disturbs the upper surface of the fluidized bed and causes entrainment The most costly part of each stage is the equipment in the high-pressure reactor 
of catalyst into the product stream: Hi-in catalyst can give a stable ebuliated bed with a loop. In this section, the feedstock is pumped to high pressure, mixed with recycle 
well-defined upper level. hydrogen, and heated in a shell and tube feedleffluent exchanger. The mixture is then 

The inefficiency of hack-mining is most pronounced when high conversion levels passed through a charge furnace and heated to reacting temperature. 
are desired. High conversions can be achieved only if two or mare ebullating-bed The reactor contains many beds of catalyst with quench and redistribution devices 
reactors are used in series. Catalyst malieup seategies from one reactor to the next between them. The reactor effluent is cooled first in the feed effluent exchanger. then 
have been developed to further improve system economics. On the whole, though, flu- further cooled by exchange with other streams like the product fractionator feed. 
idized systems are not likely to give any marked improvement in catalyst efficiency Finally, an air cooler then brings it to a low enough temperature that the hydrogen 
over a fired bed. As Adlington and Thompson2 have pointed out, other factors, like flashed off in the high-pressure separator can he recompressed and recycled back to 
freedom from pressure drop increases when processing feeds which contain par tie^. the feed. M a e u p  hydrogen is added to the loop to maintain system pressure. Water is 
late matter or ability to add and withdraw catalyst during operatifion, are more likely to injected into the effluent before the final air cooler in order to prevent ammonium 
influence the choice. bisulfide from depositing in the colder section of the cooler. The hydrogen-rich stream 

from the high-pressure separator is recycled back to the reactor after being scrubbed 
Slurry Phase Technology. A variety of heavy feedstock hydroconversion processes for H,S removal if the feedstock contains a high sulfur level. 
based on slurry phase operation have been reported.22 These include the M-Coke The hydrocarbon stream from the high-pressure separator is depressured and sent 
p r o c e ~ s , ~  the Aurabon process,' and the CANMET proce~s .~ '  These processes are to the fractionation section after passing through a low-pressure separator in which the 
designed to take advantage of the intrinsic activity of even smaller catalyst particles hydrogen dissolved in ail is flashed overhead and sent to be recovered. The reactor 
(0.002 mm) than those used in ebullating beds. Refening to the fluidizing velocities of loop in the second stage is similar in ~rinciple,  although less expensive canstruction 
Table 14.1.10, the liquid flaw rates are considerably higher than those required for materials can be used because of much lower H,S levels present in the streams. 
fluidization. This results in very low catalyst holdups (about 1 percent) in the reactor. The hattoms product from the high-pressure separator is recycled back to feed the 
Despite this low holdup, the number of particles per unit volume is 10 million times second stage. The boiling range of this recycle oil varies, depending on what products 
greater than in an ehullating bed.Z2 are desired from the unit. If a maximum yield of diesel fuel is needed, an RCP of 

The main reaction appears to be thermally induced in the liquid between these about 700'F is used. If naphtha for aromatics production is in  demand, it can be as 
low as 350'F. In between, jet fuel or catalytic refanner feedstock can be maximized as 
needed. 
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There are many variations on flow schemes for two-stage plants. Sometimes the 
two-phase charge heater is replaced by a single-phase furnace on both hydrogen and 
hydrocarbon." Sometimes one recycle compressor is used instead of two, in which 
case the difference in pressure levels in the two stages is small and due only to equip- 
ment pressure drops. Speightai has summarized the flow schemes of all the major 
commercial processes. 

Single-stage lsocracking plants have also been commercialized. Far feed rates of 
less than 12.000 barrels oer oneratine day (BPOD) and a need for maximum diesel . . - . .  a single-stage recycle plant costs less than the corresponding two-stage 
plant. The flow scheme for such a unit is like the second stage of Fig. 14.1.26. Other 
ieftners operate single-stage once-through lsocrackers which look like the first stage 

Hydrotreoting. In those applications where hydracracking is less important than 
contaminant removal or where extinction recycle of the heavy product is not practical 
(as with residuum from heavy crude oils), then a single-stage once-thmugh configura- 
tion, l i e  the first stagein Fig. 14.1.26, is used. Residuum feedstocks are always fil- 
tered and a different reactor effluent flow scheme is often used. As an example, fig. 
14.1.27 shows the schematic flow for the LC Finer at Salaman~a. '~  The hot reactor 
effluent is flashed in a hot hish-pressure separator and only the vapor stream is cooled 
dawn to provide the hydrogen-ich recyclibtream. This option saves energy by allow- 
ing the liquid stream from the reactor to go to product fractionation while it is still 
very hot. It also eliminates problems which could arise in trying to separate the hydro- 
gen stream from the viscous heavy oil at typical cold high-pressure separator tempera- 
tures. The Salamanca unit is eaui~oed with a vacuum column on the ~ roduc t  stream. 
The VGO can therefore be re&ciid to extinction if product valuer demand it. Note 
that Fig. 14.1.27 also shows a plant where the liquid and gaseous reactants are heated 
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in separate furnaces. Options af the type shown in this plant flow configuration should (ributian of hydrogen consumption between saturates, aromatics, and olefins. Modern 
be explored from the paint of view of capiral investment, energy usage, and demon- analytical techniques can be used in smali-scale experiments to determine the concen- 

strated reliability in the design phase of a project. tration of bond types in feedstocks and products. Jaffe obtained good agreement 
between predicted and measured hydrogen cansumptions by this method. 

There are other important points that must be considered in the overall heat balance 

Design Considerations of the plant. Quench hydrogen rates between the catalyst beds should be minimized, 
consistent with safe operation and desired catalyst iife. As in any process unit, the size 

The decisions made during the design of a hydroprocessing unit are all based on eco- of air coolers should be as small as possible a d  any steam generation should recag- 
namic analyser-balancing changes in capital investment with corresponding but nize the refinery's overall steam balance. 
opposing ~hanges  in operating carts. In a few cases there is the more difficult choice Both the capital investment and operating costs of the recycle compressor are dic- 
of deciding whether ta invest more capital in order to add flexibility to plant opera- tated by the reactor loop pressure drop. Designing this loop for too low a pressure 
tian. During the 1970s, the cast of fuol in a refinery changed dramatically so that, for drop will result in poor heat-transfer coefficients in the heat exchangers and poor flow 
older plants, the design decisions are no longer relevant to the current situation. patterns within the reactor itself. It is important to calculate accurately what the indi- 
ongoing economic studies must therefore be made to keep an existing plant operating vidual equipment pressure drops will be, as well as what flow regimes exist in them. 
in the optimum mode. This is particularly important in the reartor where a high fraction of the overall loop 

pressure drop occurs. 
Major Design Decisiorts. The high-pressure items are the most costly in the plant, HofmannM has summarized the correlations pmpased far predicting pressure drops 
so most of the important design decisions concern them. The quantity of catalyst need- in trickle-bed reactors: "At low loadings the pressure drop is approximately the same 
ed and the pressure level of the reactor section are based an knowledge of reaction as in single-phase gas flow. At higher gas loadings, the texture of the liquid is modi- 
kinetics, catalyst deactivation rates, and makeup hydrogen purity. The design pressure fied by gas-phase friction, and the pressure drop rises, together with a decrease of the 
level ir also influenced by pmduct quality considerations. As shown in Table 14.1.7, liquid holdup, in the transition to the pulsing flow region." Figure 14.1.28 shows the 
heavier feedstocks generally require higher pressures. The quantity of catalyst is cha- different flow regimes that have been characterized in air-water systems. The regions 
sen to give reasonably law operating temperatures to avoid undesirable ride reactions are represented an a plot of liquid Reynolds number versus gas Reynolds number. 
while staying below the reactor metallurgical limits. Also shown on the left-hand side is a contacting efficiency relationship similar to that 

The number of reactors required is based on a variety of considerations: proposed by Satterfield.'g Talmorg2 has studied the pulsing region, in which pressure 
drop oscillations occur. He observed that in a partially pulsing situation, the overell . The reactor pressure drop must be high enough to promote uniform flow and tem- reactor pressure drop increases by as much as a factor of 2. Obviously this region 

peratures but within rearon from the point of view of capital investment and operat- should be avoided whenever possible. 
4ng casts. Once this pressure drop is set, then the total cross-sectional area needed 
in the reactor section is proportional to the feed rate. Hjdrogen Management. Hydrogen is an important commodity in a modern refinery. . The refinery may not be able to accept the largest reactors which a fabricator can There are often a variety of sources, each of different purities. Impurities, like methane 

build. Transporting the reactor to the refinery site may not be possible, in which 
case field fabrication should be considered. Soil conditions at the refinery may also 
preclude very heavy reactors. . The reactor fabricators have limits to the diameter and length of high-pressure ves- 
sels. Reactors weighing 1400 metric tons have been built. 
In multireactar plants, particularly with residuum feedstocks, it is common to build 
more than one reactor train. Sometimes the trains are completely independent plants, 
since this gives the refiner the most operating flexibility. In other cases the trains 
share common feed pumps, high-pressure separators, and recycle compressors. 

Energ). Conservation. Hydroprocessing reactions are exothermic. The design of a 
process unit must take maximum advvntage of this fact. The feed effluent exchanger 
must recover as much heat as is economically practical in order to minimize the fuel 

in the charge furnace or furnaces. An accurate estimate of the heat 
released in the hydroprocessing reaction is essential to achieve this. 

Jaffeu has proposed a method for predicting heat release by following the chemical 
bonds formed and consequent hydrogen consumed by important classes of hydracar- 
bonr. There are three important ~ategories: (1) saturates which consume hydrogen 
with cracking or ring opening and yield 7 to 10 kcallmol of hydrogen, (2) aromatics COIIUEIIII~ B lk~ I I~eneos  o 
saturation which yields 14 to 16 keallmol of hydrogen, and (3) alefins saturation 
which yields 27 to 30 kcal/mal of hydrogen. The total heat release depends on the dis- FIGURE 14.1.28 Flow regions in trickle-bcd reactors" 
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first increment of hydrogen consumed since the initid removal of sulfur is more sig- 0 0-& ! 2 
nificant than the production of light products. - 0 n 

Refiners have recently practiced mild hydrocracking in existing VGO hydrotreaten 
by using catalyst combinations with more acidity. The extra hydrogen consumption is 
assbciated with mare volume expansion increase, as shown in Fig. 14.1.30. The pres- 
sure levels in these units do not allow more hydrogen input because the hydrogenation- 
dehydrogenation equilibrium limits the desired reaction. At higher pressures, however, 
substantial hydrocracking can occur so that a once-through hydrocracker on this same 
feed can consume 1200 SCFB of hydrogen and make 108 volumes of C,+ product out 
of 100 volumes of VGO feed. The maximum volume expansion is achieved in a recycle 
mode operating at a RCP of 700 to 735°F (which maximizes diesel fuel yield). More 
hydrogen can be consumed in a recycle hydrocracker if the RCP is dropped so that 
lighter products are made. An RCP of 550°F maximizes the production of jet fuel while 
consuming about ZOO0 SCFB of hydrogen. Motor gasoline yield is maximized at 380°F 
RCP and aromatics (via catalyticreforming) at somewhat lower RCP. 

With more aromatic feedstocks, the amount of hydrogen consumed and the amount 
of expansion will be higher than shown. Scott, Meyer, and Maye$' have taken this 
representation even further by assuming the heavy naphtha produced by hydrocrack- 
ing will usually be catalytically reformed, so that some hydrogen will be recovered. 
Also, the light gases produced in the hydrocracker can be used as feedstock to a 
hydrogen plant. Therefore they are a potential source of hydrogen. If this is accounted 
for and net hydrogen consumption is the focus instead of the amount used in the 
hydrocracker, a more complete measure of hydrogen efficiency is given." 

Table 14.1.11 shows in tabular form the product yields which correspond to the 
hydroprocesses covered in Rg. 14.1.30. AgGn. these are based on experiments with 
Middle Eastern VGOs. Note that these are just examples of yield structures designed 
to show what is possible in hydroprocessing. Variations on these yields occur by using 
different catalysts, process configurations, or operating conditions. No carrelation 
exists which allows oprion' prediction of product yields. Experimental data are need- 
ed to support predictions and extrapolations. 

14.49 
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TABLE 14.1.16 Chevron VGO Hydroveating and Mild HydrocrachingZx 
TABLE 14.1.15 ~ n i c r a c k i n ~ f o r l s o b u t ~ n n P ~ ~ d u c t i i i ~ ~  

Conventianul Severe 
U ~ C X  Light suaighf- Reformer Mild Operation desuliurizrtian desulhri~ation  hi^^ 

Feed~tock raffinare rungasoline feedslock 
% HDS 90.0 99.8 99.6 
Yields. LV 8: 

0.2 1.5 3.5 
17.2 30.8 37.1 

ASTM D 86, -F (DCI: 84.0 70.0 62.5 
209 (98) 216 (1021 244 (1181 
220 (104) 232 (I 11) 289 (1421 Density, 'APl 22.6 22.6 23.0 
252(122) 263 (1291 351 (1781 Sulfur, w l %  2.67 2.67 2.57 
288 (142) 294 (1461 382 (1941 Nitrogen, ppm 720 720 617 

lsobutane yield, LV % 49-54 Ni+V, ppm 0.2 0.2 - 
Dirlillafion, ASTM, 'F ?Cl 579'993 (303-534) 579-993 (303-534) 552-1031 (289-555) 

Li&t isomvte 
Heavy Distillate Hydrotreoting. In the 1960s. as more high-sulfur Middle Eastern Denilry, OAPI 30.9 37.8 34.0 
crudes were processed in the world's refineries, hydrodesulfurization facilities were Sulfw, w i  % 0.07 0.002 0.005 
added to produce the LSFO that local and national governments were demanding. This Nitogan, ppm 90 20 20 
was panicularly the ease in Japan. In the United States, some companies decided to Pour point. 18 14 i8 
invest immediately in direct atmospheric residuum hydrotreating plants. Others took Ceme index 51.5 53.0 53.5 
advantage of the fact that LSFO sulfur specifications were going to dmp according to Dirtillstion, ASTM, 'FYC) 433-648 298-658 311483 
a fmed timetable. These refiners built in stages-VGO hydroheaters at first, the prod- Heavy isomate 

uct from which was blended with the virgin vacuum residuum to meet the specifrea- Density, "APl 27.1 29.2 30.7 
tions for the immediate future. Later the vacuum residuum was upgraded sa that the Sulfur, wr % 0.26 0.009 0.013 

long-term specifications could be achieved. The VGO hydrotreaters were designed to Nitrogen, ppm 400 60 47 
remove at least 90 percent of the feed sulfur with minimum hydrogen consumption. Visco~ity, CSI at 122'F (50'C) 26.2 19.8 17.2 

Most were designed at 600 to 1000 lb/ini hydrogen partial pres~ure.'~ Distillation, ASTM, OF (DC) 689-990 691-977 613-1026 

Today's refiner is faced with the need to convert the heavier components of the Nolo: HDS = hydrodsrulfurizslion. 
e h d e  barrel into lighter, more valuable products." An inexpensive and immediate 
step to achieve residuum conversion is to convert the operation of VGO hydrotreaters 
to VGO mild hydroerackers. Table 14.1.16 consists of commercial data showing three 
different types of operatian achieved in the same Chevron VGO h y d r ~ h e a t e r . ~ ~  bottoms stream is a unique product. i t  not only is an ulwlow-sulfur blend stock for 
Conventional desulfurization is compared with severe desulfurization (achieved by fuel oil but a prime feed component to the FCC unit, a superb source of lube oil base 

a reduction of catalyst life). Both are then compared with a mild hydro- stock, and an attractive ethyleneplantfeed. 
cracking operation using a blend of desulfurization and hydracracking catalysts. The Table 14.1.19 shows the heavy product quality at about 50 percent conversion. 
LGO product meets Japanese diesel specifications for sulfur, cetane index, pour point, Inspections are presented for the 700'F+ partion of this bottoms stream, before and 
and distillation. The yield of diesel produced can be varied by operating at different after dewaxing. Lube oil base stocks with viscosity indexer of 110 to 120 can be 
conversions. Figure 14.1.31 shows this variation. Note that synthetic conversion is obtained when running in this conversion range. In 1985, Chevron U.S.A. started up a 
total conversion corrected for the light straight-run distillate material in the feed. lube oil complex based on the Chevron Isocracking In connection with this 
Incremental conversion by mild hydrocracking preferentially produces diesel fuel. lube oil hydrocracking complex, Chevron has upgraded its dewaxing facilities by 

installing i!s novel catalytic dewaxing process. I s o d e w a ~ i n g . ~ ~ ~  This process isomer- 
Heavy Disfillate H y d ~ o ~ ~ n c k i n g .  A single-stage once-through hydracracker can izes the wax to make higher yields of high-viscosity-index base stocks. It allows the 
achieve higher conversions to lighter products than the lower pressure units which combination of hydrocracking and Isodewaxing to produce unconventional lubes with 
were originally designed for desu l fu r i~a t ion .~~  Table 14.1.17 shows Isoeracking viscosity indexes greater than 130.1' 
process product yields" at three different conversion levels--40, 55, and 70 percent For ethylene plant feedstock, the product at 70 percent conversion is more attrac- 
below 640°F. In this table the yields are expressed by two different sets of product cut tive. The high paraffin and naphthenic content of this product is consistent with a 

I points to show the flexibility for varying the relative potor gasoline to diesel fuel Bureau of Mines Correlation Index (BMCI) of about 10. This type of feed should pro- 
With this Arabian Light VGO feedstock, the diesel yield peaks at the lower duce a high yield of ethylene and a low yield of pyrolysis fuel oil. 

conversions. At the 70 percent level, the diesel yidd has dmpped because some of it In cases where the bottoms product has low value, and during periods of low crude 

I 
has been converted to naphtha. At all conversion levels, the ratio of gasoline to diesel run when hydrocracker feed rate is less than design, the unit can be run in a partial or 
can be varied by about a factor of 2 by adjusting pmduct cut points. total recycle mode. This shifts the product slate more toward diesel than gasoline. 

The product inspections are shown for the gasoline and diesel cuts in Table 
14.1.18. The 18lL390'F cut naphtha produced at 70 percent conversion is a high-qual- 
ity reformer feed because of its high naphthene and aromatics content. The 640"F+ 

I 
I 

I 
I 
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TABLE 14.1.20 lsocracking Yield Comparison-Once-Through 
V C ~ U S  Recycle*" 

Type of Operation Once-through Recycle 

Convcsion below MODE, (33X°C), LV % 

Gasoline, LV % 
c5-39ODP (c5-L99-C) 
C,-310°F (C3-154PC) 

Diesel fuel, LV % 
390-640'F (199-338°C) 23.5 
310-6509 (154-343'C) 

Bottoms product, LV % 
Ga~olineidie~el ratio 

-Arabian LighlVG0 feed (670-1020°F, 35h549'C). 
TBP Cut Polnt Between Jet and D I ~ S ~ I ,  TPC) 

TABLE 14.1.21 TWO-Stage lsocracking ~ i d d l ~  DistiLIatt Yiild and Qurlitier*" ElGURE 14.1.32 Estimated Chevron lsocracking yields, ICR 
12o-rfect OF changing point on jet disrsl 

I C,-I80 18CL250 250-525 525-725 (consrmt tow1 jet plus diesel).li 
! 

Product cut, 'F (OC) (C,-82) (82-121) (121-274) (247385) 

i Yields, LV % 
! Density, 'APl 

Octane, F-I clear 76 68 The paraffinicity of the feedstock is even more critical if aromatics are a desired 
~~~~fflnlnaphthcnesl~omatiis, "01% 4615014 25/64/11 product. Table 4.1.22 shows the typical yields of naphthenes plus aromatics (N + A) 
s ~ o k e  point, mm 25 

100 (38) 
in Unicracker naphthas as a function of fresh feed Ring content of the feed 

Flash point, OF (OC) 
-75 (-59) 

is roughly indexed by its UOP characterization factor (UOPK). For low UOPK factors 
Freeze poinr, 'F ("C) 

-10 (-23) 
(high feed ring contents), the yields of benzene, toluene, and xylene (BTX) precursors 

Pour point. -F (OC) 
cloud point, OF (DC) become very high, reaching 69 to 77 vol W of feed for C,-C,/C,-C, N + A  from a 9.96 

1 Aniline point, *F 'C) 
UOPK steam-cracked gas oil. The most paraffinic feedstock shown (from Libyan 

i 
i Diesel index 

crude oil) gives yields of only 22 to 27 "01%. 

Cetane number 
Viscosity at 122'F. (50DC), cSt 

Residuum Eydrolreoting. As shown in Fig. 14.1.16, the product from a residuum 
hydrotreater becomes lighter from SOR to EOR if the product sulfur level is held eon- 

~ F ~ ~ ~ ~ ~ E ~ ~ o ~ I O O O ~ F  (371-S~~'CI ~ r a b i a n  VGO. stant. This product yield structure variation is shown in Table 14.1.23 for a Kuwait 
vacuum residuum feedstock." Saito," with help from Chiyoda Corporation, has 
described experience with operating the Okinawa Oil Company Gulf-designed residu- 

stock was 700 to 1000'F straight-run Arabian VGO. The operation produces a yield of um hydrotreater at a consistently high hydrocracking conversion. Product yields are 

i 47.9 percent kerosene and 48.9 percent diesel, both meeting normal specifications. plotted venus IOOOOF conversion in Fig. 14.1.33. Unstable fuel oil production was 

Achieving selectivity for middle distillate production depends on a large number of observed at high conversions. A sludge formed which limited the maximum cower- 

] factors including the process configuration, the choice of catalyst, the feedstock to be sion that could be achieved with a particular feedstock because it deposited in flash 

I used, and a number of other design parameters.'i Amorphous catalysts give higher drums, the fractionator, the product rundown heat exchangers, and product lines. The 

i middle distillate yields than catalysts which contain zeolite components. Highly paraf- 
finic feedstocks give lower yields than less paraffinic ones. 

Besides there characteristics of the reactor section, various aspects of the product Residuum hydrocracking has been practiced eomrnercially in ebullating-bed reac- 

fractionation section can affect the yield and quality of the middle distillate products. tors in which product qualities can be kept constant by continually replacing a small 
Figure 14.1.32 shows what em be achieved by varying the cut point between jet and fraction of the catalyst inventory. Typical product yields and qualities are shown in 

i diesel while keeping the jet initial cut point at flash p i n t  specification and the RCP at Table 14.1.25 for both long and short residuum feedstocks.16 Also shown are theprod- 

725'F. Varying this intermediate cut point from 450 to 550°F gives a range of jet to uct yields achieved in the first operating fixed-bed unit designed specifically for 
I diesel production ratios from 0.5 to 1.2. residuum eonuersian-Natref s BOC Isoman unit98 designed by UOP. 

j 
I 
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i TABLE 14.1.24 Typical Product Yidds and Properties-Residuum TABLE 14.1.25 Typical Product Yields in Residuum Hydrocracking 
I Hydrotreating Process 

Feed LC-Fining" BOC Iromax" 
I Nominal cut paint, "F CC) 800 (4271 Long residuum Short residuum Short residuum 

Specific gravity. 60160'F (15.61 t5.6"CI 1.0044 
i 

I vismriry, cst at 122-F (5rC)  11,500 Feedstock 
Sulfur, wt % 4.18 Dcnsiry, 'APl 
Nitrogen, wt % 0.40 Sulfur, wf % 

I Metals, wl ppm: 1050°F+ (566'C+), LV % 

Vanadium 136 Hydrogen consumption, SCFB I 40 Product yields and qurlitios 
CCR, wt  % 16.2 
"C, insoluble. wt % 7.0 C,, SCFB 350 590 

C,-C,. wt % 
Product Cn450mF (343'C) LV % 47.7 36.3 

C3450DF (343'C) 
650-1O5O1F (343-566OC1, LV % 37.1 

Density, "APl I 
Afm. residuo Sulfur. wI % 

I 105VF+ (566'C+), LV % 
Total IIquid Density, 'APl 

Sulfur, wt % 

I 
I 

Nitrogen, wt ppm ed, and the hydraprocessing feedstock is filtered in a sophisticated unit having back- 

Gas oil: flush capabilities. 
Specific gravity, 601601F(15.6115.6'Cl With some feedstocks, particularly the naphthenic ones from California crude oils, 

even these precautions are insufficient. Chevron U.S.A.'s Richmond, California, deas- 
phalted oil (DAO) hydrotreater, which has processed a California deasphalted oil con- 

I Nitrogen, wt % taining 33 ppm nickel plus vanadium plus iron since 1966, has seen regular plugging 

i Atm. residue: problems because of the reactive soluble iron in the feed.IaThe effect on unit operating 
Specific gnvity, 6016O0P (15.6115.6'CI factor has not been serious, however, because of improvements in catalyst grading and 

i viscosity, cS! nf 122% (50°C) because the plant was designed with two trains which can be operated independently. 
1 Sulfur, wt % Refiners and specialist contractors have developed techniques for unloading reactors 

Nitrogen, wt % quickly and safely. Sometimes when bed plugging has occurred, only the upper bed or 
CCR, wt % beds are sliimmedd3 so that the lower catalyst, which is still active, can still be used. 

lOOO'F+ (53anC+] convcrrion, wt % It is instructive to analyze the spent catalyst taken from a residuum hydrotreating 
chemical y consumption, SCFB unit. Table 14.1.26 shows carbon, nickel, vanadium, and iron levels found'4 after a run 

soam: okinawa 031 company, O u l f ~ H D s  Unit. 
in which catalyst consumption corresponded to 14.9 banels af feed per pound of cata- 
lyst. This unit was designed with one guard bed and four main reactors in each train. 

! The axial metal profiles which were measured on spent catalysts showed the iron 

i depositing largely in the guard bed and the nickel and vanadium deposition being 

other pilot plant and commercial experience. Nelson" has provided general infoma- spread out as one would expect if second-order kinetics were governing. The coke 
I 
I tion on this subject, and Fig. 14.1.34 shows his estimated catalyst consumptions for a axial profile is the opposite of the metals, the later reactors having more than the earli- 

number of residuum feedstocks at different fuel oil sulfur levels. As one would expect, er ones. There commercial results are consistent with pilot plant studies (Figs. 14.1.19 
I the nickel and vanadium level in the feedstocks i s  ?n imponant parameter. 

Nelson58 has also commented on another important phenomenon which can limit When feedstocks that do not contain metal contaminants are hydroprocessed, coke 

catalyst lif-catalyst bed plugging. This can occur in any fired-bed reactor within a deposition is the normal deactivation culprit. In these cases, the combination of design 

refinery, since feedstocks are often fed from tanks in which solids can accumulate. operating pressure and temperature is chosen to keep the rate of surface coking low 

Also, shutdowns and start-ups for maintenance can disturb corrosion scale and intro- enough to achieve an acceptable catalyst life. Refiners usually want 12 months mini- 

duce it into the hydroprocessing feed system. With residuum feeds, however, catalyst mum, but some prefer to design for even longer lives. The operating hydrogen partial 
! bed plugging is much more IPely. To counter it, crude oil is commonly double-desalt- pressure must be kept at its maximum in order to achieve the design life. 

1 
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CO"BEllO$l IOI 
Hfgh Metals Feeds At the 1930 American Chemical Society symposium on "Industrial High-Pressure 

Reactions," the chairman of the symposium, Norman W. Krase, stated in his opening 
address that "ail hydrogenation promises to place the petroleum industry on a better 
economic basis." This promise has been fulfilled. New technological advances are 
continually being developed and commercialized. The modern version af distillate 
hydrocracking was introduced in the United States in the 1960s to convert excess fuel 
oil into motor gasoline and some jet fuel by using hydrogen produced with the namal 
gas which was in plentiful supply. FCC cycle oils were popular feedstocks at first. 
The process was then used to upgrade the liquids produced in delayed and fluid cak- 
ing and solvent deasphalting. 

While these residuum conversion schemes were being implemented, a demand for 
low-sulfur fuel oil developed and fined-bed residuum hydratreating was commercial- 
ized. Since then, LSFO demand has dropped, and these hydrotreaters are being used as 

Sullur Reduction, % hydrocracking is steadily replacing conventional extraction processes in lube ail base 
stock manufacture. It results in much more valuable by-products than the older 

FIGURE 14.1.35 Chemical hydmgen consumption in deruifunnnrion of r~sidur.6~ process. The introduction of Chevron's Isodewaning process now gives refiners the 
opportunity to produce uneonventianal base oils with viscosity indexes greater than 
110. Hydroproeesses, in general, are clean processes in that feedstock sulfur and nitro- 

TABLE 14.1.28 Typicalutility Requirements gen end up as HP and ammonia in a water stream that can easily be purified without 
harming the environment. 

Two-$rage lrorrorkin8 [sea Fi8. 14.1.26). This interest in hydraprocessing has caused a tremendous increase in catalyst con- 
sumption in the petroleum indushy. The character of the catalysts has changed. With 
heavier feedstocks and more severe conditions, diffusion limiu have been reached and 
smaller-size catalysts are now used. Also, catalysts of unique shapes have been intro- 
duced. Novel reactor systems which use even smaller catalysts are also being eon- 

Feed race, %POD 39.000 
Fuel fired, BPOD-EFO* sidered. 

Steam at 200 1blin2 gage. Lbh Decisions to construct new hydroprocessing facilities involve some risk in view of 

Generafed uncertainty in fumre cmde oil prices and price differentials between light and heavy 

Consvmed products. Refiners, therefore, need to optimize the operation of existing process unifs. 
They also want m take advanwe of the poorer-quality, lower-priced crudes. Applying 
the knowledge and understanding of hydroprocessing that has been developed in the past 

Cooling water [15-F (8.3-C) Am, gaVmin few decades will help them achieve these goals through the efficient use of hydrogen. 
BFW, gallmi" 
Condensate, gal/l/rmn (returned) 
Power, k W  
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ABBREVIATIONS AND - -- - 

ACRONYMS 

AR Almospheric residue DSD Desorbent surge drum 

AC Adsorbent chamber E Extractor 

AS0 Acid~soluble oils EC Extaction column 

ASTM Ametican Society for Testing FC Flow contmller 
and Materials FCC(u) Fluid catalytic cracking (uct) 

B m  or Barrels per day 
- - -  PF Fresh fccd 
BPD n FLOW indicator 
BOC Black-oil conversion 

GO Gas oil 
BPS0 Barrclr per stream day 
or BiSD 

GPM or Oallonr per Mnute 
gs1imin 

BT ~ e n z e n e  and toluene HC Hand controller ~~ ~ 

ITX Benzene, toluene, and xylene 
HUM HydiademeWliiation 

CCR Conradson carban residue 
HDS Hydmdcsulfurization 

CFD Cold flash drum mD Hot flash drum 
:HPS Cold. high-prerauie separator HHPS Hot, high-pressure separator 
:OD Chemical oxygen demand 

HS Hot separator 
:s Cold separator or carbon HVGO Heavy vacuum gas ail 

"T Clav tower 
rnP Initial boiling point 

.. - ~ ~ .  
CW Cooling water 

ID Inside diameter 

Deg APl Dsgree on arbitrary scale for Knockout (pot) 
lor -APn density af liquid ~ e i r o b u m  LAB Linearalkylbenzene . . .  

prodvcfs LC Level controller 

DAO Deasphslted oil LC0 Light cycle oil 

DCC Deep catalytic cracking LOO Light gas oil 

DMB Dimethylbutane LHSV Liquid hourly qace  velocity 

DM0 Demelallized oil 1.1 Level indicator 
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ABBREVIATIONS AND ACRONYMS 

Reid vapor pressure (of 

Liquified natural gar SCF Standard cubic feet 

Liquefied petroleum gas SCFD Standard cubic f n t  per day 
INDEX 

Level rocorder SCFM Standard cubic feet per minute 

LOW sulfur fuel oil SO Solvent drum 

Light straightmn (naphtha) SCR Selective catalytic reduction 

Solvent dcasphalling 

Methylcyclopentane SRU Sulfurrecovery unit 

Microcarbon residue SSU seconds Saybolf Universal 

Motor octane number 

MONC Motor octane number clear TAA Tcrtiery amyl alcohol Alkad technalogy. 1.5&1.52 BTX (see Benzene, toluene, and xylene 
TAEB Tertiary amyl ethyl ether Alkymax. post fractionation option, 9.3-9.4 production) 

MSCF Million standard cubic feet TAME Ter l iw amyl methyl ether Alpha-methylstyrene, 1.67 Butvner process (see UOP Butvmer pmcess) 
TBA MTBE Methyl tertiary butyl e h r  Tcrlisry butyl alcohol 

ARC0 LAB pmcear, 1.54 Butane, in alkylniion process, 1.7 

TBP Tme boiling point Ammatics-cefane relationship, 8.57 Bulylene, in ulkylrrion. 1.4.1.6 
NPSH Net positive suction head Ammatics complexes, 23-2.11 

Pressure cootroller TC Temperature contmlier case study, 2.9-2.10 
Pmccsr devclopmcnt unit TDS Total dissolved solids commercial cxpe"ence, 2.10-2.11 Carom pmcess. 2.10.2.21-2.22 

Pmirl  oxidation TOA Thermogravimcuic analyzer 
canflguralions, 2.k2.6 portfractionalion option, 93-94 
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feedstock considerations. 2.8-2.9 Cat Feed Hydroeeating (Oo-fining), 3.4 

Rdfinate column inuoducrion, 2.3-2.4 CatPoly pmcess, 1.21 

Reduced-cmde desulfuri- TPSD Tons per stream day process flow, 2.6-2.8 Catalyst Chemicals lnd. Co. Ltd. (CCIC), 
Volatile combustible material Aromax feed injection system, 3.333.34 hydrotreating calalyBs. 8.39 

Ramsbottom carbon residue VGO Vacuum gas oil Catalytic reforming, compuisan with Once- 

Residuum dwulfunzation VPS 
Thmugh Zeolilic Isomedzation. 9.33 

Vacvum pipcatill ~ensatproeess: Caurtic-FreeMemx praccss, 11.40-11.41 

RFCC Residuum fluid catalytic VR Vacnum residue ro Penex-Plus. 9.19 CBAsub-dew-pointreact, 11.10 
cracker VRDS Vacuum residuum deaulfud- haetianation for bcnzeneproduction, 9.3 CCR Continuous Catalyst Regenemion 

Reformulated gasoline zation naphtha splitter combination, 9.3-9.4 technology, 5.12 
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RONC Research octane number clear WH Waste heat (See olsoUOPBenSatprocess) compared to Pacol unit, 5.16 
Bmzcnc descriplion. 4184.26 

WHSV Weight hourly spa= velocity as feed to cumcnepmduction. 1.171.18 design used inBP-UOPCyclarpmcess. 2.27, 

fmmalkylbenzenes. 2.23-2.26 2.29 
recovery hmrcfomate ,  2.13-2.22 design used in Oleflex pmcess, 2.33 
world consumption. 2 9  coordinated with Parcn mil, 2.45.2.46.2.48 

Benzene, toluene, and xylene production. in ammatics complex, 2.14 
2.3-2.11 in canjunction with Parex-Isomar loop. 2.41 

Biodegradable soaps, 1.53 pmduction of aromatic8 fmmnaphthaal high 
BP-UOPCyclarpmcesr, 2.27-2.35 ~evedly. 2.5-2.10 

case study, 2.33 (See ako UOP Platforming process) 
commercial expedence.2.33-2.34 Cetane number versus hydmarhon type, 8.56 
demiption of the pmccss flow, 2.29-2.31 Chevmn Isocraskingpmcess, 7.21-7.40.14.53 
equipment considsrations, 2.322.33 catalyst regeneration, 14.63 
feeds~lckcon~ideratlons, 2.31 importance of hydmgen, 7.22-7.24 
inmdustion, 2.27 invesunent and operating expensw, 7.36-7.37 
pmcess chemistry, 2.28-2.29 isocracking catalysts. 7.24-7.28 
pmcess p e r f o m - ,  2.32 isacracking chemistry.7.21-7.22 
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introduction, 1 0 9  Crackling process. 3.53 Di~proprtiomtion, during alkylation, 1.4 processdescription, 3.54.7 
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Cobdtmolybdenum caralyrt composition, UOP Q-MAX piocess, 1.68-1.69 ethyl tertiary buryl fmm ethanol and reaction sragingresulw. 1.10-1.11 
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'heaters. 12.48-12.55 design, 14.35-14.47 6A6.8 sour wafer stripping. 11.7-11.9 
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to RDSNRDS hydrohearerr, 8.4 Solvent Deasphalting (see FW Solvent pmduction of distillafe-type fuels, 1.26-1.29 
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Superclausoxldationcatalyst, 11.10 contaminants. 9.10 FCC unit, 3.10-3.72 
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A.major revision of the definifive,ptrof@m ,, 

refining hrindbdok-now incEudes ' . 

.56 2ieensable rechnologjes! 

With worldwide petroleum refining capacity expected to continue its expansion 
WBU into the 21st century, here is a timely and thorough revislon of fhe defihitive 
handbook on the licensable tmhndogies for producing environmentally acceptable 
fuels and petrochemical intermediates. 

A global compendium of refining technologies, this Handboek has been 
prepared by UOP, Chevron, Exxon, Foster Wheeler. M.W. Kellogg, and Stone and 
Webster, six major technology licensors. In addition, many of the technologies 
presented here were codeveloped with firms from around the world, including 
such organizations as British Petroleum, institut Franpis du Petrole, Catalyst 
Chemicals industries Go., lnstituto Mexicano del Petroleo (IMP), and Sinopec 
international. 

in response to the forecasts for growth in refining, the worldwide impact of 
environmental regulations, and the increasing demand for certain product classes 
this Second Edition has been complelely updated to discuss the technokogical, 
pollution control, and economic aspects of nearly 60 major prtxess~s, including: 

Alkylation and Polymerization m Base Aromatic Production Processes 
m Catalytic Cracking r Dehydrogenafin n Wiftcation and Hydrogen 
Production Hydrocracking Hydrotreating m Isomeritation Separation 
Processes Suitur Compound Extraction and Sweetening m Visbreaking 
and Coking m Hydrogen Processing m Oxygenates hoduction 

Each technology covered includes a detailed description and mvkw ot 
process chemistry and thermodynamics, product ancl by-product spedfiitions. 
wastes and emissions, and capital and operaling costs--everything needed for 
the initial evaluation of a refinery addition or new grass roMs refmety. 

This new edition is an invaluabrbfe resource for all engineers working in the 
petroleum and chemical processing industries during this time of industry 
resurgence. 
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