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ABSTRACT

A comprehensive and simplified rate based mathematical model of a packed column for CO; capture using
aqueous monoethanolamine (MEA) solution is developed. The absorption unit model takes into account
the effect of kinetic reactions on the mass transfer, the thermodynamic non-idealities, the hydraulics
of the random packing and the absorber dimensions (diameter and height). It is implemented into the
optimization environment GAMS (General Algebraic Modeling System).

The proposed NLP model was validated by comparison of obtained results with published experimental
data. Good accuracy of results has been obtained for experimental pilot plant scales. Once validated,
the model was used to investigate the influence of main process parameters and the effect of different
correlations to compute the effective interfacial area for mass transfer (a/a;) on the absorption efficiency.
Obtained results indicate that model solutions depend strongly on the correlations used to compute the
(a/a;). In addition, results assuming thermal equilibrium and thermal non-equilibrium in liquid and vapor
phases were also compared. For both conditions and specific cases, similar concentration and temperature
profiles in the liquid phase in the absorber were obtained.

Finally, results obtained by solving different optimization problems are discussed. More precisely, the
optimization consisted in determining the operating conditions to maximize the absorption efficiency
defined as the ratio between the CO, recovery in rich solution and the packing volume of the column.

The effect of the main process parameters on the optimized results was also investigated.

© 2011 Elsevier Ltd. All rights reserved.

1. Introduction

Many specialists predict for next decades that the coal and
natural gas will dominate the electricity generation. Precisely, pre-
dictions indicate that coal is abundantly available to be used as a
primary source of energy for next 160 years, approximately three
times that of natural gas. Therefore, the reduction of CO, emis-
sions is a global challenge and requires collective actions and close
cooperation between industries and researchers.

Carbon dioxide capture and storage (CCS) is widely recognized
as a viable technology option for the mitigation of greenhouse gas
emissions from large sources.

Specifically, in the electricity and heat sector, the options to
capture CO, from exhaust flue gas generated depends on the fos-
sil fuel used and on the conditions of the flue-gas to be treated
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(CO; concentration and pressure). The following are the three main
technologies that have been proposed for the capture of carbon
dioxide: (1) pre-combustion capture, (2) oxi-fuel combustion cap-
ture and (3) post-combustion CO, capture.

In this paper, the amine-based CO, capture from flue-gas is
particularly studied. This technology is especially well-suited for
retrofitting existing power plants because it does not require sig-
nificant changes in the equipment configuration. It is, however, in
its infancy and is several years away from commercial develop-
ment. The main challenges are the improvement of the operating
and investment costs and efficiency as well.

Process modeling and mathematical programming techniques
have emerged as important tools to study and to analyze any
chemical/industrial processes in detail. Certainly, realistic process
models are becoming almost indispensable for optimal synthe-
sis and design of processes because they provide guidance on the
development of novel and feasible processes.

Typically, reactive absorption units have been modeled and
simulated assuming well-known equilibrium stage model and
the resulting mathematical model is then solved using iterative
and trial-error procedures. Thus, the absorber is subdivided into
height stages using height equivalent to a theoretical plate (HETP)
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Nomenclature
G gas phase
A cross-sectional area of column (m?) 0 initial
ar specific dry area of packing (m2/m3)
a effective mass transfer area (m?/m?3) Subscripts
Déoz CO, diffusivity (m?2/s) z stage
DS gas diffusivity (m2/s) z+1 stage above z
Dy nominal packing size (m) z-1 stage below z
E enhancement factor J gas component
Fy packing factor i llqu1q component
EM equilibrium model m reaction
g gravitational constant (m/s?)
h stage height (m)
HE liquid enthalpy (K]) and is assumed the equilibrium state (mechanical, thermal and
HC gas enthalpy (k]) chemical equilibria) between the liquid and vapor leaving the
AHp reaction heat (kJ) stage (Taylor and Krishna, 1993). However, equilibrium is rarely
AHg specific reaction heat (kJ/mol CO;) attained ata stage since absorptionis arate controlled phenomenon
AHp,o vaporization heat of water (k]) (Chakravarty et al., 1985). Equilibrium models may be inadequate
AHHZO specific vaporization heat of water (kJ/mol H,0) when mass and heat transfer are kinetically limited processes
Hco, CO, solubility in MEA-H;O0 solution (kPa) driven by gradients of the chemical potential and temperature

Hco,—mea CO3 solubility in MEA (Pa/m3 mol)
HCOZ—H20 CO, SOlUbility in H,O (Pa/m3 mol)

HTU height of a transfer unit (m)

Km equilibrium constant of reaction

kr forward reaction constant (mol/m?3)
KL liquid-side mass transfer coefficient (m/s)
kG gas-side mass transfer coefficient (kmol/Pa s m?)
L liquid flow-rate (mol/s)

L liquid mass velocity (kg/s m?)

G gas flow-rate (mol/s)

G gas mass velocity (kg/s m2)

Mt liquid molecular weight

MEA monoethanolamine

NTU Number of transfer units

P pressure (kPa)

pH,O  partial pressure of water (kPa)

AP, dry pressure drop (kPa/m)

AP pressure drop due to liquid presence (kPa/m)
AP total pressure drop (kPa)

R universal gas constant

RBM rate based model

T temperature (K)

ug flooding velocity (m/s)

Usg superficial gas velocity (m/s)

X liquid mole fraction

y gas mole fraction

Greek symbols

y activity coefficient

© fugacity coefficient

o CO, loading

ut liquid viscosity (kg/m s)

us gas viscosity (kg/ms)

ot mass liquid density (kg/m3)

o gas mass density (kg/m3)

¢ molar gas density (kmol/m?3)

n Murphree’s efficiency

o surface tension (N/m)

oc packing surface tension (N/m)

v Ion charge

A stripping factor

Superscripts

L liquid phase

(Kucka et al., 2003). Thus, a better estimation is provided by the
rate-based approach. Thus, the influence of the chemical reaction
on mass transfer can be accounted for by enhancement factors
in a simple way. Enhancement factors can be found in the liter-
ature for different types of reactions, reaction orders and reaction
pathways based on the film theory, penetration theory or surface
renewal theory. They are either derived analytically by solving the
governing differential equations with a reaction rate term in the
film or approximate solutions are given. For complex reaction sys-
tems no reliable enhancement factors might be available. In these
cases a typical approach is to divide the film in radial segments.
The reactions are then incorporated by adding reaction rate terms
into the component balances for each film segment. This approach
has the highest complexity, does not require enhancement factors
and can handle many different reactions. However, the computa-
tional effort compared to the enhancement factor approach rises
significantly, since all equations for mass and heat transport, chem-
ical reactions and thermodynamic properties have to be computed
for each film element. The resulting model size depends on the
number of film elements. It is usually between 6 and 40 for an
accurate calculation of the film profiles (Asprion, 2006). Accord-
ing to this, different rate based models may be derived depending
on the assumptions and approximations used.

Currently, research effort is also being devoted to the overall
reaction mechanisms involved in the CO, absorption into amine
and its effects on the absorption efficiency (Sexton and Rochelle,
2011; Bedell, 2011; Qin et al., 2010; Mindrup and Schneider, 2010;
Lepaumier et al., 2009a,b; Lepaumier et al., 2010). In addition,
detailed mathematical models based on both film and penetration
theories are being developed (Simon et al., 2011; Faramarzi et al.,
2010; Edali et al., 2009; Zhang et al., 2009; Lawal et al., 2009; van
Loo et al., 2007).

This paper presents a comprehensive and simplified rate based
mathematical model for a packed column for the reactive absorp-
tion of CO, into aqueous amine solution. The mathematical model
to be presented in this work is the first basic step of a more
ambitious project aimed at determining the optimal synthesis and
design of electricity power plant including the capture of the CO,
due to the fuel combustion.

An aqueous MEA solution is specifically considered for the
CO, capture. The proposed model is deterministic and includes
process-specific data related to reaction kinetics, diffusivities, sol-
ubility, thermodynamic equilibrium data, viscosity and densities.
The influence of the main model parameters as well as the per-
formance of different correlations used to compute the effective
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interfacial area for mass transfer on the CO, absorption efficiency
are investigated. In addition, the absorber dimensions such as pack-
ing height and absorber diameter are considered as optimization
variables. Moreover, results obtained by assuming thermal equi-
librium and non-equilibrium are compared.

GAMS (General Algebraic Modeling System) which is a high-
level algebraic modeling system for large scale optimization is
used for implementation and solving the resulting mathemati-
cal model. In general, mathematical programming environments
such as GAMS, have shown to be powerful tools, specially when
the optimization problem is large, combinatorial and highly non-
linear.

The model is flexible enough to be used for simulation and
optimization purposes, depending on the degree of freedom of
the mathematical model. For instance, the user can fix the degree
of freedom in order to simulate the absorber. In contrast to this,
if the degree of freedom is different from zero, the user can
formulate different optimization problems by selecting different
objective functions. Optimal dimensions and temperature, concen-
tration and flow-rate profiles are obtained as model results. Here,
simulated and optimized results are presented and discussed in
detail.

The paper is outlined as follows. Section 2 introduces the
problem formulation. Section 3 lists the assumptions and the math-
ematical model. Section 4 presents applications of the developed
NLP model. Obtained results are discussed in Section 5. Finally,
Section 6 presents the conclusions and future work.

2. Problem statement

The proposed optimization problem can be stated as follows.
Given the flue-gas conditions (composition, temperature and flow-
rate), the goal is to determine the optimal operating conditions
in order to maximize the ratio between the CO, recovery in rich
solution and packing volume.

Optimal temperature, composition and flow-rates profiles along
the absorber are simultaneously obtained. Exploiting the robust-
ness and flexibility of the proposed model, the influence of the main
process parameters (absorber dimensions, amine solution temper-
ature and CO, recovery in rich solution, CO, removed from the
flue-gas stream and L/G ratio, among others) on the absorption
performance is also investigated.

3. Assumptions and mathematical model

Fig. 1 schematically shows a non-equilibrium stage “z” used to
model the absorber. In this figure,z(z=1, ..., N),j (j=CO,, Ny, H,0,
and 0 )and i (i=C0,, MEA, H,0, MEAH*, MEACOO~, HCO3~, CO32",
H50%, and HO~) denote each stage and either gas and liquid com-
ponent, respectively. As shown, the vapor goes up into stage z from
stage z— 1 and the liquid flows down into stage z from stage z+ 1.

The main model assumptions can be summarized as follows:

¢ The total height of absorber column is divided into N stages which
allow to compute profiles of temperatures, flow-rates and com-
positions along the column. Ten stages (N=10) are considered in
this paper.

¢ Liquid and vapor phases are well-mixed. Thus, there is no con-
centration and temperature gradients in single liquid and vapor
phases and point efficiency is equivalent to Murphree’s efficiency
().

e Stage efficiency may be computed similarly to the tray efficiency.
Dependence of stage efficiency with gas and liquid velocities and
enhancement factor, among others, is considered.

Gas outlet

Grz] L.rz 1)
Yie) Xiz+1)
szj Tg’: 1)
H,fn hfz +1)

Interface

G L E
k(*f)?_ k(“()? ZHea

Diffiision
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G “z” stage Le
.vffz—h x;‘fz,l
sz-i,' szy
H{z-h h{z/

Liquid outlet

Fig. 1. Non equilibrium stage “z".

¢ Non-ideal behavior in the gas phase is assumed. Fugacity coeffi-
cients are computed by using Peng-Robinson equations of state
for a multi-component mixture (Peng and Robinson, 1976).

As first approximation, ideal behavior in the liquid phase is
assumed.

e An enhancement factor is used to introduce the effect of the
chemical reaction on the CO, transfer.

Aqueous MEA amine solution is used as the solvent (30 wt.%).
As first approximation, thermal equilibrium is assumed between
the liquid and gas phases.

Pressure drop along the absorber is considered.

Absorber dimensions (height and diameter) are considered as
optimization variables. Thus, this assumption allows simultane-
ous optimization of the size of the column and the operating
conditions.

CO; and H; 0 are the only species transferred across the interface.
This assumption is widely accepted in the literature (deMontigny
et al., 2006).

Dependence of liquid and vapor enthalpies with the temperature
and composition are considered.

Dependence of aqueous alkanolamine solution density with the
temperature is taken into account.

Dependence of transfer coefficient in liquid and vapor phases
with the viscosity, density, nominal packing size and specific dry
area and effective interfacial area for mass transfer are taken into
account.

An upper bound (1.225kPa/m of packing) for the maximum
allowable pressure drop is considered (Kister, 1992). Thus, the
total pressure drop may be lower than the upper bound.

Lower and upper bounds for the superficial gas velocity are also
considered to avoid flooding problem and a bad gas-liquid dis-
tribution. Values suggested in literature range from 60 to 80% of
the flooding velocity.

It is assumed that absorber diameter should be ten times greater
than the nominal diameter of packing. A maximum absorber
diameter is adopted (13.5m). This upper bound is suggested in
the literature (Kister, 1992; Perry and Green, 1997; Mccabe et al.,
2005).

A low CO, concentration in flue gas stream is assumed to study
the accuracy of the proposed model and previous assumptions.
The main reason of this is that the developed model will be cou-
pled into a combined cycle power plant in order to optimize the
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whole integrated plant. The CO, concentration in exhaust gases
of such power plants is low.

e Chemical reactions take place at the liquid and vapor interface.
The following reactions are considered:

2H,0 < H30" +OH~ (R1)
2H,0 + CO, < H30% +HCO3~ (R2)
H,0 + HCO3~ < H30" +C052~ (R3)
H,0 + MEAH' < H30" + MEA (R4)
MEACOO™ +H,0 < MEA + HCO3™~ (R5)
MEA + CO, +H,0 < MEACOO™ +H30" (R6)
CO, + OH™ < HCO3~ (R7)

By considering all listed hypothesis the following rate based
model was derived.

3.1. Overall mass and energy balances in stage “z”

L1 =Lz 4+ G20 -G, =0 (1)
Lziq HZL+1 - L H% +Gz1 HZG,] -G, HZG + (AHR), - (AHHZO)ZZO (2)

where L, G, H- and HE refer to the liquid and vapor flow-rates and
enthalpies respectively. AHg and AHy, o are the heat released by
the reaction and vaporization heat of water and the corresponding
correlations are taken from Oyenekan (2007) and Hilliard (2008).

3.2. Species mass balance in stage “j”

Lep1Xizp1 — LzXiz + Gz_1Yjz-1 — GzYj, =0 (3)

x; and y; refer to the mole fraction of component “i” or *j” in liquid

and vapor phases respectively.

D V=1 j=C02,H0,N;,0; (4)

inl —1 i=C0,, Hy0, MEA, MEAH", MEACOO™, H30™,

HO~, HCO5~, CO32~ (5)

3.3. Chemical reactions and phase equilibrium relationship

The dependences of the equilibrium constants Ky, of reactions
R1-Rs and Henry’s coefficient (Hco, ; ;) with the temperature are
computed as follows:

Ui .
(Km)z=H(aiz) =H(Xiz3/iz)v’ vm, m=Rq,Ry,R3,Ry,Rs (6)
i i
B
(K, =exp (A+ () +CIn(T)) ¥m, m=Ry.Ry.Rs.Ra. Ry
z
(7)

Heo, 1.z = €XP (A + (T5> +C ln(TZ)+DTZ) Vi, i=MEA, Hy0
z
(8)

T refers to the absolute temperature (K) and aj,, yi,, v; are,
respectively, activity, activity coefficient and stoichiometric coef-

W

ficient for component “i” in reaction “m” at stage “z”. Liquid phase

has ideal behavior, therefore the activity coefficients are set to one
(Kent-Eisenberg model).

Yco, z9co, 2Pz = Hco, .[CO2], 9)

YH,02%H,0zPz = PH,02XH,02 (10)

“wen

where [i]; is the molar concentration of specie “i” in stage “z”. ¢z,
P; and py, 0, refer to fugacity coefficient, total pressure and partial
pressure of water, respectively.

Solubility of CO; in MEA solution (Hco, ), which is corrected for
solution ionic strength (I), is calculated as follow (Greer, 2008):

X H, + X H,
Heco, - = (10°152) {( H,0zHco, MEAZ ' co, zHco, n,02) (11)
0%
o . . . N
IZ_ZZw,[z]Z V i, i=MEAH", MEACOO, H;0", OH",
i
€032, HCO3™ (12)

where V; is the ion charge.

Values of the coefficients used in Egs. (7) and (8) are listed in
Table 1. Antoine equation is used to predict the partial vapor pres-
sure of water (p,0).

3.4. lonic mass balance relationship in stage “z”

[MEAHT], + [H30"], = [MEACOO™|, 4+ [HCO3~],
+2[CO3%7], + [OH ], (13)

o[MEA]? = [CO,], + [MEACOO™ ], + [HCO37], + [CO3>"],  (14)
[MEA]? = [MEA], + [MEAH"], + [MEACOO™ |, (15)

The superscript (0) refers to the initial condition. CO, loading
(a) is defined as the ratio between total CO, and total amine.

3.5. Enhancement factor

The influence of the reactions on the CO, transfer is considered
by an enhancement factor (E) which is defined as follows:

¢ (Do, ), [(kr.co,-wiea),[MEAL + (kr co,~om), [CO2 ;]
E, = T (16)

The forward constants (k;, co,-mea and kr, co,—on) of the parallel
and kinetically controlled reactions (R6) and (R7) are taken from
Kucka et al. (2002) and Aboudheir et al. (2003) and are computed
as follows:

(17)

(kr,co,—MEea), = 4.495 x 10" exp (_44, 940)

RT,

6658
(kr.co,0H), = €XPp (31 396 — )

z

(18)

The constraints used to compute CO, diffusivity (Déoz) and
liquid-side mass transfer coefficient (kL) are taken from Greer
(2008) and Onda et al. (1968), respectively. They depend on the
viscosity and mass density, the nominal packing size, specific dry
area and the effective interfacial area for mass transfer.
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Table 1
Parameters of chemical reactions and Henry’s coefficient.
A B C D Reference
K; 140.932 —134459 —22.4773 0 Aboudheir et al. (2003)
K> 235.482 -12,092 -36.7816 0 Aboudheir et al. (2003)
K3 220.067 —-12431.7 -35.4819 0 Aboudheir et al. (2003)
Ka 6.69425 —-3090.83 0 0 Aboudheir et al. (2003)
Ks —-3.3636 -5851.11 0 0 Aboudheir et al. (2003)
HCO,-H,0 170.7126 —-8477.771 -21.95743 0.005871 Liu et al. (1999)
HCO,-MEA 89.451 -2934.6 -11.592 0.016440 Liu et al. (1999)
3.6. Effective interfacial area of packing for mass transfer
where
. 213y .
The effective mass transfer area (m</m?>) is considered as an h, = HTU, x NTU, (23)

optimization variable which depends, among others, on the cross-
sectional area of column, liquid flow-rate, density, viscosity and
superficial tension.A number of correlations exist for calculating
the effective interfacial area for mass transfer. In this work, the pro-
posed model will be solved for three correlations in order to study
the effect of such correlations on the optimal solutions. Precisely,
the following correlations are considered:

- Correlation proposed by Onda et al. (1968):

-0.05
0.75 0.1 2 2\ 02
, L L
a;=a; |1—exp —1.45(&) (LZL) ( z)zaf ( $Lz) )
% dcliz (P2)g p'z020t

(19.a)

- Correlation proposed by Wilson (2004):

001 [ LMt \ >

_ Gy’ ZViz
a; =exp(4.73)(uy) (1000Az) (19.b)
- Correlation proposed by Bravo and Fair (1982):
0.5 Ly / 0.392
a; = a; 03107 ((“fﬁ) <GGZG)> (19.0)
hz: 0’707 arphz

where A, o, o¢, u¢, ML and h are cross-sectional area of column, lig-
uid surface tension, surface tension of packing material, superficial
gas velocity, liquid molecular weight and stage height, respectively.

3.7. Pressure drop

The following correlation computes the total pressure drop
along the stage “z”.
AP, = (APq), +(APL), (20)

where (APy), and (APy), refer, respectively, to the dry pressure
drop and pressure drop due to the liquid presence and depend on
the gas and liquid loading factors.

Finally, the total pressure drop along the absorber is given by:

AP = "AP;h; (21)
z

3.8. Dependence of the stage efficiency with the absorber height

and process variables

According to the third hypothesis, the stage efficiency can be
computed as:

nz=1-exp (7HTUZ) =1
h,

! /G ’ /
{_ [((G,)/(RTzazkS '3 ))1hj 2al((L)/ K azp/E2)] } (22)

— exp

NTU, and HTUy, are the number of transfer units based in the total
mass transfer coefficient and the transfer unit height, respectively.
G and L’ are gas and liquid mass velocities (kg/m?s), 0'¢ and p'*
are gas and liquid mass densities (kg/m3); A is the stripping fac-
tor (A=m/(L/G)), and kC is the gas-side mass transfer coefficient
(kmol/Pasm?2).

Finally, as mentioned earlier, h, a, k! and E are the height of
the stage (m), effective interfacial area for mass transfer (m?/m?3),
liquid-side mass transfer coefficient (m/s) and dimensionless
enhancement factor, respectively.

3.9. Dimensions

The diameter of each stage (DT;) is computed as follows:

or, [ 3G o
Usg zTT O

where p%, G and usg, refer to the gas density, flow-rate and super-
ficial velocity respectively. Then, usg, is related to the flooding
velocity [ug] by Eq. (25)

Usg z :fzufz (25)

where f, ranges from 0.6 to 0.8 (lower and upper bounds).
In order to consider a same diameter in all stages, the following
constraint should be imposed:

DI, =DT,;; z=1,...,9 (26)

3.10. Total packing volume

The packing volume is an optimization variable and depends on
the cross-sectional area and height of column. It is computed by
the following constraint:

N 2
Packing volume = Zn : (%) -h, (27)

z=1
3.11. CO; removed from the flue-gas

The CO, captured form the flue-gas (%) is computed as follows:

Ginyicno2 _ Goutyglcl)tz -
Ginyin (28)
€O,

CO, removed from the flue gas =

where GI" and yicl})z refer to the inlet gas flow-rate and composition
and are fixed and known values (model parameters). G°Ut and yg‘étz

refer to the outlet gas flow-rate and composition and are model
variables.
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3.12. CO; recovery in rich solution (%)

The following constraint is used to compute the percentage of
the CO, recovery in rich solution:

t t
Lovxe

CO, recovery in rich solution = (29)

Ginyicno2 + Linxicr})2
where L and x refer to the liquid flow-rate and composition, respec-
tively.

3.13. Objective function

An objective function defined as the ratio between the CO,
recovery in rich solution and the total packing volume is proposed
(maximization):

CO, recovery in rich solution

Total packing volume

OF — [ (30)

The model also includes constraints to compute the enthalpies,
fugacity coefficients and surface tension, among others, which can
be found elsewhere (Austgen, 1989; Freguia, 2002; Dugas, 2006;
Greer, 2008).

Thus, Egs. (1)-(30) are basically the main constraints used to
describe and optimize the steady state absorption process. The
optimization model, which is referred to by the abbreviation
RBM, involves approximately 1500 variables and constraints. It
was implemented in General Algebraic Modeling System (GAMS)
(Brooke et al., 1996). The generalized reduced gradient algorithm
CONOPT 2.041 was here used as NLP solver (Drud, 1992).

It should be noticed that global optimal solutions cannot be
guaranteed due to some non-convex constraints involved in some
of the mathematical model (bilinear terms, logarithms, and among
others).

The equilibrium model, which is used later for comparison pur-
poses and will be referred to by the abbreviation EM, was derived
from the model presented above. Basically, it involves Eqgs. (1)-(15)
plus the following constraint used to compute the Murphree’s stage
efficiency in each stage (7;):

_ GzYco,,z — Gz-1Yco,,2-1
GzY¢o,,z = Gz-1Yc0,.2-1

z

where yéoz,z refers to the equilibrium CO, composition in the gas
phase leaving the stage “z”.

Two values for 1, are considered in this paper (30% and 40%).
Thus, the output results obtained by the RBM using different corre-
lations for calculating the effective interfacial area for mass transfer
and EM using two values for 1, are compared.

4. Results: application of the NLP model

In this section, two examples are presented in order to validate
the proposed model (Example 1) and to discuss the optimization
results (Example 2).

Intel Core 2 Quad Extreme QX9650 3 GHz 1333 MHz proces-
sor and 4 GB RAM has been used to perform the simulations and
optimizations.

4.1. Example 1: model validation

The model validation was performed for different flue-gas flow-
rates by comparing the predicted results with experimental data.
Pilot plant’s data reported by Tontiwachwuthikul et al. (1992) and
by Alatiqi et al. (1994) were used to validate the model output
results for low and medium flue-gas flow-rates, respectively. Only

Table 2
Parameter values of flue-gas conditions (Tontiwachwuthikul et al., 1992).
Flue-gas Lean amine

Temperature (K) 288.15 292.15
Total flow-rate (mol/s) 0.14 1.03
H,0 (mole fraction) 0.10 0.94
CO, (mole fraction) 0.19 0.00
MEA (mole fraction) 0.00 0.06
N, (mole fraction) 0.71 0.00
Pressure (kPa) 101.3 101.3

Table 3

Parameter values of absorber and packing specifications.
Column type Packed
Diameter (m) 0.10
Total packing height (m) 6.55
Stages number 10

Packing specifications

Type of packed Ceramic berl saddles

Specific interfacial area (m?/m?3) 545
Nominal packing size (m) 0.013
Surface tension (N/m) 0.061

for validation purpose, both models (EM and RBM) were used as
a simulators in a predictive manner, that is, no parameters were
fitted to the experimental data.

4.1.1. Model validation at low flue-gas flow-rate

Tables 2 and 3 summarize the model parameter values corre-
sponding to the absorber column and packing specifications used
for validation.

Figs. 2-5 compare the predicted and experimental data in terms
of the CO, mole fraction, CO;, loading (o) defined as the ratio
between CO, mol and MEA mol in the amine solution and liquid
temperature profiles along the absorber. Results obtained using
process simulator HYSYS are also illustrated because it is widely
used by other researchers to simulate CO, capture processes.

Fig. 5 illustrates the profile of the gas flow rate along the column.
This result is not used for validation purposes because experimen-
tal data of gas flow rate inside the column were not reported in
Tontiwachwuthikul et al. (1992).

Table 4 compares the results obtained from all proposed mod-
els in terms of outlet liquid temperature, rich solvent loading
(CO, mol/MEA mol) and outlet CO, gas mole fraction.
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Fig. 2. Liquid temperature vs. distance from the bottom. Model validation for low
flue-gas flow-rate.



Table 4

Simulated values obtained from all models.

This work

Tontiwachwuthikul et al.

Variables

EM

RBM

HYSYS®

0.4

Wilson (2004) 0.3

Bravo and Fair (1982)

Onda et al. (1968)

Valor Error Valor Error

Error

Valor

Error Valor Error

Valor

Error

Valor
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—0.50%
591%

321.761
0.417

—0.48%
7.58%

321.691
0.409

—0.49%
5.78%

321.715
0.417

—0.51%
6.00%

321.781
0.416

—0.44%
591%

321.559
0.418

0.96%
5.46%

317.09
0.419

320.15
0.443

Outlet liquid temperature (K)

Rich solvent loading (mol/mol)
CO, molar fraction (gas out)
CO, recovered (mol/s)

12x1073
0.0266

5.5x 1073
0.0261

8.52x 1074
0.0266

14x1073
0.0265

35x1074
0.0267

6.30x 1073

0.51% 2.38% 0.62%

1.14%

0.29%

0.16%

2.67 x 102

0.0268

X  Experimental data (Tontiwachwuthikul et al. 1992)
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= - - = This work (E.M.; Murphree's n =0.4)
\  —#—HYSYS simulator
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=
(=1
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Distance from the bottom [m]

Fig. 3. CO, gas mole fraction vs. distance from the bottom. Model validation for low
flue-gas flow-rate.
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Fig. 4. CO, loading vs. distance from the bottom. Model validation for low flue-gas
flow-rate.

4.1.2. Model validation at medium flue-gas flow-rates

As mentioned earlier, the model was also used to predict the
performance of two medium scale absorption units operating in
Kuwait. The design data of both units are taken from Alatiqi et al.
(1994) who used the industrial data to successfully validate a rate
based model assuming thermal non-equilibrium. Thus, validated
solutions reported by Alatiqi et al. (1994) are used here to compare

11504
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Fig.5. Gas flow-rate vs. distance from the bottom. Model validation for low flue-gas
flow-rate.
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Table 5
Flue-gas specifications taken from Alatiqi et al. (1994).
Flue-gas Lean amine

Temperature (K) 322.05 310.95
Total flow-rate (kmol/h) 3338.85 18984.79
H,0 % (mole fraction) 0.73 92.61
CO,% (mole fraction) 15.99 0.56
MEA % (mole fraction) 0.00 6.83
N, % (mole fraction) 83.29 0.00
Pressure (kPa) 1482 1482

Absorber Unit of the Kuwait National Petroleum Company KNPC.

Table 6

Absorber specifications taken from Alatiqi et al. (1994).
Column type Packed
Diameter (m) 2.74
Total packing height (m) 14.63
Stages number 10
Packing specifications
Type of packed Ceramic intalox saddles
Specific interfacial area (m?/m?3) 625
Nominal packing size (m) 0.05
Void fraction 0.78

Absorption MEA units of the Kuwait National Petroleum Company KNPC).

the results obtained from our model, where thermal equilibrium is
assumed.

The flue-gas conditions and absorber specifications correspond-
ing to Kuwait National Petroleum Company Plant (KNPC) are
summarized in Tables 5 and 6, respectively.

Figs. 6 and 7 compare the liquid temperature and CO, loading
profiles along the absorber obtained by Alatiqi et al. (1994) with
those predicted by our developed models.

Table 7 compares numerical values at the top and bottom of the
absorber.

Finally, Table 8 compares the results for the other absorption
unit corresponding to Petrochemical Industries Company (PIC) in
Kuwait. Internal profiles of the process variables were not reported.
Despite this, Figs. 8 and 9 are presented in order to give information
on the gas phase. More specifically, the figures show the profiles of
gas flow-rate and CO, gas mole fraction along the absorber.

The flue-gas specification and parameter values of the absorber
are listed in Tables 9 and 10.
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Fig. 6. Liquid temperature vs. distance from the bottom. Model validation for
medium flue-gas flow-rate.
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Table 7
Comparison of results for KNPC unit.
Design data (KNPC) Rate-based model This work Hysys®
RBM EM
Alatiqi et al. (1994) Onda et al. (1968)Bravo and Fair (1982)Wilson (2004)n=0.3 n=0.4
Outlet gas temperature (K) ~ 322.050 323.050 310.950 310.995 310.950 311438 311.120 311.029
Outlet liquid temperature (K) - 340.350 336.980 342973 340.323 343.176  343.285 336.670
Rich solvent loading (mol/mol)- 0.4720 0.5000 0.4996 0.5000 0.4895 0.4977 0.4928
CO; mole fraction (gas out)  <0.0001 8.90 x 107 7.48 x 107 1.87x 104 551x1077 4.78x1031.06 x 10735.07 x 10~*
H,0 mole fraction (gas out)  <0.00045 434x1073 472 x1073 473 x 1073 472x1073 4.85x10734.76x1034.43 x 103
CO, recovered (mol/s) - 148.2041 150.5061 150.3595 150.63 146.7249 149.6669 148.5964
Table 8
Comparison of results for PIC unit.
Design data (PIC) Rate-based model This work Hysys®
RBM EM
Alatiqi et al. (1994) Onda et al. (1968)Bravo and Fair (1982)Wilson (2004)n=0.3 n=0.4
Outlet gas temperature (K) 316.150 317.850 314.194 314.295 314.223 314505 314.270 314.322
Outlet liquid temperature (K) - 334.150 339.989 340.210 340.098 340.128 340.186 333.639
Rich solvent loading (mol/mol)- 0.4810 0.4995 0.4975 0.4990 0.4911 0.4981 0.5435
CO, mole fraction (gas out) - 7.80 x 107 3.41x10* 1.63x 1073 6.52x107% 5.77x10731.26x10731.99 x 103
H,0 mole fraction (gas out) 4.80 x 103 336x1073 473 x 1073 475 %1073 474%x 1073 4.81x1034.75x10734.39x 1073
CO, recovered (mol/s) - 146.3097 146.3895 145.4281 146.0060 142.9615 145.6450 145.2129
7015 - Lo _ . -
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Fig. 10. Variation of the ratio between the CO, recovery in rich solution and packing
volume with the model parameters (optimized cases).

4.2. Example 2: optimization problem

The proposed RBM model (Egs. (1)-(30)) involving the Onda’s
correlation is used to determine the optimal design that maximizes
the ratio between the CO, recovery in rich solution and the pack-
ing volume, as it was formulated in Section 3. Thus, the model is
solved by varying several parameters (®jean, H/D, L|G, Tjean)- Then,

Table 9
Flue-gas specifications for the absorber unit of the PIC.
Flue gas Lean amine

Temperature (K) 316.15 314.15
Total flow-rate (kmol/h) 2656.21 22478.1
H,0 % (mole fraction) 0.48 93.11
CO,% (mole fraction) 19.84 0.74
MEA % (mole fraction) 0.00 6.15
N, % (mole fraction) 79.67 0.00
Pressure (kPa) 1819 1819

Taken from Alatiqi et al. (1994).

o, .. [mol CO,/mol MEA]

Fig. 11. Variation of the ratio between the CO, removed from the flue-gas and
packing volume with the model parameters (optimized cases).

the optimal values of the main process variables (CO, recovery in
rich solution, CO, removed from the gas phase, liquid temperature,
packing volume, pressure drop along the absorber, among others)
are shown in terms of the assumed parameters in separate figures,
more specifically from Figs. 10-27.

The gas specification used for optimizations is listed in Table 11.

Table 10

Absorber parameter values.
Column type Packed
Diameter (m) 2.44
Total packing height (m) 24.15
Stages number 10

Packing specifications

Type of packed Ceramic intalox saddles

Specific area (m?/m?) 625
Nominal packing size (m) 0.05
Surface tension (N/m) 0.061
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Fig. 12. Optimal packing volumes vs. e, for different H/D and L/G ratios
(Tjean =308.1K).

Table 11

Flue-gas specifications.
Gas flow-rate (mol/s) 8000
Inlet temperature (K) 303.15
CO; (mole fraction) 0.04

H, 0 (mole fraction) 0.0845

Despite that, the results obtained for two values of H/D
(height/diameter) are here presented, it should be clear that H/D
was considered as an optimization variable in the proposed model.
As expected, in all cases H/D reached its lower bound because the
packing volume is explicitly considered in the objective function
(minimization). Thus, the developed model was solved for two
lower bounds (0.625 and 1.250).

The effect of the main process parameters on the absorption
performance is discussed as follows.

4.2.1. Effect of H/D and L/G ratios and CO, loading (®jeq,) on the
objective function, CO, recovery, packing volume and total
pressure drop

Figs. 10-14 show the influence of o5, H/D and L/G ratios on the
total packing volume and absorption efficiency. The correspond-
ing optimal values of the rich amine temperature, the outlet CO,
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Fig. 13. Optimal CO, recoveries in rich solution vs. ae,, for different H/D and L/G
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Fig. 23. Schematic representation of the variation of diameter along the absorber.

loading (otich) and total pressure drop are illustrated from Figs.
15-17.

4.2.2. Effect of dimension ratio (H/D), lean solution temperature
(Tiean) and inlet CO, loading (ctjeqn) on the CO5 recovery, packing
volume and total pressure drop

Optimal results obtained for three amine solution temperatures
(308.15,313.15and 318.15K) and two H/D ratios (0.625 and 1.250)
are presented in Figs. 18-20.

Figs. 21 and 22 show the profiles of gas flow-rate and CO, gas
mole fraction along the absorber in terms of L/G and «ey,-

4.2.3. Optimal design considering a diameter distribution along
the height of the absorber

In the optimized results presented in the previous section the
diameter of column was considered as an optimization variable and
its optimal value was obtained as result. It was also assumed a same
diameter along the absorber height (Eq. (26)).

In order to investigate the effect of the diameter variation on the
absorption efficiency, the proposed model was also solved to mini-
mize the packing volume but now with the possibility of obtaining
a diameter distribution along the height of the absorber. In other
words, the diameter may change at different points along the col-
umn. For this purpose, Eq. (26) was removed from the model. As
will be analyzed in Section 5.2.3, two optimization problems are
proposed. If the optimal solution indicates that the variation of
the diameter along the absorber improves the process efficiency

1

Fig. 24. Alternative arrangement for the absorption process.
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(Fig. 23), it is interesting to study how the solution could be imple-
mented for a real design (Fig. 24).

Optimizations have been performed varying the H/D ratio, the
CO, recovery in rich solution and the amine flow-rate. Precisely,
for the case where the amine flow rate was fixed (20,000 mol/s),
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Fig.27. Optimalvalues of transfer mass coefficient and efficiency along the absorber
(H/D=1.20).
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Table 12
Heigths of stages (m).

Stage CO, recovery=_385%

Amine flow rate = 20,000 mol/s

H/D=0.8 H/D=1.2 H/D=0.8 H/D=1.2
Constant diameter  Variable Constant diameter  Variable Constant diameter  Variable diameter ~ Constant diameter  Variable
diameter diameter diameter
1 0.881 0.866 1.363 1.222 0.876 0.855 1.321 1.279
2 1.762 1.746 2.726 2.487 1.752 1.726 2.643 2.590
3 2.642 2.629 4.089 3.786 2.628 2.602 3.964 3.912
4 3.523 3.509 5.452 5.113 3.503 3.476 5.285 5228
5 4.404 4.385 6.816 6.462 4379 4.345 6.606 6.534
6 5.285 5.258 8.179 7.824 5.255 5210 7.928 7.831
7 6.165 6.127 9.542 9.189 6.131 6.072 9.249 9.119
8 7.046 6.994 10.905 10.540 7.007 6.930 10.570 10.403
9 7.927 7.859 12.268 11.859 7.883 7.786 11.892 11.682
10 8.808 8.723 13.631 13.138 8.759 8.641 13.213 12.959

the CO, recovery in rich solution was considered as optimization
variable in order to avoid infeasible solutions and vice versa, the
amine flow rate was considered as an optimization variable when
the CO, recovery in rich solution was fixed (85%). The same gas
specification considered previously was also used for optimizations
(Table 11).

Fig. 25 shows the optimal diameter distributions along the
absorber obtained for all cases. For clarity, the figures show the
profiles through the stages (x-axis) instead of height. The corre-
sponding height of each stage is listed in Table 12.

For the case study with H/D =1.2 and 85% of CO, recovery in rich
solution, Tables 12 and 13 compare the optimal values of the most
important process variables obtained considering both diameter
distribution along the absorber and constant diameter.

The following figures compare the optimal profiles of the
amount of CO, recovered in rich solution, liquid temperature, trans-
fer mass coefficient and efficiency along the absorber obtained for
both constant and variable diameters and H/D=1.2.

Finally, Table 14 reports the optimal values obtained by fixing
the amine flow rate at 20,000 mol/s (CO, recovery in rich solution
considered as free).

5. Discussion
5.1. Discussion of model validation

5.1.1. Model validation at low flue-gas flow-rate

Seven experimental values of temperature and CO, gas mole
fraction along the column were used for validation purpose. For
a better comparison, the output results obtained by EM and RBM
models and experimental data were compared for two sections of
the column: at the bottom and at the middle-top of column.

Figs. 2 and 3 clearly show that the equilibrium model (EM) with
Murphree’s efficiency () fixed at 30% predicts better results than
the other models at the bottom of column (from 0 to 2.10m) for
the liquid temperature and CO, mole fraction profiles. It should
be mentioned, however, that the RBM accurately predicted these
values and the difference in the numerical values predicted by
both models is small. The experimental data at the middle of the

absorber (from 2.10 to 4.5 m) are well predicted by the rate based
models and the equilibrium models.

On the other hand, a correct prediction of the CO, mole fraction
profile along the column is obtained by using EM with 7 fixed at
30% (Fig. 3). From this figure can also be shown that the rate based
models and EM with 7 fixed at 40% predict correct results from 3.2
to 6.55 m (from the bottom of the column).

Fig. 4 shows same trends of predicted values for the rich solvent
loading («) profile along the absorber.

From Table 4, where simulated values of temperature and com-
positions of the leaving streams are listed, it can be concluded that
the numerical values predicted by all models (EM and RBM) are
essentially the same and are very close to the experimental values.
In addition, Table 4 shows that the obtained values for the streams
leaving the absorber are not dependent on the correlation used to
compute the effective interfacial area for mass transfer.

As mentioned earlier, Fig. 5 is presented in order to illustrate
the profile of the gas flow rate along the column but not for valida-
tion purpose because experimental data of gas flow rate inside the
column were not reported in Tontiwachwuthikul et al. (1992).

Briefly, the following conclusions can be drawn from the
obtained results for low flue-gas flow-rate analyzed in this exam-
ple.

From the profiles illustrated in Figs. 2-4 it can be concluded that
both EM and RBM models accurately predict the experimental data
for low gas flow-rate.

Contrary to the expected, the validation results clearly show
that the experimental values are satisfactorily predicted by sim-
ple mathematical models, in this case equilibrium models (EM).
Certainly, the results obtained by EM are in accordance with those
obtained by RBM and experimental data. This factis important from
a mathematical modeling point of view and complexity involved
in attempting to solve both models; EM is preferred over RBM
because it requires fewer equations and variables and consequently
the computational effort required to solve EM is less than RBM.
But, it should be stressed, however, that if data required and reli-
able methods are available, RBM models are more appropriate
to gain more understanding and insights on the mechanisms for
mass, energy and momentum transfers. Thus, for low flow-rate,

gz)l:ilren:?values obtained with diameter distribution and constant diameter (CO, recovery = 85%).
H/D Recovery (%) Amine flow rate (mol/s) Volume (m?) Height (m)
Variable diameter Constant diameter Variable diameter Constant diameter Variable diameter Constant diameter
0.82 85.00° 22377.97 21723.72(-2.92%) 814.60 838.47 (2.8%) 8.72 8.81
1.22 ) 13143.68 12438.48(—-5.36%) 1241.17 1381.39 (10.15%) 13.14 13.63

a Lower bound.
b Fixed value.
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Table 14

Optimal values obtained with diameter distribution and constant diameter (solvent flow-rate =20,000 mol/s).

H/D Amine flow rate (mol/s)  Recovery (%)

Volume (m?)

Height (m)

Variable diameter ~ Constant diameter

Variable diameter

Constant diameter Variable diameter ~ Constant diameter

0.8 20000.00° 83.52 83.97
1.22 89.83 90.39

791.93 (-3.9%)
1187.65 (—5.60%)

824.54 8.64 8.76
1258.13 12.96 13.21

2 Lower bound.
b Fixed.

the use of EM or RBM depends on the goals and purposes of the
user.

Finally, it is mentioned that all developed models are flexible
enough, allowing to perform all simulations without computational
problems.

5.1.2. Model validation at medium flue-gas flow-rates

As is clearly shown in Figs. 6 and 7, the profiles of temperature
and CO, loading predicted by the RBM considering Onda’s corre-
lations are similar to those reported by Alatiqi et al. (1994). The
comparisons also show that predicted results are strongly influ-
enced by the correlation used to compute the effective interfacial
area. For instance, the use of the Wilson’s correlation in the RBM
model predicted accurately the liquid temperature and CO, loading
values from the top of absorber to 10.00 m. But it under predicted
the profiles from 10 to 14.6 m. In contrast to this, RBM with Bravo’s
correlation, EM models (=30 and 40%) and HYSYS simulator over
predicted the values reported by Alatiqi et al. (1994) significantly.

According to the simulated results listed in Table 7, a simi-
lar value reported by Alatiqi et al. (1994) for the outlet liquid
temperature is predicted using Wilson’s correlation. Onda’s cor-
relation, which accurately predicts the temperature profile along
the column, under predicts the outlet liquid temperature by 3.4°C.
Equilibrium models over predicts the temperature value by 3 °C.

The outlet CO, mole fraction is well predicted by both Onda and
Wilson'’s correlations.

The profiles of gas flow-rate and CO, gas mole fraction along
the absorber corresponding to Figs. 6 and 7 are illustrated in
Figs. 8 and 9, respectively. Experimental data of these process vari-
ables are notincluded in the figures because they were not reported
by Alatiqi et al. (1994). As shown, both profiles increase as the
height from the top increase, following the same trends observed
for the liquid temperature and CO, loading (Figs. 6 and 7).In sum-
mary, the findings from this validation study indicate that in order
to study the behavior of the CO, absorption inside the absorber,
the rate based model involving Onda’s correlation is more suitable
than Bravo and Wilson’s correlations. Thus, it can be used for con-
trol design and to study the dynamic behavior of the absorption
process. It should be mentioned, however, that the proposed RBM
model involving Wilson’s correlation can be correctly used to pre-
dict specification’s values of liquid and vapor streams that leave the
absorber.

For the medium flue-gas flow-rate analyzed in this section, the
obtained results clearly show that RBM models are preferred than
EM models to study the absorption process, in contrast to what
happens at low flue-gas flow-rate.

5.2. Discussion of optimizations

5.2.1. Influence of H/D and L/G ratios on the optimal values of the
objective function, CO, loading, packing volume and total
pressure drop

Fig. 10 clearly shows that for H/D=0.625 and for all L/G ratios
the objective function (CO, recovery in rich solution/packing vol-
ume) increases as ®e,, increases. For H/D=1.250 and L/G=0.800
and 3.000, the objective function keeps almost constant with the
increasing of «jea, and a slight increase is observed for H/D=1.250

and L/G=1.5. On the other hand, Fig. 11 shows the variation of the
ratio of the CO, removed from the flue-gas and packing volume vs.
Wean, As expected, this ratio decreases as aje,, increases in all cases.

Figs. 12-14 show how the packing volume, the CO, recovery
in rich solution and CO, removed from the flue-gas stream vary
for each one of the parameter values. As can be seen, different
trends are observed for CO, recovery in rich solution (Fig. 13) and
CO, removed from the flue-gas stream (Fig. 14). In all cases, the
amount of CO, removed from the flue-gas stream decrease with
the increasing oje,, (Fig. 14); but in some cases the CO, recovery
in rich solution increases or remains constant as e, increases
(Fig. 13).

From optimal results shownin Figs. 12 and 13, it can be observed
that in the range of oy, =0.1 to ¢jeyn =0.2, high CO, recoveries
in rich solution do not require high packing volumes. Certainly,
for H/D=1.25, the minimum packing volume to maximize the CO,
recovery in rich solution is 1250 m3 instead of 1400-1250 m3 but
this requires to operate the absorber with L/G = 3 instead of L/G=1.5.

Also, for H/D=1.25 and L/G=3, Fig. 13 show that the CO,
recovery in rich solution and packing volume are not significantly
affected by @jean. In contrast to this, for H/D=1.25 and L/G=1.5;
H[/D=0.625 and L/G=3; H/D=1.25 and L/G=0.8; these parame-
ters are significantly influenced by «je,, in different ways. For
instance, for the following two cases: (a) H/D=1.25and L/G=1.5, (b)
H/D=1.25and L/G=0.8, the CO, recovery in rich solution and pack-
ing volume decrease as the ¢, increases. However, for H/D = 0.625
and L/G =3, the CO, recovery inrich solution increase as the increas-
ing of o5, While the packing volume is not significantly influenced.
Opposite effects are observed for H/D=0.625 and L/G=1.5, where
the packing volume decrease as the increasing of «je,, While the
CO, recovery in rich solution is not affected.

Finally, it is interesting to observe the effect of H/D ratios and
Oean ON the CO, recovery in rich solution and packing volume for
given L/G ratios. For a same L/G ratio, the maximum difference on
the CO, recovery in rich solution is observed at oto;, =0.1 and from
this value the difference decreases with the increasing of oje,p. In
all cases, the minimum difference is observed at ¢je,, = 0.4 and the
obtained results indicate that, for same values of L/G ratios, similar
CO,, recovery in rich solution can be achieved requiring almost half
of packing volumes (Fig. 12). Thus, for e, vValues greater than 0.24
and fixed L/G ratio, the H/D ratio plays an important role, preferring
lower H/D ratios to minimize the packing volume and maximize the
CO, recovery in rich solution (Figs. 12 and 13).

5.2.2. Influence of the H/D ratio, the lean solution temperature
and the inlet CO5 loading on the optimal values of CO, loading,
packing volume and total pressure drop

According to the results shown in Figs. 18-20, it can be con-
cluded that Tje,, has not significant effect on the CO, recovery in
rich solution and packing volume as well. Certainly, slight differ-
ences on the CO, recoveries in rich solution and pressure drops are
observed from o}ey, =0.25.

Figs. 21 and 22 show how the total gas flow-rate and CO, gas
mole fraction vary along the column for two values of L/G and ®je4,.
As shown, the total gas flow-rate reaches a maximum value which
depends on the values of L/G ratios and ®je,y.
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5.2.3. Optimal diameter distribution through the height of the
absorber

The intention of this analysis is to identify alternative designs for
the absorption process. For this, the proposed optimization model
is solved by removing Eq. (26) in order to study how the diameter
variation along the column affects the absorption efficiency. If the
diameter varies significantly along the absorber (Fig. 23) and the
absorption efficiency is improved, it may be possible to mountain
two columns with different diameters and heights but with con-
stant diameter in each one of the absorbers, as is shown in Fig. 24.
This configuration may be beneficial because, keeping the process
efficiency, it reduces the risk of the channeling of vapor and liquid
streams which causes operating problems in tall packed absorbers.

In addition the study of the influence of the variation of the
diameter along the column on the absorption is also valuable from
asolution strategy point of view. The optimal values obtained when
the diameter along the absorber varies are lower and upper bounds
for practical optimizations, for example a constant diameter along
the column. Therefore, these solutions can be efficiently used not
only to initialize the model variables but also to reduce the size of
the optimization search space for practical optimizations.

The following optimization problems were investigated:

- Minimization of packing volume, for H/D=0.8 and 1.2; CO; recov-
ery in rich solution = 85%.

- Minimization of packing volume, for H/D=0.8 and 1.2; amine
solution flow-rate = 20,000 mol/s.

Both optimization problems were solved for constant and vari-
able diameters along the absorber.

As shown in Fig. 25, different optimal profiles are obtained
which strongly depend on the fixed parameter values. For example,
for H/D=1.2 and 85% of CO, recovery in rich solution, the maximum
value of diameter (11.4 m) occurs at 9.10 m from the bottom of the
absorber. For this case, the difference of diameter inside the column
isabout 10-11%. For the remaining study case, despite the existence
of optimal diameter profile, the variation on the distributions is not
quite significant.

According to Table 12, for both H/D ratios, the absorber design
considering an optimal diameter distribution is preferred because
it involves the lowest packing volume. Certainly, for H/D=0.8 and
H/D = 1.2 the packing volumes decrease by 3% and 10% respectively.
It should be mentioned, however, the amine flow rates increase by
3% and 5.4%, which may have significant impact on the operating
cost of the amine regeneration (reboiler heat duty). In addition,
it is interesting to investigate for this specific optimization prob-
lem, if using two absorbers with smaller dimensions (with constant
diameters in both absorbers but different) in comparison to that
needed by one column, the efficiency is still kept. Also, it should be
mentioned that for a techno-economical design it is necessary to
optimize the whole CO, capture process considering an economic
aspect in the objective function (investment and operating costs).
The feasibility and effectiveness of this scheme taking into account
the criteria mentioned above will be further investigated in detail.

Finally, from Table 14 which reports the optimal values obtained
by fixing the amine flow rate at 20,000 mol/s (CO, recovery in rich
solution considered as free), it is also observed that a diameter dis-
tribution inside the column leads to decrease the packing volume,
for a similar CO, removal.

6. Conclusions - future works

A deterministic NLP mathematical model for the reactive CO,
absorption into aqueous MEA solutions was presented. Tempera-
ture, composition and flow-rate of liquid and gas streams through

the length of the absorber as well as dimensions and total pressure
drop were considered as optimization variables. The proposed rate
based model is a valuable tool not only to optimize the process but
also to simulate the absorption process if the degree of freedom of
the equation system is zero.

The output results were validated for low and medium flue-
gas flow-rates by comparing predicted values with experimental
data. The effect of different model hypothesis on the CO, absorption
efficiency has been investigated.

From the validation results obtained for low flue-gas flow-rate
(0.14 mol/s) it was shown both models (EM and RBM) predict accu-
rately the behavior of the absorption process. The EM may be
preferred over RBM if the model size is considered; the number
of equations and variables involved by EM are smaller than RBM.
However, for medium-high flow rate the RBM is always preferred
over EM because the experimental data are more accurately pre-
dicted. More specifically, RBM involving Onda'’s correlation is more
suitable than Bravo and Wilson’s in order to study the behavior of
the CO, absorption inside the absorber. However, RBM involving
Wilson'’s correlation can be used to predict specification’s values of
liquid and vapor streams that leave the absorber. Thus, the selec-
tion of the appropriate correlation depends on the purpose of the
user.

After validation, the robustness and flexibility of the model as
well as the used NLP solver (CONOPT) has been examined by solv-
ing an optimization problem. It consisted in determining operating
conditions and dimensions in order to maximize the ratio between
the CO, recovery in rich solution and the packing volume column
for given flue-gas conditions (flow-rate, temperature and compo-
sitions). The effect of the main process parameters on the optimal
solutions was investigated.

Obtained results showed that an optimal diameter distribution
along the absorber improves the CO, absorption efficiency. Cer-
tainly, for same CO, recoveries in rich solution, optimal diameter
distributions reduced the packing volumes. Depending on the case
studies where different specifications were considered, the pack-
ing volumes decrease from 3 to 10% in comparison with a constant
diameter along the absorber. Then, it is interesting to study in detail
the feasibility and how this solution may be implemented for real
designs. For big columns (tall and/or high diameter columns) it is
clear that two or more absorption trains (and one or more sections
for each column) may be necessary. Also, this fact can be men-
tioned for the CO, compression stage. In addition, from a process
availability point of view it could be important to design more than
one absorption and compression train. An optimization problem
considering all these variables (number of absorption/desorption
and compression trains) is very complex involving many discrete
decisions leading to a high combinatorial problem. Here, the effect
of a continuous variation of the column diameter can be used as
an indicator of the benefit of introducing (or not) further consid-
erations about column sections in more elaborated optimization
problems.

Despite the good agreement between the model output results
to those obtained by experimental works, the proposed model will
be extended to improve the mass and energy transfer between
phases. In addition, the model will be properly extended to study
the effect of other reaction mechanisms in the absorption efficiency.
The use of blending amines as solvent and the coupling of the post-
combustion process into power plants are other interesting points
to consider in future works.
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